University of Southampton

Faculty of Engineering and Physical Sciences

Energy Technology Research Group

Reaction Kinetics Mechanisms of Novel Intensified Transesterification Methods

via Microturbulence and Micro-level Diffusion for Biodiesel Production

by

Kang Yao Wong

ORCID ID: 0000-0001-5211-8420

Thesis for the degree of Doctor of Philosophy

January 2021






University of Southampton

Abstract

Faculty of Engineering and the Physical Sciences
Energy Technology Research Group

Thesis for the degree of Doctor of Philosophy

Reaction Kinetics Mechanisms of Novel Intensified Transesterification Methods via

Microturbulence and Micro-level Diffusion for Biodiesel Production
by
Kang Yao Wong

In recent years, biodiesel has proven to become a feasible alternative source of energy, due to its
attractive benefits such as reduced emissions, renewability, and energy sustainability. The
conventional techniques implemented to produce biodiesel vary but aim to address production
challenges such as the natural mass transfer limitation of reactants and the governing reaction kinetics
prediction of transesterification. In this study, the processing methodologies for novel biodiesel
reactors such as Reticulated Vitreous Carbon (RVC) batch reactor and microchannel reactor are
extensively evaluated, particularly the kinetic mechanisms and theories of the intensification
approaches. The kinetic mechanisms was identified for the RVC reactor and microchannel reactor,
along with constructing the mass transfer and glyceride prediction models. These reactors are then
benchmarked against the conventional stirred tank reactor to evaluate their respective performances
in reaction kinetics, mass transfer, and biodiesel yield. Optical analyses such as thermal imaging and
digital microscopy were performed for the RVC reactor and microchannel reactor, respectively. In
addition to the qualitative approach for analysis, statistical models such as Pareto, factorial, and
response surface methodology were also implemented to characterise the reactors quantitatively. The
physical-limiting regime for the benchmark batch reactor was found to be in the range of Os to 270s,
where intensification is significant for yield before transitioning into a reactant-limiting regime.
However, the low porosity RVC (20-30 ppi) combined with high agitation speed (400 rpm) can
achieve a high biodiesel yield of 74% within 3 minutes. The physical-limiting regime (0—180 s) for
the RVC reactor was found to be shorten by 10-20 s against benchmark reactor due to more
substantial agitation capabilities caused by micro-turbulences induced from the reticulated surfaces.
The microchannel reactor utilises micro-level diffusion and internal circulation to promote mass
transfer in transesterification. Higher reaction temperature causes slug flow to transit into an annular
flow, resulting in an overall increase in specific interfacial area. The mass fractions of the slug and
annular flows change over time due to the production of biodiesel. The magnitude of the volumetric
mass transfer coefficients and first-order kinetic constants are in the increasing order of microchannel,
benchmark, and RVC reactors. An increase in reaction temperature from 30°C to 45°C shows an
improvement of 157.9% and 63.2% for mass transfer using microchannel and RVC reactors,
respectively. In contrast, an improvement of 90.0% and 149.9% was observed for kinetic rates in
microchannel and RVC reactors, respectively. Overarching insights indicate that the RVC reactor
has higher mass transfer and kinetic rates for transesterification reaction, while microchannel reactors
are more sensitive to improvement from increasing reaction temperature. The reaction kinetic models
discussed in this study provides additional mechanisms to the conventional first-order, second-order
kinetics to improve conventional model adequacies.
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Mit Hilfe dieser Theorie werden alle Bestrebungen nach einem rationellen Warmemotor eine
einheitliche Richtung annehmen, anstatt sich zu zersplittern,

und es ist zu hoffen, dass ein theoretisch vollkommener Motor recht bald die bisherigen, sehr
unvollkommenen Warmekraftmaschinen ersetzen wird.

Die Ausfiihrung eines solchen vollkommenen Motors ist nicht einmal besonders schwierig;

Diesel, R., 1893.

Theorie und Konstruktion eines rationellen Warmemotors. p. 46.
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Chapter 1

Chapter 1 Introduction

Conventional energy are usually sourced from the combustion of fossil fuels such as coal, crude oil,
and natural gas which are both non-renewable and non-sustainable. By estimation, non-sustainable
fossil fuel reserves such as petroleum are consumed at an average rate of 94.1 billion barrels per day
globally in 2020 [1]. World energy consumption is projected to increase from 575 quadrillions Btu
to 736 quadrillions Btu between 2015 and 2040, representing a total energy consumption rise of 28%.
Most of the increases are expected to be contributed by the non-OECD countries with a share of 41%
in contrast to a 9% increment for OECD countries [2]. Mitigation obligations such as the Kyoto
Protocol in 1997 and the Paris Agreement in 2015, have fostered the growth of renewable energy
usage due to the pressing fossil fuel depletion conundrum. Under these treaties and agreements,
countries are required to meet their emissions target through national measures to deal with
mitigation of greenhouse gases. For example, recently the Paris Agreement rulebook has been
finalised during the COP24 (Conference of Parties) organised by UNFCCC (United Nations
Framework Convention on Climate Change) in Katowice, Poland, such that countries set out to keep
global warming to well below 2°C above pre-industrial levels by 2100; and to limit the increase to

1.5°C [3].

Biodiesel has always been one of the primary alternative energy sources to overcome the fossil fuel
depletion crisis, due to its attractive properties such as reduced emissions, renewability, and
sustainability. Additionally, biodiesel can also be produced from renewable sources that are obtained
naturally, such as plant oil, animal fat, and microorganism, which makes it a promising fuel from a
sustainability perspective. Biodiesel is also proven to be more environmentally friendly, due to the
reduced emissions during combustion and superior biodegradability when compared with fossil fuel

[4,5].

According to the American Society for Testing and Materials (ASTM), biodiesel can be
volumetrically blended with commercial fossil diesel up to 5% (B5), for combustion within an
internal combustion engine (ICE) [6]. Alternatively, blends that consist of 6% to 20% biodiesel are
popular choices. They represent a good balance of fuel performance and cost, which complies to the
prescribed standards as specified by ASTM D7467 [7,8]. Blending allows biodiesel to be combusted
in an ICE with minimal or without modification, hence reducing the consumption and dependency
on fossil oil. Studies have also shown signs of a reduction in tailpipe emissions such as carbon
monoxides (CO), nitrogen oxides (NO), unburned hydrocarbon (UHC), and soot via the usage of
biodiesel-diesel blends [9,10].
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1.1 Biodiesel as Renewable Fuel

Biodiesel is a viable candidate as an alternative fuel because it can be produced by renewable sources.
First-generation feedstocks are usually derived from edible agriculture plants such as palm, soy,
canola, corn, coconut, and sometimes animal fats [11,12]. The food versus fuel debate argues that
the first generation feedstock introduces direct competition between the food industry and biodiesel
production [13,14]. On the other hand, majority of the feedstocks for producing biodiesel production
globally remains to be edible oil, due to greater accessibility and maturity of the processing
technologies. On the other hand, second and third-generation feedstocks have only recently been
popularised, as it is sourced from non-edible oil and microorganism lipid, respectively. They are
designed to be cultivated in marginal, as well as barren lands which require lesser maintenance [ 14—
16]. Moreover, since these plants do not directly compete with food, the use of non-edible oil in
biodiesel production would relieve some of the environmental-social problems caused by the use of
arable land [14-16]. Figure 1-1 shows the average edible oil crop production per capita for years

2000 to 2019.
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Figure 1-1. Worldwide oil crop production per capita from 2000 to 2019. Adapted and compiled
from FAOSTAT [17].
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The leading oil crop production continents are the Americas and Oceania, while the highest biodiesel
producers are from the Americas, as shown in Figure 1-2. Additionally, biodiesel production for the
Americas is more than that for both Asia and Europe combined in 2019. There is a positive
correlation for the oil crop producers and biodiesel producing continents. This shows that oil crop in
these continents is not used only for food, but also for potential biodiesel production. Overall, the
worldwide oil crop production per capita has shown a progressive increase since the year 2000, which

indicates that biodiesel production is still in demand.
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Figure 1-2. The largest biodiesel producers for the years 2013 to 2019.

For example, the Oceanian countries, such as Australia, New Zealand and Fiji, have passed
legislation for mandatory biodiesel blending. For instance, in 2015 several local councils in Australia,
namely, Townsville, Adelaide, Sydney, Newcastle City are operating at a higher blending ratio of
B20 [18]. Similarly, in 2007, New Zealand introduced a Biofuel Bill which has resulted in a 3.35%
obligated biodiesel blending [18]. Furthermore, a NZ$36 million Biodiesel Grants Scheme was
introduced to encourage biodiesel production from the years of 2009 to 2012 [19].
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1.2 Research Challenges

To date, biodiesel has been widely accepted as an alternative fuel for modern engines. Biodiesel
production is presently dominated by batch-type reactor transesterification process. However, the
influence of batch-type reactor conditions is often concluded based on the steady-state yield rates.
Furthermore, the critical issue regarding the mass transfer of biodiesel transesterification and its
kinetic rates have not been studied in-depth, lacking consideration from a transient reaction kinetics
perspective that can potentially solve biodiesel's mass transfer issue in transesterification. The design
of a novel reactor used for biodiesel production needs to quantify and benchmark in yield,
conversion, and reaction kinetics. Besides, other design parameters such as the operating condition
limitations, mass transfer coefficient, and kinetic models of the individual reactors have to be

considered to justify a holistic comparison.

1.3 Scope, Scientific Question and Research Hypothesis

This study features the design and characterisation of traditional and novel biodiesel reactors
(reticulated vitreous carbon and microchannel) to convert vegetable lipids to biodiesel. The study
was aimed to establish an in-depth study of transesterification process with its respective operating
conditions for the biodiesel reactors, combined with the investigation of the production performance
of using novel materials as reactor agitator while utilising fluid dynamics principles (microturbulence
and micro-level diffusion). The characterisation of biodiesel yield content and its glycerides enables
estimating the chemical kinetics rates under the transient-state of transesterification, allowing a
holistic comparison of different reactor designs. The outcome of these studies are then used to
identify the potential stages of transesterification that has room for improvement, hence optimisation

of the reactor’s operating condition can be performed at different stages of transesterification.

Additionally, the scope of this study can be used to develop better practices in transesterification,
particularly for stirred tank reactor which is widely used for research and industry, as well as
reviewing other state-of-the-art biodiesel processing technologies and benchmarked them against

stirred tank reactors.
The main scientific questions in the present study are stated as follows:

e How do factors perform at different stages of transesterification in batch processing?
e How do individual factors interact with each other from transient to steady-state in batch
processing?

e How does RVC promote mass transport for biodiesel processing in batch processing?
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What is the chemical kinetics of RV C-assisted stirred tank reactor as compared to traditional
reactors?

What are the physical flow patterns and chemical interactions of biodiesel reactants in a
microfluidics biodiesel reactor?

How does a methanol droplet affect an in-situ biodiesel transesterification through the use

of microfluidics biodiesel reactor?

The research hypotheses of this study are stated as follows:

14

‘Pareto analysis can be used in a transient manner to identify the evolving effects of the
operating condition in a standardised and comparable setting throughout transesterification.’
‘Microturbulence generated by the reticulated and porous surfaces of the RVC agitator can
promote mass transfer in transesterification of biodiesel.’

‘Droplets of methanol in the stream of oil increases the contact surface between reactants,
hence promoting mass transfer in transesterification through the use of microfluidics and

peristaltic pumps.

Research Objectives

This study aims to investigate the mass transport issue in transesterification of biodiesel and

strategies to increase the overall performance and reaction kinetics of novel and traditional biodiesel

reactor.

Accordingly, the research study has the following specific objectives:

To identify the limiting stages of the transesterification from the transient to steady-state.
To evaluate the performance of transesterification factors from the beginning to the end of a
process in a comparable manner.

To study the interaction of a novel RVC-assisted stirred tank reactor using microturbulence
to enhance mass transport of biodiesel production.

To characterise the RVC reactor in terms of mass transfer and reaction kinetics.

To study the physicochemical performance of microfluidics-assisted biodiesel reactor using
optical and chemical analytics.

To characterise the chemical kinetics using microfluidic-assisted biodiesel reactor through a

transient approach.
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1.5 Thesis Content

Several tasks were carried out for this research study, each discussed as individual chapters in this
thesis. An overview of the study outline and the research publication outcome is, as shown in Figure

1-3.

* Project overview Biodiesel process
+ Introduction to transesterification for biodiesel production —p intensification through

* Biodiesel reactors and technology advancements catalytic er.lhancement
and emerging reactor

designs: A critical
review
* Pareto and normal analysis of transient transesterification for palm methyl ester . .
. . . . . . . Pareto-Hierarchical
* Hierarchical agglomerative clustering analysis of transesterification ——> Clustering Framework
* Results collected to be used as screening test for RVC and microchannel reactor for Biodiesel

Transesterification

Microturbulence-
assisted Biodiesel
Transesterification with
the use of Reticulated
Vitreous Carbon.

* Reticulated vitreous carbon as a novel agitator for stirred tank reactor
* Response surface methodology of the RVC reactor ———
* Reaction kinetics mechanism of the RVC reactor

* Glycerides analysis of the microchannel reactor for transesterification A study of reaction
* Reaction kinetics mechanism of the microchannel reactor kinetics and flow pattern

Vsl * Optical image analysis of the flow pattern in microchannel reactor in microchannel reactor
Reactor for transesterification.

Figure 1-3. Structure of thesis chapters and publication outcome.

In this chapter, biodiesel's current research background as renewable energy is explained with the
recent research challenges. Key objectives of this study are identified based on the research question
and hypothesis proposed for individual work packages for the study. The novelty of the research is

also addressed in the original contribution section to highlight the research outcome of this study.

In the second chapter, a comprehensive literature study was done to summarise the biodiesel
processing technologies, which are employed currently including traditional and novel biodiesel
reactors. Four different transesterification types were also discussed, namely, homogeneous base,
homogeneous acid, heterogeneous base, and heterogeneous acid. Biodiesel properties, worldwide

regulations and standards are reviewed and then compared to highlight their differences.

In the third chapter, a full factorial biodiesel experiment with 4 factors and 3 levels was carried out
to study the transesterification process in a transient perspective. The 81 unique experiments
combined with ten independent sampling intervals for data points were conducted to identify the
significance of operating conditions throughout transesterification. The results were analysed using
a combination of novel methodologies such as transient Pareto, hierarchical, and normal to draw

quantitative and qualitative insights.
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In the fourth chapter, microturbulence-assisted transesterification is demonstrated by integrating
Reticulated Vitreous Carbon (RVC) agitator in a stirred tank reactor. The interaction of RVC and the
mass transport of transesterification is characterised via (i) transient biodiesel yield from experiments
at intervals to track the evolution of the reaction, (ii) the study of operating conditions such as
temperature, RVC pores per inch, the rotational speed of perturbation, catalyst loading, and methanol
to oil molar ratio at different levels to understand how the use of RVC impacts high-shear for
enhanced mass transport. Additionally, a conventional stirred-tank reactor is used to benchmark
against the RVC reactor's results to compare their respective performances from transient to steady-
state of the transesterification process. The pseudo first-order and pseudo second-order kinetic
models are tested for RVC reactor’s transesterification feasibility while prediction models using
glycerides concentration are constructed. Thermal imaging is used to analyse the heat transfer of the
RVC reactor to identify how the change in temperature affects the transesterification process at

different stages of the reaction.

In the fifth chapter, transesterification in the microchannel reactor is discussed. The main objective
is to evaluate the feasibility of using a pseudo first-order prediction model for the glycerides of the
transesterification. Optical image analysis is also included to evaluate how the flow pattern can alter
the interaction of the liquid-liquid interface of methanol and oil and the yield of the biodiesel. The
mass transfer coefficients of the reactor are evaluated and benchmarked against the batch-type reactor

to understand their respective advantages and disadvantages.

In the sixth chapter, remarks and conclusion were discussed for individual chapters from above. This
leads to a discussion of future work for each work package, as a form of continuation in the series to

the working chapters.

1.6 Original Contributions

Significant contributions to the biodiesel research field are:

o Demonstrated the feasibility of implementing a quantitative transient-based analysis for the
experiments where results are presented with qualitative insights.

o Identified the mass transfer limitation for biodiesel transesterification in a stirred tank reactor
using hierarchical clustering at the physical-limiting and reaction-limiting stage.

e Qutline the reactor operating condition’s limitations using RVC as an agitator for mass
transport enhancement in stirred tank reactor through factorial and response surface analysis.

o Identified the range of optimal pores per inch using RVC in biodiesel transesterification for

agitation through microturbulence for physical-limiting and reactant-limiting stage.
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e Integrated optical studies into conventional microfluidics biodiesel transesterification to
determine the relationship of flow pattern with biodiesel yield.
e Identified the mass transfer and kinetic rates limitation for microchannel reactor for the

reaction temperature range of 30°C to 60°C.
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Chapter 2 Literature Review

2.1 Introduction

Transesterification is a popular approach for biodiesel production because it is straightforward as
compared to the other production methods such as microemulsion of oil, pyrolysis, and fractional
cracking [4]. Rudolf Diesel, the pioneer of diesel engine conducted experiments with straight
vegetable peanut oil in diesel engine in the late 1890s. However, straight vegetable oil in diesel
engines is deemed too viscous for combustion, which can cause huge variation in the ignition delay,

causing inconsistency during the ignition cycle that leads to engine damage.

The aim of transesterification is to reduce the overall viscosity, without trading off the calorific value
of fuel, since vegetable oil is less suitable to be used in an unmodified diesel engine [20].
Transesterification uses the triglycerides in oil or fat to react with alcohols such as methanol or
ethanol in the presence of a catalyst. The conversion consists of three consecutive reversible reactions
in series, each further breaking down the glycerides into a simpler form, forming a methyl ester group.
Thus, at the end of the transesterification, three molecules of methyl esters and one molecule of
glycerol are produced. In general, glycerol is produced as a by-product. However, glycerol can be
refined to a higher purity due to its commercial value in the pharmaceutical, food, and cosmetic
industries. The summary of the chemical reaction process is shown in Eq. 2-1 [4], and the overview
of the transesterification production chain is shown in Figure 2-1. Conventional biodiesel production.

Adapted from [21,22]..

CHy — oloc ~R R, — C00—R, CH - OH

CH — OIOC_RZ 4 RO caratyst g, — 00 ~ R, CH SoH Eq. 2-1
CHZ - OOC_R3 R3 - C00 — R4 CHZ - OH

Triglycerides Alcohol Ester Glycerol
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Figure 2-1. Conventional biodiesel production. Adapted from [21,22].
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Biodiesel is made of various saturated and unsaturated fatty acid methyl esters (FAME), such as

lauric (saturated), palmitic (saturated), stearic (saturated), oleic (monounsaturated), and linoleic

(polyunsaturated) as compared to fossil diesel which only consists of various hydrocarbons [23].

Biodiesel’s quality has to be controlled during production to ensure it conforms to the standards

specified by international bodies. The standards are designed to provide specifications for the

physicochemical characteristics of the biodiesel. The two major international biodiesel standards are
the American Standards for Testing Materials (ASTM D6751) and the European Standards
(EN14214). The properties of biodiesel and fossil diesel are tabulated in Table 2-1.

Table 2-1. Technical properties of biodiesel, ASTM and EN standards Diesel No.2 (adapted from

[4,24,25)).

Common name

Biodiesel (EN 14214)

ASTMD975 Diesel
No.2

EN 590:2004 Diesel

Common chemical

name ester

Fatty acid (m)ethyl

Chemical formula range C4-Cz4 methyl esters or

Ci525sH28.4802

Kinematic viscosity 3.3-52
(mm?/s at 313 K)

Density range (kg/m? at 860-894
288K)

Boiling point (K) >475
Flash point (K) 420-450
Distillation (K) 470-600
Cetane number 48-65

Mixture of various

hydrocarbon

Ci2Ha3 / Cio-15H20-28

1.9-4.1

850

453-613
>325
422-644

40-55

Mixture of various

hydrocarbon

Ci2Ha3 / Cio-15H20-28

2.0-4.5

820-845

>328
523-633

>49

Table 2-1 shows that biodiesel's selected properties are used to define the physical and chemical

makeup of the fuel. These properties are density, kinematic viscosity, cetane number, flash point,
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oxidation stability, and iodine value. The selected parameters have also shown differences in the

collection of standards from different regions.

2.2.1 Biodiesel policy, standards and emissions analysis

Biodiesel made from vegetable oil or animal fat has long-chain alkyl from either methyl, ethyl, or
propyl esters. Often, waste cooking oil is post-processed to be used as a feedstock for biodiesel
production derived from both vegetable and animal fat, hence the variance in the feedstock quality
can be quite significant. As such, biodiesel's quality has to be controlled during production to ensure

it conforms to the standards specified by international bodies.

Some biodiesel producing countries adopt the specification guidelines from ASTM and EN to define
their biodiesel standards. The biodiesel standards mandated in the United States (ASTM), the Europe
Union (EN), Malaysia, Australia, India (IS), Japan (JIS), Brazil (ANP), and South Africa (SANS)
are tabulated in Table 2-2.

Typically, biodiesel standards have localised context to favour the predominant feedstock used in the
production, storage, and usage of the biofuel for the countries. For example, the nature of Malaysia’s
tropical climate requires a higher average storage temperature, hence a more stringent requirement
for fuel flashpoint, as shown in Table 2-2. This helped in allaying fears in Malaysia when the country
is planning to implement a mandatory blending of 20% biodiesel for fossil diesel by June 2021 [26],
to exploit the country's potential to reduce unexported crude palm oil and improve energy security

[27].
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Table 2-2. Biodiesel standards for various countries [28—35].
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Malaysia Australia India Japan . .
) y EN ASTM Biodiesel Brazil South Africa
roperty nits PME Standards IS JIS
14214:2008  pyg751.12 Standards ANP 42  SANS 1935
2014 15607:2005  K2390:2016
2003
Ester content %(m/m) >96.5 - >96.5 >96.5 >96.5 >96.5 - >96.5
Density at 15°C kg/m? 860-900 - 860-900 860-890 860-900 860-900 - 860-900
Viscosity at 40°C mm?/s 3.5-5.0 1.9-6.0 3.5-5.0 3.5-5.0 2.5-6.0 2.0-5.0 Report? 3.5-5.0
Flash point °C > 101 >93 >120 >120 >120 >100 >100 >120
Cloud point °C - Report® - - - - - -
Pour point °C - - - - - - - -
Cold filter plugging point °C - - <15 - - Report? - (-)4/ (+)3°
<15 ppm®
Sulfur content mg/kg <10 <10 <10 <50 <10 <10 <10
<0.05%*

47



Chapter 2

Carbon residue (on 10%

distillation residue)

Acid value

Sulfated ash content

Water content

Total contamination

Cetane number

Copper strip corrosion
(3hr at 50°C)

Oxidation stability,
110°C

Todine value

%(m/m)

mg KOH/g

%(m/m)

mg/kg

mg/kg

rating

hr

g
iodine/100g

<0.3

<0.5

<0.02

<500

<24

>51

Class 1

>8

<120

<0.050 (100%

sample)

<0.5

<0.02

<500

>47

<No. 3

>3

<0.02

<500

<24

>51

Class 1

>10

<110

48

<0.3

<0.8

<0.02

<500

<24

>51

<0.05(100%

sample)

<0.5

<0.02

<500

<24

>51

No.3 or Class 1° No. 1

>6

>6

Report?

<0.5

<0.02

<500

<24

>51

No. 1

>10

Report?

<0.05(100%

sample)

<0.8

<0.02

<500

Report?

>45

No. 1

>6

Report?

<0.5

<0.02

<500

<24

>51

No. 1

>6

<140



Linolenic acid methyl
%(m/m)
ester

Polyunsaturated (= 4
double bonds) methyl %(m/m)

esters

Methanol content %(m/m)

Monoglycerides content  %(m/m)

Diglycerides content %(m/m)

Triglycerides content %(m/m)

Free glycerol %(m/m)
Total glycerol %(m/m)
Phosphorus content mg/kg

Group I metals (Na+K) mg/kg

Group IT metals (Ca+Mg) mg/kg

<12

<1

<0.2

<0.7

<0.2

<0.2

<0.02

<0.25

<0.2

<0.4

<0.02

<0.24

<0.001% wt.

<5

<5

<12

<1

<0.2

<0.7

<0.2

<0.2

<0.02

<0.25

<4

<5

<5
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<0.2

<0.02

<0.25

<10

<5

<5

<0.2

<0.02

<0.25

<10

Report®

Report®

<12

<0.2

<0.7

<0.2

<0.2

<0.02

<0.25

<4

<5

<5

<0.25

<0.25

<0.02

<0.38

<10

<10

Report®

Chapter 2

<12

<1

<0.2

<0.8

<0.2

<0.2

<0.02

<0.25

<10

<5
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Distillation temperature, oc

90% recovered (T90)

- <360 - <360 - - <360

2Report as measured.
® For winter/summer.
¢ For S15.

4For S500.

¢ For <10 mg/kg sulfur.
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2.2.2 Density

The density of biodiesel is measured via EN ISO 3675/12185 or ASTM D1298. The average
biodiesel density is at 880 kg/m* which is roughly 7% greater than that of fossil diesel. The higher
density of biodiesel is proven to be useful in fuel combustion as fuel injection is volumetric based.
Thus, effectively higher fuel mass is injected to compensate for the lack of calorific value as
compared to fossil diesel [9]. Generally, biodiesel has a 9% [36] lower mass calorific value than
diesel due to its higher oxygen content [37]. However, when density is taken into account, biodiesel
delivers 80.9-96.2% of fuel energy for each injection cycle, when compared with fossil diesel’s fuel

calorific value.

2.2.3 Kinematic viscosity

Kinematic viscosity is the measure of fluid flow property and plays a significant role in liquid fuel,
as it affects the fuel spray atomisation from the fuel injection system [38]. Overall, a fuel with high
kinematic viscosity is not suitable in diesel engine, as it will raise problems from an injection point
of view such as clogging and contributes to poorer fuel spray atomisation [39]. The standards
characterisation process is done by EN ISO 3104/14105 or ASTM D445. The viscosity of biodiesel
is about 10-15 times greater than that of fossil diesel [40], because it has larger molecular mass and
longer carbon chain length [41]. These issues are magnified under low environmental temperature,
as viscosity is a temperature-dependent property which increases with the decrease in temperature.
Table 2-2 shows that some countries like India and Japan have about twice as large an acceptable
range as compared to other biodiesel viscosity standards. This suggests that more tolerance is given
to viscosity since biodiesel is eventually blended with fossil diesel at low proportion, hence overall
viscosity increment is negligible [31,33]. Recent advancement in the fuel injection system can also
allow a greater tolerance of biodiesel blends in fossil diesel, accompanied by a higher fuel viscosity
[42]. Additionally, the improvement in the fuel injection technology should also be considered for

future biodiesel standards, in terms of setting a higher kinematic viscosity limit.
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2.24 Flash point

Flash point is the measure of fuel flammability and is affected by chemical components of the fuel,
such as the number of double bonds and carbon chain length [43]. The measuring procedure can be
done by using EN ISO 2719/3679 or ASTM D93. Biodiesel is essentially non-flammable under sea-
level atmospheric condition. The flash point is roughly 100 K higher than that of fossil diesel, which
proves to be safer for storage and handling purposes. From Table 2-2, countries which include
Malaysia, Australia, India shows a higher flash point limit (>120 °C) when compared with ASTM
(>93 °C) and EN (>101 °C). This can be directly linked to the geographical influence since these
countries are closer to the equator, hence the average atmospheric temperature of the countries are

also higher.

2.2.5 Cetane number

Cetane number (CN) has an arbitrary scale because it was defined from the combustion qualities of
hexadecane and 2,2,4,4,6,8,8,-heptamethylnonane cetane numbers of 100 and 15, respectively [38].
The EN ISO 5165 and ASTM D613 are used to determine the CN of a fuel. Higher CN represents
better fuel ignition quality for diesel engine usage, which indicates shorter ignition delay after fuel
injection [44]. On the contrary, fuels with lower CN can impede the cold start ability of an ICE,
which will contribute to problems related to noise, vibration and harshness (NVH) [45]. The use of
a low CN fuel is also accompanied by an increase in engine noise and exhaust emissions of
hydrocarbons, particulate matters (PM), and nitrogen oxides (NOy) [45]. Different feedstock
produces biodiesel with a different CN as the high level of saturated fatty acid promotes higher CN
[38]-{40]. The CN specifications are slightly lower for the American and Brazilian standards, at 47
and 45, respectively, as opposed to other countries at 51. The differences in limits are related to
vehicle certification and emissions standards from their respective region [46,47]. Similarly, the
improvement in fuel injection technology can also reduce the dependency of using fuel with higher

CN, hence reducing its significance in determining the biodiesel standards [36], [38].

2.2.6 Ocxidative stability

Oxidative stability determines the tendency of biodiesel to react with oxygen, which is usually tied
to the quality of fuel since poor stability often leads to fuel deterioration. The general oxidative
stability is measured via the Rancimat method specified by EN ISO 14112. The largest contribution
to oxygen reactivity is the degree of unsaturation in methyl ester as they consist of highly reactive
double bonds that are more susceptible to free radical attacks [48,49]. In contrast, biodiesel which

contains a high proportion of saturated fatty acid will have better oxidative stability. Thus,
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antioxidant treatment is not required. Therefore, a high percentage of linoleic and linolenic acids in
vegetable oil such as soybean, sunflower and grape seed tends to cause poor oxidative stability.
However, oxidative stability for the saturated fatty acid-rich palm, olive, and almond methyl ester,
are generally better [23]. Among all the aforementioned biodiesel standards, ASTM has the least
stringent limit of oxidative stability of 3 hours induction. On the other hand, major biodiesel
feedstock exporter such as Malaysia, have started to increase the limit to 10 hours enabling storage

under prolonged period.

2.2.7 Iodine values

Biodiesel with a high level of unsaturated fatty acid chains is accompanied by high iodine value (IV)
[47]. Todine does not react completely with the double conjugate bonds C18:3, a minor fatty acid
constituent [50]. Thus, IV reflects the tendency of biodiesel to oxidise, hence biodiesel with high IV
is more susceptible to oxidative degradation [23]. The conventional method to determine IV is
through EN ISO 14111 in which IV is defined as grams of iodine that reacts with 100 g of the
respective sample when iodine is added to the fatty acids [23]. Knothe et al., Murphy et al., and
Serdari et al. [51-53] reported increasing unsaturation from fatty acids chain such as stearic, oleic,
and linoleic acid is confirmed to reduce the CN and increase IV. Figure 2-2 shows that CN and IV

against the degree of unsaturation.
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Figure 2-2. Cetane number and iodine value of biodiesels against the degree of unsaturation

(adapted from [23,54]).

Based on the European Standards limit for IV and CN in Figure 2-2, biodiesel from various
feedstocks will need to be within the upper limits of 120 and lower limits of 51 for IV and CN,
respectively, to conform to the specifications. Therefore, lower IV indirectly indicates better ignition
property since CN will be greater. Although some feedstocks which includes grapeseed, sunflower,
and soybean are out of the defined limits for both IV and CN of EN standards, these feedstocks still
comply with the RD 61/2006 standards.
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2.3 Biodiesel processing methodologies

Currently, a collection of methodologies such as continuous stirred tank, microtubular mixer,
microwave technique, and cavitation intensification has been reported to enhance biodiesel
production through transesterification of vegetable feedstocks [55]. The process usually utilises the
presence of a catalyst, either in homogeneous or heterogeneous forms to improve the rate of reactions
[56]. These catalysts can cause huge environment impacts as they are often organic acids and bases
that require downstream post-processing. To date, the number of catalysts discovered for biodiesel
transesterification has increased significantly since the classification of homogeneous, heterogeneous,
and enzymatic catalysts which draw attention away from physical intensifying methodologies. The
main challenges in biodiesel transesterification remains with the mass transfer limit due to the
reactants being immiscible by nature [57]. Consequently, transesterification process is also a
reversible process which obeys the Le Chatelier's principle of chemical equilibrium therefore limiting

the biodiesel yield.

2.3.1 Homogeneous base transesterification

Biodiesel can be produced with the aid of a base-type catalyst. Base-catalysed transesterification
methods are widely used as they are relatively cheap, highly reactive, and effective at mild reacting
conditions [58]. However, presence of water content and free fatty acid (FFA) in the feedstocks will
encourage other chemical pathways such as esterification and saponification [59]. Base type catalysts
promote the saponification process in biodiesel feedstock with the presence of FFA [58,60,61]. Eq.
2-2 shows the chemical pathway of saponification, where FFA reacts with hydroxide ion to form

soap, leading to reduction in catalyst activity.

FFA + OH™ - Soap + H,0 Eq.2-2

Thus, transesterification with base catalyst are prone to soap formation for either high FFA content,
or high catalyst loading, which ultimately leads to a decrease in biodiesel yield. Therefore, the
prerequisite of using base-catalysed transesterification is to ensure biodiesel feedstocks have a FFA
level of less than 2%, through refinement or pre-treatment resulting in production cost increase

[62,63].

Table 2-3 tabulates the base catalyst transesterification of other published work with suggested FFA
for the different feedstocks, organised by year. From it, it is observed that the FFA requirement has
become more flexible, with an increase from less than a percent to more than or equal to three percent
over the years. The observation can be explained by the heavy transition from the use of first
generation feedstocks to second generation feedstocks, which are naturally high in FFA content. The

use of high FFA feedstock are known to introduce complications when conventional base-catalysed
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transesterification are used, as the FFA will react with the catalyst to produce soap as a by-product,

which makes biodiesel and glycerine increasingly difficult to separate [12].

Table 2-3. Recommended level of FFA for homogeneous base type transesterification. Adapted

from [58].
Feedstocks Feedstock Recommended FFA Reference Year
Generation (wt. %)

Soybean First <1 Freedman ef al. [64] 1984

Edible oil and fats First <0.05 Ma and Hanna [65] 1999

Review of edible oil and First <1 Canakci and Van 2001

animal fat Gerpen [66]

Review <0.5 Zhang et al. [67] 2003

Rubber seed oil Second 2 Ramadhas et al. [62] 2005

Jatropha oil Second <1 Kumar Tiwari et al. 2007
[68]

Polanga oil Second <2 Sahoo et al. [63] 2007

Karanja oil Second <3 Sharma and Singh 2008
[20,69]

Polanga oil Second <2 Ong et al. [70] 2014

Besides, an additional separation process is required to remove the homogeneous base from the end
product, usually through neutralisation of acids where trace amount of water is produced. This causes
problems to the purification process. The drawbacks of using a homogeneous base catalyst in
transesterification seems to be significant. However, this method is still preferred on an industrial

scale production, because of its consistency in production and economic viability.

Table 2-4 summarised the homogeneous base type catalyst used in transesterification from the year
of 2000 to 2018. In a study by Darnoko and Cheryan [71], transesterification of refined, bleached
and deodorised (RBD) palm oil is carried out with KOH and methanol:oil ratio of 6:1 in a continuous-
stirred tank reactor (CSTR), at a temperature 60 °C for 90 minutes. The fatty acid methyl ester
(FAME) concentration (wt. %) varies from 80% to 90% when KOH catalyst loading from 0.5 to 1.2
wt. % is used, with the maximum FAME concentration at 1.0 wt. % catalyst. In another report by

Dias et al. [72], transesterification of soybean, sunflower, and waste cooking oil (WCO) studied
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using bases such as NaOH, KOH, and CH3ONa. However, biodiesel yield suffered a decrease from
99.4% to below 96.5% when 1.2 wt. % of catalytic loading was used for all the mentioned catalysts,
as compared to 0.8 wt. %. The observations are potentially due to the competing reaction of
saponification producing soap as unwanted by-product. On the other hand, the catalyst type causes

insignificant differences for biodiesel yield when the optimised loading was used.

Transesterification of animal fat such as duck tallow has been studied by Chung et al. using CSTR
at 600 rpm with catalyst such as KOH, NaOH, and NaOCH3, with KOH being the most effective
[73]. Although the biodiesel conversion is relatively high, measured at 97% FAME content, the
complete transesterification took 3 hours for the reaction to achieve chemical equilibrium. The
operating parameters are KOH catalytic loading of 1 wt. %, 65°C reaction temperature, and 6:1

methanol to oil molar ratio.
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Table 2-4. Homogeneous base catalysts for biodiesel transesterification.

Feedstock Reactor parameters Oil Catalyst Loading Alcohol Alcohol:Oil  molar Temperature Time Yield Ref. Year
quantity (wt. %) ratio ()} (min) (%)

Palm Magnetic stirrer 500 g KOH 1.0 Methanol 6:1 60 90 97.0 [71] 2000
Palm Static mixer at 350 rpm - CH;3;0Na 0.125% Methanol 10:1 70 1 99.0 [74] 2004
Palm Static mixer at 300 rpm - NaOH 0.2* Methanol 6:1 70 1 99.0 [74] 2004
Rapeseed Static mixer at 600 rpm 500 g CH;0K 1.0 Methanol 6:1 65 120 96.0 [75] 2008
Rapeseed Static mixer at 600 rpm 500 g CH;3;0Na 1.0 Methanol 6:1 65 120 73.0 [75] 2008
Soybean Magnetic stirrer 200 g CH;3;0Na 0.4 Methanol 6:1 60 60 93.0 [72] 2008
Sunflower Magnetic stirrer 200 g CH;ONa 0.4 Methanol 6:1 60 60 95.0 [72] 2008
Waste cooking ~ Magnetic stirrer 200 g CH;ONa 0.4 Methanol 6:1 60 60 92.0 [72] 2008
oil

Rapeseed Static mixer at 600 rpm 500 g KOH 1.0 Methanol 6:1 65 120 96.0 [75] 2008
Soybean Magnetic stirrer 200 g KOH 0.4 Methanol 6:1 60 60 94.0 [72] 2008
Sunflower Magnetic stirrer 200 g KOH 1.0 Methanol 6:1 60 60 93.0 [72] 2008
Waste cooking ~ Magnetic stirrer 200 g KOH 0.8 Methanol 6:1 60 60 90.0 [72] 2008
oil

Rapeseed Static mixer at 600 rpm 500 g NaOH 1.0 Methanol 6:1 65 120 82.0 [75] 2008
Soybean Magnetic stirrer 200 g NaOH 0.4 Methanol 6:1 60 60 97.0 [72] 2008

58



Chapter 2

Sunflower Magnetic stirrer 200 g NaOH 0.4 Methanol 6:1 60 60 96.0 [72] 2008
Waste cooking ~ Magnetic stirrer 200g NaOH 1.0 Methanol 6:1 60 60 90.0 [72] 2008
oil

Duck Tallow Static stirrer at 600 rpm - KOH 1.0 Methanol 6:1 65 180 97.0 [73] 2009
Palm Constant total volume, with magnetic stirrer 303 ml KOH 8.5 Dimethyl Carbonate 9:1 75 480 96.2 [76] 2010

(DMC)
Palm Static mixer at max speed - Activated carbon/ 5.5 Methanol 15:1 190 81 81.0 [77] 2011
CaO

Waste cooking ~ Magnetic stirrer at 600 rpm - NaOH 0.5 Methanol 7.5:1 50 30 96.0 [78] 2012
oil

Fish oil Magnetic stirrer at 600 rpm 50g KOH 0.5 Methanol 6:1 32 60 96.0 [79] 2013
Rapeseed Preheated oil with magnetic starrier at 600 rpm 6¢g KOH 1.0 Methanol 6:1 60 60 91.0 [60] 2014
Palm Magnetic stirring at 600 rpm - CH;ONa 0.32 Methanol 5.48:1 55 40 85.0 [80] 2017
Waste rapeseed  5.5% FFA and 3 wt. % Water content with static mixer 40 ml CH;3;0Na 3.0 Methanol 18:1 60 5 97.0 [61] 2018
oil at 600 rpm

2 Catalyst loading in mol/kg.
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2.3.2 Homogeneous acid transesterification/esterification

The main chemical pathway of biodiesel production with base type catalyst is through
transesterification of triglycerides in vegetable oil. However, acid type catalyst can convert
feedstocks to biodiesel via esterification of free fatty acids and transesterification of triglycerides
concurrently. Eq. 2-1 and Eq. 2-3 show examples of esterification chemical processes of FFA-
triglycerides-methanol to produce water, ester and glycerol.
R—-COOH , R,OH catalyst H,0 | R—COOH,CR, Eq. 2-3
FFA Alcohol Water Ester

The acid catalysed biodiesel production avoids the saponification process which leads to soap
formation and complicated downstream processing, hence increasing the final yield of biodiesel and
reducing production cost [81]. This process allows cheaper feedstocks such as waste cooking oil,
which is high in FFA content to be used for biodiesel conversion without pre-treatment. Additionally,
feedstocks from edible oil such as palm, sunflower, and soybean; feedstocks from non-edible oils
such as Jatropha curcas, and Pongamia pinnata (Karanja) which are high in FFA contents (>2%) in

nature will also benefit from using acid catalyst [82,83].

Table 2-5 summarises the homogeneous acid type catalyst in biodiesel transesterification. Farag et
al. [84] reported using a model oil which consist of 50% sunflower oil and 50% soybean oil to
simulate the direct esterification of FFA. The effect of different acid catalyst type was found to be
significant, with the percentage of FFA conversion in the decreasing order of H.SO4, HCI, AICI3,
FeSO4, and SnC1.HO. In the optimum conditions, a 96.6% FFA conversion can be achieved at 6:1
methanol to oil molar ratio, temperature of 60 °C, H.SOs catalytic loading at 2.5% w/w, agitation
speed at 300 rpm, and reaction time of 60 minutes. The optimised conditions were replicated on
home and restaurant cooking oil to compare the FFA conversion. Home domestic oil was observed
to have virtually no conversion in the first 30 minutes reaction, while restaurant domestic oil is able
to achieve more than 80% conversion at 90 minutes into the transesterification process. From it,
waste cooking oil produced by restaurant seems to be more efficient to be used as a biodiesel

feedstock when compared with home domestic oil, as the former are produced at a larger scale.

Aranda et al. [85] compared the use of four different homogeneous type acid catalysts, with
methanesulfonic (CH4O3S) and sulfuric acid, (H.SOs) outperforming the rest in the esterification of
palm oil by approximately 60% in yield difference. Although a 3:1 methanol to oil molar ratio was
implemented, a conversion higher than 90% was able to be achieved, due to higher FFA proportion

in palm oil, and esterification being the primary chemical reaction. Non-catalytic conditions were
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also compared, where a small amount of H,SOj catalyst at 0.01 wt. %, was able to promote from 30%

to more than 70%.

Fauzi and Amin [86] reported using acidic ionic liquid, particularly 1-buthyl-3-methylimidazolium
hydrogen sulfate ((BMIM][HSO4]) for oleic acid esterification. The ionic liquid catalyst was used as
a greener alternative as compared to conventional acid catalyst such as H,SO4, due to its reusable
properties. Additionally, the post-processing does not produce acidic wastewater. The recyclability
of catalyst was tested, with results showing that the ionic liquid can be recycled up to five times
before the conversion reduces. Catalytic performance of ionic liquid as acid catalyst shows a
conversion of 80.4% after optimisation, which is still relatively lower than those of conventional acid
and base catalyst. The optimised transesterification parameters are reaction temperature of 87.3 °C,

reaction time of 5.2 hours, methanol-oleic acid molar ratio of 8.6:1 and 0.063 mol catalyst loading.
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Table 2-5. Homogeneous acid catalysts for biodiesel esterification.

Feedstock Reactor parameters Oil Catalyst Loading Alcohol  Alcohol: Oil molar Temperature (°C) Time FFA Conversion Ref Year
Quantity (wt. %) ratio (min) (%)

Palm Static mixer at 500 307 g H,S0, 0.1 Methanol 3:1 130 60 90 [85] 2008
rpm

Palm Static mixer at 500 307 g CH40sS 1.0 Methanol 3:1 130 60 90 [85] 2008
rpm

Sunflower/soybean Static mixer at 300 100 g H,SO, 2.5 Methanol 6:1 60 90 96.6 [84] 2010
rpm

Sunflower/soybean Static mixer at 300 100 g HC1 2.5 Methanol 6:1 60 180 87.9 [84] 2010
rpm

Sunflower/soybean Static mixer at 300 100 g AICl; 25 Methanol 6:1 60 180 88 [84] 2010
rpm

Palm/rubber seed  Static mixer at 360 - H,SO, 0.5 Methanol 15:1 65 180 95 [87] 2010
rpm

Oleic acid Constant stirring rate  15.8 ml 1-butyl-3-methylimidazolium  hydrogen  sulfate 0.063" Methanol 9:1 87 312 80.6 [86] 2013

(BMIM HSOy)

* Catalyst loading in terms of mol.
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2.3.3 Heterogeneous base transesterification

Heterogeneous catalysts are viable candidates to replace homogeneous-type catalysts, as they are
potentially more sustainable than the aforementioned homogeneous catalysts [88]. Biodiesel are
generally produced by the homogeneous catalyst at a larger scale due to cheap and readily available
catalyst such as NaOH, KOH, HCI, and H>SO4. However, the post-processing of homogeneous
catalyst transesterification/esterification involves considerable amount of energy during the
purification stage, owing to the need for catalyst removal [89]. Nonetheless, the disposal of
wastewater generated have augmented the overall processing expenses [90]. Additionally, the
catalysts often diffuse into the glycerol layer, reducing the quality of glycerol and reusability of
catalyst.

As a result, heterogeneous catalysts are developed to take advantage of the ease of separation and
reusability. The base solid catalysts are generally derived from the alkaline earth metals. The catalyst
are oxides of elements such as Mg, Ca, Sr, and Ba which exhibit strong basic properties at their active
sites, when used as a catalyst in biodiesel production. For example, the CaO alkali solid catalyst can
be found in natural occurring resources, such as limestones, egg shells, and oyster shells which makes
it a primary candidate in heterogeneous catalysed transesterification due to its cost effectiveness

[91,92].

Table 2-6 summarises studies on heterogeneous basic type catalyst for biodiesel transesterification.
Granados et al. [93], studied the deterioration of catalytic performance via air contact and reusability
of catalyst, through characterisation technique such as X-ray diffraction (XRD), and evolved gas
analysis by mass spectrometry (EGA-MS). The CaO catalyst was reported to be sensitive to HO and
CO; in the atmosphere, and results indicate that fresh solid CaO are susceptible to hydration to form
Ca(OH); and carbonation to form CaCOs, reducing the catalytic activity of CaO in transesterification.
As aresult, evacuation of hydrated and carbonated CaO at elevated temperature is able to reactivate
the catalyst, hence improving the biodiesel yield in the transesterification process. The CaO catalyst
treated at 700 °C is able to achieve a yield of 94% for biodiesel, and retains an 81% conversion after
eight consecutive uses. However, it was discovered that active species from solid catalyst has a
tendency to leach into the reactants, resulting in a performance decline after several

transesterification cycles.
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Table 2-6. Heterogeneous basic catalysts for biodiesel transesterification.

Feedstock Reactor parameters 0Oil Catalyst Calcination Loading Alcohol  Alcohol: Oil molar Temperature Time Yield % Ref Year
Quantity Method (wt. %) ratio (°O) (min)
Canola 50 ml pressurised batch reactor - MgO 500 °C 3 Methanol 20:3 190 120 82.8 [94] 2003
Canola 50 ml pressurised batch reactor - t-MgO  PDMS-PEO, 3 Methanol 20:3 190 120 98.2 [94] 2003
500 °C

Sunflower Static mixer at 1000 rpm 50g CaO 700 °C 1 Methanol 13:1 60 90 60.0 [93] 2007
Sunflower Static mixer at 1000 rpm 50g CaO 700 °C 1 Methanol 13:1 60 90 >90.0 [93] 2007
Soybean Static mixer 100 ml CaCO; He gas at 900 °C 0.8 Methanol 12:1 - 120 93.0 [95] 2008
Soybean Microwave 1100 W 15¢g SrO - 1.84 Methanol 3.7:1 60 0.67 97.0 [96] 2011
Waste cooking Microwave 1100 W 15¢g SrO - 1.84 Methanol 3.7:1 60 0.67 99.0 [96] 2011
oil

Waste cooking Microwave (2.45 GHz) and Ultrasound irradiations (25kHz) - BaO - 0.75 Methanol 6:1 73.6 2 94.7 [97] 2014

oil

(LOOW/100W)
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Another improved version of the CaO catalyst was done by co-precipitation method of a lanthanum-
based calcium oxide (Ca0-La,03) [98], resulting in a mixed solid oxide which was demonstrated to
be feasible for solid base transesterification, using crude jatropha oil as a feedstock. Catalytic
performance of the Ca-La catalyst was measured through studying the reaction conditions, which
enable the results to characterise the physico-chemical properties of the catalyst. Results of the
transesterification activity using different Ca:La atomic ratios of the CaO-La,Os catalyst showed that
pure La0,0s catalyst has zero effect on transesterification. However, further increment of CaO
loading from 2 wt. % to 4 wt. % showed that the CaO active phase enhances FAME yield from 52%
to 82% due to an increase in basicity, which is directly correlated to catalyst activity. Subsequently,
the reusability and regeneration of catalyst can be done by a simpler alkali solution washing, without

significant leaching of catalyst, hence retaining majority of its catalytic performance.

Jeon et al. [94] used magnesium oxide, (MgO) to perform base-catalysed transesterification. In this
study, it was reported the synthesis of a mesoporous MgO using an amphiphilic comb-like copolymer,
PDMS-PEO to alter the morphological structure of MgO, hence creating a templated MgO (t-MgO).
The canola oil transesterification process via t-MgO is then compared to the non-templated MgO (nt-
MgO). The structural differences in pores and surface area were also observed using SEM imaging
and TEM analysis, with the t-MgO exhibiting high level of interconnected porous structure with
bimodal pore distribution. This results in improved mass transport to the surface of active catalytic
site on t-MgO. Transesterification results from t-MgO shows that a maximum biodiesel yield of 98.2%
is obtained after 2 hours of reaction at a temperature of 190 °C, using a methanol to oil molar ratio

0f 20:3, and a 3.0 wt. % catalytic loading.

65



Chapter 2

2.34 Heterogeneous acid transesterification

Despite all of the advantages of using homogeneous-type catalysts in transesterification, it is costly
to separate and complicated to recover the liquid catalysts when they form a single phase with the
end products. On the contrary, solid acid catalysts are superior, as compared to homogeneous
catalysts and base type catalysts. This is because they are easier to be separated from the end products,
which leads to better reusability and recovery of the solid catalyst, hence effectively lowering the

processing cost [99].

There are several prerequisites for the selection of a strong heterogeneous acid catalyst. These are
properties that favour the esterification process, as tabulated in Table 2-7. Examples of typical

heterogencous acid catalyst are shown in Figure 2-3.
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Table 2-7. Criteria, advantages, and disadvantages of an ideal solid acid catalyst.

Criteria of an ideal solid acid catalyst Advantages of an ideal solid acid catalyst Disadvantages of an ideal solid acid catalyst
e Strong Brensted acid group that are highly e Insensitive to free fatty acid and moisture which e (atalytic activity of solid base is greater than solid
polarised hydroxyl group, at the surface of enables the use of a lower grade oil. acid, hence operating conditions such as reaction
catalyst. temperature and pressure for using a solid acid

catalyst are usually higher.

e Strong Lewis acid group which are actively e One-step process where esterification and e The tendency of acid leaching into the end product,
promoting transesterification, provided that transesterification can simultaneously take particularly the sulfate group, H.SO4, into reactant,
the active sites are not poisoned by water. place. promoting homogenous catalytic activity that

interferes with the measurement.

e Unique interconnected large pore structure e FEliminates the need of washing for the
and texture. biodiesel, while reducing potential corrosion

issue downstream of production.
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A hydrophobic catalytic surface.

Easier separation of catalyst with the end
product, hence more efficient for the recovery
process of catalyst that also allows for extensive

reusability.

For the continuous flow-type reactor, the end
products separation and purification costs can

be minimised.

Avoid deactivation, poisoning and leaching of

acid sites.
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« Sulfated zirconia (SO,%/ZrO,)

» Sufated titania (TiO2/ SO,%)
Sulfated metal oxide « Tin oxide (SO,2/Sn0,)

* Tantalum pentoxide (SO,%/Ta,0x)
* Niobium pentoxide (SO,2/Nb,Os)

« Amberlyst (-15,-16,-35,-36,-131)

Sulfonic ion-exchange - Dowex HCR-W2
* Nafion

resin “EBD
-ST-DVB

. . Na_tqral_ zeolites (Natrolite, clinoptilolite, mordenite,
Zeolite phillipsite)
« Synthetic zeolites (Zeolite Y, Zeolite X)

*H3PW,5,0,0
*HgP,W 1504,
* H;PW,,0,,HPW (Heteropolytungstate)

Heteropolyacids (HPAs)

Figure 2-3. Typical heterogeneous acid catalysts families for biodiesel esterification and

transesterification.

Table 2-8 summarises the experimental studies using heterogeneous acid in the transesterification
process. Sulfated metal oxide is one of the most popular solid acid catalysts, as it is classified as a
superacid which heavily favours the transesterification process. Superacids of such are more
environmentally friendly when used for esterification of biodiesel and can be obtained easily [100].
Zirconium oxide (ZrO,) as a support for catalytic scaffolding has also been studied under the sulfated
metal oxide group. Positive influence was observed from its acidic catalytic behaviour, with
simultaneous oxidising and reducing properties on the surfaces [101]. Zirconium oxides are generally
impregnated with sulfuric acid to be converted into sulfated zirconia, SO4*/ZrO,. Alternatively, the
surface acidity can also be modified through the introduction of other metal oxides such as sulfate or

tungstate to provide greater catalytic activity.
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Table 2-8. Heterogeneous acid catalysts for biodiesel transesterification.

Feedstock Reactor parameters 0Oil Catalyst Catalyst preparation Loading  Alcohol Alcohol: Oil Temperature  Time Yield % Ref Year
quantity (wt. %) molar ratio (°0) (hr)
(ml)
Soybean Sealed capillary tubes 0.3 ETS-10 zeolite Calcined at 500 °C in flowing air at a heating rate of 4 °C/min 0.03* Methanol 6:1 120 24 94.6 [102] 2004
in preheated furnace and held for 10 hr.
Waste cooking Magnetic stirrer at - Amberlyst-15 (ion- Wet form resins dried in oven for 12 hr at 110 °C. Amberlyst-15 2.0 Methanol 20° 60 3 45.7%° [103] 2008
oil 1500 rpm exchange resins) ~ with high crosslinking, catalyst surface area of 53 m¥g, 33%
porosity, average pore diameter of 30 nm.
Waste cooking High temperature and - Sulfated zirconia Zirconium hydroxide powder with H,SOs, dried at 110 °C then 3.0 Methanol 9:1 120 4 93.6 [101] 2008
oil pressure in an (SO4*/Zr05) calcined at 600 °C.
autoclave
Waste cooking Stainless steel batch 300 Sulfated tin oxide Amorphous tin oxide in H,SO, solution for 6 hr, then calcined 3.0 Methanol 15:1 150 3 92.3 [104] 2009
oil reactor with magnetic S0,/ Sn0,) at 300 °C for 2 hr.
stirrer
Sunflower Mechanical stirrer 100 Fly-ash Na-X Ion exchange with potassium acetate, dried at 110 °C for 2 hr, 3.0 Methanol 6:1 65 8 83.5 [105] 2012
zeolite then calcined at 500 °C for 2 hr.
RBD Palm Continuous stirring at 125 Natural zeolite Zeolite impregnation with KOH for 24 hr, dried at 110 °C for 24 3.0 Methanol 7:1 60 4 9501 [106] 2013
500 rpm hr, calcined at 450 °C for 4 hr.
Oleic acid Batch reactor with 100 Sulfated zirconia Hydrated zirconia with aqueous ammonia solution dried at 0.5" Methanol 40:1 60 12 90.0 [107] 2013

magnetic stirrer

(5042_/ZI‘02)

100 °C, then calcined at 600 °C for 4 hr.
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Rapeseed/oleic Sealed pressure -

acid mix endurance tubes with
stirring

Oleic acid Batch reactor with 50

continuous stirring

exchange resin)

HY kaolin zeolite

ST-DVB (cation- Resin ball swelled in dichloroethane at 60 °C, then mixed with 10.0 Methanol
H,SO,. Catalyst surface area of 185 m?/g, average pore diameter
of 9.7 nm.
NaY zeolite in ammonium nitrate at 100 °C for 4 hr, dried at 5.0 Ethanol

100 °C for 6 hr, stirred in oxalic acid for 8 hr, dried again at
100 °C , then calcined at 550 °C for 5 hr.

6:1

100
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3 97.8%c [108] 2015

1

85.0 [109] 2016

#Catalyst loading in grams.
® Percentage of volume (vol. %).

¢Percentage in terms of oil conversion.
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Patel et al. [107] investigated the synthesis of sulfated zirconia and the biodiesel conversion of oleic
acid, which is used to simulate the esterification process of free fatty acids. Catalytic loading of
sulfated zirconia has been observed to have a positive correlation with biodiesel yield. For the
concentration of 1.0 N SO4*/ZrO, (0.1 g), an initial yield of 18% was achieved. Using the same
operation condition, further improvement on the catalyst was done by using a second stage
calcination process at 600 °C for an extended 4 hours, which improved the esterification yield to
40%. However, the reaction rates of the esterification process is considered to be relatively poor,
even when extreme operating conditions are implemented, such as using an alcohol to oil molar ratio
of 40:1, at a reaction temperature of 60 °C, and 4 hours of reaction time. The esterification process
was optimised through parametric study of reaction time and catalyst loading, which leads to an
optimised operating condition of 0.5 g catalytic loading at 12 hours reaction time, achieving 90%
yield. The catalyst is then regenerated to determine its reusability in the esterification process. A
reduction of 3% yield for one-cycle esterification on oleic acid was observed. The calcined SO4*
/ZrO, was also used to study the effect of the simultaneous esterification and transesterification
process in waste cooking oil and jatropha oil, resulting in a conversion of 82% and 80%, respectively.
This proves that SO4*/ZrO, can be useful in esterification, transesterification, and even simple
regeneration process without significant loss in catalytic strength. In all, catalytic activity for
heterogeneous acid catalysts are still relatively weaker when compared with its homogeneous

counterparts.

Doyle et al. [109] proposed the synthesis of zeolite catalysts with kaolin clay, which can be used in
the esterification process. This is a favourable catalyst candidate because of its low cost, and also
structural advantage of having both mesoporous [110] and microporous [111] frameworks. Zeolite
Y was prepared as a scaffold, and then impregnated with ammonium nitrate to form HY zeolite to
be used as a catalyst for esterification. A maximum yield of 85% was achieved by using an operating
condition of 1-hour reaction time, 6:1 molar ratio of ethanol/oleic acid, and 70 °C reaction
temperature. The reusability study of the catalyst showed a decrease in conversion from 85% to 77%
after a single cycle. The catalytic performance reduction is speculated to be related to the adsorption
of water at the active site of the catalyst. The esterification process using the HY zeolite produced
from kaolin clay was then compared against a commercially sourced HY zeolite catalyst. The HY
kaolin zeolite was able to perform better at the first hour of the reaction, but the conversion reduces
to the same as compared to the commercial sample after two hours. The unique low Si/Al ratio of
HY kaolin zeolite catalyst contributed to a higher catalytic activity at an earlier stage of free fatty

acid esterification, due to the higher density of acid sites and greater Brensted acid strength.
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Ion-exchange resin catalysts are also heterogeneous acid catalysts that are proven to be effective in
biodiesel production, due to their strong cross-linked structures which exhibit acidic active sites that
are used in esterification and transesterification reactions [112]. Additionally, these resins swell
under the presence of polar components, leading to a change in the magnitude of cross-links that will
determine the rigidity of the resins [103]. High swelling capacity is also correlated to lower
crosslinking [90-91], which indicates an improvement in the surface area and pore diameter of the
resins. This will result in a higher density of acid sites for the resin to facilitate the esterification

process.

Shibasaki-Kitakawa et al. [114] studied the use of Diaion PK208LH, which is a cation-exchange
resin with low crosslinking density. The resin was used to study the conversion of biodiesel, using
waste rice bran acid oil as feedstock. Since esterification of FFA in the acidic oil produces moisture
as a by-product, the concentration of water and the reaction rates of conversion were first correlated.
The results showed that the use of resin catalyst with a water concentration of less than 20 wt. %
does not change the FFA conversion and FAME formation rates. The moisture is not required to be
completely removed for the pre-treatment of catalyst, since 20 wt. % is a relatively high upper limit

for water content.
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24 Biodiesel reactors and technology advancements

241 Continuous stirred tank reactor (CSTR)

Continuous stirred tank reactor (CSTR) is an extension of the batch-type reactors, which has a similar
fundamental agitation mechanism. Batch processing is one of the most commonly available type of
reactors, which enables biodiesel to be produced in a single batch over a period of time [71,72,74,84].
However, through the use of CSTR, continuous production of biodiesel can be achievable using a
simple setup. Nevertheless, large scale production of biodiesel that utilises batch processing
technique requires large reactor volumes, which increases capital investment, making it less
economically viable. Furthermore, the batch-to-batch variation is also a common issue in biodiesel
batch processing, since the quality of biodiesel tends to differ slightly for every processing batches.
The CSTR technology is straightforward to scale up as compared to other types of reactors. All
variation of CSTR shares similar concepts of utilising physical disruption through mechanical
stirring. The mechanical stirrer is physically attached to a motor externally to provide adequate
mixing and energy input to the system. The reactants and products are simultaneously added and
removed, to maintain a steady-state continuous system in a CSTR. The system should achieve
chemical equilibrium in the steady-state condition, where there is no net change in the concentration
of the oil-methanol-biodiesel-glycerol mixture, which is done by constant monitoring and
maintaining the operating parameters. Table 2-9 summarises the continuous stirred tank system, with

varying designs and operating conditions.
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Table 2-9. Continuous stirred tank reactor for biodiesel production.

Feedstock Reactor parameters Catalyst Catalytic Alcohol Alcohol: Oil Temperature Reaction time (min)  Yield (%) Ref Year
Loading molar ratio °0)
(wt. %)
Palm CSTR is activated when steady-state is achieved, using KOH 1 Methanol 6:1 60 60 97.3 [115] 2000

500 g oil with 20 vol. replacement.

Palm CSTR with 6-stages at 300 rpm and production rate of NaOH 1 Methanol 6:1 60 6 97.6 [116] 2008
17.3 I/h, using a power consumption of 0.6 kW/m?.

Palm CSTR with 4-stages (303-706 rpm) and production rate H,SO4 1.7% Methanol 3:1 60 20 83.7 [117] 2009
of 8.3 I/h.
Sunflower Single stage CSTR at 800 rpm, oil feed at 1.8 ml/min ~ Immobilised lipase 40° Methanol-buffer 0.6 30 275 81.0 [118] 2017
enzyme solution

* Catalyst loading in percentage of volume (vol. %).
® Catalyst loading in grams.

¢ Alcohol feed at 0.6 ml/min continuously.
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Typically, CSTR involves more than a single stage, where the configuration of the system consists
of a reactor and a phase separator as shown in Figure 2-4. In the beginning stage of the reactor,
alcohol and triglycerides are allowed to be partially converted into biodiesel. This is then followed
by a glycerol removal step for the reacted mixture in the second stage of CSTR, which is used to
promote the forward reaction of transesterification through shifting of the chemical equilibrium. The
multi-stage reactor is able to ensure the complete conversion of oil through the highly efficient

production and separation system.

Condenser

A\ 4

Thermometer

v

P Sampling

Biodiesel
mlaal vy
|

Separator

|
]
p_—
Feedstock Alcohol and Reactor ‘
oil catalyst
Glycerol

Heating and Stirring

Figure 2-4. Schematic drawing of a single reactor CSTR. Adapted from [115].

Darnoko and Cheryan [115] produced biodiesel through a two-stage CSTR system with RBD palm
oil. The second stage of the prototype developed is a separator which is used for glycerol removal.
The operation of the CSTR requires the batch mode to be enabled over a residence time of 40 minutes
during the initialisation. This is then followed by activating the feed pumps to deliver the feedstocks
and methanol at a consistent rate. Another feed pump is then used to move the mixture to the
separator, where glycerol is later removed through phase separation. During the initialisation stage,
82.7% biodiesel yield was achieved. However, the final yield suffered a significant drop, only
achieving a 58.8% yield after a steady-state of five volume replacement cycles in the continuous
mode. Optimisation was also performed by changing the residence time during batch mode, and
increasing the number of volume replacements to allow better stability in the continuous
transesterification system. A maximum yield of 97.3% is achieved in steady-state, after using the
optimal conditions of 20 volume replacement at a residence time of 60 minutes, 6:1 methanol to oil

molar ratio, using a 1 wt. % catalyst loading, and 60 °C reaction temperature.
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A multi-stage CSTR system was studied by Leevijit et al. [116] at a larger scale, involving a 6-stage
CSTR with a capacity of 2.272 L. Initially, the feed pumps were allowed to fill the reactor, and the
flow rates were adjusted until the desired biodiesel yield were achieved. The residence time of the
reaction was controlled by the combined flow rates of feedstock oil and methanol, whereby residence
time range of 3 to 12 minutes was tested, with a stirring speed that varied between 100 and 800 rpm.
The result suggests that the biodiesel yield can be improved with higher residence time and stirring
speed. The lower limit of biodiesel yield can be increased with increasing residence time, while
increasing stirring speed showed diminishing influence towards yield as reaction time progresses.
The highest stirring speed of 800 rpm negatively impacts the biodiesel yield, reducing the average
yield from 97.5% to 96.2%. For the residence times between 6 and 12 minutes, biodiesel yield was
able to achieve 97.5-99.2% with a production capacity of 8.5—17.3 L/hr. The power consumption of
each stirrer is rated at 0.2, 0.6, 2.8 kW/m? for stirrer speeds of 200, 300, and 500 rpm, respectively.

Prateepchaikul et al. [117] used a CSTR system with a series of four CSTR reactors stacked together.
The CSTR each has a six-bladed turbine attached, as shown in Figure 2-5.

O

§ No. Apparatus
! ﬁ I 1 Motor

- 2 6-blade turbine

/@ 3 Jacket

4 Baffle
*)
fiTy

5 Separate tank plate

ol
g ]ﬂ'
BT

6 Axle

7 Feeding hole

Figure 2-5. Schematic of CSTR impellers in series. Adapted from[117].

The stacked CSTR has a smaller reactor footprint as compared to the CSTR in multiple stages. They
are also relatively easier to be integrated into the feed pump system, since pressure drop is reduced
as compared to a multiple stage CSTR. The internal baffles are used to enhance the mixing process
to prevent dead volume which can be generated by vortex, hence reducing mixing efficiency.
Additionally, the disk turbine is also capable of producing larger turbulent using radial flow, by
inducing a high shear force at its edge. Raw, un-degummed, mixed crude palm oil which contains 8—
12% FFA was used as feedstock. Acid-catalysed esterification process was used to produce the

biodiesel. During the esterification with the FFA, significant amount of water is produced as a by-
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product which interferes with the conversion of biodiesel. Therefore, gravity separation is required
after the extraction of product from CSTR to remove the water content. The esterified oil and
acidified water obtained from the gravity separator is found to be at 83.7 and 16.3 vol. %, respectively.
However, if scaling up is done for the stacked CSTR set up, a gravity separator of a much larger
scale will also be required. This would result in an increased processing time for the gravity separator.

Alternative, a centrifugal separator can be employed to significantly improve the separation process.

24.2 Microchannel reactor

Transesterification reaction often suffered from issues such as low mass transfer and low effective
surface area of reactants, which lead to lowered reaction rates. Microchannel reactors or sometimes
as known as microreactors, are designed to overcome the issues of CSTR [119]. Microreactors are
intensively researched and can be categorised as, microtubular reactors, zig-zag microchannel
reactors, etched microchannel reactors, and microfluidic laminated lab chip. Microchannel reactors
utilise a meso or micro scale geometry for their reacting channels, which can have different hydraulic
diameters in the range of 10—1,000 um. The narrow channel enables a high surface-to-volume ratio
transesterification process, which effectively decreases the diffusion length of reactants, hence
increasing the mass transfer to promote reaction rates. Microreactors typically have approximately a
10,000-50,000 m?*/m? surface-to-volume ratio, which are quoted to be 10-50 and 100-500 times
greater when compared with conventional laboratory vessels of 1,000 m*m® and production vessel
of 100 m*/m?, respectively [120]. Thus, microchannel reactors are often selectively operated under
milder conditions, since they have superior rates of reaction, which reduce the energy requirement

for the transesterification process.

In general, microchannel reactors have relatively smaller footprints, as compared to other types of
biodiesel reactors. Microchannel reactors utilise microfluidic devices, such as a micromixer for its
agitation process. Since most of the chemical reaction for microreactors involve mixing of two or
more fluids, the use of a micromixer can enhance the mixing efficiency at microscale [121].
Micromixer can be either active or static type mixer of various geometries. Active mixing actuators
are usually powered externally by electric or magnetic excitation, whereby static mixers involve
passive mixing through the use of pressure differences. Both type of mixers utilise different mixing
principles, defined by their operations at different ranges of production capacities and mixing speeds
[122]. Two types of intensification can occur in the micromixer [122], (i) heterogeneous mixing
created by convection, (ii) homogeneous mixing at the molecular level which is driven by diffusion
of adjacent domains. The common types of micromixer are namely the T-junction, J-junction, Y-

junction, and cross-junction as shown in Figure 2-6. These mixers are used to direct the flow of

78



Chapter 2

reactants into the main reacting channel, where mixing will occur through the aforementioned
intensification methods. A summary of microreactor research using various feedstock accompanied

with their performances is tabulated in Table 2-10.

(a) (b)
Oil Alcohol Oil Biodiesel
( ) ( )
Biodiesel Alcohol
(c) (d)
oil Alcohol ] oil

45:X Alcohol Alcohol

————— ( )

Biodiesel Biodiesel

—

Figure 2-6. Micromixers with (a) T-junction, (b) J-junction, (c¢) Y-junction, (d) cross-junction.
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Table 2-10. Microchannel reactors for biodiesel transesterification.

Feedstock Mixer type Internal diameter (mm) Flow rate (ml/hr) Catalyst Loading (wt. %) Alcohol Alcohol: Oil molar ratio Temperature (°C) Residence time (s) Yield (%) Ref Year
Soybean  T-junction 0.240* 16.1 NaOH 1.2 Methanol 6:1 56 18 97.3 [123] 2009
Cottonseed Rectangular interdigital micromixer 0.600 150 KOH 1.0 Methanol 8:1 70 44 94.8 [124] 2010
WCO T-junction 0.508 1752 H,S0, 1 Methanol 9:1 65 5 91.76 [125] 2013
Pork lard  T-junction 0.508 175 KOH 13 Methanol 6:1 65 5 95.41 [126] 2014
Soybean  T-junction 0.900 - KOH 1.2 Methanol 9:1 60 180 97.5 [127] 2016
Palm T-junction 0.667* - CaO 30 mg powder Methanol 24:1 65 534 99.0 [128] 2017

* Hydraulic diameter
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Sun et al. [124] studied four different types of static micromixers, namely, a T-junction, J-junction,
rectangular interdigital micromixer (RIMM), and a slit interdigital micromixer (SIMM). Interdigital
type micromixers have alternating feed channels to periodically create liquid lamellae, which are
used to study the hydrodynamics for mixing two different liquid streams [129]. In their work, the
outlet of the micromixer are connected to a transparent polytetrafluoroethylene (PTFE) tube of 1.2
mm internal diameter, to observe the formation of oil droplets and flow patterns. Stainless steel Dixon
rings, are filter rings with massive surface-to-volume ratio were packed in the reacting channel to
avoid the phase separation during the transesterification process, as shown in Figure 2-7. Overall,
the multilamination micromixer, RIMM and SIMM are superior micromixers which can achieve
approximately double in the biodiesel yield when compared with than the T- and J-junction passive
micromixers. The result shows significant improvement to biodiesel yield with the use of the
interdigital micromixers, mainly because of the enhanced contact area between the methanol and oil.
The optimised operating condition at operating conditions of 8:1 methanol to oil molar ratio, with a
residence time of 17 s, under reaction temperature of 70 °C, and a biodiesel throughput of 10 ml/min

combined with the Dixon rings-packed PTFE tube, allows a biodiesel yield of 99.5% to be achieved.

Thermostat
Pumps F T T DEIa?I(;gp_ | === 1
@ _ || Preheater Tiah :
| || ([U |
g Y
| Micromixer A | —— -
T e e e — — -1 |ce-water
/ bath
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Oil Methoxide

Effluent

Dixon rings packed in column

Figure 2-7. Micromixer reactor setup with delay loop packed with Dixon ring. Adapted from

[124,130].

81



Chapter 2

The larger interfacial surface area allows the feedstock oil and alcohol, which are both immiscible in
nature to mix homogeneously, as oil droplets are formed in the stream of alcohol shown in Figure
2-8. The degree of mixing and size of droplets formed are highly dependent on the angle of impact
from the micromixer. For instance, T-junction, J-junction, Y-junction, and cross-junction
micromixer has an angle of impact of 180°, 90°, less than 90°, and 90°, respectively. Another
important factor which controls the droplet size in microreactors is the residence time, which is
defined as the average length of time that the reactants spend in the microchannel, from the beginning
of the micromixer to the output. The residence time is usually controlled by varying the channel
length and also combined flow rates of oil and alcohol. As the channel length increases, the mixture

flow will suffer from a pressure drop, hence effectively decreasing the flow rates and mixing potential.
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Figure 2-8. Formation of biodiesel in a T-junction mixer of microchannel reactors.

A study conducted by Kaewchada et al. [127] shows the effects of micromixer types and residence
time on the biodiesel yield. Two types of static micromixers were tested namely, the T- and J-junction,
where the T-junction outperforms the J type for the range of 5 to 20 seconds. The flow rate is
observed to decrease when channel length is kept constant, which resulted in pressure drop across
the reaction channel, leading to a significant drop in biodiesel yield from 97.14 to 91.43 %. On the
other hand, prolonged residence time can cause the droplet size to increase, hence effectively
allowing less interfacial area for the oil and methanol during mixing. Figure 2-9 shows the oil droplet
size for two types of micromixer at various residence times. The optimal biodiesel yield of 97.14%
is achieved with catalyst loading of 1 wt. %, operating at reaction temperature of 60 °C, using

methanol to oil molar ratio of 6:1, and a residence time of 5s.
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Figure 2-9. Effect of residence time on pressure for T- and J-junction: (a) 5 s, T-junction; (b) 10,
T-junction; (c) 20 s, T-junction; (d) 5 s, Jjjunction; (e) 10 s, Jjunction; (f) 20's, J-
junction (10 mg/g KOH, methanol-to-oil molar ratio 6:1, and 60 °C) [127].

Wen et al. [123] used a zigzag microreactor to intensify the biodiesel transesterification process. The
microreactor features a zigzag patterned reaction channel. Extensive study was done by correlating
the hydraulic diameter (240-500 um) and numbers of turn (10-350), with the oil droplet size and
biodiesel yield. Results suggest positive relationship with the increasing number of turns and
decreasing channel sizes, for the final biodiesel yield point. The optimised zigzag microchannel has
a hydraulic diameter of 240 pum and 350 number of turns, which also shows strong influence on
decreasing the mean droplet size by decreasing the channel size. For the 350 turn’s configuration,
decreasing the hydraulic diameter from 900 to 240 pm decreases the mean droplet diameter from
5.41 to 1.93 um, representing a 64% reduction. Additionally, higher number of turns also improves
the passive mixing and intensification process. Batch stirred reactor was used to provide benchmark
with the microreactor’s results, where for the same yield of 97%, the zigzag microreactor is about 21
times more energy efficient (0.175 W as compared to 3.7 W), while only requiring 0.7% of the

reaction time (28s as compared to 1 hour).

Many researchers have reported a decrease in reaction rates when higher operating temperatures of
70 °C and above for biodiesel production were implemented. This is because the reaction temperature
used is above the methanol boiling point of 64.7 °C. This consequently results in creating a gas-
liquid mixture within the reacting channel, forming a layer of vapour that insulates the oil-alcohol
interface. Thus, the specific interfacial surface reduces and therefore biodiesel yield decreases. The

results are in accordance with from past research [123,124,127,128]. However, Sun et al. [124]
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observed the pressure drop in the reaction system, suggesting a change in the methanol boiling point
as calculated by the Antoine equation. Therefore, this allows a higher reacting temperature to be used
without completely boiling the methanol. This also suggest that the induced pressure drop can have
a significant effect on improving the rates of reaction, for the limited operating temperature of

microreactors which tends to be lower than the boiling point of alcohol used.

Further intensification can be done by packing the microchannel with device that can either improve
the passive mixing or increase the surface-to-volume ratio to allow greater mass transfer. Aghel et
al. [126] used a wire coil insert to change the geometric properties of the reactor, which performs the
same role of a micromixer. This is done to provide more convectional mixing throughout the reacting
channel as compared to using micromixers. Wire coils of different geometries were used, with
parameters such as wire coil length and wire pitch length, as shown in Figure 2-10. Response surface
methodology (RSM) is used to optimise the independent operating conditions for the
transesterification process. The largest improvement was observed when the methanol to oil molar
ratio was increased from 6 to 9, where the wire coil microreactor is capable of achieving a 94%
biodiesel yield, as compared to a biodiesel yield of less than 90% without the wire coil. However,
when excessive methanol to oil molar ratio of 12:1 is used, the yield decreases due to the reversible
reaction of transesterification. Overall, the wire coil insert demonstrated an improvement in all aspect
for the operating condition as compared to non-wire coil experiments. Results showed that a long
wire coil (30 cm) with a shorter pitch length (0.5 mm) can improve the biodiesel yield by 6%, as

compared to the ordinary wire coil due to intensified mixing which promotes mass transfer.
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Figure 2-10. Schematic of microreactor with wire coil of 1 mm pitch length [126].
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243 Cavitation reactor

The discovery of the cavitation phenomena can be traced back to 1754, first mentioned by Leonhard
Euler in the theory of turbines. However, the use of cavitation only started to gain attention after
approximately a century later. Cavitation occurs in flowing liquid systems when the liquid
experiences a sudden change of pressure to below its vapour pressure, where bubble cavities are
formed and quickly implodes as it reaches a high pressure area [ 131]. The collapsing cavities releases
enormous amount of energy, causing high local temperature and local pressure of few thousand
Kelvin and atmospheres, respectively [132]. Cavitation are used not just in application such as
chemical reactor design, but also found in submerged rotating propeller of ships, control valves,
pumps, which causes significant wear damages. There are four different types of cavitations, namely,
acoustic, hydrodynamic, optical and particle [133]. Figure 2-11 summarises each of the categories
and the cause of the phenomena. Sonification and hydrodynamic cavitations are preferred for

chemical reactor application due to its favourable intensification effect [134].
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Figure 2-11. Cavitation classifications.

2.4.3.1 Sonification

Sonochemical reactors can be classified into indirect and direct cavitation. The former involves
generating and applying ultrasound waves to reactants through a vessel or flask, which are immersed
in a bath of liquid. This type of indirect irradiation is often utilised for cleaning rather than promoting
chemical reaction. For the latter, an ultrasonic probe, usually known as an ultrasound horn is used
for generating the oscillation from an ultrasonic transducer. Figure 2-12 shows a typical setup for

ultrasonic chemical reactor using direct cavitation with an immersed horn.
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Figure 2-12. Schematic diagram of ultrasonic system setup used for the preparation of emulsion

fuel and cracking of diesel oil [135].

Typically, the low and high frequency ranges are defined as 20-100 kHz and 2—10 MHz, respectively
[136]. The high frequency ultrasound is usually coupled with low power application, useful for
medical scanning and analytical chemistry. On the contrary, low frequency operation is generally
used with higher power output, which is suitable for ultrasonic cleaning bath and process
intensification of chemical reactions, especially for increasing the mass transfer across non-miscible
reactants [136,137]. The use of high frequency in ultrasonic intensification for biodiesel production
is not suitable, as the energy released from the imploding bubbles are weaker than the impingement
of the reactants [138]. Table 2-11 summarises the sonication reactor studies that are used for biodiesel

transesterification process.
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Table 2-11. Sonification reactor for biodiesel production.

Feedstock Reacting parameters 0Oil Catalyst Loading Alcohol Alcohol to oil Temperature Reaction time Yield Frequency Power  Power Ref. Year
quantity (wt. %) molar ratio (°C) (min) (wt. %) (kHz) (W) density

Soybean  Submerged ultrasonic horn at 2 cm 1,000 g KOH 1.0 Methanol 6:1 45 15 100 19.7 150 900 J/g [139] 2006

Palm Continuous flow reactor (constant residence - KOH - Methanol 6:1 48 20 96.0 45 600 274.809 [140] 2007
time) at 6 volume replacement kJ/L

Soybean - 450 ml* KOH 0.5 Methanol 6:1 45 30 99.0 611 139 556 kJ/L [141] 2009

Palm - 250 ml* SrO 3.0 Methanol 9:1 65 60 95.2 20 100 - [142] 2010

Canola Continuous flow reactor at 8§ L/min - KOH 0.7 Methanol 5:1 35 50 99.0 20 2,000 - [143] 2010

WCO Ultrasonic water bath (50% duty cycle) with - Novazym 10 Dimethyl 6:1 60 240 86.61 25 200 - [144] 2013
static mixer at 100 rpm 435 carbonate

WCO Continuous flow reactor (50 ml/min) - KOH 1.0 Methanol 6:1 45 - 91.6 24 102.8 1243 kJ/L [145] 2015

WCO Ultrasonic horn submerged (2 cm), 60% duty - Lipase 3.0 Methyl 9:1 40 180 96.1 20 80 - [146] 2016
cycle enzyme Acetate

Canola Probe diameter at 3.5 cm with 150 rpm shaker - Lipase 0.23 Methanol 5:1 - 90 99.0° 20 40 2 W/em® [147] 2017

oil agitation enzyme

2Volume of total reactants.

b Conversion of feedstock oil.
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Mahamuni and Adewuyi [141] have studied the use of a multifrequency ultrasonic reactor, which
operates at frequencies of 323 kHz, 581 kHz, 611 kHz, and 1300 kHz, and power input settings of
13 to 223 W. At the optimum frequency, an increase in input power generally raises the final
biodiesel yield, albeit with diminishing improvements. Increased frequency reduces the critical size
of the cavities, hence also decreases the imploding interval of the cavities. [141]. Additionally, the
use of higher frequency also promotes smaller cavitation bubbles with increased transport activities.
Similarly, as cavitation bubbles reduces in size, the energy released locally during cavities implosion
are further reduced, limiting significant reactions to some extent. Therefore, there is an optimum
point between operating frequency of ultrasound and rate of bubble cavities collapsing, for maximum
reaction rates. It was also proposed that the 611 kHz and 139 W frequency-power combination form
the optimum parameters for maximum possible micro-level mixing. As such, increasing operating
frequency has positive effects on reaction kinetics as it leads to a decrease in overall volume and

implosion time of bubbles.

According to Ji et al. [139], low frequency operation at 19.7 kHz is implemented to achieve a faster
reaction rates and higher biodiesel yield. The factors affecting biodiesel yield are in the ascending
order of oil to alcohol molar ratio, temperature, pulse frequency, and power. At the power output of
200 W, biodiesel yield is reduced due to formation of bubble mass from methanol gasification. This
layer of bubble hinders the transesterification process at the liquid-liquid interface of oil and
methanol, hence reducing mass transfer and kinetic rate. This shows that higher power output does
not always lead to enhanced reaction, hence the degree of emulsification is more important to define

the reaction rates when utilising acoustic cavitation.

In a study from Mostafaei et al. [145], probe diameter, ultrasonic amplitude, vibration pulse, and
irradiation distance were extensively studied. Flow patterns of ultrasound in the reactor can be
associated with probe diameters, where larger probe leads to higher reaction rate. Whereas smaller
probe can have higher intensity concentrated at the tip area, resulting in an inhomogeneous ultrasonic
field. The amplitude and pulse have similar roles in affecting the energy input to the reaction medium.
An increase in amplitude is followed by increasing ultrasonic power, then reaction enhancement.
However, overcommitting with high power induces secondary reaction of biodiesel, further cracking
it into fractions of shorter-chained organic compound, and oxidising the biodiesel into ketones and
aldehydes. Figure 2-13 summarises the effects of increasing frequency and power operation in

ultrasonic chemical reactor.
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Figure 2-13. Effects of increasing frequency and power operation in ultrasonic cavitation reactor.

Ultrasonic-induced cavitation can be also integrated into a continuous transesterification system to
efficiently produce biodiesel. The implementation of continuously-synthesised biodiesel can achieve
greater energy efficiency and reduce processing cost for the transesterification process, hence it is
more economically feasible for larger scale production. In a work by Stavarache et al. [140], an
ultrasonic reactor with a working volume of 2.62 litre is used to produce biodiesel continuously from
RBD palm oil, with a biodiesel yield up to 95% as compared to a larger working volume of 6.35 litre,
which achieves less than 90% yield. The ultrasonic reactor was operated at a frequency of 45 kHz
and a maximum power of 600 W. Residence time is defined as the time spent by reactants in
ultrasonic irradiation, and are tested at a total residence time of 10, 20, and 30 minutes. On the
occasion of 30 minutes residence time, biodiesel yield reduces, which is counter-intuitive, possibly
due to the accumulation of glycerol layer at bottom of reactor trapping the methanol in glycerol phase.
This essentially reduces the effective molar ratio since the reactor has a bottom to top configured

outlet.

Mostafaei et al. [145] utilises waste cooking oil to produce biodiesel continuously with an ultrasonic
reactor. The waste cooking oil is first pretreated as the excess FFA and water content in the oil can
reduce the efficacy of transesterification process. Micro-emulsion can be achieved by using the
ultrasonic to cause micro-streaming, which is a rapid oscillatory of fluid motion to provide intense
micro-level mixing in the reactants for enhanced biodiesel conversion. Regression model was used
to optimise the continuous reactor, leading to an optimised operating condition of 50 ml/min flow
rate, irradiation distance of 75 mm, probe diameter of 28 mm, vibration pulse at 62%, and ultrasonic
amplitude of 56%. The biodiesel yield converges to 91.12% experimentally, which concurs with the
model prediction of 91.6%. Figure 2-14 shows the schematic of an ultrasonic-assisted reactor for

continuous biodiesel production. In the reported experiment, the optimised flow rate is relatively
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high when compared with the reactor’s working volume of 350 ml, hence the accumulation of

glycerol phase is negligible.
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Figure 2-14. Schematic diagram of experimental setup for ultrasonic assisted continuous biodiesel

production [145].

2.4.3.2 Hydrodynamic

According to Bernoulli’s effect, an incompressible fluid undergoes velocity variation in a
constriction, the pressure will also change conversely to obey the energy conservation principle of
flowing fluids [148]. The Bernoulli’s effect allows the fluid in the chemical reactor to achieve
vapour pressure as it accelerates through these constrictions, creating a local boiling effect which
aids in agitating the mixture as a whole, often known as hydrodynamic cavitation [149].
Hydrodynamic cavitation reactor has similar underlying principle of operation when compared
with its sonificator reactors counterpart, where both reactor utilises the formation, growth, and
implosion of cavity bubbles to achieve high intensity of micro-emulsion and high level of micro-
mixing in multiphase reactants [150]. However, hydrodynamic reactors are often packaged as a
static mixing reactor. Mixture of reactants are allowed to flow through a series of orifices, valves,
or throttles in an open or closed-loop system to achieve uniform mixing of contents through the
manipulation of pressure difference. Table 2-12 shows the cavitation reactors that are used for

biodiesel production.
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Table 2-12. Hydrodynamic cavitation reactor for biodiesel production.

Feedstock Reacting parameters Operating pressure Catalyst Loading Alcohol Alcohol to oil Temperature Reaction time Yield Cavitational yield Ref. Year
(MPa) (wt. %) molar ratio °C) (min) (wt. %) (mg/J)

Soybean Single orifice with 1,000g oil 0.7 KOH 1.0 Methanol 6:1 45 60 97.0 2.58* [139] 2006
Sunflower and  Single orifice plate - H,SO4 1.0 Methanol 10:1 28 90 92.0° 0.17 [151] 2008
palm

Thumba Orifice plate - NaOH 1.0 Methanol 4.5:1 45-55 30 80.0 - [152] 2010
WCO Single 10 mm orifice 0.3 KOH 1.0 Methanol 6:1 60 60 95.0 1.28 [153] 2013
WCO Single slit venturi 0.3 Potassium 1.0 Methyl 12:1 <57.1¢ 60 89.2 1.22 [154] 2014

methoxide acetate
WCO Plate with 21 hole at Imm 0.2 KOH 1.0 Methanol 6:1 60 15 98.1 1.25 [155] 2015

diameter each

Rubber seed Plate with 21 hole at 1mm 0.3 KOH 1.0 Methanol 6:1 55 18 97.0 091 [156] 2016

diameter each

# Calculated values, where soybean methyl ester molecular weight is assumed as 292.2 g/mol.
® Yield in percentage of mol.

¢ Below boiling point of methyl acetate.
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Cavitation number (Ca) is a dimensionless number used in hydraulic devices and flow systems. It
characterises the potential of flow cavitation by drawing relationship between the difference of a
local absolute pressure from the vapour pressure and kinetic energy per volume, as shown in Eq.

2-4 below [157].

C _ b= Dy
a= 1'01]2 Eq. 2-4
2

where p is the density of the fluid, p is the local pressure, p,, is the vaporising pressure, and v is the

velocity of the fluid flow.

In a research from Maddikeri ef al. [154], biodiesel intensification is investigated by manipulating
cavitation number using inlet pressure from 1 to 5 bar for the hydrodynamic cavitation reactor. The
effect of inlet pressure on cavitation number using three cavitation devices of varying geometries is
shown in Figure 2-15. It is noticeable that the decrease in cavitation number is associated with the
increase in device inlet pressure, which is likely due to an increase in velocity at the throat of

venture leading to a higher cavitation activity.
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Figure 2-15. Cavitation number produced by different inlet pressure of different cavitation devices

[154].

There are considerable differences in the upstream pressure from 1 to 2 bar in terms of the changes
in cavitation number. However, beyond 3 bar the improvement for individual cavitation devices
reduces. The observation can be justified by choked cavitation, due to mass transfer resistance being
insignificant at a higher flow rate, therefore the inherent reaction kinetics becomes rate limiting [ 120].
Overall, slit venturi has the lowest cavitation numbers as compared to orifice and circular venture,

as it has the highest volumetric flow rate resulting in a greater mass transfer across the constriction.
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As such, the frequency of cavitation increases. The power dissipation from hydrodynamic cavitation

can be measured according to the Eq. 2-5 using pressure drop and volumetric flow [154].

Py = AP XV, Eq. 2-5

where Pp is the power dissipated into the system in J/s, AP is the pressure drop across the cavitation

device in Pa, and Vj, is the volumetric flow rate through the cavitation device in m*/s.

Slit venturi which has the lowest cavitation number is able to produce the highest power, at
approximately 1.1 times and 1.5 times higher than those of circular venturi and orifice, respectively.
The results for biodiesel yield are also dependent on the power input of the devices, with slit venturi,
circular venturi, and orifice having yields of 89%, 82%, and 64%, respectively. The operating
condition of the hydrodynamic cavitation reactor utilises a catalytic loading of 1 wt. %, at 12:1

alcohol to oil molar ratio, and an inlet pressure of 3 bar.

Cavitational yield is a generalised parameter to enable comparison to be made between cavitational

reactors [151], and equated by,

Amount of methyl ester (g) Eq. 2-6

Cavitational yield =
avitationat yie Energy supplied (])

The equation above provides a measure of efficiency based of the energy supplied from the reactor
and the amount of biodiesel produced. This can also be easily extrapolated to other type of biodiesel

reactors to allow a cross-reactor comparison regardless of reactor category.

Furthermore, Ghayal et al. [153] studied the relationships between operating pressure of a
hydrodynamic cavitation reactor and flow geometries such as hole size, number of holes, and total
perimeter of holes on a orifice plate. This allows the characterisation of the cavitation activities in
biodiesel transesterification using a hydrodynamic reactor. The results show similar trends to that of
Maddikeri et al. [154], where the improvements in cavitation and rate of reaction were observed
when upstream pressure increases. However, increasing pumping liquid flow rate had diminishing
returns in terms of improvement. This work extensively correlates the cavitation effects to flow
geometries of orifice plates, such as the ratio of total perimeter of holes to total flow area on plate, a,
the ratio of hole diameter on orifice to pipe diameter, 5, and the ratio of total flow area on orifice
plate to the cross-sectional flow area of pipe, fy. Higher biodiesel yield is achieved with increasing
values of a, f, By for orifice plates, which are physically represented by greater number of holes and
smaller hole size of the orifice. These flow geometry properties contribute to more cavity generating
spots, allowing greater shear layer area to exist, hence mass transfer is further enhanced through

better emulsification of multiphase reactants.
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Chuah et al. [155] utilised an optimised orifice plate to demonstrate large scale biodiesel
transesterification via a hydrodynamic cavitation system with a 50 litre capacity. The reactor is

assisted by a double diaphragm pump in their pilot biodiesel plant as shown in Figure 2-16.
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Figure 2-16. Schematic of a 50 L capacity hydrodynamic cavitation reactor for biodiesel
production, and hydrodynamic cavitation devices (a) slit venturi, (b) circular venturi,

and (c) orifice plate [154,155].

Waste cooking oil is used as the feedstock of choice because of its low cost and abundance in
availability. The optimised operating parameters of the biodiesel plant was able to produce biodiesel
of more than 96.5% yield in 15 minutes of reaction time. Thus, the biodiesel produced complies with
the minimum yield criteria of the international biodiesel standards of American standards, ASTM D
6751 and British standards, EN 14214. Effects of methanol to oil molar ratio were investigated from
4:1 to 7:1, where only the 6:1 and 7:1 ratio resulted in achieving high biodiesel yields. Molar ratio
with lower level of methanol is insufficient when diffusion of methanol into glycerol layer is taken

into account. In contrast, high methanol to oil molar ratio level also decreases conversion slightly, as
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the dilution of oil with methanol occurs. The study with catalyst loading of 1.0 wt. % performs better
as compared to 1.25 wt. %, where the latter was observed to promote saponification reaction to form
soap, contributing to biodiesel conversion inefficiency. Besides, operating temperatures of 50 °C and
65 °C are optimal for biodiesel transesterification in a hydrodynamic cavitation reactor, since higher
temperature promotes solubility between oil and methanol, increasing the interfacial contact surface

of two reactants, for better mass transfer [158].

However, there are limited amount of studies in continuous biodiesel production using a
hydrodynamic cavitation reactor, with an open-loop flow system. Most of the setup is based on a
closed-loop recirculation of reactants via a pump, through constriction devices to induce cavitation
over certain amount of time. The biggest issue of hydrodynamic cavitation is the static mixing of
reactants, which requires a significant amount of pressure differences, usually above 1 bar upstream
pressure for the inlet cavitation device [153,154,156]. This allows the fluid to reach a desired velocity
change, hence achieving vaporising pressure for the cavitation process to take place. Therefore, as
the volumetric flow increases, closed-loop systems are favourable as they take up less space.
Continuous hydrodynamic reactor for biodiesel transesterification is viable by implementing a series
of constriction devices to increase the cavitation zone. Subsequently, the down-scaling of reactor’s

total capacity is recommended to compensate for the long flow pathway of an open-loop system.

2.4.4 Microwave reactor

Microwaves are in fact not micro in size, instead, they have wavelengths ranging from millimetre to
meter scale. The common frequencies of a microwave are between 300 MHz (100 cm) and 300 GHz
(0.1 cm) [159]. In the electromagnetic spectrum, microwave is situated between infrared and radio
wavelength, hence it is a considerably large wave as compared to other type of electromagnetic

radiation.

The main application of microwaves is the generation of heat, often in household microwave oven
operating at 2.45 GHz specifically to avoid interference with telecommunications. Fundamentally,
the microwave produced by a magnetron, is carrying both electric and electromagnetic fields that are
directly perpendicular, and travelling at the speed of light. The fields interact with dielectrics such as
polar molecules and ions, to continuously realign them along the field’s direction of propagation.
Heat energy is then generated from the rapid oscillation of rotating polar molecules with its
surrounding molecule via frictional forces. Large ions can also contribute to the heating of liquid
media when the electric field changes in direction, as a result of kinetic energy dissipation in the
form of heat [160]. Microwave irradiation heating is more efficient as compared to conventional
conduction and convection within material as it does not depend on the material properties, such as

thermal conductivity, specific heat capacity, and density of material [161].
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Biodiesel transesterification reaction involves reactions such as lipids and alcohol which are good
microwave absorbers as they contain high level of dielectrics. Thus, microwave-assisted
transesterification allows reaction intensification using alternative heating method, rather than the
less efficient conduction from water bath or heating element. Table 2-13 tabulates the microwave

reactors that are used for biodiesel production from different studies.
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Table 2-13. Microwave reactor for biodiesel production and their respective operating conditions.

Feedstock Reacting parameters Catalyst Loading Alcohol  Alcohol to 0il Temperature Reaction Power Yield Energy Ref. Year
(wt. %) molar ratio °C) time (min) output (wt. %) efficiency
W)
WCO Continuous microwave reactor at 7.2 L/min KOH 1.0 Methanol 6:1 50 4.5 1600 94.6 26 kJ/L [162] 2007
WCO Continuous microwave reactor mixed via T- NaOH 3.0 Methanol 12:1 78 0.5 800 97.0 748 Wh/L [163] 2008
junction
Soybean Batch microwave reactor with magnetic stirrer KOH 1.0 1- 6:1 120 1.0 1600 93.0 - [164] 2008
using 1L of oil Butanol
Castor Microwave reactor with static mixing at 600 rpm H,SO./C 5.0 Methanol 12:1 65 60 200 94.0 - [165] 2009

using 20 g of oil

Yellow horn seed Microwave batch reactor with 10 g of oil H,SO4 1.0 Methanol 20:1 90 30 500 95.2 - [166] 2010
Yellow horn seed Microwave batch reactor with 10 g of oil Heteropolyacid 1.0 Methanol 12:1 60 10 500 96.2 - [166] 2010
(Cs25Ho.sPW12040)
Dry algae Dry algae biomass of 2g, simultaneous lipid KOH 2.0 Methanol 12:1 60-64 4-5 400 80.13 - [167] 2011
(Nannochloropsis) extraction and transesterification via microwave
irradiation
Jatropha curcas Continuous recycling flow in microwave reactor at CaO 3.17 Methanol 8.42:1 60 67.9 800 97.1 - [168] 2013
8 ml/min
Palm - CH;0Na 0.75 Methanol 6:1 - 3 750 99.5 - [169] 2014
WCO Microwave and static mixer at 300 rpm with total KOH 1.0 Methanol 6:1 60 8 300 91.3 - [170] 2014

reactant volume of 80 ml.
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Palm Reactant premixed by static stirrer, then feed into NaOH 1.0 Methanol 12:1 70 1.75 400 99.4 0.1167 [171] 2015

microwave reactor continuously kWh/L
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Although microwave can heat up reactant rapidly, it is only restricted to a small volume of fluid due
to the limited penetrating depth of microwave. According to Grant and Halstead [172], penetrating
depth is a function of reactant’s temperature. For example, microwaves have a penetration depth of
0.76 cm in methanol at 20 °C, and 1.4 cm at 60 °C. Therefore, external agitation or stirring is still
required for uniform heating of the bulk fluid. Thus, the scaling ability of microwave-assisted

transesterification is fairly poor as compared to other processing techniques.

Nevertheless, many research have claimed that high biodiesel yields can be obtained in a short
amount of time, through the use of microwave irradiation. Lin et al. [169] reported that microwave
heating system was used to improve the palm biodiesel’s yield. The microwave reactor can
simultaneously reduce both reaction time and energy consumption of biodiesel production, as
compared to conventional heating system. When the process is optimised, a 99.5% biodiesel yield
was achievable in 3 minutes through microwave irradiation at total energy consumption of 486 kJ,
combined with mechanical stirring from a magnetic stirrer. This represents up to a total of 30 times
reduction in reaction time and 22 times reduction in total energy consumption, when compared with
conventional heating which uses energy in the range from 3,000 kJ to 11,000 kJ. Besides, using a
higher methanol to oil molar ratio decreases the biodiesel yield, which is due to the dilution of heat
dissipation from the microwaves, since methanol is a better microwave absorber as compared to oil.
The optimised operating parameter runs on 750 W microwave power output, with 6:1 methanol to

oil molar ratio, using a ChsONa catalyst loading of 0.75 wt. %.

In a research conducted by Mazubert et al. [170], the reaction temperature was monitored via fibre
optic probe in the reaction medium directly to ensure accuracy of measurements. Typically,
temperature measurement methodologies such as thermometers and thermocouples are implemented
in microwave reactors with poor choices of probing locations, hence leading to false interpretation
of the reactor’s conditions. Active feedback is used to control the microwave power as temperature
is monitored with the probe, in order to heat up the reactants to desired set point. The experiments
were repeated with an infrared temperature sensor, where underestimation of 10 to 20 °C in
temperature was observed as compared to the fibre optic sensor. The discrepancy from the infrared
sensor will affect the transesterification kinetics representation from the results. This meant that
thermal heating of microwave irradiation is the main contribution to improvement of reaction rates,
instead of non-thermal microwave effect. The dielectric constant, & characterises how well a
dielectric compound absorbs microwaves and stores energy, while dielectric loss £, represents the
ability of compound to convert absorbed energy into heat [170]. When microwave heating system is
used in biodiesel transesterification, the selection of alcohol is important, as it holds a significant
volume proportion of the mixture. However, the selection of oil is less significant since the dielectric
constant is between the value of 3 and 5 [173]. Alcohol with high dielectric constant and dielectric
loss is favourable since it is a better microwave absorber. In theory, methanol will outperform the

other primary alcohols as a solvent for microwave irradiation as the dielectric constants for methanol,
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ethanol, and propanol are, 32.7, 24.5, and 17.9, respectively [173]. Yuan et al. [165] reported that
the effect of methanol is greater as compared to ethanol for the transesterification process, which
suggest that more energy is transferred into the oil-methanol system. Other researcher such as
Barnard et al. [162], Lertsathapornsuk et al. [163], and Leadbeater et al. [164], have used methanol,
ethanol, and butanol, to obtain biodiesel yield of 99.0%, 97.0%, and 93.0%, respectively.

Microwave heating has good synergy with heterogenecous catalyst, especially those with high
microwave absorption characteristic. Since catalytic effect takes place on the active site of solid
catalyst, reactants adsorb on the external and internal surface which will be acting as microwave hot
spots, promoting rate of reaction for biodiesel transesterification [165]. Yuan et al. [165] used
activated carbon as heterogeneous catalyst carrier, as it has a high volume to surface area and strong
microwave radiation absorbing characteristics. The highly polar sulfuric acid (H2SO4) is also used as
a loading catalyst combined with activated carbon (H.SO4/C). This combination further enhances the
microwave absorption properties. The experiment compares the effect between homogeneous
(H2S04) and heterogeneous (H2SO4/C) type of catalyst, under the heating influence of microwave
irradiation. Sulfuric acid concentration is controlled to be identical for both cases, with the H;SO4/C
reaching reaction equilibrium faster, hence a biodiesel yield of more than 90% is achieved as

compared to 40% when H>SOys is used as catalyst for the same reaction time.

In the recent years, microwave heating has captured more attention in 3™ generation biodiesel
feedstock processing. The high cost of downstream treatments which involves harvesting, drying,
extraction, separation, and transesterification of 3™ generation feedstocks such as microalgae is not
economically favourable for upscale production [174]. Thus, microwave technologies are used in
attempts to (i) provide efficient heating, (ii) reduce number of intermediate process by combining
stages, (iii) provide better extraction of lipids from feedstocks. Loong et al. [174] developed a one-
step transesterification using simultaneous cooling and microwave heating (SCMH), where cell
disruption and transesterification of wet microalgae (Nannochloropsis sp.) was performed
simultaneously in a single step. The mixture of concentrated microalgae (20% water content) and
methanol with sodium hydroxide catalyst was added to the reactor, which was first cooled at 15 °C
with a chiller. Conventional microwave workstation was then used to control the microwave power
output to 800 W, at 50 °C for 10 minutes. The one-step SCMH was able to achieve a 75.0% biodiesel
production level, as compared to water bath heating of 13.46%, and one-step microwave heating of
15.39%. The cooling stage promotes the microwave absorption properties of molecules, hence
improving the penetration of microwave irradiation, subsequently promoting the microalgae lipid

extraction and transesterification yield.
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Continuous flow microwave reactor system for biodiesel production are also reviewed as reported
by Choedkiatsakul et al. [171]. Commercially available microwave system can streamline the reactor
setup and design. However, the size of these systems still restricts the biodiesel production to be
performed within laboratory scale. The Figure 2-17 shows the configuration of the continuous
biodiesel production microwave system. The use of thin coiled tubing in the microwave system is
advantageous for the efficient transfer of energy. Since there is no mechanical stirrer in a continuous
microwave system, homogeneous heating can only be done via full penetration of microwave to
reactants. The microwave system is able to achieve a biodiesel yield of 99.4%, in 105 seconds of
residence time. The operating conditions entail a methanol to oil ratio of 12:1, a NaOH catalyst
loading of 1.0 wt. %, under a microwave power output of 400 W at 70 °C reacting temperature. The
measured energy consumption using the system is 0.1167 kWh/L, which is half of the requirement

for conventional heating process.
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Figure 2-17. Schematic of continuous flow microwave reactor for biodiesel production. Adapted

from [171].
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245 Cosolvent-assisted transesterification

Cosolvent is usually a secondary solvent used in a reaction that does not react with the primary
solvent and be involved in the primary reaction pathway. Instead, the use of a cosolvent is to amplify
the magnitude of effectiveness in trace quantities, prior to the primary solvent. In the context of
biodiesel transesterification, the cosolvent used for the process should be inert towards the reaction

of transesterification, hence does not cause inactivation of the catalyst [5].

Biodiesel transesterification uses oil, which mainly consists of triglycerides that are nonpolar and
hydrophobic. The oil is used to react with alcohol which is polar and hydrophilic, hence using the
analogy of ‘like dissolve like’, oil and alcohol are immiscible in nature. Therefore, when oil and
alcohol are mixed together, the transesterification process only occurs on the contact surfaces of oil

and alcohol, resulting in the formation of a two-phase system.

The cosolvent used for biodiesel production should be soluble in both fluids, acting as an interface
solvent between oil and alcohol. This encourages the formation of a single-phase system. Biodiesel
transesterification has been proven to achieve higher yield by using cosolvent such as Acetone (ACT),
Tetrahydrofuran (THF), diethyl ether (DEE), and FAME [175—177]. The solubility of some solvents
and organic solvents are compared with transesterification compound, shown in Table 2-14, while
biodiesel transesterification yield through different alcohol and base type catalyst loading are shown

in Table 2-15.
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Table 2-14. Dissolution of reactants and products in organic solvents at 20 °C [178].

Solvents Organic Solvents

Compounds H>O CH;OH ACT THF IPA AN DEE FAME

Triglycerides X X © © 6 X 0 ©

FAME X X © © © © © O

Glycerol © © X X © X X X

CH;OH © © © © 0 0 0 X

Oleic acid® X © © © 0 X 0 ©

Stearic acid® X X X © X X X X

Soap © © © © © A A A
©: Miscible

A: Partially miscible

X: Immiscible

®Melting points of oleic acid is 16.3 °C.
“Melting points of stearic acid is 69.9 °C.

Organic solvent used: Methanol (CH3OH), Acetone (ACT), Tetrahydrofuran (THF), Isopropyl
alcohol (IPA), Acetonitrile (AN), Diethyl ether (DEE), Fatty acid methyl ester (FAME).
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Table 2-15. Biodiesel transesterification yield through different alcohol and base type catalyst

loading [179].
Catalyst Catalyst Biodiesel yield (%)
Loading Methanol Ethanol Isopropanol Butanol
(%)
Time (min) Time (min)  Time (min) Time (min)

10 20 40 60 10 20 60 10 20 60 20 40 =>60

NaOH 0.5 - - - 8 - 79 - 78 - - - - 83
1.0 91 - - - - 40 - 47 - - - 90 -
1.5 35 - - - 47 - - 79 - - 8 - -
KOH 0.5 - - - 8 - 5 - 16 - - - - 9]
1.0 - - 8 - - 57 - 60 - - - 9 -
1.5 - 8 - - 44 - - 29 - - 97 - -

Table 2-16 summarises the cosolvent-assisted biodiesel transesterification studies. Alhassan et al.
[177] demonstrated the production of biodiesel from cotton seed oil by using commercially available
cosolvent such as, DEE, Dichlorobenzene (CBN), and ACT, to produce a cosolvent system with
mixtures of methanol at different levels of concentration. Under the reaction temperature of 60 °C,
methanol to oil molar ratio of 6:1, and catalyst concentration of 0.75%, the biodiesel yield achieved
exceeded 90% conversion in the first 10 minutes with 10 vol. % cosolvent, as compared to non-
cosolvent transesterification observed at below 70% yield. The experimental results suggest that the
reaction proceeds as soon as phase equilibrium between solvent and oil established in the first few
minutes. All of the different cosolvent systems produce at least 90% biodiesel yield performance in
the first 10 minutes except for DEE which resulted lower yield. The findings also agree to the results
reported by Luu et al. [175], where non-solvent system has a slower reaction rate. This is reflected
by a maximum difference of 15% biodiesel yield at the 100" minute point of the transesterification
process (<100 min), as compared to cosolvent used such as Diethyl Ketone, Ethyl Methyl Ketone,
AN, and Ethyl Acetate.
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Table 2-16. Cosolvent-assisted biodiesel production process and their respective operating conditions.

Feedstock Reacting parameters Cosolvent Cosolvent Catalyst Catalyst Alcohol  Alcohol to oil Temperature Reaction time Yield Ref. Year
loading loading molar ratio (°0) (min) (wt. %)
(wt. %) (wt. %)
Soybean Tetrahydrofuran to methanol volume Tetrahydrofuran 38.4 NaOH/ 1.0 Methanol 6:1 20 10 87° [180] 1996
ratio of 1.6
Corn Cosolvent pressurised at 500 kPa, Dimethyl ether 0.57* p- 4.0 Methanol 6:1 80 120 97.1 [181] 2009
reactor in oil bath and shaker with 2.6 toluenesulfonic
Hz shaking speed. acid
WCO, Canola, Acetone premixed with 40g of oil by Acetone 25 KOH 1.0 Methanol 4.5:1 25 30 98.1°98.3¢, [176] 2013
Catfish, Jatropha magnetic stirrer until homogeneous 97.0%, 97.9¢
curcas before transesterification
Jatropha curcas Acetone premixed with 30g of oil Acetone 20 KOH 1.0 Methanol 6:1 40 30 99.0 [175] 2014
Cotton seed Magnetic stirring at 350 rpm Dichlorobenzene 10¢ KOH 0.75 Methanol 6:1 55 10 96.85 [177] 2014

and Acetone

Microalgae Wet algae of 0.75 g reacted in sealed Ethyl acetate 6.67° H,SO4 4.06 M Ethyl 6.67" 114 120 97.8 [182] 2017
tube with no agitation. acetate
Linseed Linseed in-situ transesterification at 700 Tetrahydrofuran 30 KOH 6.8 Methanol 10:1# 40 90 93.15 [183] 2018

rpm agitation rate

* DME to methanol ratio.
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® Estimation from results.

¢ Yield are according in the order of feedstocks; Catfish oil’s reaction temperature at 35 °C.
4 Cosolvent loading in percentage of volume (vol. %).

¢ Cosolvent loading in ml/g.

6.67 ml Ethyl acetate per gram of dried algae.

¢ Alcohol to oil molar ratio in percentage of weight (wt. %).
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Another study from Maeda et al. showed that biodiesel can be produced using a milder reaction
condition when homogeneous cosolvent system is implemented, as lower energy consumption is
required [178]. The transesterification process of canola, cat fish, Jatropha curcas oil was studied,
at a pilot plant scale of 300 L/batch capacity with the operating conditions of 4.5:1 methanol to oil
molar ratio, a KOH catalyst loading of 0.5 wt. %, and a reaction temperature of 25 °C. Effects of
cosolvent was also studied using various cosolvent such as, ACT, Isopropyl alcohol, THF, and AN
at cosolvent to oil ratio of 25 wt. %. Biodiesel yield above 90% was achieved with the homogeneous
system within 10 minutes of reaction time, while heterogeneous system without cosolvent barely
reaching 70% biodiesel yield. The use of cosolvent allows reduction in methanol, temperature, and
catalyst loading as compared to a conventional transesterification process, which is likely due to

enhanced mass transfer led by the molecular scale reaction [178].

Furthermore, the separation time of glycerol from biodiesel production is also extensively studied by
Thanh et al. [176]. It was observed that after a 60-minute transesterification, the glycerol separation
times require 37, 30, and 50 minutes using acetone at 20, 25, 30 wt. % of oil, respectively. However,
without cosolvent the phase separation requires a significant longer time of 4 hours. The addition of
cosolvent allows to increase (i) the difference in specific gravity and (ii) difference in relative
viscosity between the two phases [178]. As aresult, glycerol can be separated from the reacted system
and precipitated within minute scale, because of the large differences in specific gravity and similar
viscosities between the two components. For the case of using acetone concentration at 30 wt. %, the
increase in phase separation time can be pointed towards the relationship between the relative
concentrations of glycerol and methanol to the overall mixture. When the acetone concentration
increases, the relative proportion of excess methanol-glycerol decreases in the overall system, hence

they will be less likely to merge and form a single phase that separates from the biodiesel layer.

The specific gravities and viscosities of FAME and potential cosolvent for transesterification are
tabulated in Table 2-17, with the FAME-isopropanol system separating the fastest and dimethyl ether

the slowest for glycerol.
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Table 2-17. Specific density, relative viscosity, and yield of FAME with cosolvent via mixing ratio

of 2:1 ratio wt. % at 15 °C [178].

Mixture Density (g.cm-) Relative viscosity® Biodiesel yield” (%)
Water 1.0000 1.000 -
FAME + isopropanol 0.8456 4.130 99
FAME + tetrahydrofuran 0.8797 2.630 93
FAME + acetonitrile 0.8311 2.020 90
FAME + acetone 0.8395 1.830 99
FAME + dimethyl ether 0.8202 1.690 93
FAME 0.8797 0.885 88

2 Relative viscosity to water.

®Based on reaction condition of molar ratio methanol to canola oil, 4.5:1; cosolvent to oil, 25 wt. %.;
KOH catalyst loading, 0.5 wt. %; Temperature, 20 °C; Reaction time, 60 minutes. Yield is an

estimation from data points extracted from graph [178].
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2.5 Trends and perspectives

Biodiesel reactors have also been tailored specifically to tackle the challenges mentioned above. The
amounts of reactor design and biodiesel-related research have shown positive correlations with
respect to the fluctuation of crude oil prices as shown in Figure 2-18. The patent search in Figure
2-18 for biodiesel reactor designs was based on the World Intellectual Property Organization (WIPO)
[184], whereas the published scientific articles related to biodiesel reactors are derived from the

Scopus database [185], this is also represented in Table 2-18.
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Figure 2-18. Crude oil prices, biodiesel research articles and patents for years 2000-2018.
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Table 2-18. Sum of biodiesel reactor patent from the year 2000 to 2018, sourced from WIPO [184].

Sum of Patent Year 20

Countries 00 01 02 03 04 05 06 07 08 09 10 11 12 13 14 15 16 17 18 Grand Total
Australia 2112411 6 7 10 8 8 7 3 1 4 2 32 73
Bulgaria 1 1 1 3
Canada 1 1 1 45 14 1411 9 13 6 2 3 3 2 5 94
China 1 2 210 58 68 84 69 76 69 32 99 66 86 80 2 804
Denmark 1P 1 1 1 3 2 2 1 12
Egypt 1 1 2
France 1 1 1 3
Germany 1 3 2 2 1 1 10
India 32 7 13 16 9 16 16 13 12 6 6 7 8 134
Indonesia 1 1 1 1 4
Israel 11 1 1 4
Japan 12 4 9 8 7 5 5 4 1 1 2 49
Malaysia 1 131 7 9 7 9 9 7 5 3 4 3 4 73
Mexico 1 22 1 7 10 9 13 6 5 5 2 1 6 6 76
Portugal 1 2 1 1 5
Republic of Korea 9 9 5 14 13 4 7 18 11 10 4 2 5 111
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Romania

Russian Federation
Singapore

South Africa

Spain

Tunisia

United Kingdom
United States
Patent Offices *
Grand Total

2 3 2 2
1 1 1 2

1 1 2 1
1 1 2
1
11 2 2 3 1

1 1 1 5 41318 26 26 47 50 48 29
1 2 6 31120 46 67 65 65 66 47
4 3 61519 43 72 183 232 285 256 267 209

27
36

1
43
39

1
21
19

19
18

160 227 142 148

9 6
11 14
133 50

21

14

13
394
536

2454

*Collection of patents from European Patent Office and Patent Cooperation Treaty.
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The number of scientific literatures covering the period of January 2000 to December 2018 for this
particular topic was 2325, while the total number of patents filed from the year 2000 to 2018 was
2454. The WTI and Brent crude oil price data was compiled from the U.S. Energy Information
Administration [186], while the Dubai crude oil price for the same period was source from World

Bank Open Data [187].

From Figure 2-18, it is observable that the average WTI, Brent and Dubai crude oil prices directly
influence both the patents filed and scientific articles published, as the latter two clearly lag behind
the fluctuation trends of crude oil prices. The grey shaded area represents the Great Recession which
has led to a diminishing demand for energy between December 2007 and June 2009, causing the
crude oil prices to collapse. From it, crude oil prices have fallen more than 36% over a year, followed
by the declination of biodiesel-related patents by 10% and 16% in 2010 and 2012, respectively.
Similarly, biodiesel-related research fell by 16% in 2012, which corresponds to a lag of 3 years from
the effect of the Great Recession. Thus, the series of cascading effects from the global economic
downturn show that scientific studies are less responsive to the fluctuation of crude oil economies in
terms of time, as compared to patent work. Another noticeable trend between the years 2014-2016
was observed, when the average crude oil prices fell by approximately 50% of its price in 2014, due
to a combination of factors. This is due to the increase of supply from new sources, such as shale oil
and shale gas, in addition to oil producers maintaining the level of crude oil production. At the same
time, the decrease in growth rate causes a shrink in global demand of energy, which led to a global
overproduction of crude oil. Thus, biodiesel-related technologies have plummeted immediately in
tandem with crude oil prices, while the numbers of research articles remain at a steady output. Current
research approaches towards biodiesel production still heavily relies on the usage of catalyst and type
of biodiesel reactor. According to Chuah et al. [55], new and cleaner biodiesel intensification
technologies are in demand, which should be more environmental friendly from an operating

condition perspective while maintaining high yield.

Thus, the purpose of this section is to critically review the development of current biodiesel
production technologies and also to study the trend of emerging techniques for biodiesel
intensification such as continuous stirred tank, microchannel, cavitation, microwave, and cosolvent
while assessing the novelty and maturity of these technologies. The techno-economical perspective
of biodiesel production on a global level is also addressed to highlight several high potential biodiesel
producing country. Besides, a comprehensive analysis of biodiesel standards variations is also

discussed to elucidate the differences of specifications from the major biodiesel producing countries.
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2.5.1 Techno-economic analysis

The current biodiesel production volume as shown in Figure 2-19 illustrates that there are only a few
countries that contribute more than a billion litres of biodiesel volume production annually, such as
United States of America (USA), Brazil, Argentina, Germany, France, Spain, Poland, Indonesia,
Thailand and China. The cumulative production of the aforementioned countries are 25.6 billion

litres, equivalent to 74.8% of the total world production.

Figure 2-19. Worldwide leading biodiesel production in 2017, by continent (in billion litres).

The versatility of biodiesel feedstock allows many other countries across the continent to yield great
potential for larger volume of biodiesel production. Thus, a data-driven predictive model was used
to estimate the maximum biodiesel production volume of 155 countries as shown in Figure 2-20
[173]. The model is supported with primary sources of data obtained from the Food and Agriculture
Organization of the United Nations Statistics Division [174], Index Mundi [175] and US Energy
Information Administration [176]. In addition to the previously mentioned country, eight other
countries such as, Malaysia, Ukraine, Canada, Netherlands, Russia, Belgium, Philippines, and
Colombia have immense potential for biodiesel production volume exceeding a billion litres
annually. The Southeast Asian nations such as Malaysia and Indonesia have the capacity to produce

up to 16.3 and 30.3 billion litres of biodiesel per year, due to the excess availability of palm feedstock.
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Figure 2-20. Maximum biodiesel production volume (in billion litres).

Figure 2-20 shows the maximum biodiesel blend levels that is achievable for the 155 countries, with
respect to their level of diesel consumption. It is indicated that biodiesel can potentially replace all
the diesel fuel consumption (B100) for only one country, namely, Malaysia, provided that the
economic climate is viable for biodiesel production. There are other countries situated between the
red and black lines in Figure 2-21 that have the potential to implement B10 to B100, while countries
suitable for B1 to B10 blends are in between the black and blue lines, and countries not having

potential above B1 are below the blue line.
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Figure 2-21. Maximum biodiesel blend levels achievable for each country.

There are 25,41, and 23 countries that are able to volumetrically replace 10-100%, 1-10% and below
1% biodiesel blend in diesel, respectively. The large volume of diesel consumption in countries such
as China, Indonesia, and Japan have made it less feasible for their economies to implement a higher

blending ratio of biodiesel solely with the locally available feedstock.
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2.6 Conclusion

The prevailing batch-type reactor is used as a benchmark against other types of biodiesel processing
reactors. However, the comparison made is often unfair as the biodiesel yield and reaction time are
the only factors to be compared. As such, other more important factors such as the processing
capacity, energy efficiency, and scalability of technology have to be taken into consideration for a
holistic comparison. In terms of the stirred-tank reactor, many reactors are designed to achieve
homogeneous reactants via various methods of agitation. However, there are no well-defined
approaches to measure the homogeneity of reactants throughout the transesterification process, as
well as how the effect of agitation interacts with the other operating conditions. Furthermore, the
limitations from the effect of agitation are also not addressed in different stage of transesterification,
which is important to provide insights on the approach of optimising reactor. Therefore, an
appropriate framework is required to define the range of operating conditions in a biodiesel reactor,
where the significance of each parameter can be evaluated. There are research gaps in the study of
kinetic model of batch type reactors, which are often limited to second-order kinetics mechanism,
and does not include the kinetic rates for the intermediate reactions such as diglycerides and
monoglycerides conversion. Additionally, mass transport mechanisms are not discussed extensively
to provide the mass transfer coefficient which is important to provide a point of comparison for

biodiesel reactors.

For microchannel reactor, the conventional flow production is inefficient due to the nature of the two
phase behavior between oil and alcohol, which reduces their miscibility during the initialisation of
transesterification reaction. Both the droplet and pulsating approaches in microreactor have proven
to increase yield due to the enhanced surface to volume ratio. However, the physical flow pattern of
the reactor is significant to the formation of biodiesel, as the contact surface between the liquid-liquid
interface of methanol and oil defines the interfacial area for mass transfer. Thus, there is a research
gap in the optical study of the droplets formation and interaction in microchannel reactor, which is
important to characterise the physicochemical performance of the reactor. Similarly, the research
gaps in kinetic models of microchannel reactor are often not integrated with its mass transport
mechanism, to enable a like-to-like comparison with batch type reactor such that the advantage and
disadvantage can be identified. There are also difficulties in studying the transient performance of a
microchannel reactor since it is a continuous reactor, hence many analyses presented by literatures

are based on the final yield point which may be misleading.
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Chapter 3 Transient Transesterification for Palm

Methyl Ester in a Stirred-Tank Reactor

3.1 Introduction

In this chapter, transesterification of palm methyl ester is processed through a conventional stirred
tank reactor. Two main objectives were accomplished: 1) to identify the limiting stages involved in
transesterification from transient to steady-state for traditional stirred-tank reactor; 2) to set a
comparable benchmark for the reactor’s operating condition with the biodiesel yield using a novel
Pareto-Hierarchical Framework. The reaction kinetics of the batch-type reactor using the outputs
from the designed framework was also conducted. The section explains the individual reaction
parameters when operated under different stages during the transesterification process using a

quantitative and qualitative approach.

Over the years, numerous studies on batch type biodiesel processing have been conducted [188,189].
The prevailing process of alkali transesterification has its limitations and inefficiency [190,191], and
are susceptible to forming undesirable by-product such as soap, in the presence of free fatty acid
within the lipid [188]. However, alkali transesterification is relatively faster than its acid counterpart
with higher conversion [192] and can catalyse reaction at a lower operating temperature under
atmospheric pressure [188]. Therefore, research has been conducted to compensate for the
shortcomings of transesterification, from alternative catalyst [192], heterogeneous mixed oxide
catalysts [193], miscibility improvement with cosolvent [194], to replacing the agitation process
through different chemical reactor [195-197]. Previous research has not explicitly addressed the
main problem of alkali transesterification in a batch reactor, to further optimise and improve upon

the technique.

The selection of batch type reactor is due to it being the most generic type of processing technique
in the biodiesel production industry, where many have to use it to represent the baseline when making
a comparison with, Kouzu et al. [198] using a continuous stirred-tank reactor, Yasvanthrajan et al.
[119] investigating microchannel reactors, and Chueluecha et al. [128] using packed-microchannel.
Also, homogeneous alkali-transesterification is considered mainstream biodiesel processing
technique, given that few of the important work during the development of biodiesel
transesterification focuses on alkali conditioned transesterification [199-202]. Most large-scale
biodiesel production has also adopted alkali and batch type processing, as they are widely accessible,

simple to implement, and economically viable [203,204].

Another approach is to capitalise on the technical aspect of the transesterification process, which is

often involved with a set of fixed operating conditions. Through understanding and optimising the
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transesterification profile of the production process, it is possible to translate the methodological

enhancement to benefit the economics of biodiesel [188,205].

Proceeding on this track, the main objective of this experimental study is to provide a methodological
framework using Pareto and hierarchical analyses on the effect of key factors for biodiesel
transesterification, particularly during the transient stages using the Design of Experiments
methodology. Therefore, a four-factor three-level full factorial design is adopted for this
experimental study, incorporating transient sampling intervals covering the initial physical-limiting,
chemical-limiting and equilibrium stages of transesterification, instead of just the conventional
steady-state outcomes. The use of a full factorial design allows screening of the experiments to
determine which experimental variables have a real influence on the experiment results at different
residence time. The orthogonal experiment design also allows like-to-like comparison of results in
the other chapters with different biodiesel reactor using similar operating conditions. Thus, the
analysis aims to establish an analytical guideline by incorporating the traditional final yield point
analysis, with relative significance index across the entire transesterification process to allow like-
to-like comparison. The indexed transesterification timeline is further clustered using supervised and
unsupervised clustering algorithms based on their similarity index. The data and analyses obtained
from this study are critical to support making decisions for operating conditions at a larger-scale

production system, considering optimisation strategy from a technical and economical perspective.
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3.2 Transesterification stages

The first mechanism suggests that the initial biphasic liquid system will eventually become a single-
phase system, due to the FAME produced acting as an interface solvent for oil and methanol
[57,180,206]. Noureddini and Zhu [57] proposed that the initial reaction is mass transfer controlled
and transition into a faster reaction controlled regime due to the high immiscibility combined with a
reaction delay that formed the sigmoidal FAME yield curve. Csernica and Hsu [206], suggested that
the transition from mass transfer control to reaction control does not necessarily cause the sigmoidal
production curve, but is due to a transition from a two-phase system to a single-phase system,

regardless of the rate-limiting step.

However, the second proposed mechanism expects the two immiscible phases to exist throughout
the methanolysis reaction, where the methanol-glycerol-FAME system is heterogeneous [207] and
forms two conjugated three-component solutions. One of the phases consists of FAME-glycerol rich
mixture with less than 2% methanol, while the other consists of a glycerol-methanol rich mixture
with less than 3% FAME. Another study by Chiu et al. [208] on the distribution of methanol and
catalysts between FAME and glycerine phases confirmed that the excess methanol would exist
predominantly in the glycerol-methanol rich phase. Stamenkovi¢ ef al. [209] also supported this
mechanism, explaining the FAME sigmoidal curve via an agitation perspective. The study suggested
an intensive oil droplet breakage mechanism, led by enhancing the interfacial area of reactants
through increased agitation. Thus, phase separation occurs during the reaction phase, leading to a

complex multi-component system of opposing polarity.

This matches the hypothesis for transesterification mechanism, where (i) the initial rate of reaction
is slow due to the immiscibility of the two-phase reactant nature, (ii) the process transitions into a
higher rate of reaction as limiting factor no longer significant. As such, the optimisation for
transesterification was investigated to overcome these restrictions of transesterification. For instance,
Tacias-Pascacio et al. [210] compare RSM across four types of catalysts, namely, homogeneous
alkaline, heterogeneous alkaline, homogeneous acid, and biocatalyst. The study outlines that
biocatalysts are comparable to a conventional catalyst in terms of transesterification efficacy,
particularly under the support of enhanced agitation method such as ultrasound. Another study from
Ong et al. [211], combined artificial neural networks (ANN) and ant colony optimisation (ACO) as
a combined optimisation strategy for the operating conditions of alkaline catalysed transesterification.
The study offers a comprehensive optimisation framework that can be translated to another study,
such as engine performance test and seed oil extraction. A study Nassef et al.[212] , optimised the
lipid extraction of microalgae (Scenesdemus quadricauda) through the application of fuzzy
modelling and Particle Swarm Optimisation (PSO). The combined strategy enables the fuzzy model
to be trained and predict the lipid recovery process at a Root Mean Square Error (RMSE) of 0.0898.
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The final lipid recovery from the microalgae was 62%, representing a 22% increment using the

Design of Experiments methodology.

Figure 3-1 and Table 3-1 were constructed based on the observation from the understanding of the
modern reaction kinetics, where transesterification no longer operates with mass transfer limitation,
hence the initial slow reaction of the representative sigmoidal curve is removed. The testing
parameters, particularly the agitation speed, are run at a higher speed to avoid the laminar flow regime
and swirling effect, limiting mass transfer between reactants, based on the suggestion from works of
literature [57,71,206,209,213]. The segregation of transesterification regime and stages allow us to
present our study through the perspective of individual factor significance, with the objective to

refine the current mechanism, instead of redefining the mechanism.
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point point point

Figure 3-1. Idealised biodiesel transesterification stages.

120



Chapter 3

Table 3-1. Biodiesel transesterification stages and its individual characteristic.

Phase

Transesterification Stage

Description

(1

(H-@

)

2-3

€)

Initialisation point

Physical-limiting regime

Transition point

Reactant-limiting regime

Final yield point

Instantaneous contact between methanol and oil, followed by

agitation.

Highest rate of reaction as forward reaction of
transesterification dominates, also heavily dependent on

homogeneous mixing from an agitator.

When 70—80% of the oil has been converted into biodiesel,

and forward transesterification reaction rapidly slows down.

Rate of reaction retards as high amount of product (biodiesel
and glycerol) shifts chemical equilibrium backwards.
Methanol molar ratio is the main driving force to counter-shift

the equilibrium forward to ensure high final yield.

Transesterification reaction reaches an equilibrium where the
forward and backward reaction has reached steady-state,

where no net product is formed.
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33 Materials and experiment setup

The feedstock used for the experiment was commercial RBD palm olein. Analytical grade methanol
99.8 %, potassium hydroxide (KOH) >85 %, and hydrochloric acid 37 % were obtained from Qrec,
Merck, and VWR, respectively. Standard analytical reagents such as methyl heptadecanoate were

obtained from Sigma-Aldrich.

The transesterification reaction was conducted in a 1L cylindrical batch reactor, with a constant total
reactant volume of 600 ml of, to represent methanol to oil molar ratio from 3:1 to 9:1. KOH is used
as the catalyst to form potassium methoxide through the mixing of methanol. Catalyst loading
ranging from 0.5-1.5 wt. % of oil. Table 3-2 shows the test factors accompanied by the lower and
upper limit of each factor. Reaction time starts after the addition of potassium methoxide and
initiation of the mechanical stirrer. Heat addition is done using a silicone jacket with a PID
temperature controller, where the temperature is measured by a K-type thermocouple, which allows
reaction temperature to be fixed in the range of 30-60 °C. Table 3-3 shows the resolution and the
uncertainty for the instrument used throughout the experiment. The experiments were carried out
through a full factorial test matrix design of 34, resulting in a total of 81 unique experiments each

accompanied with ten different sampling time intervals.

Table 3-2. Design of experiments on full factorial test matrix for the 4-factor 3-level experiment.

Factor Unit -1 0 +1
Agitation rate rpm 200 300 400
Catalyst loading wt. % 0.5 1.0 1.5
Methanol to oil ratio - 3:1 6:1 9:1
Temperature °C 30 45 60
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Table 3-3. Range, resolution and uncertainty of instruments.

Instrument Measurement Brand Range Resolution  Uncertainty
Thermocouple (K-Type)  Reagent RS Pro —60 °C— 0.1°C +2.2°C
temperature 350 °C

Scientific oven Temperature Binder 25°C-300°C 1°C +1.0°C
FID Gas Chromatograph ~ FAME Purity Agilent > 107 - -

range with N2

carrier and

0.29 mm id jet
Constant stirrer Rotational speed AQL 0-1000 rpm 1 rpm + 1 rpm
controller
Mechanical pipette Sample volume Dragonlab 0-10 ml 0.1 ml +0.3% vol.
Silicon heating jacket Temperature Custom 200 °C 0.1 °C +1.0°C

fabricated

Instead of using a conventional agitator designed for mixing, a custom baseline stirrer is made of

High-density Polyethylene (HDPE). The HDPE mechanical stirrers were both constructed into the

dimension of 0.09 m x 0.03 m x 0.13 m in length, width and thickness, which is then coupled to the

end of the stirring rod from the AQL constant speed stirrer, with rotational agitation between 200—

400 rpm. The schematic of the experimental setup is shown in Figure 3-2.

Thermocouple

O0O0O0O0

Scientific Oven

Constant RPM
stirrer

l Mechanical

pipette
extraction

i 30mm B 40 mm I

50 mm
|

Heating jacket

Neutralisation
and purification

o )—L,&

Acid solvent

EN14103 Determination
of Total FAME

Agilent  7820A gas
chromatograph

AN I

Methyl Heptadecanoate

%EI

Figure 3-2. Schematic of the experimental setup using HDPE stirrer.
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34 Sample characterisation

Sampling of transesterification (3 ml) was done using a mechanical pipette to extract ten samples
between 30—1,800 s. The reaction of samples was quenched immediately using neutralisation method
via diluted hydrochloric acid [214]. From it, fatty acid methyl ester (FAME) yield was determined
by Agilent 7820A gas chromatograph (GC) system using a flame ionisation detector (FID), equipped
with a capillary column (HP-INNOWax Column, 30 m x 0.25 mm, 0.25 pm). The GC analysis
methodology follows that of the EN 14103 standard [215]. The FAME yield is defined as the
conversion of vegetable lipids to biodiesel, from the gas chromatography analysis. Thus, FAME yield
(%) was defined using the following equation:

XA —Ag % Cer — Vi
Ag; m

Eq. 3-1

FAME Yield (%) = X 100

where ), A is the total peak area from methyl ester in Ci4 to that in Cy4, Ag; is the peak area
corresponding to methyl heptadecanoate (Ci7o), Cg; is concentration (mg/ml) of methyl
heptadecanoate solution, Vg; is the volume (ml) of the methyl heptadecanoate solution, and m is the

mass (mg) of the sample, synthesised biodiesel .
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3.5 Pareto analysis and normalisation plots

In the first part of this results, key results were interpreted using Minitab’s Pareto chart of the

standardised effects, shown in Figure 3-3.

Pareto Chart of the Standardised Effects
(response is 30 s, a = 0.05)

‘ Factor Name
Agitation
Catalyst
Molar Ratio
Temperature

o0 w>

—P Statistically significant at the 0.05 level

w
S R R (S N N P N g

CcD Reference

AB Insignificant terms
ABD
BD
AD

i
0 2 4 6 8 10 12 14 16 18
Standardised Effect

Figure 3-3. Pareto chart of the standardised effects at the 30s for biodiesel transesterification.

The four main effects of interest are namely, agitation speed (A), catalyst loading (B), methanol to
oil molar ratio (C), and reaction temperature (D). The response in Figure 3-3 represents the biodiesel
yield at 30 s into the transesterification process. The Pareto chart shows the standardised effect of
factors when moving from a lower level (-1) to a higher level (+1), which is relative to a distribution
fit line, that determines when the effects are zero. When the effect surpasses the Pareto analysis

reference line, it is considered statistically significant at the 0.05 a-level with the current model terms.

The one-way interaction modelled terms are RPM, catalyst loading, methanol to oil molar ratio, and
temperature as shown in Table 3-4. Additionally, one-term to four-term interactions are modelled
using the maximum allowable of 15 permutations. The Pareto chart is constructed based on the
degrees of freedom for the error term, the reference line is labelled at z. The quantile of a t-distribution,
t is (1-0/2) where a is the significance level, with the degrees of freedom equal to the degrees of

freedom for the error term [216].
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Table 3-4. Modelled term for Pareto and normal plots.

One-term Two-term Three-term Four-term
A =RPM A*B A*B*C A*B*C*D
B = Catalyst A*C A*B*D
C = Ratio A*D A*C*D
D = Temperature  B*C B*C*D

B*D

C*D

The Pareto analysis was done across ten different yield sampling times, corresponding to 10 sets of
responses. These responses are then combined to form the transient Pareto analysis, representing
different independent factors for transesterification. The Pareto plots can identify which effects are
large, from the absolute value provided in the form of standardised effect. However, it cannot
determine if the factors influence the response, in this case, the biodiesel yield, positively or

negatively.

Therefore, the analysis is followed by a discussion on the Normal plot, which also shows the
standardised effect of factors relative to a distribution fit line representing zero effect. For the normal
plot, positive effects will increase the response when the factor changes from a lower to an upper
limit, while the converse is true for negative effect. Effects which is further away from zero on the

x-axis has a larger magnitude and are more influential.

As the yield results from the full factorial test matrix are standardised in the analysis, the main focus
here is to establish the key effects of the factors on the transesterification dynamically. The analysis
results can provide the relevance of each factor at different stages of transesterification to better

understand the limitation and potential of the factors independently.
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3.6 Key results and discussion for Pareto analysis

The results and discussion section outlines the Pareto standardised effect analysis, followed by a
similarity analysis via hierarchical cluster mapping, and normal distribution analysis, as described in

the framework in Figure 3-4.

Pareto-Hierarchical

Framework
l
| |
: Hierarchical
Pareto Analysis Clustering
l l
I | I |
Standardised Effect Normal Distribution Similarity Index Time-dependent
Clustermap
| Increasing impact on optimisation decision-making >
Providing an index on Establish a trend on the Pr.ow.d.mg and lnde.x on EStab“S.h Corre!atlon
A . . individual operating and time-series
individual operating standardised effect e . . .
e . condition’s relative to relationship between
condition’s impact on moving from or towards . S )
e . L each other in terms of individual operating
transesterification yield. significant. . o
standardised effect. condition.

Figure 3-4. Pareto-Hierarchical Clustering Framework for biodiesel transesterification yield

analysis.

3.6.1 Pareto analysis on the effect of agitation rate

Transesterification involves mixing oil and alcohol, which are naturally immiscible to each other.
Agitation is required initially to initiate the reaction, as the turbulence and vortex shredding created
from the agitator allows a larger contact surface between reactants. Thus, batch type reactor heavily
relies on agitation, with the aid of usually an impeller to provide adequate mixing. In this experiment,
200 and 400 rpm are studied to identify its effect on the transesterification from transient to steady-

state.

From the Pareto chart in Figure 3-5, the effect of high agitation is more pronounced at the physical-
limiting regime. As the methanol-catalyst mixture is added to the preheated oil when the experiment
commences, the high agitation rate is inevitably important for high reaction rate due to the need for
homogenisation for temperature, catalyst and oil-methanol mixture. The general trend of the
standardised effect for agitation rate showed a diminishing effect when agitation increased from 200

to 400 rpm. The standardised effect of agitation rate plummeted from 10.75 to 3.11, when the
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transesterification process moves from the initialisation stage to the transition stage, reflecting a

decrease of 3.46-fold in effect.
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Figure 3-5. Transient Pareto analysis on the standardised effect of agitation rate.

The increasing agitation speed results in creating finer droplet size of the oil-alcohol mixture, and
narrows the drop size distribution, effectively improving the specific interfacial area between the oil

and methanol layers [209].

At the beginning of the reactant-limiting regime, as the mixture is achieving complete
homogenisation, the role of agitation diminished in terms of maintaining an evenly distributed
mixture system. Therefore, a high agitation rate is not required during the reactant-limiting regime
as it does not further increase the biodiesel production rate, indicating that mass transfer becomes the
least concern [217]. During the transition point of the transesterification process at about 270 s,
increasing agitation produces a non-significant effect on transesterification, as the standardised effect
reached the reference line. The trend continues to fall to a standardised effect of 0.30 at about 900 s

into the reaction which represents the steady-state.

Similar results have been reported for increasing agitation with other feedstock, where the effect of
high impeller speed will reduce the delay of biodiesel formation [57,206,213]. The use of a higher
operating agitation speed has a natural limitation for improving biodiesel reaction rates. Therefore,
high agitation throughout the entire transesterification stages may not be required for biodiesel
production. Also, it is worth mentioning that high agitation might not be favourable throughout the

entire process, especially when transesterification is coupled using a high catalytic loading condition.
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This would consequently contribute to the facilitation of unwanted competing reaction such as

saponification due to base-catalysed transesterification, which was observed in this experiment.

3.6.2 Pareto analysis on the effect of catalyst loading

The standardised effect of increasing catalyst loading is observed to significantly improve the
biodiesel yield, as shown in Figure 3-6. During the physical limiting regime, the increase of catalyst
concentration in the methanol-oil mixture increases the biodiesel yield, as more catalyst effectively
increases the contact surface with a reactant, which contributed to the reduction of activation energy
during the beginning of transesterification [218]. The standardised effect of catalyst loading showed
an increase from 18.00 to a peak of 19.40 during the physical limiting regime, for 0.5 wt. % to 1.5
wt. % catalyst loading.
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Figure 3-6. Transient Pareto analysis on the standardised effect of catalyst loading.

The result of peaking during an increased concentration of catalyst is speculated to be linked to the
cascading conversion of glycerides to biodiesel and glycerol. Table 3-5 shows the base type catalysed
reaction rate constants for biodiesel transesterification. From it, the forward reaction rate constants
of diglyceride to monoglyceride and monoglyceride to glycerine, are observed to be higher than of
triglycerides to diglyceride. Additionally, it is noticeable that the reaction rates of glycerides
conversion order are independent of feedstock, catalyst, and temperature. However, since catalyst
loading has the highest standardised effect in transesterification within this regime, it is evident to

deduce that the elevation of catalyst concentration dominantly affects transesterification positively.
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Table 3-5. Reaction kinetic constants of base-type catalysed transesterification.

Triglyceride ->

Diglyceride ->

Monoglyceride ->

Alcohol/ Molar Catalyst/ Reaction
Temperature
Oil ratio of alcohol to loading ©C) Mechanism; Diglyceride Monoglyceride Glycerine References
oil (wt. %) kinetics model (L - mol''min™) (L - mol''min™) (L - mol''min™)
Reversible reactions; 0.0360 0.0700 0.1910
Palm Methanol 6:1 KOH 1.0 60 [71]
second-order (Wt. %.min)"! (Wt. %.min)"! (Wt. %.min)"!
Reversible reactions;
Palm Methanol 6:1 KOH 1.0 60 0.0157 0.1184 0.1310 [219]
second-order
Reversible reactions;
Soybean Methanol 6:1 NaOH 0.2 50 0.0500 0.2150 0.2420 [57]
second-order
Reversible reactions;
Sunflower Methanol 6:1 KOH 0.5 25 0.6116 2.0642 2.0642 [213]

second-order
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Furthermore, as the reaction exits the physical-limiting regime, the standardised effect of catalyst
loading is observed to be gradually decreasing until the end of the reaction. The effect of high catalyst
loading during the reactant-limiting regime is not as efficient as during the physical-limiting regime,
but remains relatively important for producing high biodiesel yield when compared with the

reference line.

There is also a noticeable change in the rate of reduction for the standardised effect at two different
regimes, between 180 s to 420 s, and 420 s to 1800 s, with the former decreasing at a higher rate than
the latter. The standardised effect for catalyst loading was observed to be 10.32 at steady-state,

representing a total reduction of 1.88 times in standardised effect since the physical-limiting stage.

This reduction during the reactant-limiting regime is most likely due to reaction approaching
chemical equilibrium, where the tri-, di-, monoglyceride levels are low. Thus, becoming relatively
insensitive to the benefit from the lowered activation energy by using a catalyst, as compared to that

of the physical-limiting regime.

3.6.3 Pareto analysis on the effect of methanol to oil molar ratio

The effect of methanol to oil molar ratio on transesterification is observed at two different ends, for

the two different phases, as shown in Figure 3-7.
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Figure 3-7. Transient Pareto analysis on the standardised effect of methanol to oil molar ratio.

For the physical-limiting regime, the standardised effect of molar ratio has shown a clear significance
in the biodiesel yield from the start of the reaction, but the standardised effect undergoes declination

as it transits into the reactant-limiting regime.
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The high standardised effect at the beginning (13.28) can be explained by the increase in methanol
quantity that increases the contact surface between oil and methanol, hence resulting in more
biodiesel to be produced. The effect of methanol to oil molar ratio changes from significant to non-
significant over the physical-limiting regime, where it plummeted to a standardised effect of 0.38,
which is equivalent to a 35-fold reduction in total. This may seem counterintuitive as the conventional
understanding of molar ratio is straightforward. The higher molar ratio should have a positive effect
on the rate of reaction and biodiesel yield. However, this is only true for the final yield point, when
methanol becomes a limiting factor for the chemical reaction. Thus, the use of high methanol to oil

molar ratio will promote the complete conversion of oil, resulting in a greater biodiesel yield.

During the physical-limiting regime, higher methanol to oil molar ratio contributes to the inefficiency
of the transesterification process. This is postulated to be related to the miscibility between oil,
alcohol, and biodiesel. Methanol and oil are naturally immiscible due to alcohol being polar, while
lipid being non-polar. Therefore, for a lower molar ratio setting, the biodiesel produced initially is
more likely to diffuse into the oil, increasing the permeability between oil-methanol, resulting in
higher biodiesel yield. On the other hand, when a higher molar ratio is used, the biodiesel formed
initially will have a higher tendency to immediately diffuse into most of the methanol. Thus, oil-

methanol remains to be less miscible, as a result, yield and reaction rate are low.

As the biodiesel concentration increases, the transesterification is no longer physical-limiting.
Instead, the reaction rates retards, as the high concentration of biodiesel and glycerol shifts the
chemical equilibrium backwards. The change in reaction rates is noticeable between the two regimes,
where the reactant-limiting regime is dominantly driven by methanol to oil molar ratio, which is

supported by the results in Figure 3-7.

Standardised effect of methanol to oil molar ratio increases from 0.38 to 14.21 (final yield), as higher
molar ratio invariably promotes complete transesterification, reflecting an improvement of 37.4 fold

in terms of standardised effect during the reactant-limiting regime.

3.64 Pareto analysis on the effect of reaction temperature

Temperature’s role in transesterification is to provide sufficient activation energy for the reaction
and improve the solubility between oil and methanol as the miscibility of liquid increases with
temperature. The standardised effect of temperature is statistically significant from transient to

steady-state, as shown in Figure 3-8.
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Figure 3-8. Transient Pareto analysis on the standardised effect of temperature.

The standardised effect of temperature was observed to be 9.07, followed by a steep increase between
30 s to 60 s, while maintaining the similar magnitude of standardised effect during the physical-
limiting regime, arriving at the peak of 11.8, at about 180 s. The sharp increase is most likely due to
the addition of methanol to the oil, causing the preheated-oil to reduce in temperature, hence the
upper testing limit of 60 °C is inevitably more effective due to the larger recovery of temperature
difference. Besides, the mixture also requires time for homogenisation of temperature across, where
the physical-limiting regime is observed with higher standardised effect as compared to the reactant-

limiting regime.

Additionally, the temperature is also responsible for providing the reactant system with enough
energy, for overcoming the activation energy required for the initiation of transesterification
mechanism. Therefore, the increase in temperature also exhibits similar characteristics in
standardised effect compared with catalytic loading. From it, a larger improvement can be observed
at the physical-limiting regime, due to a high level of glycerides acting as precursors in

transesterification, which favours the forward reaction.

During the reactant-limiting regime, a relatively larger drop in effect is observed from 270 s to 420
s, from a standardised effect of 11.43 to 9.52. The trend of temperature effect is followed by a small
but noticeable decrease until steady-state, remaining relatively constant throughout, achieving a
standardised effect of 6.65 at the final yield. The decline in standardised effect is most likely due to
the reactant no longer requiring a high demand for energy in the system, while simultaneously
alleviating issue caused by immiscibility, as the system becomes dominantly single-phase liquid

[220].
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3.6.5 Pareto analysis across the individual main effect

The results from the Pareto analysis for each factor are independent of each other. However,
comparisons can still be made to examine the relative importance between factors and draw a
correlation of the main effects on transesterification during the transient stage. The heat map for the

individual factor’s respective standardised effect is shown in Figure 3-9.

Agitation rate 789 452 205 0.968 0.787 0.245 16 ‘g
=

L

Catalyst loading 10.3 123
(/2]

-

Temperature | 9108 -m 042 8% 782 665 S

120 180 270 420 600 900 1500 1800
Time (s)

Figure 3-9. Heat map for standardised effect during transient transesterification for all factors.

From it, each of the factor’s standardised effect is ranked at different stages and tabulated in Table

3-6.

Table 3-6. Standardised effect of factors at initialisation, transition, and final yield point.

Initialisation Transition Final Yield
Factors Standardised  Ranking of Standardised  Ranking of Standardised  Ranking of
effect relative effect relative effect relative
importance importance importance

Agitation rate 10.75 Third 3.11 Third 0.29 Fourth
Catalyst

) 18.05 First 19.42 First 10.32 Second
loading
Methanol

) 13.28 Second 0.38 Fourth 14.21 First

molar ratio
Temperature 9.08 Fourth 11.84 Second 6.65 Third

During the physical-limiting regime, the higher rate of agitation is hypothesised to facilitate
homogenisation, heat and catalyst to spread across the mixture. The postulation is supported by the
increase in standardised effect for catalyst loading and temperature, followed by a simultaneous
decline in the standardised effect for both factors as transesterification enters reactant-limiting

regime.
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Besides, the standardised effect for catalyst loading and temperature showed similar trends with a
consistent offset. This observation reflects that excess catalyst and temperature produced a higher
yield, possibly through the reduction in activation energy by the former, and provision of energy by

the latter.

As transesterification reaches the reactant-limiting regime, the agitation rate increases have no
significant effect on biodiesel yield. Evidently, increasing agitation does not improve mixing
between methanol and oil, which suggest that the transesterification at this stage can be dominantly
diffusion-driven. Here, the increase in concentration gradient by increasing methanol to oil molar

ratio contributed to a higher standardised effect, resulting in a reactant-limiting regime.

Consequently, additional heat and catalyst benefit biodiesel yield during the reactant-limiting stage,
but methanol to oil molar ratio surpasses their standardised effect halfway into the stage, leading it

to be the most significant effect until steady-state has been achieved.
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3.7 Hierarchical agglomerative clustering

The categorisation of individual factors and transesterification regimes was done using a hierarchical
agglomerative clustering method. This is implemented to analyse the correlation and time-series
relationship of main effects, through a bottom-up approach. Initially, each of the main effects and

time intervals is treated as an individual cluster, where
(i)  clusters that are the closest in a distance matrix are identified and labelled.
(il)) combining both clusters with the highest similarity.

Processes (i) and (i) are repeated until all of the clusters are merged, hence forming elements of a
dendrogram [221] leading to a clustermap [222]. For the dendrogram, the height of the dendrogram
represents the order in which the clusters were joined. The length of the line from each cluster
represents how close or distant related they are in their respective grouping. Overall, a dendrogram
is a derivation of a distance matrix using existing data points, in this case the value of the standardised

effect.

In this study, the values used in the clustering analysis are derived from the standardised effect.
Therefore, the clustering of each group serves as a similarity indication, with respect to their
individual influence on biodiesel yield, the classical hierarchical clustermap for standardised effect
is implemented and illustrated in Figure 3-10a. Additionally, for this study, an extension of the
classical hierarchical agglomerative clustering is used, with a time-dependent condition shown in

Figure 3-10b. The clustering methodology follows (i) and (ii), with an additional condition to
(i)  align the clusters by time.

This modification of clustering can be applied in our study since it considers the sequence of time
which is a reasonable justification for the transesterification process. Therefore, the classical
hierarchical clustering is generated to benchmark against the time-dependent clustering method,

allow for the comparison of individual clusters with and without the temporal dimension.
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Figure 3-10. (a) Classical (b) Time-dependent hierarchical clustermap analysis for standardised

effect.

The overall outcome using two different hierarchical clustering techniques in Figure 3-10, provided
a noticeable difference in the lower level of clustering as compared to the higher level. However, it
is important to note that although the cluster sequence in Figure 3-10 is not in ascending order, the
individual elements of each cluster remain unchanged even when time-effect is considered, as shown
in Figure 3-10b. This result validates the classical hierarchical clustering with the time-dependent

clustering methods.

Figure 3-10 also shows the clustermaps with the higher level of clusters labelled, with their
appropriate functions and regimes, in the context of the transesterification process. The labelled
clusters in the main effects are activation energy and the reactant contact surface, while for the time-
dependent clusters are, the initialisation, followed by physical-limiting and ending with the reactant-

limiting regime.
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Based on Figure 3-10, the standardised effect's averaged magnitude is in the increasing order of
methanol to oil molar ratio, agitation rate, temperature, and catalyst loading for the physical-limiting
stage (transient-state). For the reactant-limiting stage, the standardised effect's averaged magnitude
is in the increasing order of agitation rate, temperature, methanol to oil molar ratio, and catalyst

loading (steady-state).

The clustering of individual main effects, in the horizontal direction is identical, where catalyst
loading and temperature falls under the same group, while the agitation rate and methanol to oil
molar ratio formed the other cluster. Although the main effects are segregated into two distinct
clusters, they are still moderately related judging from the length of their individual lines. This also

can be interpreted by the difference of their standardised effect throughout the entire process.

It can be observed that despite the activation energy cluster has a sizable difference in standardised
effect when the time interval is compared independently. Nonetheless, when the activation energy
cluster is analysed as a whole, the main effects exhibit similar evolution trends for their standardised

effect throughout the process, with a consistent offset.

On the contrary, the reactant contact surface cluster formed by agitation rate and methanol to oil
molar ratio is slightly less related than the activation energy cluster. The main similarity for this
group is the trend during the physical-limiting regime, where the standardised effects of both factors
experience significant decreases. However, the cluster does not have a clear relationship in the

reactant-limiting regime, which suggest the weak correlation for this particular cluster.
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3.8 Normal plot analysis on one-way transient transesterification

interactions

3.8.1 Normal plot on the effect of agitation rate

The effect of agitation when elevated from 200 to 400 rpm has shown significance up to 270 s,
leading to a change in standardised effect from 10.75 to 2.05 from 30 s to 270s. The effects of the
agitation rates from the Pareto analysis has also presented a trend which agrees with the normal plot

result in terms of factor significance, shown in Figure 3-11.
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Figure 3-11. Normal plot for the effect of agitation rate from 30s to 1800s.

Increased agitation showed a more prominent effect in the first 120 s, when a high agitation rate
improves homogenisation of methanol-oil mixture, temperature, and catalyst distribution. This
duration is the window of transesterification where mechanical agitation can benefit the biodiesel
yield the most, as the increase of contact surface between oil and methanol speeds up the reaction,

resulting in the physical-limiting regime.

From the results, agitation is not significant beyond the physical-limiting regime, as the standardised

effect hugs closely to the distribution fit line, representing the zero effect of a factor.

3.8.2 Normal plot on the effect of catalyst loading

The excess catalyst in this study has proved to be very important for high biodiesel transesterification

yield, as the factor has contributed positive effects throughout transesterification when catalyst
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loading changes from 0.5 wt. % to 1.0 wt. %. A noticeable improvement in the standardised effect

was achieved at 180 s in Figure 3-12, which corresponded to the peak in the Pareto analysis.
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Figure 3-12. Normal plot for the effect of catalyst loading from 30s to 1800s.

The standardised effect is observed to decrease beyond 180 s, as the transesterification advances to
reactant-limiting from physical-limiting, corresponding to a total reduction of 1.88-fold, from a

standardised effect of 19.42 to 10.33, while remaining statistical significance.

Overall, the catalyst effect has shown limited sensitivity towards time-dependent changes in
transesterification, which is reflected by a narrow distance amongst the individual data points from

Figure 3-12.

3.8.3 Normal plot on the effect of methanol to oil molar ratio

The standardised effect of methanol to oil molar ratio is widely spread across transient to steady-
state, which illustrate that the effect of methanol to oil molar ratio is receptive to changes over time.
Figure 3-13 shows that the standardised effect for methanol to oil molar ratio increases from —13.28
to —2.84 at 30 s to 120 s. This explicitly indicates that the excess use of methanol to oil molar ratio
negatively impacted biodiesel yield, particularly at the beginning of the transesterification process.
This result is important as the previous analysis could not determine the direction of effect, since

only the effect significance can be determined.
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Figure 3-13. Normal plot for the effect of methanol to oil molar ratio from 30s to 1800s.

However, excess methanol has zero effect on biodiesel yield at about 180 s, which coincide with the

end of the physical-limiting regime. As the reaction progresses to the reactant-limiting regime, high

methanol to oil molar ratio can produce a greater magnitude of effect on biodiesel yield, reaffirming

that transesterification heavily relies on the methanol to oil molar ratio for high final yield.

3.8.4

Normal plot on the effect of reaction temperature

The elevated reaction temperature produces a positive effect throughout biodiesel transesterification,

as shown in Figure 3-14. The act of increasing reaction temperature from 30 °C to 60 °C is observed

to provide the largest enhancement to biodiesel yield, especially at the beginning of the reaction. This

1s reflected when the standardised effect increases from 9.08 to 11.84 from 30 s to 180 s, which

superpose the peak performance trend for catalyst loading at 180 s.
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Figure 3-14 Normal plot for the effect of temperature from 30s to 1800s.

The result is then followed by a reduction in effect as it progresses from physical-limiting to reactant-
limiting regime. A progressive reduction of standardised effect from 11.84 to 6.65 is shown, during
the reactant-limiting to the final yield point, resulting in a 1.78-fold decrease in effect, which is

relatively small compared against agitation rate and catalyst loading.

The declination of effect is most likely due to the reaction system requiring less energy for the later
stages as compared to the initial stages. Also, improvement of solubility for the reactants due to
heating effect has reached a threshold, resulting in a smaller improvement towards the end of the
reaction. The standardised effect of temperature has a minimal fluctuation overall, which suggests
that temperature is a less sensitive factor to time, but at the same time significant to the improvement

of biodiesel yield.

3.85 Comparison of normal plot analysis across the individual main effect

The main effects were first determined with a normal plot, then compiled and tabulated as shown in
Table 3-7. The ‘1’ sign denotes that the main effects positively influence the biodiesel yield and
significant to the response. The ‘<>’ represents not significant to the transesterification, while |’
denotes negative effect towards the response. The values of the standardised effect for each main
effect has been normalised, where every additional ‘1’ sign is approximately a quarter strength of the

highest standardised effect
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Table 3-7. Main effect's direction of significance and relative magnitudes.

Time (s) 30 60 120 180 270 420 600 900 1500 1800
Factors Initialisation Transition Final Yield
Agitation Mmoo e e e o o
Catalyst loading M AT M MM AT T M M

Methanol to oil molar l ! ! PN 0 " mM MM M

ratio

Temperature Tmomomomomoroo oo n

To elaborate for the results from Pareto analysis, the normal plot indicates that most of the main
effect showed significance toward biodiesel production, at different stages of the transesterification
process. One key observation from Table 3-7 is the standardised significance of agitation rate and
methanol to oil molar ratio, where the main effects impact non-overlapping stages. The only
exception is 270 s, where both have relatively low influence. These results suggest that there could

be counteracting synergy for both factors when increasing the level of study.

During the initialisation, the higher molar ratio used for transesterification showed significance in a
negative manner, whereas increased agitation suffered from a diminishing effect. Catalyst loading
and reaction temperature have relatively similar trends, with the former leading by a significant
margin. For the transitional and final yield stage, all factors showed a favourable inclination towards

biodiesel yield, except for agitation, where there is no improvement, nor deterioration.
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3.9 Optimisation of the operating conditions

The response optimisation was then applied using the full factorial analysis results. The response
optimiser identifies the multiple combinations of an input variable settings that optimise a single or

a set of responses, in this case, the biodiesel yield at a different timeframe of the transesterification.

The goal was set up to maximise the response (yield) using the regression model at a different time
of transesterification. The yield fit is the results calculated from the highest possible yield that is
achievable from the regression model, hence the values could be overestimated due to the errors in
the regression model. A 95% confidence and prediction intervals were selected to ensure the validity
of the optimisation. The composite desirability outlines how likely the parameters are chosen to
achieve the targeted value. Table 3-9 shows the results of optimising the operating conditions using

the full factorial results.

Table 3-9. Response optimiser for operating conditions from 0 to 1800 s.

Time (s) RPM Catalyst Molar Ratio Temperature Yield target  Yield fit Composite
(wt. %) °C) desirability

30 400 1.5 3 60 74.1853 77.1343 1

60 400 1.5 6 60 84.8535 90.5073 1

120 400 1.5 6 60 90.1970 91.7787 1

180 400 1.5 9 60 92.9500 94.1468 1

270 400 1.5 9 60 96.1859 96.9885 1

420 - 1.5 9 60 98.1024 97.2478 0.9884

600 - 1.5 9 60 98.6559 98.1861 0.9926

900 - 1.5 9 60 98.7489 99.2869 1

1500 - 1.5 9 60 99.1414 100.067 1

1800 - 1.5 9 60 99.0232 99.4210 1

The composite desirability is a function to find the combination of levels of process parameters that
can produce the maximum biodiesel yield for transesterification within the constraints. The
constraints are defined by the lower level (—1) and higher level (+1 ) of the operating conditions in

Table 3-2.

For the methanol to oil molar ratio, the optimised parameters are observed to agree with the

standardised effect study via Pareto analysis, suggesting that the initialisation phase can be improved
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with lesser methanol as reactants. Thus, during the initialisation phase of the transesterification, a 3:1
methanol to oil molar ratio should be used, and gradually increased to 9:1 which is in excess as

indicated in the optimised results for 180 s.

The reactants require adequate mixing at the beginning of the process, hence 400 rpm was selected.
As the reaction progresses to beyond 270s, the effect of agitation becomes insignificant, hence a
lower rpm setting can be used to reduce the energy consumption. The indicated time where agitation

is not included in the optimiser also coincides with the Pareto analysis findings in Figure 3-5.

For the 1500s into the onset of transesterification, the yield fit is above 100 due to the overestimation

in the factorial regression model.

3.10 Reaction kinetics mechanism of the batch reactor

The field of physical chemistry that deals with understanding the rates of chemical reactions is
chemical kinetics, also known as reaction kinetics. In contrast, reaction kinetics are different from
thermodynamics, which deals with the direction in which a system takes place but does not explain
about its rate in itself. Reaction kinetics involves research into how the rate of a chemical reaction is
influenced by experimental conditions and offers knowledge about the mechanism and transition
states of the reaction, as well as the formation of mathematical models that can also explain the

characteristics of a chemical reaction.

In essence, reaction kinetics describes the rate of a transformation which the reactants convert into
the product in a chemical reaction. Conventionally, the concentration of a known chemical is
displayed in square brackets to denote that the system is not at equilibrium. The reaction rates, A/ X/
is calculated by subtracting the initial concentration, and the final concentration of a known chemical

is calculated as shown below:
AX] = AlX]finat — AlX]imitiar Eq. 3-2

In a first-order chemical reaction, the rate of reaction is concentration-dependent. By observing the
concentration of a chemical compound against time, the tangent gradient indicates the rate of reaction
in any instances. Thus, the kinetics of the chemical reaction can be understood, as shown in an

example in Figure 3-15.
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Figure 3-15. An example of a first-order chemical kinetics transformation of a chemical compound,

where the rate of reactions at t; is greater than t, due to the steeper slope [223].

In the study of transesterification chemical kinetics, the reaction of the reactants, oil and alcohol yield
two final products, namely, biodiesel and glycerol. The molecules of the oil and alcohol must collide
for the transesterification reaction to occur. Thus, using a higher molar concentration of a reactant is
more likely the increase the reaction rates. Therefore, the transesterification reaction rates must be a
function of the concentrations of the oil and alcohol reacting. This function’s mathematical
expression is known as the “rate law”. The relationship between rate law, order and the rate constant,

k can be described as shown in Table 3-8.
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Table 3-8. The relationship between rate law, order, and the rate constant in chemical kinetics

[224].

Rate law Order Units of k

Rate =k Zero Ms!

Rate = k[A] First-order with respect to A st
First-order overall

Rate = k[A]? Second-order with respect to A Y
Second-order overall

Rate = k[A][B] First-order with respect to A st

First-order with respect to B

Second-order overall

In transesterification reaction, the rate law can be determined experimentally by varying independent

reaction conditions and measuring the yield result will compute a concentration curve.

The FAME produced by the transesterification can be modelled with three stepwise reactions starting
with triglycerides (TG) and alcohol (A), followed by intermediate formation of diglycerides (DG)
and monoglycerides (MG), hence resulting 3 mol of fatty acid methyl ester (FAME) and 1 mol of
glycerol (GL) produced.

i i Catalyst Eq. 33
Triglycerides + 3 Methanol &<——= 3 FAME + Glycerol

The stepwise reaction consists of a total of three consecutive reactions that are reversible,

kq Eq. 3-4
TG+ A = DG+ FAME

k

ks Eq. 3-5
DG+A = MG + FAME

ky

ks Eq. 3-6
MG+ A = GL + FAME

ke

Thus, the rate law for the reactions mentioned above can be described as,

Rate; = k,[TG][MeOH] Eq. 3-7

Rate, = k,[DG]|[MeOH | Eq. 3-8
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Rates; = k3;[MG][MeOH] Eq. 3-9

Where the general form of the stepwise reactions using a differential equation as below,

d[;tG] = —k,[TG][MeOH] + k,[DG][MeOH] Eq. 3-10
d[cli)tG] = k,[TG][MeOH] — k,[DG][MeOH] — k3[DG1[MeOH] + k,[MG][FAME] Eq. 3-11
d[al\ldtc] = ks [DG)[MeOH] — ky[MG][MeOH] — ks[MG)[MeOH] + ke[GLI[FAME] "% 12

% = k,[TG][MeOH] — k,[DG][FAME] + k3[DG][MeOH] Eq. 3-13

— ky[MG][FAME] + ks[MG][MeOH] — k[GL][FAME]

d[MeOH]  —d[FAME] Bq. 314
e dt
d[GL o
—[dt = ks[MG][MeOH] — k¢[GL][FAME] q. 3-15

In transesterification through an alkali catalyst, the reaction mechanism is shown in Figure 3-16. The
three steps reaction mechanism for an alkali-catalysed transesterification was proposed and

formulated by E.W. Eckey in 1956.

Pre-step OH + ROH RO + M0
or NaOR =——= RO + Na
Step. 1. _
74 . !
R—C + RO =— R'—C— OR
| |
OR" OR’
Step. 2. -
ep ? o
|
R—C— OR + ROH =— R—C—OR + RO
|
(l)R” R'OH*
Step. 3.
o"
|
R—C—OR R'COOR + R'OH
|
R”OH+
Where R” = CH,—
H —OCOR'
CH, —OCOR’
R' = Carbon chain of fatty acid
R = Alkyl group of alcohol

Figure 3-16. The mechanism of alkali-catalysed transesterification of triglycerides with alcohol

[65].
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Biodiesel production rate increases rapidly in alkaline catalysts, with the most widely used catalysts
being hydroxides, alkoxides, and sodium and potassium carbonate. The first step is an attack by the
alcohol anion (methoxide ion) on the electrophilic carbon in a triglyceride carbonyl community to

form a tetrahedral intermediate.

The tetrahedral intermediate reacts with an alcohol (methanol) in the second step in order to
regenerate the alcohol anion (methoxide ion) [65]. With another alcohol molecule, the catalyst will
react, and the process is repeated until the alcohol molecule is completely depleted to form alkyl ester
and glycerol in the last step. The kinetics of the alkali-catalysed transesterification has been studied

the most compared to other transesterification kinetics [57,64,71,115,213,225-227].

In the experiment, low FFA feedstock such as RBD palm oil is recommended to be used with KOH
catalyst in transesterification. Thus, the alkaline-catalysed pathway would be feasible without
significant formation of by-product such as soap. As discussed, the soap formation would cause an
emulsion complication with the biodiesel and glycerol phases, resulting in difficulty during

separation.
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3.11 Importance of kinetic modelling in transesterification study

The development and implementation of kinetic models for any chemical transformation processes
are crucial for reactor design. In terms of transesterification where the process involves a non-linear
production rate of biodiesel and separation of by-products such as glycerol, the kinetic model plays
an essential role in optimising these steps. Thus, these models are studied, built, and implemented to

simulate the transesterification process results.

Besides, kinetic models are also vital to aid in decision-making for the reaction operating conditions
such as reaction temperature, agitation rate, reactant concentration, and reaction time. For instance,
the kinetic model can be used to predict the yield of the reaction which enables the cost-efficiency
study. The reactor's design and the reaction mechanism option are also a major consideration for the

optimisation process.

The major difference between a kinetic model and a data-driven model is the capability to account
for mass and heat-transfer characteristics of the reaction on top of thermodynamics equilibrium. The
complexity of a kinetic model can vary depending on the numbers of parameter involved, which
essentially affects the robustness of the model. However, deriving an accurate kinetic model with a
greater predictive outcome requires the iterative revision of the mechanism involved at multiple
levels of detail. Therefore, one of the essential steps in developing the kinetic model for industrial
application is a well-planned design of experiment, to assess the scaling potential of the reactor

model.
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3.12 Material and sample analysis

The experimental setup is identical to the full-factorial analysis of the RVC study where stirred-tank
batch reactor combined with RV C agitator is used. The number of sampling point was increased to
eighteen in 30 minutes to improve the resolution of the results. The holding values for the operating
conditions used are 6:1 methanol to oil molar ratio, 1.0 wt. % KOH catalyst loading, 300 rpm
agitation rate, and an impeller from 20 ppi RVC. The standard analytical reagent to determine the
free and total glycerol and mo-, di-, triglyceride contents such as tripalmitin, triolein, diolein,

monoolein, methyl heptadecanoate, glycerol were sourced from Sigma-Aldrich.

The samples were analysed for the analysis procedure for triglycerides, diglycerides,
monoglycerides, methyl ester, and glycerol content using the EN 14105 method. The sample was
injected into the Agilent 7820A gas chromatograph system using FID detector, equipped with a
stainless steel capillary column (VF-5ht Ultimetal Column, 15 m x 0.32 mm, 0.10 pm)

Four calibration solutions were prepared using the mentioned solutions accordingly, based on the
internal standards of 1,2,4-Butanetriol and 1,2,3-Tricaproylglycerol (tricaprin). The derivatisation of
the sample was conducted by adding 100 ul of MSTFA, 80 ul of internal standard 1, and 100 pul of
internal standard 2 to 100 mg of homogenised mixture. Then, 1 pl of the reaction mixture is analysed
in the GC using the column temperature of 50°C held for 1 min, programmed at 15°C/min up to
180°C, programmed at 7°C/min up to 230°C, programmed at 10°C/min up to 370°C, where the final
temperature is held for 5 min. The analysed results utilise the identification of the peaks by
comparison of retention times. The relative retention times corresponding to the different peaks to

be integrated is shown in Table 3-9.

Table 3-9. Relative retention times of glycerol and glycerides [228].

Compounds Retention time for IS1 Retention time for I1S2
Glycerol 0.75

1,2,4-Butanetriol (IS 1) 1.00

Monopalmitin 0.61

Monoolein, monolinolein, monolinolenin 0.68

Monostearin 0.69

Tricaprin (IS 2) 1.00

Diglycerides 1.19-1.30

Triglycerides 1.56 — 1.65
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3.13 Results and discussions

The concentration of glycerides content and FAME yield is calculated and presented in Figure 3-17.
The operating condition used for this test is an overhead stirring batch reactor, with reaction
temperature of 45°C, agitation speed of 300 rpm, methanol to oil molar ratio of 6:1, and KOH catalyst
loading at 1.0 wt. %. This test aims to set a benchmark for the other reactors, which will be discussed

in the following section.
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Figure 3-17. The transesterification reaction products using stirred tank batch-type reactor at 45°C,
agitation speed of 300 rpm, methanol to oil molar ratio of 6, and KOH catalyst loading
of 1.0 wt. %

3.13.1 Reaction Kinetics calculation model assumptions

The following of model assumptions are introduced to describe the transesterification process, as

shown in Table 3-10.
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Table 3-10. Kinetic modelling assumptions for biodiesel transesterification in a stirred-tank batch

reactor.

No. Assumptions

Reasoning Reference

1

The high agitation intensity is high
enough the surpass the mass transfer
limitation. The reaction mixture is
considered as a pseudo
homogeneous system as methanol
has a high tendency to dissolve in

the oil phase.

The overall process of kinetics is

chemically controlled.

The transesterification of the
triglycerides is an irreversible
pseudo second-order reaction during

initialisation.

As transesterification approaches
equilibrium, the forward and reverse
reactions is a second-order

mechanism.

The oil and methanol is a

homogeneous mixture

The free fatty acid content in the oil
is negligible. Diglycerides and
monoglycerides concentration are

low in oil.

The saponification branch reaction
is negligible. Catalyst concentration

is constant throughout.

The preliminary test in Figure = [57,213,225,227,229]
3-5 shows that mass transfer

becomes a bottleneck. Thus, in

the full-factorial and glycerides

study, 200—400 rpm range is

used for agitation.

Based on Figure 3-1, the [230,231]
idealised transesterification is

dominantly the chemical

equilibrium stage.

The initial concentration of the [71]

methanol is high, and there is an
absence of biodiesel and
glycerol. Thus, it is unlikely
that the reversible process can

occur.

As FAME are formed, the [213,227]
reaction is kinetic-controlled,

which gives the higher rates.

There should be no mass [57,213]
transfer limitation as the
reaction approaches

equilibrium.,

The feedstock used is RBD [232]
palm oil which is made up of

majority neutral palmitic acid.

The catalyst loading is 1.0 [233]

wt. % which accounts for less
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than 3 mol% of FAME yield

lost.

In order to determine the best fit kinetic model for the data, the first-order and second-order models

are both presented to compare with each other, as shown in Table 3-11.

Table 3-11. Comparison of kinetic models used in representing transesterification of biodiesel.

Reaction Kinetics Model Equation Ref

First-order/Pseudo First- —In(1-TG) Shahla et al. [234],

order Latchubugata et al.
[235]

Pseudo second-order TG Richard et al. [236]

1-TG

Pseudo second-order i Darnoko and Cheryan

Irreversible pseudo k,TGt Marjanovié et al. [225]

second-order 1+ k,TGt

Reversible pseudo [_(1 +3M) —V=A- exp(Ez AV—A + Cz)] Stamenkovi¢ et al.

second-order [6M(1—-K)]—[1- exp(EzAv—A +C,)] [237]

3.13.2 Pseudo first-order kinetic model

For transesterification, the reaction is a second-order overall as explained using the rate law, where

oil and alcohol concentration affects the entire reaction rate.
rate = k[0il][Alcohol] Eq. 3-16

The initial reaction rate depends on the concentration of oil and alcohol when the reaction moves in
the forward direction while constantly changing in concentration. Therefore, the rate will be affected

to compensate for the change in reactant concentration.

In a stoichiometric scenario of the transesterification process, this explanation will hold true as one
mol of oil will react with three mol of alcohol to produce three mol of biodiesel and one mol of
glycerol. However, in most biodiesel transesterification cases, excess alcohol in the range of six to
nine molar ratio of alcohol to oil is used to promote the complete conversion of oil. Thus, during the
initial stage of the reaction the change in o0il concentration will have negligible changes to the alcohol

concentration [234,235].
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Therefore, the triglycerides' concentration can be used as the only factor to determine the reaction
kinetics, provided that the loss of alcohol is negligible [238]. This makes the initial transesterification
reaction behave like a first-order reaction, hence the term, pseudo first-order. Thus, if the reaction
kinetics is pseudo first-order with respect to the triglycerides and methanol for the overall
transesterification, the reaction rate can be written as below,

dCrg Eq. 3-17
T k[TG][MeOH] = k(constant)[TG] = k'[TG]

_TA=_

The equation Eq. 3-17 can be rearranged to represent triglycerides conversion as shown below,

16 _ iy oy = TGlo—[TC] Eq.3-18

Where £; is the kinetic rate and x7¢ is the conversion of triglycerides concentration. The integration

of first-order equation Eq. 3-18 is shown below,
~In(1 — x7g) = kst + C Eq. 3-19

Where xr¢ is the conversion of the triglycerides. Therefore, the conformity of the transesterification
can be tested with the first-order kinetic model by a linear plot using Eq. 3-19, where the slope of the
plot is the kinetic rates. In order to screen and identify the range of the initial physical-limiting regime,
pseudo first-order was applied to the triglycerides concentration throughout as shown in Figure 3-18.
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Figure 3-18. Pseudo first-order transformation of triglycerides concentration for baseline batch-type

reactor.

The screening test from the Pareto study suggests that the effect of mixing showed a strong
significance in the result of yield, as shown in Figure 3-5. From Figure 3-18, the pseudo first-order
transformation of the triglycerides for baseline study showed high linearity from the mentioned
residence time. Thus, the initial stage used for kinetic rates calculation will be isolated to Os to 180s,

as shown in Figure 3-19.

3
y =0.0117x + 0.6344
Rz =0.7782
2.5 A
2 i
o
< 1.5 4
=
1 i
Baseline Triglycerides 45°C
0.5 . . . .
Linear (Baseline Triglycerides
45°C)
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Figure 3-19. The physical-limiting regime during the initial stage of transesterification for baseline

batch-type reactor.

From Figure 3-19, the kinetic rate is the gradient of the linear equation, as shown in Figure 3-19.
However, to determine the maximum reaction rate, the inflection point of the triglycerides conversion
curve is required. Thus, a running average slope strategy is implemented, where the slope at each

interval is averaged over the time interval before and after as shown in Figure 3-20.
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Figure 3-20. The kinetic rates of pseudo first-order baseline transesterification at the physical-

limiting stage.

The presence of excess alcohol in the reaction has caused many researchers to assume that the
transesterification kinetics are based on the overall reaction as the intermediates conversions of
diglycerides and monoglycerides are rapidly consumed [85,225,234,236,239-241]. According to
Latchubugata et a/.[235], the same pseudo first-order kinetic model from Eq. 3-19 was implemented
in their kinetic studies. However, instead of using the conversion rate of triglycerides concentration,
the biodiesel yield rate was replaced. Therefore, this suggests the hypothesis of approximating kinetic

rates based on the conversion of biodiesel as shown below,

dCTG - dCME Eq 3-20
dt — dt

_TA=_

Eq. 3-20 can be rearranged to represent methyl ester conversion as shown below,

dxus _ oy ) _ [ME], — [ME] Eq. 3-21
Q. a XME ), XME = [ME],

—ln(l - xME) = klt +C Eq 3-22
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The pseudo first-order kinetics of the methyl ester formation is illustrated in Figure 3-21.
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Figure 3-21. Pseudo first-order kinetics model of methyl ester formation in transesterification for

baseline.

Based on Figure 3-21, the methyl ester pseudo first-order model showed a different trend than the
triglycerides depletion model. The higher linearity suggests a better fit with the pseudo first-order
model, with a lowered overall value on the y-axis, suggesting lowered kinetic rates. This is likely to
be an outcome of the lag from the intermediate reactions such as diglycerides and monoglycerides
formation and depletion, which accounts for the reduction in kinetics for methyl ester formation.
Thus, the kinetic rates of methyl ester are not good approximations of the triglycerides depletions as
the intermediate reaction is considerably important. The finding suggests that the development of the
kinetic model based on the assumption of an overall reaction used for the pseudo first-order kinetic

model should be revised.

Based on the assumption of excess methanol, equation Eq. 3-17, Eq. 3-18, and Eq. 3-19 can be
applied on the diglyceride depletion and monoglyceride depletion. Therefore, the revised pseudo

first-order kinetic model is shown below,

~In(1 - xpg) = kpt +C Eq. 3-23
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—In(1 — xpg) = kst + C Eq. 3-24
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Figure 3-22. Pseudo first-order kinetic model of diglycerides formation and depletion for baseline.

Figure 3-22 shows the fluctuation of the transformation after applying the pseudo first-order model

due to the high reaction rates for the formation and depletion of diglycerides. Thus, there is high

volatility and inaccuracy of the results which might not reflect the actual kinetics of the glycerides.

Therefore, through removing and isolating the range of uncertainty, it is possible to identify useful

data to be implemented on the kinetic model which is a better representative of the whole initial part

of transesterification as shown in Figure 3-23.
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Figure 3-23. Isolated formation and depletion of diglycerides for the pseudo first-order kinetic model

from 80s to 420s for baseline.

The residence time selected for diglyceride formation and depletion to be used in pseudo first-order
is from 80s to 420s according to Figure 3-23. This also shows that diglyceride concentration is more
likely to achieve steady-state conversion after the high depletion of triglycerides phase, where the
high linearity of the model fit supports the range identified. The monoglyceride concentration results

are also applied to the Eq. 3-24 to test the robustness of the kinetic model, as shown in Figure 3-24.
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Figure 3-24. Pseudo first-order kinetic model of monoglycerides formation and depletion for

baseline.

The pseudo first-order kinetic model of monoglycerides is shown above in Figure 3-24, where the
initial fluctuating trend is expected as it coincides to the fast conversion phase of triglycerides and
diglycerides. Thus, a similar technique is applied to the transformation to isolate the “noise” for a

better representation of the kinetic mechanism, as shown in Figure 3-25.
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Figure 3-25. Isolated formation and depletion of monoglycerides for the pseudo first-order kinetic

model from 180s to 750s for baseline.

The range identified for the conversion of monoglyceride is from 180s to 750s based on Figure 3-25.
The range selected is relatively late in the residence time of the transesterification process. The reason
is that two precursors are constantly converting at a high reaction rate, leading to a longer fluctuating
range for monoglycerides. The selected range used in the pseudo first-order kinetic model shows
good fit with equation 4-8 as reflected by the R? value. Furthermore, the three-point moving average
kinetic constant is calculated from Os to 750s for both diglycerides and monoglycerides to study their

respective inflection point at different times, as shown in Figure 3-26.
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Figure 3-26. The kinetic constant of diglycerides and monoglycerides via moving average of the

linear gradient for baseline.

From Figure 3-26, the evolution of the averaged kinetic rates can be observed for diglycerides and
monoglycerides. The negative values in kinetic rates represent a net surplus of the particular
glycerides where the effect of formation dominates the effect of depletion. Monoglycerides
conversion showed a constant formation-dominant phase overall, but diglycerides conversion starts
depleting at about 420s, which is logical as steady-state of triglycerides is only after 270s based on
Figure 3-17. Therefore, the depletion of monoglycerides can be expected much later than 750s, where

the depletion of diglycerides approaches steady-state.
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3.14 Conclusion

This working chapter aims to extend the research for current batch-type biodiesel transesterification,
widely practised in research and industry. Generally, the batch-type biodiesel reactor is in the form
of a stirred tank, while monitoring of the reactor is based on the operating conditions such as reacting
temperature, catalyst concentration, methanol to oil molar ratio, and stirring speed. However, these
parameter’s effects are often analysed and concluded based on the final yield point with translates to
a steady-state condition. Therefore, the conclusion made is not a fair comparison, given that the

transition of transesterification is not captured throughout.

The effects of the operating conditions were analysed dynamically at different stages of
transesterification in batch processing. For instance, the requirement for adequate mixing is
important during the initialisation for the transient-state of transesterification, but diminishes as the
reaction occurs when oil and methanol become more miscible. Another observation is from the
methanol to oil molar ratio, which negatively affects the transesterification process when used in
excess at the physical-limiting stage, while increasing importance as the reaction approaches the
steady-state of the reaction-limiting stage. The interaction between factors and yield is analysed via
the hierarchical agglomerative clustering method from transient to the steady-state reaction of
transesterification. Thus, the limiting factors are identified at different points of the process with the
respective operating conditions, while evaluated through the standardisation and normalisation of
Pareto analyses. Therefore, Pareto analysis can be applied in a transient manner to identify the
dynamic effects of the operating condition in a standardised and comparable setting throughout

transesterification.

In all, the framework allows the results from the Design of Experiment to be analysed in a transient
manner. Thus, individual factors can be screened throughout for mass transfer limitations (reaction-
based), or operating condition (design-based) limitation at different stages. Therefore, the limitations
from factors are then used to analyse the process at the glyceride level, to refine and extend the

mechanisms for the reaction kinetics in transesterification.
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Chapter 4 Reticulated Vitreous Carbon as a Novel
Agitator for Stirred Tank Reactor

4.1 Introduction

In this chapter, microturbulence-assisted transesterification is studied via the integration of
Reticulated Vitreous Carbon (RVC) agitator in a stirred-tank reactor. The interaction of RVC and the
mass transport of transesterification is characterised via (i) the relationship of micro-turbulence and
physical agitation for biodiesel production, (ii) the mass transfer rates and reaction kinetics of the
reactor, (iii) the study of operating conditions such as temperature, RVC pores per inch (ppi), the
rotational speed of perturbation, catalyst loading, and methanol to oil molar ratio at different levels
to understand how the use of RVC impacts high-shear for enhanced mass transport. Additionally, a
conventionally stirred tank reactor is used to benchmark against the results from the RVC reactor
and compare their respective performances from transient to steady-state of the transesterification

process.

4.1.1 Reticulated Vitreous Carbon on its properties, structure, and applications

Porous materials can be applied in a wide range of areas in applied sciences and engineering. The
study of porous media offers excellent practical applications, from biology to geoscience, chemistry
to materials science and civil engineering to environmental engineering. The main goal for
conventional and advanced applications, such as in the pharmaceutical, food, petroleum, gas and

nuclear industries, is to understand the relationships between systems and properties.

The research of transport phenomena in porous materials has emerged as a distinct area of study
thanks to their importance and prevalence. The general theories behind flow and transport in porous
media are encompassed by transport phenomena, known from the microscopic scale upwards, and
form the basis of deterministic and stochastic models to describe them. Porous media's role in a single
and multiphase fluid flow is often assessed based on the biomolecular and chemical responses. The
evaluations generally are from the studies of motions for suspending solid particles, heat transfer
mechanisms (conduction, convection, and radiation), and the combination of electrical-acoustic

transport.

RVC is a solid foam made up of an open-cell network consisting of vitreous carbon, with a rigid
honeycomb structure. The reticulated characteristic is described as a matrix of cells and ligaments
spatially connected within the skeletal strut. The material features basic properties such as
exceptionally high void volume (ca. 97%), rigid structure, high surface area, low fluid flow

resistance, high resistance to temperature and chemical stability in a non-oxidising atmosphere.
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These physicochemical properties have led to a vast amount of research interest, particularly in the

fuel storage and production or chemical catalyst supports in the applied electrochemistry field.

The morphological parameters, such as cell and window diameter, strut diameter and porosity, are
used to define the foam structure of RVC [242,243]. The porosity of RVC is also measured in ppi,
which give rise to a variety of strut morphologies, namely, cylindrical, triangular and triangular
concave [244]. The timeline in Figure 4-1 shows the historical research and development of RVC

from production, characterisation to application.

(Application, structural, and computational studies of solid foam%

( Fundamental property studies \ This work

(__Production and manufacturing

J Wang RVC material Weaire-Phelan counter
review conjecture

Arenas et al. micro-
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Figure 4-1. Timeline for the implementation of reticulated vitreous carbon from the critical
development of its structure, characteristics and applications adapted from Walsh et al.

[245].

In 1964, Ford’s [246] first iteration of RVC was produced by the carbonisation and graphitisation of
phenolic foam, a resin precursor. The manufacturing process occurs in an inert atmosphere of 540°C,
followed by a second stage of heating the polymerised resin at a higher temperature of 1100-1300°C
for strengthening the structure. The choice of resin precursor, solvent, carbon source soaking time,

curing temperature and duration, and carbonisation rate can significantly affect the RVC properties.

In terms of application, based on Figure 4-1 majority of the RVC studies revolves around the mass
transport in the area of electrochemistry [247] such as fuel cell [245,248] and tissue engineering
[249]. However, many evidence from these studies are often pointed towards the huge advantage of
using RVC to improve mass transport, but none has tested the material as a rotary agitator in a
chemical reactor. Therefore, in this chapter RVC is integrated into the traditional batch-type stirred-
tank reactor to evaluate its strength in agitating chemical reactants by introducing microturbulence

and micro-level diffusion.
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4.1.1.1 Structure and properties of RVC

In 1887, Kelvin proposed a space-filling structure with a limited surface area for identical cells of
comparable volume. In a 14-sided truncated octahedron, the hexagonal faces with a small curvature
are the natural solution to the structure. Thus, a foam based on a bitruncated cubic honeycomb is the

most efficient bubble foam in partitioned equal volume cells, widely accepted as the Kelvin structure.
The Kelvin’s optimal isoperimetric quotient of the uncurved truncated octahedron is given by

36ml? 641
== ~ 0.753367 Eq. 4-1
S 3(1 +2V3)3

A counter-conjecture only arises after 100 years as the Kelvin’s conjecture is widely accepted. In
1994 Weaire and Phelan found a space-filling unit cell composed of six 14-sided polyhedral and two
12-sided polyhedral with irregular faces via computational mathematical simulations of open-foams.
The improved structure shows an isoperimetric quotient of approximately 1.0 % higher than Kelvin’s
cell [250]. This event has led to the use of the Weaire-Phelan foam structure in constructing the

Beijing Olympic Water Cube in 2008.

The RVC structure can be described as a foam with thick outer perimeters of window frames
interconnected by vitreous carbon strut. The three-dimensional porous structure, combined with a
large number of voids of between 90 % to 97 % enabled it to have an average volumetric surface
area of 65 cm-'. The RVC porosity of the range from 10-100 ppi is commercially available, which

is a parameter that affects the void volume.

It is exceptionally resistant to intercalation by graphite disintegrating materials and is inert to a wide
variety of acids, bases and organic solvents that are very reactive. This characteristic makes the

material highly versatile in a chemically harsh environment.

Figure 4-2 presents images of 10, 20, 45, 60, 80, 100 ppi porosity grade samples of RVC taken from
a digital microscope with 50x magnification. Figure 4-3 presents the SEM images of 10, 30, 60, 80,
and 100 ppi grade samples of RVC. The honeycomb-like structure shown in Figure 4-2 (a)-(f) are
formed by strands of carbon strut, which takes a form similar to a triangle or tetrahedron, as one of
the strands are hidden behind the 2-dimensional surface. The repetition of this structure gives rise to
RVC’s rigidity. Additionally, four different variables are required to characterise the RVC structure,
namely, pores per linear inch, the strut length, strut thickness and the surface area of the trigonal strut

where the area of the strut meet [247].
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Figure 4-2. RVC of various porosity under 50x magnification using digital microscope, (a) 10 ppi,

(b) 20 ppi, (¢) 45 ppi, (d) 60 ppi, (e) 80 ppi, (f) 100 ppi.
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Figure 4-3.SEM micrographs of: (a) 10, (b) 30, (c) 60, (d) 80 and e) 100 ppi (nominal pores per
linear inch) porosity grades of RVC [251].

The strut length was defined as the length of one end of the trigonal struts where the strands are
uniform as shown in Figure 4-4, while the area is calculated from measuring the radius of the trigonal
strut. All measurements were done using the digital microscopy software calibrated for RVC,

averaged over ten different lengths of struts and trigonal struts radius. Table 4-1 shows the
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measurements of the physical characteristics at various porosity grade of RVC. The specific surface

area of a porous solid is defined as the amount of surface area over a given bulk volume of foam.

Figure 4-4. Digital microscopy of (a) 10 ppi RVC, the green parallel lines mark the end-points of

length and thickness is measured from the green circular radius. (b) 20 ppi, (c) 45 ppi,
(d) 100 ppi.
Table 4-1. Dimensions of the physical characteristics of four porosity grades of RVC (taken from a

digital microscope at 50x magnification).

Property Nominal pores per linear inch (ppi)

10 20 45 100
Strut length (mm) 1.055 0.364 0.320 0.322
Strut thickness (mm) 0.745 0.303 0.245 0.189
Trigonal strut circle radius (mm)  0.450 0.169 0.170 0.091
Trigonal strut area (mm?) 0.197 0.088 0.135 0.057

The specific surface area data is shown in Figure 4-5, obtained from the manufacturer’s RVC
datasheet. The foam’s specific surface area is calculated geometrically using the multipoint

Brunauer-Emmett-Teller (BET) method via the adsorption of krypton gas at cryogenic temperature,
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as shown in Figure 4-6 [252]. Based on Figure 4-6, the specific surface area increases

logarithmically as pore density and relative density increases.
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Figure 4-5. (a) Strut dimension and (b) area with pores per linear inch.
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Figure 4-6. The specific surface area of RVC foam from Materials and Aerospace Corporation.

Adapted from ERG Aerospace, USA [252].

4.2  Preliminary experimental studies of RVC-assisted

transesterification

This study aims to identify the range of interest for a follow up experimental study involving a full
factorial test matrix. Thus, the preliminary test allows a smaller subset of operating conditions for
the RVC reactor to be used, for highlighting the significance of interactions between RVC and

biodiesel transesterification.

4.2.1 Materials and experimental setup

The feedstock used for the experiment was commercial RBD palm olein. Analytical grade methanol
99.8 %, potassium hydroxide (KOH) >85 %, and hydrochloric acid 37 % were obtained from Qrec,
Merck, and VWR. Standard analytical reagents such as methyl heptadecanoate were obtained from

Sigma-Aldrich.
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The RVC used in this study has 20, 45, 65, 80 ppi. Table 4-2 summarises the physical properties of
the RVC. The transesterification reaction was conducted in a 1L cylindrical batch reactor, with a
constant 455 g of palm oil and varying methanol volume to represent the methanol-oil ratio from 4:1
to 7:1. Potassium hydroxide (KOH) is used as the catalyst to form potassium methoxide through the
addition of methanol. Catalyst loading ranging from 0.5-1.5 wt. % of oil. Reaction time starts after
the addition of potassium methoxide and initiation of the mechanical stirrer. Heat addition is done
using a silicone jacket with a temperature controller, where temperature measured by a K-type
thermocouple, which allows reaction temperature to be fixed in the range of 40—70 °C. Table 4-3

shows the resolution and the uncertainty for the instrument used throughout the experiment.

Table 4-2. Characteristics of Duocel® Reticulated Vitreous Carbon foams at 3% nominal density

[253].
Properties Values Unit
Compression strength 0.10-0.52 MPa
Tensile strength 0.17-0.34 MPa
Shear strength 30.3 MPa
Mohs hardness 6-7 Mohs
Modulus of Elasticity (Tension) 101.84 MPa
Shear modulus 30.3 MPa
Vickers pyramid number 35 HV
Specific heat 1.26 J/g.°C
Bulk thermal conductivity 0.033-0.050 W/m.°C
Coefficient of Thermal Expansion 2.2e-6 1/°C
(0-100°C)
Coefficient of Thermal Expansion 3.2e-6 1/°C

(100-1000°C)

Bulk resistivity 32.3e-2 Ohm.cm
Temperature limitations (in air) 325 °C
Temperature limitations (inert) 3499 °C
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Table 4-3. Resolution and uncertainty of measuring instruments.

Instrument Measurement Resolution Uncertainty
Thermocouple (K- Temperature 0.1 °C +2.2°C
Type)

Constant stirrer Revolution per min 1 rpm + 1 rpm
controller

Silicon heating jacket ~ Temperature 0.1°C +1.0°C
Mechanical pipette Sample volume 0.1 ml + 0.3% vol.

The performance of transesterification using RVC stirrer was studied by comparing with a baseline
stirrer, made of High-density Polyethylene (HDPE). The RVC and HDPE mechanical stirrers were
both constructed into an identical dimension of 0.09 m x 0.03 m x 0.13 m in length, width and
thickness, which is then coupled to the end of the stirring rod from the AQL constant speed stirrer,
with rotational agitation between 100400 rpm. The schematic of the experimental setup is shown in

Figure 4-7.

Constant RPM
Stirrer

(@)

RVC at 20 PPI

Thermocouple

Extraction

Figure 4-7. (a) Schematic of the preliminary setup using RVC mechanical stirrer. (b) Experimental

setup of the batch-type transesterification with RVC stirrer.

The one-factor-at-a-time (OFAT) method is implemented for the preliminary test matrix, as shown
in Table 4-4.
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Table 4-4. One-factor-at-a-time (OFAT) test matrix for RVC preliminary studies and HDPE

benchmark reactor.

Case No. RPM Temperature (°C) Methanol to Catalyst  Ppi Testing For
oil molar loading
ratio (wt. %)
1,13,32 200 60 1: 1 20 Baseline
2 100 60 l: 1 20
23 300 60 l: 1 20 RPM
3 400 60 l: 1 20
19 200 60 l: 0.5 20
29 200 60 1: 1.2 20 Catalyst
20 200 60 l: 1.5 20
9 200 60 l: 1 20
25 200 60 l: 1 20 Methanol o
oil ratio
10 200 60 l: 1 20
14 200 40 l: 1 20
28 200 50 1: 1 20 Temperature
15 200 70 l: 1 20
7 200 60 l: 1 45
24 200 60 l: 1 65 ppi
8 200 60 l: 1 80
4,16,33 200 60 1: 1 HDPE Baseline
5 100 60 l: 1  HDPE
26 300 60 l: 1  HDPE RPM
6 400 60 l: 1  HDPE
21 200 60 l: 0.5 HDPE
31 200 60 l: 1.2 HDPE Catalyst
22200 60 l: 1.5 HDPE
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11 200 60 1:4 1 HDPE
Methanol to
27 200 60 1:5 1 HDPE
oil ratio
12 200 60 1:7 1 HDPE
17 200 40 1:6 1 HDPE
30 200 50 1:6 1 HDPE Temperature
18 200 70 1:6 1 HDPE
4.2.2 Sample characterisation

Sampling of transesterification (3 ml) was done using mechanical pipette to extract 9 samples
between 20s to 1,800 s, and reaction of samples was quenched immediately using the neutralisation
method via diluted hydrochloric acid [214]. The fatty acid methyl ester (FAME) yield was
determined by Agilent 7820A gas chromatograph (GC) system using a FID, equipped with a capillary
column (HP-INNOWax Column, 30 m x 0.25 mm, 0.25 um). The GC analysis parameters were
adopted from EN 14103. The FAME yield is defined as the conversion of vegetable lipids to
biodiesel, from the gas chromatograph analysis, FAME content (%) was defined using Eq. 3-1.

4.2.3 Results and discussion

The experiment is conducted with RVC and baseline HDPE mechanical stirrers, with default reaction
conditions of 200 rpm stirring speed, 1.0 wt. % KOH catalytic loading, 60 °C reaction temperature,
and 6:1 for methanol to oil molar ratio. A test matrix of five factors each with four levels was run to
study the parameters of interest, with 29 unique experiments consisting of a total of 261 sample

points.

4.2.3.1 Effects of pores per inch (ppi)

The use of RVC as an alternative material for mechanical agitation in biodiesel transesterification
has not been approached. Thus, the geometrical characteristics of RVC are investigated to determine
the optimum porosity for transesterification, one of the main parameters is pores per inch, which is
essentially pore density. The ppi gives rise to the low-density characteristics of RVC, as the ppi
increases, the density also increases. The experiments were conducted with RVC ranging from 20—

80 ppi, then compared against the baseline, as illustrated in Figure 4-8.
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Figure 4-8. Effect of pores per inch (ppi) on FAME yield for RVC against HDPE baseline.

The RVC with 20, 45, and 65 ppi demonstrated an improvement in FAME conversion in series.
Therefore, increasing ppi is an effective option to improve the overall volume to surface area ratio
during intensification, which allows a higher rate of mass transfer between oil and methanol.
However, 80 ppi performs the poorest amongst all the RVC. This is expected as the ppi increases,
the effective surface area diminishes due to oil droplet not able to penetrate between the pores, hence
RVC essentially loses its porous characteristics at high ppi. Nonetheless, it is observed that the RVC
of 80 ppi is still able to outperform the baseline in the initial stage of reaction, before 600s, which

indicates the microturbulence induced is still relevant to improve reaction rates from RVC.

The highest yield was obtained from the results of 45 and 65 ppi, achieving up to 99.5% conversion.
In contrast, 20 and 80 ppi only slightly surpasses 90% yield, which is similar to the baseline. Thus,
low ppi might not provide sufficient surface area needed for reaction, and the oil droplet size would
limit the excessive level of ppi. Therefore, results indicate an optimum point for ppi, situated between

RVC of 45 and 65 ppi.
4.2.3.2 Effects of agitation rate

Transesterification without mixing is a diffusion-controlled reaction, hence by using batch
processing technique, physical agitation can be used to promote rates of reaction via mechanical
stirrer. Thus, rpm represent the rate of rotational agitation provided to the reaction to enhance mass
transfer. Adequate mixing is vital for homogeneous mixing in this experiment, the biodiesel yield is

studied across a range of 100—400 rpm, for both RVC and baseline cases.

Figure 4-9 shows the influence of rpm on FAME yield for both RVC and baseline. In general, the
increase in rpm leads to an overall improvement of reaction rates. However, RVC shows a greater

impact for intensification at the beginning phase of mixing and provides near full conversion of
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biodiesel within 200 s of mixing at 300 rpm. The result is postulated to be due to the microturbulence-
induced from the edges and micropores through shearing of the reactants. During mixing, the

reticulated surfaces of RVC provide a greater total volume to surface area for the transesterification

reaction.
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Figure 4-9. Effect of agitation rate on FAME yield for (a) RVC and (b) HDPE baseline.

For lower rpm operations, the reaction did not mix homogeneously at 100 rpm for baseline. However,
RVC is still able to generate superior mixing capability to achieve high yield. This suggests that RVC
facilitates physical intensification via mechanical stirring while also contributing to diffusion-based
transesterification between reactants. The reactant can enter the porous structure more readily at

lower rpm benefiting from the large surface area for enhanced reaction rates, due to the reticulated

geometry.

At the high rpm operation of 400 rpm, vortex starts to form in the reactor, hindering homogeneous

mixing of the reactants, resulting in diminishing reaction rates. The high rpm also causes the bulk
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fluid to move further away from the centre of the reactor, effectively causing lesser contact area with

the stirrer, substantially declining the mixing capabilities for RVC.
4.2.3.3 Effects of KOH Catalyst Loading

Base-catalysed transesterification is used in this study as it is highly effective at mild reacting
conditions. The experiments were carried out using KOH with catalyst concentration at 0.5—1.5 wt.
% of the palm oil. As shown in Figure 4-10, the effect of catalytic loading for RVC demonstrates a

sequential improvement with increasing KOH concentration, which is also reflected for the baseline.
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Figure 4-10. Effect of KOH catalytic loading on FAME yield for (a) RVC and (b) HDPE baseline.

Both studies showed that 1.5 wt. % catalyst provided the highest reaction rates and final yield of
FAME, while the inverse is true for 0.5 wt. % catalyst. Also, enhancement in FAME conversion is
observed in the initial physical-limiting stage from 0—360 s for RVC mechanical stirrer as compared

to baseline. Furthermore, 99.4% and 100.0 % FAME yield are achieved by RVC and baseline,

respectively at 1.5 wt. % catalytic loading.

179



Chapter 4

Overall, all experimental results from RVC surpass 90% FAME yield for catalytic loading. However,
baseline tested at 0.5 wt. % catalytic loading obtained a FAME yield of only 85.8%, which is the
lowest in this study. Thus, RVC can still retain high yield at low catalytic conditions, likely because
of microturbulence, creating a local mixing between catalyst and reactants, improving catalytic
activity. Therefore, making RVC approaches potentially more financially viable for
commercialisation and minimising the catalyst-polluted wastewater allows for a cleaner biodiesel

processing technique.

4.2.3.4 Effect of Molar Ratio of Methanol to Oil

Methanol to oil molar ratio affects the chemical equilibrium of the transesterification, with
stoichiometric defined at 3:1 molar ratio. Therefore, the range of 4:1—7:1 molar ratio is investigated,

as shown in Figure 4-11.
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Figure 4-11. Effect of the molar ratio of methanol to oil on FAME yield for (a) RVC and (b) HDPE

baseline.
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Conventionally, excess methanol is used to promote reaction rates, favouring the forward reaction of
transesterification. However, since the volume of oil is set as a constant, and molar ratio is varied by
volume of methanol. The mixture's total volume should be considered for reaction rates since total
volume to the surface area between stirrer and reactant will reduce for high molar ratio as more

reactant is present.

The 7:1 molar ratio provided significant improvement for both RVC and baseline, surpassing 70%
yield within 60 s. The highest yield is achieved at 96.1 % and 93.3 % by 7:1 molar ratio for baseline
and RVC, respectively. However, RVC is observed to be effective at a lower range of methanol to
oil molar ratio, reflected in Figure 4-11(a). Nonetheless, the reaction rates for RVC studies have less
of a variation, which suggests that methanol to oil is a less sensitive factor for RVC. All results

consistently achieve more than 90 % yield for RVC.

The FAME vyield of baseline has a larger variation, dispersing across a final yield of 83.1-96.2 %.
Therefore, this shows that the strong mixing capabilities of RVC can efficiently utilise the reactants,
raising the lower limit of FAME yield compared to baseline results. The reduction in molar ratio
consequently reduces the total volume of the mixture within the reactor, which adequately increases
the effective total volume to surface area for the RVC. This causes an indirect effect to facilitate the
reaction rates at a lower operating range of methanol to oil molar ratio, leading to low volume
reacting conditions and better mixing for reactants. Microturbulence created by the RVC also enables
homogeneous mixing between the palm oil and methanol, which are both immiscible and improve

reaction rates and yield.

4.2.3.5 Effects of Reaction Temperature

Increase in temperature promotes reaction rates in transesterification, as biodiesel is produced via
forward reaction of an endothermic process, which essentially requires the addition of heat. Raising
the temperature of the mixture system allows the shift of the chemical equilibrium to favour biodiesel
production. Besides, the temperature increase is associated with improved miscibility due to
solubility limits between oil and methanol, which is partially soluble in nature, since oil is non-polar

and methanol is a polar solvent.

In this experiment, the temperature range of 40—70°C is studied to determine the effectiveness of
heat distribution for mechanical stirrers to improve reaction rates, as illustrated in Figure 4-12. RVC
exhibits moderate biodiesel yield from 40—70°C, as the maximum achievable yield is from 87.5% to
90.9%. However, RVC shows improvement particularly for lower temperature experiments, such as
the 40°C and 50°C cases, prior to 600 s reaction time when compared against the baseline. Similarly,
in the previously examined methanol to oil molar ratio studies, the FAME yield variation is small at
the final phase of the reaction. Consequently, it is possible to achieve the same yield using a lower

reaction condition with RVC.
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Figure 4-12. Effect of reaction temperature on FAME vyield for (a) RVC and (b) HDPE baseline.

For the baseline studies, the 40 °C case takes longer time to converge to the final yield point than the
other temperature, while 50 °C and 60 °C cases are virtually identical in terms of reaction rates and
FAME yield. The baseline case at 70 °C can achieve a higher FAME yield of 99.2 %, as compared
to RVC after 200 s.

4.2.3.6 Summary of the preliminary results for RVC transesterification

Majority of the RVC studies are reported from the field of electrochemistry to promote mass transfer
by leveraging on the enhanced surface area from the reticulated characteristic. Thus, the main goal
of the preliminary results is to identify the suitable range of operating condition for RVC reactor in
biodiesel transesterification. Therefore, RVC as a material is tested to elucidate the feasibility of a
stirred-tank agitator. As such, the range of the parameters used in this preliminary experiment mimics

the conventional batch-type reactor, as discussed in Chapter 3 for benchmarking purposes.
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In this experiment, RVC as a material for overhead stirrer is expected to improve the physical
agitation aspect for transesterification. Therefore, studying the PPI and agitation rates provides more
noticeable differences as compared to catalyst loading, methanol to oil molar ratio, and reaction
temperature. This is only partially true as observed from the results using the effects of molar ratio,
reaction temperature, and catalyst loading, where the use of RVC provides a smaller variance in yield,

hence improving consistency.

For the agitation rate, the results of using 100 rpm highlight the mass transfer issue with
transesterification, where the baseline is unable to provide adequate mixing. However, RVC is able
to take advantage of its material properties to homogenise the reactants, hence a relatively higher
yield is obtained at the end of the process. The increase in ppi improves the biodiesel yield, where
the performance peaks at 45 ppi, followed by a plateau and negative effect using 65 and 80 ppi stirrer,
respectively. In terms of catalyst loading, the trends for the yield are in the increasing order of
magnitude with the amount of catalyst used. This is shown in both RVC and baseline test results,
with the former observed to be more stable in yield growth than the latter. For methanol to oil molar
ratio, increasing the molar ratio clearly increases biodiesel formation in the baseline. However, the
RVC test shows a small effect of yield difference for using different molar ratios as the results are
small in variance. The effects of reaction temperature have similar trends as the methanol to oil molar
ratio. RVC is observed to be a more efficient agitator in reaction for heat distribution to obtain a high
yield despite using a lower reaction temperature at 40°C. Figure 4-13 shows the FAME yield
comparison of RVC and the baseline stirrer which acts as a benchmark for three different stage of
transesterification, namely, the initialisation phase(20 s), the transition stage (180 s), and the final

yield point (1,800 s).

FAME Yield (%)
Initialisation Transition Stage Final Yield
20's 180 s 1800 s
RVC Baselines RVC |Baselines RVC Baselines

100 155 0.94 545! 1.59 84.61 7.27
RPM 200 21.26 17.64 71.30! 73.62 90.92 91.54
300 38.93! 29.80 97.29! 80.16 100.00! 92.42
400 47.27! 38.42 81.86! 73.22 85.79! 87.13

20 21.26 78.68! 90.92

45 20.62 84.60! 100.11
PPI 60 32.29 s 75.87! 73.62 99.49 91.54

80 32.01! 78.20! 90.65!
0.5 27.56! 419 66.95! 69.29 87.70! 85.75
Catalvst loadin 1 21.26! 17.64 78.68! 78.68 90.92! 91.54
y 9 1.2 26.57! 25.36 78.93! 71.30 94.68 92.54
15 36.58! 39.62 91.36! 93.32 99.42 100.23
4:1 33.64! 22.98 77.04! 73.17 95.76 85.86
Methanol to oil 5:1 31.65! 17.37 78.72! 71.19 94.96! 83.09
molar ratio 6:1 21.26! 17.64 78.68! 73.62 90.92 91.54
7:1 27.73! 27.49 82.11! 84.21 93.30 96.17
40 28.98! 24.11 65.58! 68.66 90.32 89.16
Temperature 50 27.76! 24.58 70.37! 72.69 89.16! 91.01
peratu 60 21.26 17.64 78.68! 73.62 90.92! 91.54
70 27.73! 12.34 77.70! 85.45 87.51! 99.17

Figure 4-13. Comparison of RVC and baseline stirrer across factors.
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In all, the selection of operating conditions is required to be comparable with the batch reactor results,
where the transesterification regime of interest determined from the full factorial test can be analysed

in the RVC experiments.
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4.3 Reticulated Vitreous Carbon transesterification study via the full

factorial design of experiments

The preliminary results provide sufficient insights for implementing the Design of Experiments with
the appropriate inputs. Thus, Minitab 19 was utilised to create the Full Factorial study using five
factors (ppi, agitation rate, methanol to oil molar ratio, catalyst loading, reaction temperature) at three
different levels, as shown in Table 4-5. The number of permutation in the factorial design totalled
243 (3%) unique experiments, with ten sampling points within 30 minutes of reaction time
individually. The levels of factors and time of sampling were selected based on the transesterification
yield profile from the preliminary studies. Therefore, the agitation rate for RVC at 100 rpm is not
considered homogeneous mixing, as shown in Figure 4-13 where the yield for baseline is
significantly lower than the RVC. The 65 ppi is also eliminated since the pores start to saturate
beyond 45 ppi, as shown in the small variance in yield. The molar ratio was selected based on
transesterification stoichiometry in increasing order. The temperature was based on near-room
temperature and in increasing order of magnitude, the 60°C upper limit is selected due to the boiling
point of methanol at 64.7 °C. The KOH catalyst loading of 1.2 wt. % is removed as the difference

between 1.0 wt. % and 1.5 wt. % is small.

Table 4-5. Factorial Design Parameters in Minitab 19.

Factor = Name Unit Type Level Values

-1 0 +1
A Agitation rate rpm Continuous 200 300 400
B Pores per inch - Continuous 10 20 45
C Catalyst Loading %.wt Continuous 05 10 15
D Molar Ratio - Continuous 3 6 9
E Reaction Temperature °C Continuous 30 45 60
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4.4 Results and discussions

4.4.1 General factorial regression model assessment for RVC transesterification

reaction.

General factorial regression analysis from the data was conducted to validate the biodiesel yield.

k k 5 k-1 k Eq. 4-2
i=1 i=1 i=i<j =2

Where Y is the predicted transesterification yield produced from the RVC reactor, and B, Bi, and Bj
are coefficients calculated based on the general factorial stepwise regression analysis. To define a
useful subset of terms stepwise eliminates and adds terms to the model. This approach begins with
an empty model or includes the terms that the user has defined in the original or model models. The
regression analysis terminates when all the model variables have p-values greater than the value
entered by the specified alpha. All variables in the model have p-values less than or equal to the value
removed by the specified alpha. In this study, the alpha to enter and remove is 0.05. The regression
analysis is conducted on the ten different sampling points independently as they are considered

individual responses. The model summary is shown in Table 4-6.

Table 4-6. General factorial regression model summary for 30s to 1800s using RVC.

Sampling Time (s) S R? (%) R?*(adjusted) (%) R%(predicted) (%)
30 11.8193  70.86 68.51 65.68
60 12.7017  66.27 65.41 64.24
120 10.8169  75.76 72.83 69.31
180 10.2328  74.19 71.07 67.33
270 9.48577  73.48 70.27 66.42
420 8.6317 71.21 69.43 67.29
600 8.00846  71.8 70.06 67.96
900 741198 71.26 69.49 67.35
1500 7.28417  68.55 66.61 64.26
1800 7.75728  62.66 61.38 59.72
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4.4.2 Factorial plots analysis for the RVC transesterification reaction.

The factorial plots analysis consists of an interaction plot and main effect plots for each continuous
variable based on the regression model. Figure 4-14 and Figure 4-15 is the results of a factorial plot
analysis at the 30s into transesterification for RVC reactor. The interaction plots in Figure 4-15 show
the fitted means of transesterification yield by combining different level settings for
transesterification. This plot demonstrates an apparent interaction effect. The lines are not parallel,
indicating that the relationship between RPM, ppi, catalyst loading, and reaction temperature depends
on the methanol to oil molar ratio at 30s. The regression analysis results imply that the interaction

effect for ppi*Molar Ratio and Catalyst*Temperature are statistically significant.
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Figure 4-14. Main effects plot for 30s into RVC transesterification.
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Figure 4-15. Interaction plot for 30s into RVC transesterification.

In the ppi*Molar Ratio interaction plot, the lower molar ratio has a higher mean of yield, particularly

at 10 ppi, where the means of yield converges as ppi increases. The observation suggests that
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methanol saving can be potentially achieved using lower molar ratio settings, without trading off
biodiesel yield purely based on the surface area effect from RVC agitation. Another interesting
interaction is the Catalyst*Temperature, where positive correlation is observed with the increase in
both operating conditions. The effect is expected to contribute to the activation energy required to

initiate the transesterification reaction.

For each continuous variable, the main effects plots display the fitted means, while the other variables
in the model are kept constant, as shown in Figure 4-15. Since the lines are not horizontal, the key
effects of all these factors are present. The findings of the regression analysis confirm the statistical
importance of all the key effects. However, the main effects plot can be misleading because the
interaction effects are statistically significant. Consequently, the main effects plots cannot be

interpreted without the interaction effects plots.

For the 60s factorial analysis, there is no valid interaction plot since none of the two-way interactions
is within the p-value of 0.05. Therefore, the modelled terms in the 60s sampling are RPM, catalyst
loading, and temperature, as shown in the main effect plots Figure 4-16. The transesterification
reaction's physical-limiting stage suggests that a higher agitation rate promotes the reactants to
achieve homogeneity, resulting in greater yield. The catalyst loading and temperature are still

dominant in terms of main effect strength.

Main Effects Plot for 60s
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Figure 4-16. Main effects plot for 60s into RVC transesterification.
The main effects and interactions at 120s in Figure 4-17, catalyst loading, molar ratio, and
temperature are statistically significant. However, the molar ratio's main effects are relatively weaker

than catalyst loading and temperature, with a maximum difference in mean yield of 5%. The

interaction of Molar Ratio*Temperature in Figure 4-18 shows a more considerable divergence of
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means of yield moving from 3 to 9 molar ratio, with lower temperature decreasing across, while
greater yield contributed by higher temperature. The relationship between the miscibility of
methanol-oil and biodiesel supports the previous observation. The total volume of reactants is
constant for all test cases, with the total mass having a percentage difference of 1.18% for low and
high molar ratio cases. Therefore, when the molar ratio is low, the methanol becomes a bottleneck
for producing biodiesel, where the higher temperature has minimal effect on the interaction between
Molar Ratio*Temperature. However, at 9:1 methanol to oil molar ratio, the methanol is no longer a
limiting factor for the reaction. As the volume fraction of methanol increases in the total volume, the
reaction's surface area increases. Thus, the higher temperature enables higher reaction rates,
producing more biodiesel as the reaction overcomes the activation energy barrier. The higher
temperature also improves the miscibility between oil and methanol as the solubility of oil in
methanol increases, resulting in more homogeneous mixing for the reactants. The lower temperature
at the higher molar ratio, since the volume fraction of methanol increases, and miscibility of oil and
methanol is low, suggesting no homogeneous mixing among reactants. Therefore, the reaction only

occurs at the surface of oil and methanol, resulting in a relatively lower yield.

On the other hand, the interaction of Catalyst*Temperature is similar to the 30s factorial plot.
However, the Catalyst*Molar Ratio interaction has an opposite effect at the lower catalytic loading
condition. The operating conditions of 3:1 and 6:1 methanol to oil molar ratio perform better than
the 9:1 by a 9% margin in yield. Since the catalyst concentration is low, this suggests that the lower
molar ratio enables a higher collision rate between the catalyst and the reactants as there is an

effectively higher mass of catalyst per volume of methanol (mg/ml).
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Figure 4-17. Main effects plot for 120s into RVC transesterification.
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The main effects plot for biodiesel yield of 180s in Figure 4-19 are observed to be dominated by

increasing catalyst loading and reaction temperature, with catalyst loading having a significant
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Figure 4-18. Interaction plot for 120s into RVC transesterification.

difference in mean yield of 32% moving from 0.5wt. % to 1.5wt. % of oil.

This observation is also reflected in Catalyst*Molar Ratio and Catalyst*Temperature interactions in

Figure 4-20, where catalyst loading dictates the mean yield direction. The molar ratio main effect

Main Effects Plot for 180s
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Figure 4-19. Main effects plot for 180s into RVC transesterification.
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does not follow the conventional trend of transesterification reaction of higher reactants promotes
higher rates of reactions. A decrease in 2% mean yield was observed when moving from 6:1 to 9:1
methanol to oil molar ratio. The interaction plot reveals that the potential decrease in yield is
associated with the Molar Ratio*Temperature interaction similar to the 120s analysis. This
observation's implication enables practical application of biodiesel production, such as using
dynamic and adaptive methanol to oil molar ratio for transesterification from the beginning to the

end of the reaction.
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Figure 4-20. Interaction plot for 180s into RVC transesterification.

In the factorial plots for 270s as shown in Figure 4-21 and Figure 4-22, catalyst loading, methanol to
oil molar ratio, and the temperature are statistically significant. The 270s study also situates between
the physical-limiting and reaction-limiting regime, right at the transition point of transesterification
reaction. As shown in the main effect plot, the 9:1 methanol to oil molar ratio operating condition
does not enhance the reaction rate, as per how literature perceives the effect of using excess methanol.
The result is consistent with the full-factorial study's findings using the baseline batch reactor, hence
6:1 methanol to oil molar ratio will be a more efficient and economical choice for the operating

condition at 270s.

An in-depth analysis of the interaction plot shows that the interaction of Catalyst*Molar Ratio
favours a higher yield using 6:1 methanol to oil molar ratio at 0.5 wt. % catalytic loading. However,
moving towards a higher catalytic loading operating condition, the effectiveness of using a high
molar ratio appears to be synergistic with the catalytic action. A small difference can be observed for

Catalyst*Molar Ratio interactions, particularly at the methanol to oil molar ratio of 6:1 and 9:1 when
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using 1.0 and 1.5 wt. % KOH. Therefore, the economic motivation could still outweigh the slight
increase in mean yield for this scenario. The Catalyst*Temperature and Molar Ratio*Temperature

interaction follows the same trend as the 180s interaction plot results.

Main Effects Plot for 270s
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Figure 4-21. Main effects plot for 270s into RVC transesterification.
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Figure 4-22. Interaction plot for 270s into RVC transesterification.

The increase in reaction temperature did not benefit transesterification in this interaction at 45 ppi,

except for 30°C. When the ppi doubles from 20 to 45, the mean yield increased by 13.5% using a
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30°C reaction temperature. The low reaction temperature limits the reactants' miscibility and the
energy required to overcome the activation energy barrier. However, this is compensated by
improving the surface area between oil and methanol from the 45 ppi agitator. The implication
indicates promising use of RVC as an efficient agitator, as the effect of lowered reaction temperature

can be offset by increasing ppi values.

At 420s, 600s, and 900s into the onset of transesterification in Error! Reference source not found.,
Figure 4-24, Figure 4-25, Figure 4-26, Figure 4-27, and Figure 4-28, the reaction progresses into the
reaction-limiting regime, where the reactants and products achieved homogeneous mixing. During
this stage, the transesterification process relies on the effect of catalyst loading, methanol to oil molar
ratio, and reaction temperature. Catalyst loading and reaction temperature are still consistently
significant in the transesterification reaction. The molar ratio has an improving trend moving from
6:1 to 9:1 methanol to oil ratio, as this is the first time it showed a positive increment in mean yield.
Most likely, due to the effect of excess methanol for the forward reaction outweighs the miscibility
problem caused by it. At 900s, the temperature main effect plot shows negligible improvement from
45°C to 60°C, which is observed as a decreasing trend from 420s to 900s in terms of mean yield.
Thus, at this point, the lower reaction temperature can be used to achieve similar results as

transesterification performance is similar.
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Figure 4-23. Main effects plot for 420s into RVC transesterification.
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Mean of 420s
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Figure 4-24. Interaction plot for 420s into RVC transesterification.
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Figure 4-25. Main effects plot for 600s into RVC transesterification.
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Figure 4-26. Interaction plot for 600s into RVC transesterification.
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Figure 4-27. Main effects plot for 900s into RVC transesterification.
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Interaction Plot for 900s
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The modelled terms for the 1500s and the final yield point, 1800s are catalyst loading, molar ratio,
and reaction temperature as shown in Figure 4-29, Figure 4-30, Figure 4-31, and Figure 4-32. From
the Catalyst*Molar Ratio interaction, it can be observed that the gap between the stoichiometry molar
ratio and beyond has increased, which suggests that methanol acting as a limiting factor for complete
reaction. Additionally, the main effect plot of reaction temperature shows a negative trend moving
from 45°C to 60°C, resulting in a decrease in the mean yield of 2% in both scenarios. This result is
speculated to be the higher temperature evaporating some of the methanol, causing a drop in
performance. The hypothesis can be supported by looking at the interaction of Molar
Ratio*Temperature, where a higher temperature of 60°C performs worse than the lower temperature
at 3:1 and 6:1 methanol to oil molar ratios, where methanol is not in excess. However, the 9:1

methanol to oil molar ratio can outperform in mean yield for 60°C due to the large buffer of excess
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Figure 4-28. Interaction plot for 900s into RVC transesterification.

methanol able to compensate for the evaporation rate, benefitting from the high temperature.
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Figure 4-29. Main effects plot for 1500s into RVC transesterification.
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Figure 4-30. Interaction plot for 1500s into RVC transesterification.
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Figure 4-31. Main effects plot for 1800s into RVC transesterification.
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Figure 4-32. Interaction plot for 1800s into RVC transesterification.

Response optimiser is used based on the regression model with the goal set to maximise biodiesel
yield, where the higher values of the response are preferable. The model used for the optimiser is
from its respective regression model from the 30s to the 1800s of transesterification. The constraints
for the variables are set to the lower (-1) and upper (+1) regions to ensure that it is within the range
of this Design of Experiments. The confidence level for all intervals is set to 95%. As the goal is to

maximise the yield response, the value setup for the target yield is only used to calculate the fit of
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the model (yield fit) and the achievability (composite desirability). The composite desirability is
capped at 1 when the responses are greater than the target value. Table 4-7 shows the result of the

input as a function of reaction time.

Based on Table 4-7, ppi is a significant factor at the initialisation of transesterification, which
complements the effect of agitation at the physical-limiting regime. Therefore, as the mixture has
achieved adequate mixing, agitation with the RVC stirrer (ppi) is no longer required, which is
indicated at beyond 60s. The results from the response optimiser of the benchmark batch reactor in
Table 3-9 suggest that the optimised responses can only achieve adequate mixing at 270s which is

four times longer than using the RVC reactor.

Low methanol to oil molar ratio (3:1) is beneficial for biodiesel production at the beginning of
transesterification from Os to 120s, essentially the physical-limiting stage. This is observed to
improve the overall transesterification defined from the benchmark batch reactor, where its physical-
limiting stage extends into 180s. Therefore, the use of the RVC reactor can allow the
transesterification process to transition from physical-limiting stage to chemical-limiting stage

sooner, through the effect of microturbulence induced by the stirrer.

Table 4-7. Response optimiser for 30s to 1800s in RVC Transesterification.

Time RPM ppi Catalyst Molar  Reaction Yield Yield  Composite
() loading (wt. %) ratio temperature target fit desirability
30 400 20 1.5 3 60 79.9033  73.7566 0.9215

60 400 - 15 60 85.1057  80.7665 0.9458
120 - - 15 9 60 89.7597  87.4601 0.9730
180 - - 15 9 60 93.3232  90.2655 0.9619
270 - - 15 9 60 97.6772  94.4837 0.9583
420 - - 15 9 60 99.2307 101.721 1

600 - - 15 9 60 99.4009 101.478 1

900 - - 15 9 60 100 101.237 1

1500 - - 15 9 60 100 98.289  0.9602
1800 - - 15 9 - 100 95.0137 0.8780
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4.4.3 Optimisation of Process Variables for Biodiesel Production by Transesterification

via Response Surface Methodology (RSM)

A response surface design is a set of Design of Experiments (DOE) techniques that refine the
experimental responses. The methodology of response surface design is often used for refining
models after determining important factors using screening designs or factorial designs, particularly

if the response surface is suspected of having a curvature.

The difference between the response surface equation and the equation from the regression of
factorial design is the addition of the squared or quadratic terms that allows to model curvature in

the responses, making them beneficial for:

1) Understanding or mapping the region of a response surface.
2) Response surface equations model how variables influence the response of interest.
3) Identifying the variable levels to optimise a set of responses.

4) Selecting an optimal operating condition to satisfy the criteria.

In this study, the central composite design (CCD) inputs are based on a subset of the full factorial
study results. The CCD is either factorial or fractional factorial design with centre points, created
with axial points or star points that allow the analysis to estimate curvature. A central composite

design can be used for:

1) Estimating first and second-order terms effectively.

2) Model a response variable with a curvature by adding centre and axial points to previously-
completed factorial design.

3) Central composite designs are particularly useful in sequential experiments, as axial and

centre points can be frequently added based on prior factorial experiments.

In this RSM study, the analysis is built upon the previous factorial design, hence adding axial points
to the parameters' existing levels, creating the curved surface. The initial results from the factorial
design using multiple independent parameters and their corresponding responses on dependent
variables were used to fit without any bias to the linear (first-order), linear and squares, linear and
interactions, and full quadratic (second-order polynomial) models. The RSM model analysis
presented in this study is based on a full quadratic term without using the stepwise method as it gave
the best fit of the regression coefficient, R%. The model summary is shown in Table 4-8. Response

Surface Methodology Regression Model Summary for 30s to 1800s using RVC.
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Table 4-8. Response Surface Methodology Regression Model Summary for 30s to 1800s using

RVC.

Sampling Time (s) S R? (%) R*(adjusted) (%) R*(predicted) (%)
30 11.9678  70.31 67.63 63.97
60 11.4654  74.07 71.73 68.54
120 109172 74.52 72.22 68.93
180 10.2995  73.01 70.58 66.97
300 9.32457  73.55 71.16 67.45
420 7.92985  76.24 74.10 70.71
600 7.38260  76.57 74.45 71.19
900 6.78989  76.43 74.31 71.23
1500 6.62246  74.60 72.31 69.13
1800 6.75075  73.10 70.68 67.31
4.4.4 Response Surface Plots

The 3D surface plot examines the interaction between two independent variables simultaneously on

biodiesel's percentage yield while constantly holding the remaining variables. The 3D surface

response plots (%yield) for the interactions between the independent variables are shown in Figure

4-33 for the 30s into the transesterification reaction. The modelled plots are ppi-RPM, catalyst

loading-RPM, molar ratio-RPM, temperature-RPM,

catalyst loading-ppi, molar ratio-ppi,

temperature-ppi, molar ratio-catalyst loading, temperature-catalytic loading, and temperature-molar

ratio. Since the interaction involves two variables, the rest of the parameters are held constant as

shown in Table 4-9.
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Table 4-9. Hold values for surface plots of yield and interacting variables.

Variables Unit Hold Values
Pores per inch - 27.5
Catalyst Loading Wt. % 1.0
Temperature °C 45

Molar Ratio - 6

RPM Rpm 300

The response surface plots are then arranged in the experimental timeline from the 30s to 1800s for
individual pair of interactions. The responses are not presented using the same set of ranges to
highlight the temporal effect on biodiesel yield caused by the interactions. This method can illustrate
the response surfaces evolving and morphing as the reaction progress forward in time. Thus, insights
can be evaluated by comparing the difference in trend and performance using the prior and latter

response surfaces in time.

4.4.4.1 PPI-RPM

In Figure 4-33, the interactive effect of ppi and RPM is shown. For the 30s cases, the biodiesel yield
increases with higher rpm while peaked at 20 and 30 ppi, before dropping in yield at 45 ppi. However,
using higher ppi can achieve a high yield even at low RPM conditions, suggesting an enhanced
mixing effect contributed by the increase in ppi for diffusive and turbulent modes of mixing due to
the reticulated surface. As transesterification progresses into 120s, the response surface transitioned
into an inverted form compared to 30s for the effects of increasing ppi, where lower ppi favours
biodiesel production more than higher ppi. The finding can be clarified by the transformation from a
heterogeneous oil and methanol phase reaction to a homogeneous methanol-oil-biodiesel mixture as
transesterification occurs. Thus, the porous structure within the RVC can facilitate the mass transfer

of the one-phase mixture at a larger surface area for forward transesterification reaction.

During 270s, the 200 rpm and 300 rpm cases showed the most considerable improvement at 10 ppi,
as the mass transfer occurs more frequently in the porous foam. The same trend can be observed until
the end of the experiment at the 1800s, where the combination of 10 ppi and 200 rpm provides the

best interaction for biodiesel production.

On the other hand, higher rpm settings paired with 10 ppi peaked in performance around 900s, while

the 200 rpm cases continue to improve in yield for 10 and 45 ppi. Besides, the performances of ppi
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between 10 and 45 do not perform as well as when they are at both ends of the ppi spectrum (10 and

45 ppi).
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Figure 4-33. Temporal surface plot of interactions for ppi and RPM from 30s to 1800s into

transesterification.

As the transesterification proceeds to 1500s and 1800s, the surface plots illustrate that higher
agitation speed does not result in better performance as the effect of adequate mixing is more
prominent at the beginning of the reaction. The use of higher agitation speed has led to a counter-

productive result as more biodiesel and glycerol are produced.

In an ideal scenario, the agitation speed should be high at the beginning of the transesterification
process using a 20-30 ppi RVC agitator. This combination provides the optimal biodiesel yield
during the physical-limiting stage as mass transport between the reactants is the highest when the
mass fraction of oil and methanol is high. As the transesterification progress into the reactant-limiting
regime, the reactants should have achieved adequate homogeneity. Thus, intense mixing is no longer
required, where the mode of reaction is generally diffusion dominant, which favours low rpm and

low ppi interaction.

4.4.4.2 Catalyst Loading-RPM

In Figure 4-34 the surface response of catalyst loading and RPM interaction is observed to be

increasing biodiesel yield concurrently in the direction of increasing RPM and catalyst loading.
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Based on the surface plot results, increasing agitation rate and catalyst loading increase the biodiesel
yield, with more substantial influence from the effect of catalyst loading. RPM is still significant as
the reactants require adequate mixing at the beginning of the reaction. The lowest and highest
performing interactions are of 200 rpm, 0.5wt. % catalyst loading and 400 rpm, 1.5 wt. % catalyst
loading, respectively. The yield for the former and latter from the surface response is 19.9% and

65.1%, respectively, with a difference of 45.2% yield at 30s.
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Figure 4-34. Temporal surface plot of interactions for catalyst loading and RPM from 30s to 1800s

into transesterification.

As the agitation of reactant mixture reaches 120s, the effect of increasing rpm is diminished for
improving biodiesel yield. However, the effect of catalyst loading remains relatively dominant in this
interaction, leading to most of the increase in biodiesel yields. The difference in yield at 1.5 wt. %
catalyst loading range for all rpm becomes negligible while small differences can be observed at the
0.5 wt. % catalyst loading with 400 rpm edging out. This particular interaction becomes more
irrelevant in the later stage of transesterification as additional agitation speed no longer contributes
to yield response. In fact, a small decline in performance at 400 rpm is detected towards the 1800s,
which exhibit similar trend from the ppi-rpm interaction, further establishing the lack of need for

high agitation rate for final yield stage of transesterification.

Therefore, the optimal operating condition for the RVC reactor should be a high agitation speed

leading the initialisation of transesterification, combined with the use of a higher catalyst loading.
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This set of inputs will ensure that the effective surface area of the catalyst is maximised during the
physical-limiting stage, while a lowered rpm setting can be used at about 270s for the conserving

power.

4.4.4.3 Molar Ratio-RPM

In Figure 4-35, the interaction of molar ratio and RPM is shown. Initially, with high RPM and low
molar ratio, the biodiesel yield increases, which is also observed in the baseline study and the general
RVC regression model. Furthermore, the lowest rpm combined with higher molar ratio shows

comparatively worse output at 30s.
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Figure 4-35. Temporal surface plot of interactions for molar ratio and RPM from 30s to 1800s into

transesterification.

The catalyst loading and rpm interaction show a rapid growth from 60s to 180s in the direction of
high molar ratio, as the yield growth of the low molar ratio plateaus about 180s. Simultaneously, the
use of higher rpm settings shows a decreasing effect around the 180s, where there is little or no
change when using a lower molar ratio setting. Similarly, the low rpm output improves on the other

end of the spectrum at high molar ratio condition, and levels at 420s with the high rpm condition.

The findings indicate a comparable pattern towards the end of the 1800s experiment, where the low
rpm condition performs consistently better than the high rpm condition. The best performing

condition for final yield is 200 rpm at 9:1 methanol to oil molar ratio, which is expected as the molar
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ratio eventually becomes a limiting factor. However, the initialisation of the transesterification
should ideally start at a higher rpm and lower molar ratio and slowly adjusted for reacting conditions

suitable for the final yield.

The 3:1, 6:1 and 9:1 methanol to oil molar ratio conditions resulted in a yield of 74.6%, 91.4%, and
93.3%, respectively, at the final yield point of the 1800s using 200 rpm. The stoichiometry molar
ratio usage indicates a major difference from the other conditions, where an additional 16.8% yield
is given by doubling the methanol and oil molar ratio to 6:1. However, the use of excess methanol is
further increased with mediocre performance as shown by the 1.9% improvement from 6:1 to 9:1

methanol to oil molar ratio.

4.4.4.4 Temperature-RPM

In general, as shown in Figure 4-36, the temperature and RPM interactions increase biodiesel yield

simultaneously with increasing RPM and temperature.
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Figure 4-36. Temporal surface plot of interactions for temperature and RPM from 30s to 1800s into

transesterification.

The higher reaction rate increases the yield as reactant molecules collide more frequently, increasing
which shifts the

transesterification path favouring the forward reaction. The surface plot of interactions for PPI-RPM,

kinetic energy during transesterification from elevated temperature,

catalyst loading-RPM, molar ratio-rpm, and temperature-RPM shows a consistent trend where higher
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agitation favours biodiesel yield during initialisation. At the 30s, using 60°C and 400 rpm agitation
speed, a yield of 70% can be expected.

Higher RPM has a more important effect in combination with temperature to increase biodiesel yield,
based on the evolution of the temporal response surfaces. The 60°C cases show that a maximum
yield of 70% can be achieved for agitation speed. Therefore, higher RPM should be considered to
generate the best yield result when combined with lower operating reaction temperature. However,
lower agitation condition of 200 rpm shows an increase in mean yield after the physical-limiting
stage of transesterification, as seen when moving from 60s to 270s. On the other hand, higher
agitation conditions can also be useful because at 30°C the output is consistently better than lower

rpm conditions, where heat input is minimal.

The findings from 420s indicate that the use of 45°C and 60°C both enhances reaction rates, whereby
the 45°C outperforms the 60°C when transitioning beyond 900s into the reaction-limiting process.
For all rpms, the yield profiles from 30°C to 60 ° C shows a rapid yield growth ramp, peaking at
45°C, followed by a symmetrical negative ramp of yield drop until 60 °C. The optimum operating
condition for biodiesel production is 200 rpm and 45°C at 1800s, resulting in a final yield of 91.4%.

Despite the enhanced performance of 60°C biodiesel processing at the beginning of
transesterification, 45°C at the end of the reaction is optimal. This indicates that some of the excess
methanol needed for a high final yield would have evaporated at the elevated temperature of 60°C,
while the lower temperature of 30°C simply does not provide sufficient energy for the reaction to

progress.

The results from 1500s and 1800s show that towards the end of transesterification, the 45°C reaction
temperature is favoured when combined with a lower agitation speed to produce a higher yield.
Fundamentally, a higher reaction temperature should enhance the reaction speed by increasing the
frequency of collision from molecules, hence a higher yield is expected. However, this is only
observed up to 600s where the benefit of using a higher reaction temperature slowly diminish.
Therefore, the limiting factor in this case is the amount of unreacted methanol in the mixture, as they
can either react to form biodiesel, or evaporate into the atmosphere. Thus, the high reaction
temperature of 60°C is more likely to reduce the total mass fraction of methanol in the reactor through

passive evaporation or boiling.

4.4.4.5 Catalyst Loading-PPI

In Figure 4-37, the interaction of catalyst loading and ppi is shown. In the direction of increasing
catalytic loading, biodiesel yield is consistently improving. However, the biodiesel yield curvature
in the ppi direction is also expected, as biodiesel yield increases moving from 10 ppi, peaked at 30

ppi, and decreases consistently at a small rate as it reaches 45 ppi.
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Figure 4-37. Temporal surface plot of interactions for catalyst loading and ppi from 30s to 1800s

into transesterification.

A higher catalyst loading environment shows a comparatively greater increase when combined with
lower ppi than higher ppi RVC from the 60s onwards. As stated, the probability of oil and potassium
methoxide solution penetrating entirely within the 10 ppi RVC is greater, increasing the reactants'
effective contact surface. The effect of greater catalyst loading concentration is therefore more
prevalent. In addition, the use of different grade ppi at 0.5 wt. % catalyst loading has limited added

benefit to the transesterification process, indicating the bottleneck of catalytic impact.

With the 10 ppi, 1.5 wt. % catalyst loading peaking at 96.6% for final yield, the pattern of the catalyst-
loading-ppi interaction remains nearly similar throughout. Besides, the additional enhancement of
catalyst loading indicates a lower growth rate for all ppi grades from initialisation to final yield,

transitioning from a linear to a sigmoid profile.

4.4.4.6 Molar Ratio-PPI

Based on Figure 4-38, the response surfaces describe the yield relationship of molar ratio coupled
with ppi in the transesterification reaction. At 30s, the yield for 3:1 methanol to oil molar ratio when
paired with 10, 20, and 45 ppi is 45.4%, 49.7%, and 39.2%, respectively. On the other end, the yield
of using a 9:1 methanol to oil molar ratio when paired with 10, 20, 45 ppi are 25.7%, 36.5%, and
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41.8%, respectively. The observation of this interaction suggests that ppi has a stronger influence on

the performance of the transesterification reaction.
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Figure 4-38. Temporal surface plot of interactions for molar ratio and ppi from 30s to 1800s into

transesterification.

Yield response increases as ppi increases. The yield plateaus from 20 ppi to 30 ppi and gradually
decreases as ppi increases to 45 ppi for low molar ratio cases, at 10 ppi to 20 ppi. The yield response
also increases when moving from a lower molar ratio to a higher molar ratio case. RVC with smaller
ppi can achieve a high mean yield by using lower methanol to oil molar ratio, whereas RVC with
larger ppi is more suitable with higher methanol to oil molar ratios to obtain a high mean yield. The
reticulated structure increases the contact surface area between oil and methanol at a lower ppi and
molar ratio, thereby encouraging reaction rates. However, the use of low ppi has diminishing return
with increasing methanol to oil molar ratio, as more reactants also lead to the higher surface area of
reaction. RVC's increasing pore structure at higher ppi will also promote reaction rates at greater

methanol to oil molar ratios.

The previous observations are also supported by this observation, as the lowest molar ratio coupled
with high ppi shows worse yield efficiency, indicating mediocre diffusive mixing. With the
increasing molar ratio for all ppi, biodiesel yield also improves consistently at 60s and beyond, as
the effect of excess methanol balances the mixing effect given by the RVC. The effect of ppi
diminishes in this interaction gradually up to 600s where there are no significant differences of the
ppi grade between the 3:1 and 6:1 methanol to oil molar ratios. However, for the 9:1 methanol to oil

molar ratio condition, slight performance improvement can be observed using 10 ppi until final yield.
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The final yield of the 9:1 molar ratio for 10, 20, and 45 ppi are 94.2%, 92.3%, and 89.5%, respectively.
The final yield of 3:1 molar ratio for 10, 20, and 45 ppi are 73.8%, 74.1%, and 76.8%, respectively.

4.4.4.7 Temperature-PPI

Figure 4-39 shows the curvature of response for temperature and ppi interaction. The increase in ppi
showed an increasing trend for yield moving from 10 ppi, where it peaked at 30 ppi and decreases
slowly in the direction of 40 ppi. The elevated temperature provides positive results for yield for all
ppi in the range of 30°C to 60°C. Thus, the yield profile for increasing temperature exhibits the same
trend for all ppi. At 30s into transesterification, the combination of 30 ppi and 60°C provides the
highest yield of 53.8% in this interaction. Moving towards 60s, the 10 ppi ad 45 ppi cases had shown

an increase in yield as compared to the 20 to 30 ppi.
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Figure 4-39. Temporal surface plot of interactions for temperature and ppi from 30s to 1800s into

transesterification.

Furthermore, the interaction also shows that the increase in ppi at the lower temperature of the
reaction and the increase in ppi at the higher temperature of the reaction has an opposite effect on
biodiesel yield. The former shows a positive trend while the latter shows a declining trend that is
more important, resulting in the curved biodiesel yield surface. The effect of rising temperatures
increases biodiesel yield for all ppi. However, the 10 ppi condition offers the largest improvement as

it serves to promote transesterification, comparable to a heated porous bed platform.
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The observation remains consistent throughout for 10 ppi and 60°C up to the final yield point for the
optimum operating environment. However, the 30°C cases improve mean yield linearly as ppi
increases. The findings from both ends of the temperature condition indicate that diffusion-based
reactions dominate at higher temperatures due to increased heating to decrease oil and methanol's

miscibility, coupled with the 10 ppi RVC.

On the other hand, the lower temperature depends heavily on the improved shear blending from
increasing ppi and reticulated surfaces. From the results, the yield growth of the 45 ppi and 60°C
condition seems to be stagnant at about 180s. However, increasing ppi at high temperature conditions
is not necessary counter-productive as the initial reaction rates using elevated temperature are still
useful overall. The final yield for 45 ppi and 60°C can reach 83.5%, which is still considerably high

as compared to other ppi interactions.

4.4.4.8 Molar Ratio-Catalyst Loading

Figure 4-40 shows the surface plot interaction for molar ratio and catalyst loading. At 30s into
transesterification, biodiesel yield increases mostly with the increase of catalyst loading while
increasing methanol to oil molar ratio from 3:1 to 9:1 has a slightly negative effect on the yield
response. The yield of using the 3:1, 6:1 and 9:1 methanol to oil molar ratio for 1.5 wt. % catalyst
loading are 65.0%, 60.5%, and 57.5%, respectively. The effective use of low molar ratio during

initialisation to enhance reaction rates has been discussed and also reflected in this interaction.

From 60s to 180s, the rate of improvement from 1.5 wt. % catalyst loading reduces for the lower
molar ratio conditions, while the higher molar ratio range is still growing rapidly. However, for the
0.5 wt. % catalyst loading condition, there is a small difference in response for all molar ratio range

as the yield for 3:1 and 9:1 molar ratio is 45.4% and 43.7%, respectively.

From 270s to 900s, the trend of increasing catalyst loading and molar ratio remains relatively constant.
The yield of 1.5 wt. % catalyst loading and 9:1 molar ratio at 270s and 900s is 88.5% and 95.4%,

respectively.
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Figure 4-40. Temporal surface plot of interactions for molar ratio and catalyst loading from 30s to

1800s into transesterification.

A higher molar ratio is required for a complete reaction of biodiesel transesterification as the excess
methanol facilitates to react with the oil which has a smaller mass fraction in the total reactant volume.
For 1500s onset into transesterification, the final yield of the 0.5, 1.0, 1.5 wt. % catalyst loading cases
for 9:1 molar ratio is 78.0%, 90.0%, and 95.8%, respectively, while 80.5%, 91.2%, and 96.8% were
achieved at 1800s. The change in yield at 1500s to 1800s is consistently small for the entire catalyst

range, suggesting that catalyst and methanol are not the limiting factors.

In general, catalyst loading is more important than temperature and molar ratio to promote
transesterification reaction rates. The higher molar ratio coupled with lower catalyst loading setting
has minimal effect on biodiesel yield. Thus, catalyst loading needs to be prioritised and optimised

for the maximum interacting effect of increasing biodiesel yield.

4.4.4.9 Temperature-Catalyst Loading

The temporal surface plots of temperature and catalyst loading interaction are shown in Figure 4-41.
The yield trend is consistent with the traditional transesterification theory, where biodiesel yield

increases with the loading and temperature of the catalyst.
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Besides, the temperature and catalyst interaction between the 30s and 60s surface plots showed a
similar increase of 1.0 wt. %. 1.5 wt. % loading catalyst. The production of 1.5 wt. % catalyst loading
at 30°C, 45°C, 60°C at 30s is 55.4%, 60.5%, and 69.3%, while for 60s, 63.6%, 69.7%, and 81.2%,

respectively. The margin of increase in yield is relatively important, particularly if the higher

temperature condition is used in the transesterification process for only one minute.
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Figure 4-41. Temporal surface plot of interactions for temperature and catalyst loading from 30s to

1800s into transesterification.

While the 0.5 wt. % loading of the catalyst shows improvement with increasing reaction temperature,
at the lowest reaction temperature setting, the 1.5 wt. % still outperforms all 0.5 wt. %
transesterification cases at 120s. This interaction is then accompanied by a gradual reaction rate

where the yield increased at 30°C and 60°C at 180s by approximately 5.0%.

The change in yield for the higher catalyst loading conditions from the 270s to 900s is almost
converged as the rising temperature has a limited impact on transesterification. For the reaction
temperatures of 30°C, 45°C, and 60°C, the mean yields are 90.2%, 92.6%, and 90.9%, respectively
for 1.5 wt. % catalyst loading. On the other hand, the temperatures of 30°C, 45°C, 60°C, shows a
maximum mean yield of 69.3%, 74.4% and 75.1%, respectively, for 0.5 wt. % catalyst loading.
Evidently, to obtain similar effects, a low reaction temperature may be used along with a high catalyst
loading condition. In comparison, for optimal yield response, a low catalyst loading condition must

be combined with a high reaction temperature.
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In all, to enhance and optimise reaction rates, the temperature and catalyst loading relationship
showed that the latter has greater importance than the former. The higher molar ratio, coupled with
a lower loading environment for the catalyst, has a marginal impact on biodiesel's yield. Therefore,
it is vital to prioritise and optimise catalyst loading for the full interaction impact of rising biodiesel

yield.

4.4.4.10 Temperature-Molar Ratio

The temporal surface plot of temperature and molar ratio is shown in Figure 4-42. The initialisation
stage at 30s shows the yield increases with reaction temperature but decreases with higher molar
ratio use. The low temperature combined with the high molar ratio at the beginning of
transesterification has the worst performance in yield as transesterification reaction saturates during
the physical-limiting regime due to high molar ratio usage. The yield of 30°C and 9:1 molar ratio at
30s is 35.8%, whereas 60°C and 3:1 molar ratio at 30s is 58.3%, a difference in 22.5% in yield.
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Figure 4-42. Temporal surface plot of interactions for temperature and molar ratio from 30s to

1800s into transesterification.

In comparison, the increase in the molar ratio at a higher temperature of the operating reaction
contributed to increased yield. At 60s, the 60°C case combined with 3:1 molar ratio plummeted when
compared with the same interaction from the surface plot at 30s, which would suggest methanol lost

due to evaporation resulting in a performance drop.
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From 60s to 180s, the reaction rates of the high molar ratio condition improved significantly with
temperature. In contrast, reaction rates for the lower reaction temperature at 30°C is a curved profile
peaked at 6:1 molar ratio. At 180s, the yield for 60°C at 3:1, 6:1, and 9:1 molar ratio is 62.4%, 77.1%,
and 81.6%, respectively. The yield for 30°C combined with 3:1, 6:1, 9:1 molar ratio is 61.8%, 63.5%,
and 55.0%, respectively. Therefore, the 60°C is optimal as it outperforms all other conditions in this

interaction.

From 180s to 900s, the trend remains relatively similar, where the higher temperature is favoured
with excess use of methanol. There is a noticeable difference when excess methanol is used at 30°C
around 900s as the performance showed improvement over the low molar ratio. However, the 6:1

methanol to oil ratio is still marginally better, with a yield of 83.0%.

As the reaction approaches final yield, the 30°C reaction temperature paired with 6:1 and 9:1 molar
ratio condition levels off closely with the 60°C reaction conditions. The yield of 30°C with 6:1 and
9:1 molar ratio is 88.4% and 85.8%, while 60°C is 87.2% and 91.6%, respectively.

4.4.4.11 Summary of the response surface plots for RVC

In the context of transesterification response surface methodology, many studies have used it as a
tool to optimise the process of biodiesel production quantitatively. However, there is a lack of
qualitative results generated to understand the dynamic interactions of factors and yield. Biodiesel
transesterification is a complex process that involves multiple operating factors in the reactor system,
hence the ability to highlight the interrelationship between factors and yield respond is crucial to

optimising the process.

Therefore, the response surface plots are useful to identify the two-way interactions between factors
and yield response in transesterification. To reiterate, the results compiled in this section emphasises
on the evolution of the yield responses in the onset of transesterification, using multiple surface plots
at different time intervals of the experiment. The yield range (y-axis) of the surface plots is not fixed

by design to highlight and magnify the interactions' strength.

The general trend can be observed to be divided into two groups, (i) reactant contact surface type
enhancement, mostly at the physical-limiting regime and (ii) activation energy type enhancement,
throughout the entire process, where they complement the reaction-limiting regime well. For instance,
PPI-RPM interactions, Molar Ratio-RPM, Temperature-RPM, and Molar Ratio-PPI, significantly
impacted the response surface from Os to 120s. This is the region where the oil, methanol, and catalyst
are first physically mixed through the RVC agitator to ensure homogeneity. The use of a higher rpm
maximises the microturbulence and shearing effect of the RVC for micro-level mixing. At 45 ppi, it
is optimal for promoting surface contact of the liquid-liquid two-phase of oil and alcohol during the
physical-limiting regime. The use of a 3:1 methanol to oil molar ratio also ensures that biodiesel can

be rapidly produced to act as a cosolvent to facilitate solubility of methanol and oil at the beginning.
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In contrast, Catalyst Loading-RPM, Temperature-PPI, Catalyst Loading-PPI, Molar Ratio-Catalyst
Loading, Temperature-Catalyst Loading, and Temperature-Molar Ratio are observed to be fairly
consistent throughout with their trends. The main function of these interactions is to provide energy
to the system for transesterification reaction to occur, hence they play a significant for the role to

achieve a complete reaction.

Without the adequate mixing provided by the enhancement in the physical-limiting regime, the
reaction will delay transitioning into the equilibrium phase, where the chemical-limiting regime
situates. On the other hand, without the providing enough energy into the system, the reaction kinetics
of the transesterification will be low, hence the two types of interactions are vital for a holistic

optimisation to be achieved.
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4.5 Reaction kinetics mechanism of RVC reactor

4.5.1 Results and discussions

The concentration of glycerides content and FAME vyield is calculated and presented in

Figure 4-43. The concentration of tri-, di-, monoglycerides changes dynamically as
transesterification progress, where biodiesel is formed through reacting with the glycerides and
methanol. For instance, the depletion of triglycerides will simultaneously form FAME and also
diglycerides, hence Figure 4-43 is able to elucidate both the formation and depletion of glycerides
and FAME concentration. The evaluation of the Arrhenius energy of activation requires the results
of different reaction temperature. Therefore, the effect of temperature is incorporated in this study
using reaction temperature of 30°C, 45°C, and 60°C, which is the same testing range for the full
factorial study in the previous chapter. The effects of temperature on the concentration of trigly-,
digly-, monoglycerides, and FAME yield are also presented in Figure 4-44, Figure 4-45, Figure
4-46, and Figure 4-47, respectively.
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Figure 4-43. The transesterification reaction products using 20 ppi RVC reactor at 45°C, agitation
speed of 300 rpm, methanol to oil molar ratio of 6, and KOH catalyst loading of 1.0

wt. %.
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Figure 4-44. The concentration of triglycerides from Os to 2700s at 30, 45, and 60°C using RVC
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Figure 4-45. The concentration of diglycerides from Os to 2700s at 30, 45, and 60°C using RVC

reactor.

218



Chapter 4

0.018

0.016 -

0.014 -

)

o

o

=

N
\

0.01

——Monoglycerides 30°C —=—Monoglycerides 45°C —+—Monoglycerides 60°C
0.008

Concentration (molL-1

0.006

0.004

0.002

0 500 1000 1500 2000 2500
Time (s)

Figure 4-46. The concentration of monoglycerides from 0Os to 2700s at 30, 45, and 60°C using RVC

reactor.
1.2 25
1
-2
~08
3 L 15
3
c
S06
o
b=
g -1
[e]
© 04
- 0.5
0.2
——FAME 30°C —-FAME 45°C ——FAME 60°C
0 + ; ; ; ; ; 0
0 500 1000 1500 2000 2500

Time (s)

Figure 4-47. The yield of FAME from 0s to 2700s at 30, 45, and 60°C using RVC reactor.
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4.5.1.1 Pseudo first-order kinetic model for RVC
The triglycerides concentration is applied using the same equation in Eq. 3-19 to produce the pseudo

first-order transformation as shown in Figure 4-48. Similarly, the pseudo first-order model derived

in the batch reactor kinetic model is applied to the RVC reactor.
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Figure 4-48. Pseudo first-order transformation of triglycerides concentration for RVC batch-type

reactor.

From the response surface study, the surface plot of PPI-RPM in Figure 4-33 shows that the main
fast forming of biodiesel occurs at the range of Os to 180s, hence the effect of mixing is relevant.
Additionally, the Pareto analysis for the effect of agitation rate in Figure 3-5 also supports that the
physical-limiting regime of the batch reactor from Os to 270s. Thus, Figure 4-49 shows consistency
with the findings where the transition point situates between 120s and 180s. Therefore, the initial

stage for the pseudo first-order is defined from Os to 180s in this study as shown in Figure 4-49.
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Figure 4-49. The physical-limiting regime during the initial stage of transesterification.

From the linear relationship in Eq. 3-19, the reaction's kinetic rate is the slope of the equation.
However, as mentioned previously, the inflection point of the triglycerides conversion curve is
required to determine the maximum kinetic reaction rate. Thus, the same running average slope
strategy is implemented, where the slope at each interval is averaged over the time interval before

and after as shown in Figure 4-50.
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Figure 4-50. The kinetic rates of pseudo first-order RVC transesterification at the physical-limiting

stage.

The methyl ester model is also implemented and tested for the RVC reactor to ensure cross reactor
reliability and consistency. Additionally, this would be another validation point to support if the
intermediate glycerides conversion is important to contribute to the overall transesterification
kinetics. Therefore, Eq. 3-20 and Eq. 3-21 is applied to the methyl ester formation data in RVC

reactor for the pseudo first-order kinetic model, as shown in Figure 4-51.

222



Chapter 4

25
—e—30°C 45°C 60°C  --ooee Linear (30°C) Linear (45°C) Linear (60°C)
y =0.0079x + 0.5807
2 R? =0.8366
1.5 + -
y =0.0082x + 0.3784
m R? =0.8371
=
T
1 i
y =0.007x + 0.0086
2 =
05 - R? =0.9423
0 20 60 80 100 120 140 180 200

Time (s)

Figure 4-51. Pseudo first-order kinetics model of methyl ester formation in transesterification.

The pseudo first-order triglycerides depletion kinetic model and methy] ester formation kinetic model

are compared against each other after determining their individual kinetic rates, as shown in Table

4-10.

Table 4-10. Kinetic constants and R? values for conformity of transesterification with the pseudo

first-order kinetic models.

Pseudo First-order Reaction Max. Kinetic Constant R? of linear
Kinetic Model Temperature (°C) (dm?*/mol.min) trend lines
Triglycerides depletion 30 1.1779 0.9357
Triglycerides depletion 45 2.9432 0.8380
Triglycerides depletion 60 3.0850 0.7499
Methyl ester formation 30 0.7952 0.9423
Methyl ester formation 45 1.5763 0.8371
Methyl ester formation 60 1.7373 0.8366
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The methyl ester formation model is always lagging behind the triglycerides depletion model in
kinetic constant rates for all temperature. The percentage difference for the methyl ester formation
and triglycerides depletion for 30°C, 45°C, 60°C is 38.79%, 60.49%, and 55.89%, respectively. Thus,
this proves that although the methyl ester model is relatively different from the traditional triglyceride
depletion modelling for first-order, it is still capable of providing qualitative representation of the

kinetic trends for transesterification for both batch-type and RVC reactor.

The diglycerides conversion is implemented again to extend the pseudo first-order model to test its
viability and consistency to represent intermediate reactions through Eq. 3-17, Eq. 3-18, and Eq. 3-23

as shown in Figure 4-52.
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Figure 4-52. Pseudo first-order kinetic model of diglycerides formation and depletion.

Based on Figure 4-52, the initial stage of formation and depletion of diglycerides which fit the linear
kinetic model equation is from 40s to 270s. Thus, this timeline is isolated to represent the kinetics of
the diglycerides as shown in Figure 4-53. The range for the reaction is selected to avoid the inclusion
of high formation rate of diglycerides, leading to a less accurate representation of the diglyceride
depletion. Here, the assumption made is that the diglyceride formation reaction rate is much lower

than the depletion in the specified range.

224



Chapter 4

0.8 } |
| ——30°C 45°C 60°C ;
| |
| |

06 - [ oeeeeees Linear (30°C) Linear (45°C) Linear (60°C) |

. | |

i y = 0.0035x - 0.3848 i

| R? = 0.8889 |

0.4 - | |

| |

i y =0.0037x - 0.7644 |

02 1 ! R?=0.8716 .|

| ?

3 ’*

—~ 0 + T T T T +
Q | 50 100 150 200 i 300

1 | |

£ i 2 |

-02 1 | y =0.0039x - 0.9686 |

; R2 =0.9745 !

| |

| |

04 - ; ;

| |

3 1

06 ! |

| |

3 3

| |

| |

-0.8 t= 208 ¥ t=270s |

| |

| |

Time (s)

Figure 4-53. Isolated formation and depletion of diglycerides for the pseudo first-order kinetic

model from 40s to 270s.

For the monoglycerides, pseudo first-order formation and depletion, the full and isolated kinetic
model is shown in Figure 4-54 and Figure 4-55 using Eq. 3-17, Eq. 3-18, and Eq. 3-24, where the
isolated timeline for the conversion of monoglycerides starts from 80s to 270s during

transesterification.
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Figure 4-54. The full formation and depletion of monoglycerides using pseudo first-order kinetic

model.
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Isolated conversion of monoglyceride for the pseudo first-order kinetic model from

80s to 270s.

The moving-average strategy to identify the maximum kinetic rate for the depletion of diglycerides

and monoglycerides were implemented, as shown in Figure 4-56.
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Figure 4-56. The kinetic constant of diglycerides and monoglycerides via moving average of the

linear gradient.

The kinetic rates of the triglycerides, diglycerides, monoglycerides, and methyl ester with their

respectively improved model were calculated and tabulated as below in Table 4-11.
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Table 4-11. The kinetic rates of triglycerides, diglycerides, and monoglycerides depletion with

methyl ester formation using a pseudo first-order kinetic model.

Pseudo First- Reaction Moving Average Linear Trend R? of
order Kinetic Temperature  Max. Kinetic Gradient Kinetic linear
Model O Constant Constant trend
(dm*/mol.min) (dm*/mol.min) lines
Triglycerides 30 1.1779 0.648 0.9357
depletion 45 2.9432 0.660 0.8380
60 3.0850 0.714 0.7499
Diglycerides 30 0.3604 0.234 0.9745
depletion 45 0.6508 0.222 0.8716
60 0.6489 0.210 0.8889
Monoglycerides 30 0.2464 0.126 0.7617
depletion 45 0.1373 0.228 0.9712
60 0.3629 0.300 0.9535
Methyl ester 30 0.7952 0.420 0.9423
formation 45 1.5763 0.492 0.8371
60 1.7373 0.474 0.8366

Based on Table 4-11 the moving average maximum kinetic constants of the diglycerides and
monoglycerides depletion rates are relatively low as compared to triglycerides depletion. However,
the general trends of the kinetic rates are cohesive with the theory where rates are in the decreasing
order of triglycerides, diglycerides, and monoglycerides. The other observation is the kinetic rates
for 45°C and 60°C are similar for triglycerides and diglycerides, which suggest that saturation occurs
about 45°C for these two compounds. On the other hand, monoglycerides kinetics are more

inconsistent as at 45°C the kinetic seems to be lower than 30°C and 60°C.

The linear trend line fit was used to obtain the gradient to represent the kinetic rates. This is then
compared with the calculation of the kinetic rate via the moving average method. The kinetic rates
calculated from this method has a smaller variance for different reaction temperature, as the
averaging of the kinetic occurs when it is linearly fitted. Generally, the kinetic rates obtained from
the linear fit is lower than the moving average. The largest and smallest percentage difference is

126.73% and 18.98% between both methods, which suggest that the kinetic constants can have
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differences in the order of magnitude depending on the method used. The moving average method
provides the maximum kinetic rates using the average of three values, which mimics the
instantaneous kinetic rates whereas the linear fit provides a more holistic description of the reaction

kinetic through curve fitting of the depletion process.

4.5.1.2 Arrhenius energy of activation

The data from above were used to determine the Arrhenius activation energy using the relationship
of the kinetic rate constant and the reciprocal of absolute temperature as shown in the Arrhenius
equation below,
—Eq4 Eq. 4-3
k = Ae RT

Where £ is the kinetic rate constant, E, is the activation energy, R is the universal gas constant, 4 is
the pre-exponential factor, T is the absolute temperature. The Eq. 4-3 can be rearranged into the
relationship mentioned to compute the activation energy of the reaction.

_ Eq. 4-4

a
T+C
R

loglo k =

Figure 4-57 represents the Arrhenius plot using the linear relationship derived from Eq. 4-4.
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Figure 4-57. Pseudo first-order Arrhenius plot of kinetic reaction constant against reaction

temperature of RVC transesterification using moving average and linear fit.

335

The activation energy was then calculated using the linear relationship of the logarithmic plot for

both moving average and linear fit method of kinetic reaction constant, as shown in Table 4-12.

Table 4-12. Pseudo first-order Arrhenius activation energy for moving average and linear fit.

Pseudo First-order Moving Average R? Linear Trend Activation R?
Kinetic Model Activation Energy Energy Constant

(kcal/mol) (kcal/mol)
TG+ MeOH — DG + ME 11.85 0.8084 13.23 0.8680
DG + MeOH — MG + ME 13.48 0.7696 14.51 0.9982
MG + MeOH — G + ME 14.45 0.1374 14.58 0.9673

Table 4-12 shows the activation energy for transesterification of triglycerides, diglycerides, and

monoglycerides is all in the same order of magnitude. The activation energy value shows an

increasing order of trend when going from triglycerides to monoglycerides. The linear trend fit

method has consistently larger activation energy when compared with the moving average method.
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The results are expected as the moving average uses the instantaneous maximum rate of reaction of
each compound. However, the activation energy calculation of monoglycerides transesterification is
not a good fit with the Arrhenius relationship, as shown in the moving average method's regression
values. In contrast, the linear trend method shows a better regression fit for the activation energy
calculation. Nonetheless, the difference in the activation energy of monoglycerides hydrolysis using

two methods are relatively small, at only 0.87% of percentage difference.

The trend suggests that the exothermic reaction of transesterification would favour the conversion of
triglycerides more than the diglycerides and monoglycerides from the calculated activation energy.
Therefore, the initial increase in methyl ester would be substantial due to the high concentration of
triglycerides, followed by a sharp increase of diglycerides and monoglycerides as the precursors are
forming. The results are aligned with the sigmoidal trend of transesterification reaction as the initial
depletion of triglycerides to form methyl ester quickly transition to a slower reaction rate with the

surplus of diglycerides and monoglycerides reaction route of higher activation energy.

Therefore, the initial kinetic model which only uses triglycerides conversion to simulate the overall
reaction of transesterification is not ideal. The subsequent conversion of diglycerides and
monoglycerides requires higher activation energy during the initialisation phase of
transesterification. The sudden increase in the concentration of diglycerides, monoglycerides, and
methyl ester also meant that the exothermic reaction would need to compensate for the equilibrium
by lowering the reaction rates of triglycerides conversion. Also, estimating methyl ester formation
using pseudo first-order kinetic to represent the overall reaction is also not reliable since at the initial
transesterification the methyl ester will have a higher tendency to dissolve in the excess methanol
upon formation. The improved approximation of the pseudo first-order kinetic model for
transesterification would be a closer representation after accounting for the intermediate reactions

while remaining relatively straightforward.

4.5.1.3 Pseudo first-order Kinetic prediction model

The kinetic rates from the depletion of triglycerides, diglycerides, and monoglycerides can be applied
in a prediction model based on the pseudo first-order mechanism. The majority of the
transesterification kinetics study involved using the homogeneous base as the catalyst. Freedman et
al. [64] reported the transesterification of soybean oil using butanol and methanol with base and acid
type catalyst. The results showed that the homogeneous base-type catalyst exhibit relatively higher
reaction rates than the acid counterpart. The pseudo first-order kinetics for the base and acid catalyst
is in agreement with the forward reaction. Stemankovi¢ et al. [254], also studied the
transesterification kinetics of sunflower oil at a moderate temperature of 60°C, which involve a fast

initial triglyceride mass transfer controlled region, followed by a chemical reaction controlled
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environment. The overall transesterification reaction follows the pseudo first-order reaction kinetics

described predominantly by the depletion of triglycerides.

In this study, the pseudo first-order kinetic model will demonstrate the triglycerides depletion,
diglycerides and monoglycerides formation and depletion kinetics. Thus, the inclusion of the
intermediate reaction will enhance the description of the overall transesterification process as these

steps are equally important at the beginning of the reaction.

4.5.1.4 Triglycerides depletion kinetic model

Based on Table 4-12, the highest kinetic rate can be determined by locating the moving average of
three points consecutively along the timeline, whereby the maximum value indicates the inflection
point. The single maximum constant is used to implement the first-order concentration-time

equation, as shown below in Eq. 4-5.
InAy —InA = kt Eq. 4-5

Where Ay is the initial concentration of the reactant, 4 is the concentration of the reactant at the
specified time, £ is the kinetic rate of the reaction at the specified time, and ¢ is the specified time.
From Eq. 4-5, the kinetic prediction model of triglycerides depletion is implemented using (a) single
maximum Kinetic rate, (b) adaptive moving average kinetic rate, and (c) adaptive interpolated moving
average kinetic rate. The moving average kinetic rate is used due to the inadequate description of the
fast-changing reaction at the beginning of the transesterification if only a single kinetic rate is used.
For the adaptive moving average kinetic model, the kinetic rate at the specified experimental point
is determined via moving average of the three-point kinetic constant, which simulates an
instantaneous tangent at the specified time. This is repeated for all experimental points resulting in a
total of 17 pseudo instantaneous kinetic constants. These kinetic constants are then used repeatedly
with their specified time for the concentration-time equation until the next known calculated kinetic
rates. Therefore, the kinetic model is adaptable to its respective change in kinetic rates. The
interpolated moving average is an extension of the moving average model, where the kinetic constant
used at the specified time is interpolated from the known kinetic rates calculated from before and

after the specified time.

Figure 4-58, Figure 4-59, and Figure 4-60 show the triglycerides depletion models using three
different modelling approaches which rely on the first-order concentration-time equation from 0Os to
270s. The time-step used for the moving average and interpolated moving average to calculate the

concentration is 5s resulting in a total of 55 calculation points from 0s to 270s.

233



Chapter 4

0.8

0.7

0.6

o
3

4 TG 30 (Experimental)

Concentration (mol/L)
o
N

o
w

------- TG 30 (Maximum rate)

- = TG 30 (Moving avg)

0.2
—— TG 30 (Interpolated moving avg)
o1 el T T E T
............ -
o b
0 50 100 150 200 250 300

Figure 4-58. Pseudo first-order triglycerides depletion kinetic model using single maximum rate,

moving average rates, and interpolated moving average rates at 30°C.
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Figure 4-59. Pseudo first-order triglycerides depletion kinetic model using single maximum rate,

moving average rates, and interpolated moving average rates at 45°C.
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Figure 4-60. Pseudo first-order triglycerides depletion kinetic model using a single maximum rate,

moving average rates, and interpolated moving average rates at 60°C.

The figures from the pseudo first-order kinetic model of triglyceride depletion show that a single
maximum constant model cannot predict the depletion accurately, as shown in the constant
overestimation of depletion for all reaction temperature range. However, the general trend of single
constant modelling can describe the transesterification process in a qualitative manner. In contrast,
the moving average and the interpolated moving average model shows good agreement with the
experimental data for all reaction temperatures, which suggest that the adaptable kinetic model is
more suitable for a high reaction rate chemical process like transesterification. The primary factor of
the sharp decrease in the triglyceride depletion rate is likely to be the formation of diglycerides,
monoglycerides, methyl ester molecules saturating the reaction mixture, combining with the lower

concentration of triglycerides, resulting lesser molecule collision for the triglycerides to be reacted.

The interpolated moving average model is observed to consistently underestimate the triglyceride
concentration, which suggests the compensation mechanism from the linear-interpolation to obtain

a “smoothened” kinetic rates diminishes the predicted reaction rates due to the effects of averaging.

The pseudo first-order kinetic model is constructed based on the initial physical-limiting phase of the
transesterification process. In kinetic theory, as transesterification progress towards equilibrium, the
rate law will also transition away from first-order [231]. However, the kinetic model was also used
to simulate the equilibrium stage of the transesterification process which is reaction-limiting, shown

in Figure 4-61.
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Figure 4-61. Pseudo first-order triglycerides depletion kinetic model using moving average rates

and interpolated moving average rates at 30°C, 45°C, 60°C from 0s to 2700s.

Based on Figure 4-61, the results simulated from the prediction model exhibit close agreement of
the transesterification kinetics, from the initial phase to the final yield point of the studies.
Furthermore, relative errors are calculated to measure the precision of the prediction model, which
is the ratio of the absolute error for the predicted concentration, to the experimental concentration.

The table of relative errors is generated in Table 4-13 and Table 4-14 for both models.
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Table 4-13. The relative errors of the predicted triglyceride concentrations via pseudo first-order

kinetic model using moving average kinetic constants.

Concentration (mol/L)

Temperature (°C) 30 45 60

Experimental Simulated RelErr  Experimental Simulated RelErr  Experimental Simulated RelErr

Time (s)

0 0.7425 0.7425  0.00% 0.7769 0.7769  0.00% 0.7425 0.7425  0.00%
10 0.5831 0.6211  6.51% 0.5392 0.4861  9.86% 0.3962 0.5145  29.83%
20 0.5195 0.5342  2.83% 0.2907 03009  3.51% 0.3565 03385  5.05%
30 0.4562 0.4818 5.61% 0.2022 0.2128 5.25% 0.1546 0.2069  33.78%
40 0.4392 0.4430  0.86% 0.1940 0.1738  10.39% 0.1275 0.1237  2.95%
60 0.3343 0.3468  3.75% 0.1413 0.1347  4.65% 0.0894 0.0887 0.81%
80 0.2276 0.2457  7.97% 0.1131 0.1055  6.74% 0.0789 0.0707  10.39%
100 0.1524 0.1739  14.07% 0.1007 0.0903  10.32% 0.0613 0.0597  2.64%
120 0.1511 0.1460  3.39% 0.0902 0.0805 10.81% 0.0634 0.0542  14.60%
180 0.1106 0.1127  1.83% 0.0619 0.0567  8.42% 0.0493 0.0451  8.49%
270 0.0740 0.0747  091% 0.0588 0.0447  24.00% 0.0407 0.0351  13.91%
420 0.0712 0.0584  17.91% 0.0393 0.0334  15.11% 0.0362 0.0292  19.27%
600 0.0618 0.0529  14.53% 0.0367 0.0261  28.99% 0.0321 0.0257  19.94%
750 0.0568 0.0477  16.02% 0.0338 0.0244  28.00% 0.0328 0.0246  24.97%
900 0.0526 0.0441  16.29% 0.0311 0.0225  27.85% 0.0329 0.0249  24.35%
1200 0.0477 0.0393  17.45% 0.0297 0.0207  30.22% 0.0321 0.0245  23.77%
1500 0.0489 0.0379  22.52% 0.0274 0.0194  29.26% 0.0296 0.0232  21.59%
1800 0.0438 0.0364 17.01% 0.0210 0.0163  22.06% 0.0286 0.0220  23.31%
2700 0.0408 0.0322  21.06% 0.0238 0.0155  34.83% 0.0306 0.0227  25.73%

When the simulated results are compared with the experimental points at the sampling intervals, a
consistent trend can be observed for both models' accuracy. For the moving average model, the
prediction is well within 15% relative error from Os to 270s which defines the initial
transesterification process. The model accuracy is in the decreasing order of 30°C, 45°C, and 60°C.
Thus, the experimental conditions with lower reaction temperature, which translate to a slower rate
of change in kinetic constants are relatively easier to be simulated. As the simulated model moves
toward the equilibrium phase and final yield, the mean of errors for all reaction temperature increases,

with a mean of errors of 17.85%, 27.04%, and 22.87% for 30°C, 45°C, and 60°C, respectively. The
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model consistently overestimates the depletion of triglycerides, especially towards the final yield

point for all reaction temperatures.

Table 4-14. The relative errors of the predicted triglyceride concentrations via the pseudo first-order

kinetic model using interpolated moving average kinetic constants.

Concentration (mol/L)

Temperature (°C) 30 45 60

Experimental Simulated RelErr  Experimental Simulated RelErr  Experimental Simulated RelErr

Time (s)

0 0.7425 0.7425  0.00% 0.7769 0.7769  0.00% 0.7425 0.7425  0.00%
10 0.5831 0.6791  16.46% 0.5392 0.6145  13.96% 0.3962 0.6181  55.98%
20 0.5195 0.5760  10.88% 0.2907 03824  31.57% 0.3565 04173 17.07%
30 0.4562 0.5145  12.77% 0.2022 0.2517  24.48% 0.1546 0.2578  66.75%
40 0.4392 0.4702  7.05% 0.1940 0.2096  8.05% 0.1275 0.1675  31.44%
60 0.3343 03630  8.58% 0.1413 0.1620  14.68% 0.0894 0.1220  36.43%
80 0.2276 0.2551  12.10% 0.1131 0.1285  13.58% 0.0789 0.0978  24.05%
100 0.1524 0.1848  21.25% 0.1007 0.1108  10.00% 0.0613 0.0835  36.13%
120 0.1511 0.1575  4.23% 0.0902 0.0986  9.27% 0.0634 0.0762  20.12%
180 0.1106 0.1203  8.75% 0.0619 0.0750  21.29% 0.0493 0.0637  29.25%
270 0.0740 0.0895  20.86% 0.0588 0.0608  3.32% 0.0407 0.0527  29.35%
420 0.0712 0.0755  6.05% 0.0393 0.0472  20.01% 0.0362 0.0455  25.62%
600 0.0618 0.0676  9.23% 0.0367 0.0399  8.51% 0.0321 0.0414  28.83%
750 0.0568 0.0616  8.40% 0.0338 0.0370  9.29% 0.0328 0.0406  23.92%
900 0.0526 0.0575  9.19% 0.0311 0.0347  11.57% 0.0329 0.0407  23.88%
1200 0.0477 0.0533  11.76% 0.0297 0.0323  8.84% 0.0321 0.0394  22.68%
1500 0.0489 0.0512  4.63% 0.0274 0.0287  4.73% 0.0296 0.0373  25.89%
1800 0.0438 0.0492  12.15% 0.0210 0.0261  24.28% 0.0286 0.0364  27.19%
2700 0.0408 0.0438  7.37% 0.0238 0.0260  9.46% 0.0306 0.0364  19.18%

In contrast, the interpolated moving average kinetic model shows a reversed trend as compared to
the aforementioned model, which is likely caused by insufficient data intervals. As the prediction
model calculates forward in time, the sum of error over time becomes larger, hence the interpolation
contributes to the prediction overshooting from the experimental point due to the lack of intervals

for correction. The accuracy of prediction at the initial transesterification phase (0s to 270s) is lower
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as compared to the equilibrium phase (270s to 2700s). However, the higher reaction rates simulated
concentration are observed to be much worse in terms of accuracy. The mean of relative errors for
30°C, 45°C, and 60°C are 12.29%, 15.02%, and 34.66% initially, and they are 8.60%, 12.09%, and
24.65% towards the end. The interpolated method has a slower rate of change in kinetic constant due
to the adjustment between known moving average constants, every 5s interval. Thus, the rate of
change in triglycerides concentration is a function of the time in the concentration-time function. The

selection of time interval will be emphasised in the next section for the diglycerides kinetic model.
4.5.1.5 Diglycerides formation and depletion kinetic model

In this section, the pseudo first-order kinetic modelling is implemented to simulate diglyceride's
formation and depletion using Eq. 3-23 and Eq. 4-5. Figure 4-62Error! Reference source not
found. shows the formation and depletion of diglycerides from for the initial transesterification

process at 60°C using five-seconds and one-second intervals for the concentration-time equation.
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Figure 4-62. Pseudo first-order diglycerides formation and depletion kinetic model using a single

maximum rate, moving average rates, and interpolated moving average rates at 60°C

simulated at 5s and 1s intervals.

The simulated diglyceride concentrations using five seconds intervals are consistently
underestimating the actual experimental results from the figure. The accuracy of the kinetic model is
in the increasing order of single maximum kinetic constant, interpolated moving average kinetic

constants, and moving average kinetic constants. The single maximum rate is unable to reflect the
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large formation of diglyceride at the beginning, when triglycerides are reacted with the methanol to
produce methyl ester and diglycerides. However, as mentioned for triglycerides model, the rate of
change of kinetics can be improved by reducing the time interval of the concentration-time equation
to overcome the fluctuating reaction rates. Thus, the one-second time interval simulation is tested as

illustrated.

Based on Figure 4-62, the one-second interval showed improvement for the moving average kinetic
model, while becomes less accurate for the interpolated moving average model. Fundamentally,
using a smaller time-step size allows better resolution of the simulation even with just the pseudo
first-order kinetic model. However, since the number of actual kinetic rates known is limited, there
is also a bottleneck for how much it can improve. The moving average method benefitted from
smaller step size due to the higher kinetic constant used as compared to the interpolated values which

are reduced because of averaging.

Additionally, the formation and depletion of diglycerides occur simultaneously throughout the
transesterification process. Thus, the kinetic constants used to describe at the specified time is the
sum of both values which would cancel out the effect depending on their individual strength. For
instance, from Os to 20s a sharp increase in diglycerides concentration can be seen as more
triglycerides are reacted. Therefore, the net result is the formation of diglycerides in the form of
negative kinetic rates, dominating the model. Moving forward the kinetic model simulated via the
one-second time-step concentration-time equation will be included in the monoglyceride

concentration prediction model.

Figure 4-63 shows the diglycerides formation and depletion modelled at a reaction temperature of
45°C, using the maximum rate, moving average, interpolated moving average with 1s and 5s time-
step. The overall model accuracy follows the same sequence as the 60°C diglycerides, with
increasing order of accuracy from maximum rate, interpolated moving average (1s time-step),
interpolated moving average (5s time-step), moving average (5s time-step), model moving average
(1s time-step). As per the previous discussion, the moving average model simulated with one-second
time-step has an excellent agreement (maximum difference of 9.12%) throughout the entire process.
The moving average model simulated with five-second time-step also showed great representation
from Os to 270s (maximum difference of 6.72%). The smaller simulation time-step has a better
overall effect in the model from the initialisation until the final yield while there are slight
overestimations after the peak formation of diglycerides after 100s. The interpolated kinetic model
in diglyceride prediction did not perform as well as compared to the triglycerides prediction model

mainly due to the effect of averaging for formation and depletion kinetic rates.
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Figure 4-63. Pseudo first-order diglycerides formation and depletion kinetic model using a single
maximum rate, moving average rates, and interpolated moving average rates at 45°C

simulated at 5s and 1s intervals.

Figure 4-64 shows the pseudo first-order diglycerides modelled at 30°C for the formation and
depletion kinetics. The difference between the moving averages model simulated at one second and
five-second time-step is noticeably small. The main factor is possibly due to the lowered kinetic rates
at the beginning of transesterification using a lower reaction temperature, leading to slower depletion
of triglycerides. Thus, the kinetic model has ample buffer to react to the changes in reaction rates.
The formation of diglycerides at 30°C dominated from Os to 40s, coinciding with the sharp depletion
of triglycerides from Figure 4-45. The depletion rate is greater than the rate of formation from 40s
onwards hence the negative gradient in the concentration. In terms of model accuracy, the moving
average kinetic model is closely aligned with the experimental values. The maximum percentage
differences for both one second and five-second time-step model at the equilibrium phase toward the
final yield is negligible, both at about 10%. However, the five seconds time-step model edges out by
a small margin when compared from Os to 270s, with a maximum percentage difference of 5.00%

against the one-second time-step at 7.27%.
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Figure 4-64. Pseudo first-order diglycerides formation and depletion kinetic model using a single
maximum rate, moving average rates, and interpolated moving average rates at 30°C

simulated at 5s and 1s interval.

Figure 4-65 shows the diglycerides depletion and formation modelled at all reaction temperature
using the moving average kinetic rates from Os to 2700s. The predicted concentration for diglycerides
at the final yield point is in close agreement with the actual experimental data, with the one-second
time-step simulation having consistently greater accuracy. The moving average models are also
always underestimating the actual concentration of diglycerides during the equilibrium phase, in the

order of the one second time-step followed by the five-second time-step simulation.
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Figure 4-65. The pseudo first-order diglycerides kinetic model via moving average kinetic constant

simulated at 1s and 5s intervals for 30°C, 45°C, and 60°C from 0s to 2700s.

Table 4-15 and Table 4-16 shows the relative errors of the moving average model simulated at one
second and five-second time-step at all known concentration. The mean relative error from Os to 270s
for the one-second time-step model is 7.27%, 9.12%, and 14.97%, for 30°C, 45°C, and 60°C,
respectively. On the other hand, the mean relative error from Os to 270s for five seconds time-step
model is 5.00%, 6.72%, and 26.32%, for 30°C, 45°C, and 60°C, respectively. There is a noticeable
trend for the relative error as it is proportionate the increasing reaction temperature. Although the
five-second model has better accuracy at a lower reaction temperature of 30°C and 45°C for the
initial transesterification process, the inaccuracy for the 60°C model is relatively large, at about five
times more. However, the one-second model showed a smaller variance overall across reaction
temperature, as all models are well within 15% mean relative errors. This observation is also true
compared with the equilibrium stage of transesterification for both models, where there is a small
margin of error for the one-second time-step, with a maximum of 8.8% mean error at 60°C reaction
temperature. The five-second time-step moving average model shows an increase in mean relative

error most likely due to the carry-forward effect.

243



Chapter 4

Table 4-15. The relative errors of the predicted diglyceride concentrations via the pseudo first-order
kinetic model using moving average kinetic constants simulated at five-second time-

step.

Concentration (mol/L)

Temperature (°C) 30 45 60

Experimental Simulated RelErr  Experimental Simulated RelErr  Experimental Simulated RelErr

Time (s)

0 0.0193 0.0193  0.00% 0.0208 0.0208  0.00% 0.0193 0.0193  0.00%
10 0.0282 0.0258  8.33% 0.0353 0.0305  13.48% 0.0480 0.0357  25.77%
20 0.0346 0.0330  4.51% 0.0447 0.0384  14.20% 0.0658 0.0433  34.30%
30 0.0419 0.0389  7.13% 0.0411 0.0403  1.99% 0.0305 0.0315  3.36%
40 0.0450 0.0445  1.29% 0.0465 0.0411  11.72% 0.0293 0.0210  28.19%
60 0.0397 0.0422  6.22% 0.0370 0.0363 1.91% 0.0224 0.0171  23.69%
80 0.0397 0.0390  1.64% 0.0302 0.0299  0.74% 0.0201 0.0146  27.36%
100 0.0312 0.0346  10.89% 0.0291 0.0267 8.18% 0.0197 0.0137  30.76%
120 0.0313 0.0313  0.27% 0.0249 0.0245  1.65% 0.0175 0.0127  27.31%
180 0.0253 0.0262  3.63% 0.0224 0.0206 7.86% 0.0137 0.0098  28.30%
270 0.0179 0.0190  6.06% 0.0179 0.0169 5.47% 0.0122 0.0080  34.11%
420 0.0187 0.0162  13.73% 0.0155 0.0136  12.35% 0.0102 0.0067  34.64%
600 0.0153 0.0147 3.45% 0.0114 0.0106 6.81% 0.0078 0.0052  32.78%
750 0.0153 0.0134  12.15% 0.0100 0.0087  13.20% 0.0075 0.0045  39.06%
900 0.0144 0.0131  9.51% 0.0089 0.0077  13.14% 0.0075 0.0045  40.75%
1200 0.0133 0.0119  10.24% 0.0078 0.0066  16.19% 0.0070 0.0043  39.03%
1500 0.0127 0.0112  12.31% 0.0071 0.0059  17.00% 0.0066 0.0040  39.47%
1800 0.0117 0.0105  10.13% 0.0070 0.0056  20.75% 0.0064 0.0038  40.50%
2700 0.0107 0.0093  13.17% 0.0059 0.0048  18.41% 0.0070 0.0040  42.23%
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Table 4-16. The relative errors of the predicted diglyceride concentrations via pseudo first-order

kinetic model using moving average kinetic constants simulated at one-second time-

step.

Concentration (mol/L)

Temperature (°C)

Time (s)
0

10
20
30
40
60
80
100
120
180
270
420
600
750
900
1200
1500
1800

2700

30

Experimental Simulated RelErr

0.0193

0.0282

0.0346

0.0419

0.0450

0.0397

0.0397

0.0312

0.0313

0.0253

0.0179

0.0187

0.0153

0.0153

0.0144

0.0133

0.0127

0.0117

0.0107

0.0193

0.0258

0.0342

0.0415

0.0466

0.0444

0.0415

0.0368

0.0328

0.0277

0.0198

0.0168

0.0154

0.0140

0.0136

0.0124

0.0116

0.0109

0.0097

0.00%

8.33%

0.92%

1.06%

3.52%

11.71%

4.63%

17.91%

4.75%

9.24%

10.63%

10.23%

0.52%

8.70%

5.90%

6.71%

8.86%

6.62%

9.78%

45

Experimental Simulated RelErr

0.0208

0.0353

0.0447

0.0411

0.0465

0.0370

0.0302

0.0291

0.0249

0.0224

0.0179

0.0155

0.0114

0.0100

0.0089

0.0078

0.0071

0.0070

0.0059

0.0208

0.0305

0.0434

0.0466

0.0472

0.0427

0.0346

0.0307

0.0279

0.0234

0.0192

0.0155

0.0121

0.0099

0.0087

0.0074

0.0066

0.0063

0.0054

0.00%

13.48%

3.02%

13.32%

1.41%

15.51%

14.66%

5.54%

12.21%

4.81%

7.21%

0.62%

5.64%

1.80%

1.85%

5.36%

6.34%

10.58%

7.94%

60

Experimental Simulated RelErr

0.0193

0.0480

0.0658

0.0305

0.0293

0.0224

0.0201

0.0197

0.0175

0.0137

0.0122

0.0102

0.0078

0.0075

0.0075

0.0070

0.0066

0.0064

0.0070

0.0193

0.0357

0.0605

0.0474

0.0326

0.0263

0.0219

0.0205

0.0191

0.0147

0.0119

0.0099

0.0078

0.0067

0.0066

0.0063

0.0059

0.0057

0.0060

0.00%

25.77%

8.06%

55.31%

11.15%

17.47%

9.02%

4.08%

9.67%

7.26%

1.85%

2.59%

0.03%

9.64%

12.11%

9.54%

10.23%

11.83%

14.39%
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4.5.1.6 Monoglycerides formation and depletion kinetic model

Figure 4-66 shows that the full formation and depletion of monoglycerides through the pseudo first-
order kinetics is presented for various reaction temperatures. The initial transesterification of
monoglycerides from Os to 60s is highly non-linear as opposed to the first-order assumptions.
Therefore, the fluctuating kinetics would lead to underestimation and overestimation of the

concentrations, as shown in Figure 4-66.
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MG 60 (Experimental)
------- MG 60 (Maximum rate)
0.012 MG 60 (Moving avg)
MG 60 (Interpolated moving avg)
- = = -MG 60 (Moving average 1s)
= 0.01
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<
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Figure 4-66. Monoglycerides formation and depletion simulation for Os to 270s using pseudo first-

order kinetics model underestimation due to fluctuation kinetic rates.

Thus, the initial region is omitted from the prediction as the variance in the moving average kinetics
will lead to overcompensation in the predictor model. Figure 4-67 shows the monoglycerides
predictor model from 80s and onwards using the pseudo first-order kinetics, which is a good fit with

the linear relationship.
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Figure 4-67. Pseudo first-order monoglycerides formation and depletion kinetic model using single
maximum rate, moving average rates, and interpolated moving average rates at 60°C
simulated at 5s and 1s intervals from 80s to 2700s, (a) enlarged concentration profile

from 80s to 450s.

Based on Figure 4-67, the difference is significant as compared to modelling the initial
monoglycerides formation and depletion in Figure 4-66. From it, the moving average kinetic model
for five and one-second time-step are almost identical in trend, as both would underestimate the
concentration of monoglyceride beyond 600s to the final yield point. However, the interpolated
moving average simulations both show good agreement with the experiment data from 80s to final
yield, where there is slight underestimation at the final yield point. Figure 4-68 shows the

monoglycerides formation and depletion simulation at 45°C.
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Figure 4-68. Pseudo first-order monoglycerides formation and depletion kinetic model using a
single maximum rate, moving average rates, and interpolated moving average rates at

45°C simulated at 5s and 1s intervals from 80s to 2700s.

Based on Figure 4-68, the simulated concentration of monoglycerides at 45°C showed a more gradual
decrease as compared to the 60°C which is expected when a lower reaction temperature is used. The
accuracy of the simulation from the moving average method is relatively poor, as compared to the
triglycerides and diglycerides simulation at 45°C. From 120s onward, the simulated monoglycerides
concentrations are overestimating, where the depletion trend seems to be more linear than the
supposed exponential decay trend. Thus, beyond 600s, the predicted concentration overshoots,
resulting in an overestimation of the monoglycerides observed in the moving average and
interpolated moving average model. Figure 4-69 shows the monoglycerides formation and depletion

simulation at 30°C.
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Figure 4-69. Pseudo first-order monoglycerides formation and depletion kinetic model using a
single maximum rate, moving average rates, and interpolated moving average rates at

30°C simulated at 5s and 1s interval from 80s to 2700s.

From the simulation, the general trend of the moving average models fits well with the experimental
data. From 270s to 420s, there is an increase in monoglycerides concentration in the actual data point.
The simulated model can predict the rapid change in concentration with reasonable accuracy, as
shown by both moving average and interpolated moving average model. Since the one-second time-
step model has minimal differences from the five seconds time-step, this suggests that the kinetics
of the monoglycerides are less affected by the effect from time. As the simulation progress into the
final yield point, the moving average model can predict the final yield point with relatively high
accuracy at 9.87% difference as opposed to the interpolated moving average model at 40.89%
difference. The mean percentage differences from the 80s to 270s region is at 7.87%, 9.41%, 8.91%,
and 9.56% for the moving average (5s), interpolated moving average (5s), moving average (1s) and

interpolated moving average (1s), respectively.

Table 4-17 and Table 4-18 shows the relative errors of the moving average model and interpolated
moving average model simulated at five-second time-step at all known concentration. The moving
average simulation at one-second time-step shows a better accuracy from the mean relative error
observed at Os to 270s, as compared to the interpolated model. In general, the monoglycerides kinetic

model can predict well for the high and low reaction temperature of 60°C and 30°C. However, the
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mid-range reaction temperature at 45°C shows relatively higher errors for the initial and the final

yield point using both the simulation method.

Table 4-17. The relative errors of the predicted monoglycerides concentrations via the pseudo first-
order kinetic model using moving average kinetic constants simulated at five-second

time-step.

Concentration (mol/L)

Temperature (°C) 30 45 60

Experimental Simulated RelErr  Experimental Simulated RelErr  Experimental Simulated RelErr

Time (s)

0 0.001246  0.001246 0.00% 0.030155  0.030155 0.00% 0.001214  0.001214 0.00%
10 0.001155  0.001215 5.14% 0.029077  0.028908 0.58% 0.001116 ~ 0.001204 7.91%
20 0.001057  0.001128 6.71% 0.024892  0.027911 12.13% 0.001134  0.001154 1.81%
30 0.000940  0.000967 2.89% 0.022354  0.027297 22.11% 0.000878  0.000934 6.45%
40 0.000586  0.000684 16.74% 0.017927  0.022337 24.60% 0.000464  0.000549 18.46%
60 0.000765  0.000630 17.61% 0.015549  0.018550 19.30% 0.000366  0.000330 9.95%
80 0.000741  0.000709 4.32% 0.011409  0.011705 2.60% 0.000203  0.000210 3.46%
100 0.000696  0.000679 2.42% 0.010050  0.007145 28.91% 0.000200  0.000159 20.29%
120 0.000652  0.000637 2.35% 0.008867  0.006346 28.43% 0.000184  0.000152 17.45%
180 0.000574  0.000559 2.55% 0.007846  0.005579 28.89% 0.000186  0.000146 21.37%
270 0.000393  0.000432 10.11% 0.007091  0.004576 35.47% 0.000191  0.000149 21.87%
420 0.000244  0.000284 16.10% 0.007030  0.003861 45.08% 0.000223  0.000163 26.83%
600 0.000219  0.000198 9.87% 0.005889  0.003199 45.67% 0.000274  0.000211 23.05%
750 0.001246  0.001246 0.00% 0.030155  0.030155 0.00% 0.001214  0.001214 0.00%
900 0.001155  0.001215 5.14% 0.029077  0.028908 0.58% 0.001116  0.001204 7.91%
1200 0.001057  0.001128 6.71% 0.024892  0.027911 12.13% 0.001134  0.001154 1.81%
1500 0.000940  0.000967 2.89% 0.022354  0.027297 22.11% 0.000878  0.000934 6.45%
1800 0.000586  0.000684 16.74% 0.017927  0.022337 24.60% 0.000464  0.000549 18.46%
2700 0.000765  0.000630 17.61% 0.015549  0.018550 19.30% 0.000366  0.000330 9.95%
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Table 4-18. The relative errors of the predicted diglyceride concentrations via the pseudo first-order
kinetic model using interpolated moving average kinetic constants simulated at five-

second time-step.

Concentration (mol/L)

Temperature (°C) 30 45 60

Experimental Simulated RelErr  Experimental Simulated RelErr  Experimental Simulated RelErr

Time (s)

0 0.001246  0.001246 0.00% 0.030155  0.030155 0.00% 0.001214  0.001214 0.00%
10 0.001155  0.001181 2.21% 0.029077  0.028861 0.74% 0.001116  0.001188 6.52%
20 0.001057  0.001111 5.04% 0.024892  0.028303 13.70% 0.001134  0.001126 0.67%
30 0.000940  0.000911 3.09% 0.022354  0.026133 16.91% 0.000878  0.000845 3.73%
40 0.000586  0.000746 27.32% 0.017927  0.022403 24.97% 0.000464  0.000555 19.73%
60 0.000765  0.000753 1.47% 0.015549  0.016881 8.57% 0.000366  0.000356 2.86%
80 0.000741  0.000779 5.17% 0.011409  0.009895 13.26% 0.000203  0.000239 18.15%
100 0.000696  0.000739 6.17% 0.010050  0.007279 27.56% 0.000200  0.000204 1.96%
120 0.000652  0.000693 6.20% 0.008867  0.006645 25.06% 0.000184  0.000197 7.02%
180 0.000574  0.000572 0.33% 0.007846  0.005641 28.10% 0.000186  0.000195 4.85%
270 0.000393  0.000406 3.43% 0.007091  0.004689 33.87% 0.000191  0.000206 7.99%
420 0.000244  0.000310 26.81% 0.007030  0.004174 40.63% 0.000223  0.000225 0.89%
600 0.000219  0.000309 40.89% 0.005889  0.004170 29.19% 0.000274  0.000225 17.78%
750 0.001246  0.001246 0.00% 0.030155  0.030155 0.00% 0.001214  0.001214 0.00%
900 0.001155  0.001181 2.21% 0.029077  0.028861 0.74% 0.001116  0.001188 6.52%
1200 0.001057  0.001111 5.04% 0.024892  0.028303 13.70% 0.001134  0.001126 0.67%
1500 0.000940  0.000911 3.09% 0.022354  0.026133 16.91% 0.000878  0.000845 3.73%
1800 0.000586  0.000746 27.32% 0.017927  0.022403 24.97% 0.000464  0.000555 19.73%
2700 0.000765  0.000753 1.47% 0.015549  0.016881 8.57% 0.000366  0.000356 2.86%

4.5.1.7 RVC mass transfer

In the batch-type stirred-tank reactor, the reaction system can be described as a pseudo homogeneous
phase without restrictions on its mass transfer [225]. Nevertheless, the transesterification kinetics
mechanism is proposed to consist of an initial mass transfer-regulated region accompanied by a

kinetically-controlled region, then the equilibrium stage [57,225,255].

In this study, the suggested mechanisms are similar as mentioned in Section 3.2, where the mass

transfer limited region is relatively small as it is eliminated during preliminary studies of RVC
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operating conditions as shown in Section 4.2.3.2. The lack of significant mass-transfer region is also
reflected in the overall shape of the methyl ester yield results, where two out of three features of the
proposed sigmoidal kinetics were observed. However, the mass-transfer limited region will still exist

due to the immiscible nature of the two reactants as the transesterification reaction occurs initially.

The change in the oil-alcohol miscibility can be an effect of increased reaction temperature, which
increases the solubility of the two reactants with each other, or the presence of methyl ester which
acts as a cosolvent between oil and alcohol. In the case of methyl ester acting as a mutual solvent,
the factors such as catalyst loading and alcohol to oil molar ratio that would affect the formation of

methyl ester will have a greater impact.

In essence, when the triglycerides are in contact with the alcohol initially, the main reason of the
bottleneck for triglyceride mass transfer is due to the limited availability of an active specific catalyst
surface, largely covered by adsorbed alcohol molecule. Additionally, the initial formation of methyl
ester would more likely be dissolved in the methanol phase, reducing the cosolvent capability to
enhance miscibility. As the reaction progresses, the concentration of the adsorbed alcohol reduces,
allowing both the available active site of catalyst to bind with the triglycerides, resulting in a net

increase in mass transfer rate and reduction in kinetic rates [256].

Many biodiesel reactors are designed specifically to address the mass-transfer issue as discussed. For
instance, ultrasonic irradiation which promotes micro-emulsion due to the cavitation effect were
studied to enhance biodiesel yield [257]. The cavitation implosion would lead to a micro-turbulent
effect in the reactor which directly promotes mass transfer. In the case of using the RVC reactor, the
high shear strength of the material combined with the reticulated surface would also produce micro-
turbulence when used as an agitator. The high porosity of the material would have an added benefit
of secondary effect as the mesh-like structure effectively increases the total surface area in the

reactor, promoting simple diffusion between oil and alcohol.

Therefore, the transesterification process occurs simultaneously with several side mechanisms in this
study, including saponification and neutralisation of free fatty acids due to the use of base catalyst.
However, in the following mass transfer model, these side reactions will be ignored as the free fatty
acid content is negligible as virgin oil is used. The saponification reaction would also be insignificant
as studies showed that methyl ester yield loss is less than three molar percentages at 1 wt. % KOH
catalyst loading, 6:1 methanol to oil molar ratio, and a reaction temperature of 65°C [233].
Additionally, as triglycerides react with the methanol during the initial heterogeneous phase, then
transition into a pseudo homogeneous phase as more methyl ester is being produced (mutual solvent).
The kinetics mechanism will be mainly controlled by mass transfer briefly initially (physical-

limiting), followed by chemical equilibrium (reaction-limiting) [57,209,213,237,258].
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Therefore, according to the assumptions made, the rate of triglyceride depletion must total to the rate
of triglyceride mass transfer from the oil phase into the emulsified methanol initially as presented
below [237,259,260],

ac, Eq. 4-6

Ty = _d_ta = kca(CA - CA,S) = kICA

Where the £ is the triglycerides mass transfer coefficient, a is the specific interfacial area, C, and
C4; 1s the triglycerides concentrations in the oil phase and on the interfacial area, respectively. The
Ca4s would be zero as the chemical reaction is relatively faster than the mass transfer rate at the
interfacial area. Therefore, the triglyceride concentration in bulk, C4 can be simplified in terms of

conversions as below,

Ca= Cay(1 —x4) Eq. 4-7
C
x,=1--2 Eq. 4-8
Ca,

Where x4 is the conversion of triglyceride and Cyy is the initial triglyceride concentration. Therefore,

using the Eq. 4-7 and Eq. 4-8, the following expression can be obtained,

dxy Eq. 4-9

The integral form of Eq. 4-9 can be rewritten with respect to the conversion of triglycerides, x4 as

below,

XA 1 _
[t = ) = e Eg. 4-10
0 — X

The function in Eq. 4-10 can be expressed as a linear equation where £’ is the gradient of the
equation. Thus, the overall volumetric triglyceride mass transfer coefficient can be determined by

the slope of the equation with the RVC reactor at the various reaction temperature.

The mass transfer-controlled regime is described as the beginning section of a sigmoidal profile
where the “S” starts. To determine the mass transfer region in the RVC study, the conversion of
triglycerides data was fitted based on the Boltzmann function [237,254,259]. Figure 4-69 shows the
Boltzmann function sigmoidal fit of the triglyceride conversion at the mass-transfer region of

transesterification for RVC at reaction temperatures of 30°C, 45°C, and 60°C.
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Figure 4-70. The Boltzmann function of sigmoidal fit at the mass-transfer limiting region of (a)

RVC 30°C, (b) RVC 45°C, (c) RVC 60°C, (d) Baseline 45°C.

Based on Figure 4-69, the sigmoidal profile for the conversion of triglycerides is more pronounced
at the lower reaction temperature of 30°C, while at an elevated reaction temperature the reaction
accelerates past the mass-limiting phase in the initial stage of transesterification. Thus, upon
verifying the mass transfer regime of the RVC transesterification reaction, the mass transfer

coefficient is determined by plotting Eq. 4-10 with respect to time, as shown in Figure 4-70.
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Figure 4-71. The time-averaged triglycerides mass transfer coefficient at 30°C, 45°C, and 60°C of

RVC reaction and baseline.

Based on Figure 4-70, the mass transfer of RVC reactor increases as reaction temperature increases.
From Os to 30s at 45°C, the figure shows that the RVC reactor has a higher increase in mass transfer
than the baseline case during the initialisation phase. This is likely due to the result of the RVC
material to shear the reactants more effectively causing micro-turbulence to increase the effective
surface area, leading to a higher mass transfer rate. However, the baseline case shows a sudden
increase in mass transfer at 40s, followed by a decrease to slightly below the mass transfer of RVC

reactor at 60s.

Table 4-19 shows the calculated mass transfer and pseudo first-order kinetic constant of RVC and
baseline case. The RVC reactor has a higher mass transfer coefficient and pseudo first-order kinetic
constant than the baseline case at 45°C. The difference between RVC and baseline reactor in the
mass transfer is relatively small at 1.73%, while a larger difference can be observed for the kinetic
rates at 23.69%. The higher kinetic rates would also mean that the triglycerides can be converted
faster, where the overall transesterification reaction can take a shorter amount of time to achieve a
complete reaction. In contrast, a higher mass transfer coefficient suggests that the glycerides react
with the methanol at the liquid-liquid interface more efficiently. The increase in reaction temperature

also improves the mass transfer and kinetic rates for the RVC reactor.
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Table 4-19. Mass transfer coefficient and maximum kinetic constant from the pseudo first-order

kinetic model with RVC reactor and baseline study.

Reactor Reaction Volumetric mass Maximum pseudo

Temperature (°C) transfer coefficient, first-order Kinetic
k. (1/min) constant,
k (1/mol.min)

30 0.90 1.1779

RVC 45 1.47 2.9432
60 1.81 3.0850

Baseline 45 1.45 2.3197

4.5.1.8 Pseudo second-order kinetic model

In the context of the reaction mechanism, second-order reactions have more limitations in theory as
compared to first-order. This is largely due to the transesterification reaction's bimolecular steps,
which involves the oil and alcohol molecules. Therefore, the consequence is a reaction that is second-
order overall, where one is first-order in comparison to two separate reactants. However, in the case
of transesterification, the overall reaction of the process is also modelled with respect to a single
reactant, which is the triglycerides. According to Freedman et al., Boocock et. a/, Noureddini and
Zhu, Darnoko and Cheryan [57,64,71,261], the 6:1 methanol to oil molar ratio is proposed to be a
second-order kinetic model as the excess alcohol is only twice of the stoichiometry. Thus, the

following integrated rate law can be written,
rate = k[0il]? Eq. 4-11
Rewriting Eq. 4-11 with respect to transesterification yields the following,

dc
1y = — de = k[TG)? Eq. 4-12

Integrating the above equation will produce the concentration-time equation for transesterification

kinetics,

Eq. 4-13
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where kr¢ is the kinetic rates at the specified time, ¢ is the specified time, [7G] is the concentration
of triglycerides at the specified time, and [7Gy] is the initial concentration of the triglycerides.
Therefore, rearranging the Eq. 4-13 with respect to 1/[TG] will result in a straight line equation. The
gradient is positive as the concentration of the triglycerides is decreasing, the rate constant can also

be determined by the gradient.

Freedman et al. [64] studied the transesterification of soybean oil with butanol and methanol using a
second-order consecutive combined with a fourth-order shunt reaction kinetic model. The operating
conditions for the transesterification is a 6:1 methanol to oil molar ratio, a catalyst loading of 0.5
wt. % using NaOH, and reaction temperature in the range of 20 to 60°C. The shunt-reaction scheme
was introduced to accommodate biodiesel's formation without factoring the formation of diglycerides

and monoglycerides. Three mol of methanol is used to directly reacting with one mol of triglycerides.

Noureddini and Zhu [57] expanded the work from Freedman et al. [64]. The second-order kinetic
model derived from the three consecutive reactions is proposed to be adequate in terms of describing
the soybean transesterification process, where the shunt-reaction scheme is excluded from the model.
The observation from the initial step where the reaction is diffusion controlled has led to the
presumption that the mass-limiting phase exist, followed by a reaction-controlled region. However,
the initial stage of the reaction which is mass transfer-controlled was not included as it is deemed to

be short and is minimised at the reaction temperatures combined with mixing intensities.

Darnoko and Cheryan [71] suggested that the transesterification kinetic model of triglycerides,
diglycerides, and monoglycerides hydrolysis is a pseudo second-order for the first 30 minutes of the
reaction. The study reported an operating condition of 1.0 wt. % KOH catalyst loading, with a 6:1
methanol to oil molar ratio, and a reaction temperature in the range of 50 to 60°C. This was also the
first implementation of a second-order kinetic model on the intermediate steps of transesterification,

disregarding the effects of diglycerides and monoglycerides formation.

In order to identify the range of the initial physical-limiting regime, the pseudo second-order
transformation was applied to the triglycerides concentration from Os to 2700s for 30°C, 40°C, and

60°C as shown in Figure 4-71.
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Figure 4-72. Pseudo second-order transformation of triglycerides concentration from Os to 2700 for

30°C, 45°C, and 60°C.

Based on Figure 4-71, the linear portion of the plot can be identified from Os to 180s, consistent with
the pseudo first-order counterpart's findings. This is likely due to the influence from the physical-
limiting stage as the beginning of the transesterification as explained in pseudo first-order
transformation results. For the 30°C reaction temperature, the transition point and reactant-limiting
stage from the Pareto analysis can be observed from the 180-270s and beyond, whereas the 45°C
and 60°C are less prominent as the fluctuations are larger. The second-order transformation of the
45°C case shows a higher rate than the 60°C case beyond 750s, which suggest that more triglycerides
are being hydrolysed into methyl ester and diglycerides. The overall transformation of triglycerides

concentration is isolated to the initial reaction of the reaction, as shown in Figure 4-72.
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Figure 4-73. The physical-limiting regime during the initial stage of transesterification using a

pseudo second-order kinetic model.

Figure 4-72 shows that the hydrolysis of triglycerides for various temperatures is well represented

by the pseudo second-order kinetic model as reflected by the high linearity of the results. The kinetic

rates for the initial transesterification can be determined from the gradient, where the rates of reaction

are in the increasing order of k3o, kys, and ke, respectively. The three-point moving average method

is also implemented to determine the instantaneous kinetic rates and inflection point of the plot, as

shown in Figure 4-73.
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Figure 4-74. The pseudo second-order kinetic rates of triglycerides for RVC transesterification at

physical-limiting stage using three-point moving average.

Based on Figure 4-73, the general trend for all reaction temperatures shows increasing kinetic rates,
which 45°C reaching its peak, followed by 60°C and 30°C lagging behind. However, the magnitude
of the kinetic rates for the 60°C reaction temperature is still the highest among, followed by 45°C
and 30°C. Additionally, a gradual decrease in kinetic rates is observed after the peaking, followed

by a secondary peak, consistent for all reaction temperature.

The methyl ester formation was also tested with the pseudo second-order kinetic model using Eq.
3-22 to study the feasibility of this reaction mechanism as an additional comparative point with the
pseudo first-order methyl ester model. In theory, the equation can only hold true if the intermediate
steps are negligible, meaning that diglycerides and monoglycerides are immediately hydrolysed into
methyl ester, as if one mol of triglycerides molecule is reacting with three mol of methanol molecule.
The initial value at Os will be omitted as there is no methyl ester present in the reaction. The slope
would be negative as the formation of methyl ester will lead to a decreasing value using the inverse

function of the pseudo second-order model, as shown in Figure 4-74.
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Figure 4-75. Pseudo second-order kinetics model of methyl ester formation in transesterification.

Based on Figure 4-74, the formation of methyl ester can be broken into three sections using the
pseudo second-order kinetics, the initial fast converting region at the beginning, followed by a
transitional mid-section which is still high in kinetic rates, and finally plateau into the equilibrium
phase. As observed, the linearity of the transformation is poor which suggest that the second-order
kinetics mechanism is not a good representation of the methyl ester formation. This is especially
pronounced at the lower reaction temperature experiment which multiple sections can be clearly
identified, followed by a diminishing characteristic with increasing reaction temperature.
Additionally, the results suggest that the presumption is made where intermediate steps involving the
hydrolysis of diglycerides and monoglycerides are not negligible. Therefore, the intermediate steps

are incorporated into the overall equation using the equations below,

1 Eq. 4-14
kpgt = —— — 4
P T [DG] [DGo]
kyot = ! ! Eq. 4-15
MGEZTMG] T MGyl &

The pseudo second-order transformation is applied onto the diglycerides in Figure 4-75, using Eq.

4-14.
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Figure 4-76. Pseudo second-order transformation of diglycerides concentration from Os to 2700 for

30°C, 45°C, and 60°C.

Figure 4-75 shows that the formation of diglycerides can be seen from Os to 40s which will be omitted
from the kinetic model. The highlighted region is simultaneously forming and depleting diglycerides
at a high rate, hence the actual rate of depletion of diglycerides will not be able to be determined.
The initial stage that satisfies the pseudo order kinetic model's linear profile will be isolated from 40s

to 270s. Thus, this timeline is then used to represent diglycerides' conversion as shown in Figure

4-76.
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Figure 4-77. Pseudo second-order transformation of diglycerides concentration from 40s to 270 for

30°C, 45°C, and 60°C.

The overall equation of the linear fit is determined with its R? for each reaction temperature as shown
in Figure 4-76. The results showed that the conversion of diglycerides could be a better fit using a
pseudo second-order model as the R? is higher than the pseudo first-order counterpart. As for the
kinetics rates, the general trends are similar in terms of the order of magnitude when compared with
pseudo first-order. However, in the pseudo second-order kinetic model, the kinetic rate of the 30°C
case is clearly higher than the 45°C. The instantaneous kinetics rates are determined using the three-

point moving average for diglycerides conversion as shown in Figure 4-77.
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Figure 4-78. The pseudo second-order kinetic rates of diglycerides for RVC transesterification at

physical-limiting stage using three-point moving average.

Based on Figure 4-77, the trend is expected as the higher reaction temperature has a faster tendency
to exit the diglyceride formation dominant region due to the higher kinetic rates. At 80s, the kinetic
rates for all reaction temperature were observed to stabilise. However, this is just an overlapping
effect of the 60°C reduces in kinetic rate after peaking, followed by 45°C and then the peaking of

30°C, which all coincidentally aligned to a similar magnitude of kinetic rates. The second peaking

of the 45°C diglycerides kinetic rate is not observed.
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Figure 4-79. Pseudo second-order transformation of monoglycerides concentration from 0s to 2700

for 30°C, 45°C, and 60°C.

From Figure 4-78, the initial magnitude of the transformation of monoglycerides concentration is
relatively large as compared to triglycerides and diglycerides, as the concentration of monoglyceride
is low. Upon examining the second-order kinetics model at a small range from Os to 270s, it can be
observed that the large change in magnitude is only a small duration. Thus, this section of the results
is selectively removed to improve the accuracy to model the kinetic rates of monoglycerides, as

shown in Figure 4-79.
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Figure 4-80. Pseudo second-order transformation of monoglycerides concentration from 80s to 270

for 30°C, 45°C, and 60°C.

The results from Figure 4-79 provides a good linear fit for the 30°C and the 60°C, while the 45°C
seems to be relatively linear at first glance. The low R? value for the 45°C is likely due to the error
being more sensitive at smaller magnitude as shown. The kinetic rates are in the increasing magnitude
of 60°C, 30°C, and 45°C, which is consistent with the diglycerides conversion results. However, the
30°C shows a higher magnitude not only for the kinetic rates, but also the inverse of the
monoglycerides concentration. The initial instantaneous kinetic rates of monoglycerides conversion,
as shown in Figure 4-80, show a similar observation as the pseudo second-order transformation

where the 45°C case has a very low kinetic rate compared to the 30°C and 60°C beyond 80s.
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Figure 4-81. The pseudo second-order kinetic rates of monoglycerides for RVC transesterification

at physical-limiting stage using three-point moving average.

The higher conversion rate of monoglycerides at 60°C results in an overall depletion of
monoglycerides at 40s, which is the only operating condition with a positive kinetic rate. However,
another interesting observation is that the formation of monoglycerides at 30°C and 60°C reaction
temperatures have a longer delay until 80s before the depletion rate caught up, resulting in a larger
change in rates. The 30°C and 60°C reaction temperature cases both peaks at 180s, before gradually

dropping in kinetic rates, while peaking of 45°C reaction temperature was observed as early as 60s.

The pseudo second-order kinetic rates of the triglycerides, diglycerides, monoglycerides, and methyl

ester with their respective improved model were calculated and tabulated below in Table 4-20.
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Table 4-20. The kinetic rates of triglycerides, diglycerides, and monoglycerides depletion with

methyl ester formation using the pseudo second-order kinetic model.

Pseudo Second-  Reaction Moving Average Linear Trend R? of
Order Kinetic Temperature  Max. Kinetic Gradient Kinetic linear
Model O Constant Constant trend
(dm*/mol.min) (dm*/mol.min) lines
Triglycerides 30 5.353 2.748 0.9652
depletion 45 9.276 4.872 0.9891
60 15.119 6.714 0.9348
Diglycerides 30 10.259 8.22 0.969
depletion 45 17.509 8.352 0.9587
60 25.036 12.66 0.9547
Monoglycerides 30 31.418 27.684 0.941
depletion 45 42,530 12.486 0.7675
60 52.312 41.712 0.911
Methyl ester 30 -10.255 -0.102 0.8803
formation 45 -8.967 -0.186 0.7764
60 -2.297 -1.026 09114
4.5.1.9 Arrhenius energy of activation

The pseudo second-order kinetics were used to calculate the activation energy of the glycerides study
using Eq. 4-4. The results are plotted using the linear relationship between kinetic constant and
reaction temperature with the moving average and linear fit data, as shown in Figure 4-82. The

activation energy is then calculated and tabulated, as shown in Table 4-21 for the pseudo second-

order kinetic model.
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Figure 4-82. Pseudo second-order kinetic Arrhenius plot of kinetic reaction constant against

reaction temperature of RVC transesterification using (a) moving average and (b)
linear fit.
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Table 4-21. Pseudo second-order Arrhenius activation energy for moving average and linear fit.

Pseudo First-order Moving Average R? Linear Trend Activation R?
Kinetic Model Activation Energy Energy Constant

(kcal/mol) (kcal/mol)
TG + MeOH — DG + ME 10.22 1.0000 11.04 0.9821
DG + MeOH — MG + ME 9.54 0.9925 10.18 0.7546
MG + MeOH — G+ ME 8.50 0.9935 9.10 0.0951

Figure 4-82 shows a similar order in terms of magnitude for each different temperature across the
methods of approach. However, the Arrhenius equation from the monoglycerides extracted using the
linear trend line (MG TL) showed relatively poor linearity, most likely due to the 45°C cases being
an outlier. The moving average calculation in this case shows better consistency across the glycerides
Arrhenius equation at different temperatures, hence this is the favoured methodology for second-
order kinetics. The activation energy was determined based on the figures, where both methods show
a similar trend. The activation energy is in the descending order of magnitude of triglycerides,
diglycerides, and monoglycerides in terms of the conversion reaction. Table 4-22 shows the
activation energy of triglycerides, diglycerides, and monoglycerides conversion from other similar

experiments, using homogeneous base-type transesterification.

Table 4-22. The activation energy of homogeneous base-type catalysed transesterification.

Feedstock Alcohol Catalyst Molar Temperature Reaction Activation Ref.

Loading Ratio O Mechanism; energy
(wt. %) Kinetic (kJ/mol)
model
Palm Methanol KOH 1.0 6 55-65 Reversible TG:14.7  [71]

second-order DG: 14.2

MG: 6.4
Palm Ethanol NaOH 1.0 12 25-55 Irreversible  TG: 42.36 [234]
second-order
Soybean = Butanol NaOBu 6 20—60 Reversible  TG: 15.7 [64]
1.0 second-order DG: 13.1
MG: 13.4
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Soybean =~ Methanol NaOH 0.2 6 30-70 Reversible [57]

second-order

Sunflower Methanol KOH 6 25-65 Reversible TG:31.6  [213]
0.5-1.5 second-order DG: 41.6
MG: 5.96

Sunflower Methanol KOH 1.0 6 10-30 Irreversible  TG:53.5  [237]
Pseudo DG: 33.2

second-order MG: 34.2

Sunflower Ethanol = KOH 6-12 25-75 Irreversible 8.3 -35.1 [225]
0.75-1.25 pseudo

second-order

Canola Ethanol  MgCoAl- 140-200 Pseudo first- TG: 60.5 [240]
LDH 2.0 order

Castor Ethanol NaOH 1.0 12 30-70 Pseudo first- TG: 70.6  [241]
order

Palm Methanol KOH 1.0 6 30-60 Irreversible  TG: 10.22  This

pseudo DG: 954 work

second-order \1G. 850

Palm Methanol KOH 1.0 6 30-60 Irreversible TG: 13.23 This
pseudo first- DG: 14.51 Wwork

order MG: 14.58

According to Table 4-22, the activation energies found in this work for pseudo first-order and pseudo
second-order are in the same order of magnitude and agrees well with the other reported glycerides
studies. The pseudo second-order decreases in activation energy as conversion occurs, while the
pseudo first-order has increasing activation energy values. The decreasing trend in the order of
magnitude for activation energy found in the second-order model is consistent with the other

activation energy studies.

For the pseudo second-order model, when compared with other reported studies that calculate for all
glycerides (triglycerides, diglycerides, and monoglycerides), the activation energy in this work is

significantly lower, except for the monoglyceride activation energy reported by Darnoko and
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Cheryan [71], Vicente et al. [213] at 6.4 kJ/mol. This suggests that among the similar experiments
of using batch reactor at comparable operating conditions, the RVC reactor would perform more

efficient for biodiesel transesterification as reflected by the results.

Another noticeable trend from Table 4-22 is that the studies that do not include modelling the
intermediates such as diglycerides and monoglycerides tend to have higher activation energy to
convert triglycerides. These studies use the assumption of fast converting intermediates, where the
kinetic rates are negligible. However, the kinetic rates are relatively significant for the intermediates,
particularly for the physical-limiting stage as it would define how quick the reaction transition into

chemical equilibrium.

Based on Table 4-22, there is a lack of pseudo first-order kinetic model which involves all three
glycerides, hence no complete transesterification activation energies were reported in the available
literature. The activation energy values are vital to the foundation of developing a kinetic model, as
it provides information on how the connections exist among particle kinetic energy, temperature, and
energy required for the reaction [262]. Therefore, in this study, the extension of the pseudo first-
order kinetic model which integrates the intermediate reactions allows the individual activation
energy to be calculated, which is important to understand the transesterification reaction kinetic
model as a whole. The reported values in this study are also relatively lower than the other activation
energies, when compared only using triglycerides conversion results. This would suggest that the
overall kinetics of transesterification is greater with the aid of RVC microturbulence agitation. In all,
the linear trend method is suitable for the pseudo first-order kinetic model, while the moving average

method is more feasible for the pseudo second-order kinetic model to calculate the activation energy.

4.5.1.10 RVC reaction Kinetics compared with baseline

The baseline test was conducted to determine the glycerides content through the EN14105
methodology, where 19 samples were taken between Os to 2700s. The concentration of the glycerides
was processed and analysed to form a benchmark against the RVC study. The pseudo first-order
kinetic model was applied to the tri-, di-, monoglycerides to obtain the kinetic rates, as the baseline
study can also be modelled via the first-order mechanism using assumptions from Eq. 3-18 and Eq.
3-19. Figure 4-83 shows the pseudo first-order transformation of the triglycerides for RVC and

baseline at 45°C throughout the transesterification process.
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Figure 4-83. Pseudo first-order transformation of triglycerides concentration of RVC and baseline

at 45°C.

The RVC and baseline study at 45°C shows a similar trend via the first-order mechanism for both
the fast reacting physical-limiting regime and the slow reacting equilibrium phase. However, the
main benefit of using a high surface area porous material like RVC is the ability to enhance mixing
between reactants, particularly where the effect of agitation is the most significant for
transesterification. Therefore, according to the Pareto analysis on the effect of agitation conducted in
Figure 3-5 and RPM response surface methodology study in Figure 4-33, the timeframe of interest

is located at the initialisation phase which is physical-limiting as presented in Figure 4-84.
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Figure 4-84. The physical-limiting regime during the initial stage of transesterification of RVC and
baseline at 45°C.

Based on Figure 4-84, the RVC kinetic model shows a better fit with the linear relationship of the
pseudo first-order kinetic model as compared to the baseline, represented through the R? of the linear
trend line. In terms of kinetic rate, the RVC reactor shows slightly higher reaction rates from 0Os to
30s, suggesting an adequate mixing for the heterogeneous phase of oil and methanol during
initialisation. In contrast, the baseline case shows a larger gradient as compared to the RVC, but this
could be due to propagated error as suggested by the weak linearity of the pseudo first-order. The
results here supported the findings from the previous study on using RVC and compared with
baseline in the preliminary experiments where the 20 ppi RVC has a greater effect on methyl ester
yield. The faster depletion of triglycerides would also accelerate the transesterification to transition
from the physical-limiting to reaction-limiting where the final yield can be achieved earlier. The
kinetics of triglycerides depletion should be investigated and calculated to validate the previous
statement. Thus, Figure 4-85 shows the kinetic constant of the triglyceride depletion kinetic model
using the three-point moving average technique which simulates an instantaneous reaction rate. The

gradient is obtained from the line formed by the three consecutive sampling point.
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Figure 4-85. The three-point moving average triglycerides kinetic rates of pseudo first-order

transesterification at the physical-limiting stage of RVC and baseline at 45°C.

From the kinetic constants of RVC and baseline as presented in Figure 4-85, the results are consistent
with the observations of the pseudo first-order plot, where the RVC reactor performs better during
initialisation. The higher depletion rate of triglyceride is most likely due to the combined effects of
micro-turbulence generated and the enhanced surface area due to the porous nature of RVC. When
compared along the timeline from Os to 270s, the baseline case has a consistent lower kinetic rate at
about 10-20s based on directly comparing the evolution of the kinetic rates. The maximum kinetic
rate for RVC is 0.4916 dm’mols™'s™ at 10s, while the baseline is 0.03861 dm>mols s at 30s, where
RVC shows a 24% greater performance in the beginning. Figure 4-86 shows the diglycerides kinetic
rates for RVC and baseline from 10s to 270s at 45°C.
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Figure 4-86. The three-point moving average diglycerides kinetic rates of pseudo first-order

transesterification at the physical-limiting stage of RVC and baseline at 45°C.

The kinetic rates calculated above are a net effect of the formation and depletion kinetic rates of
diglyceride. Therefore, the lower negative kinetic constants of RVC would suggest that the depletion
of diglycerides is higher than the baseline, resulting in a more positive kinetic constant. As expected,
RVC outperforms the baseline during the initialisation phase by a margin of 3.2% and 86.33% at 10s
and 20s, respectively. However, as the mixing progresses, the baseline case would surpass in reaction
rates as shown at 30s where the RVC’s kinetic constant remains to be a negative value, while the
baseline study for diglyceride has already transitioned to depletion dominant. As the
transesterification progresses, RVC kinetic rates can be seen to peaked at 60s, followed by a gradual
decrease towards 270s. In the case of baseline, the kinetic rates of diglycerides are more consistent
without a significant peak, where the trend is then followed by a sharp decrease from 80s to 100s,
leading to a plateau as it approaches equilibrium. The maximum kinetic rate for RVC is 0.0109
dm?mols's™! at 60s, while the baseline is 0.0122 dm’mols's™! at 80s, where baseline shows an 11.9%
greater performance at its peak. Figure 4-87 shows the monoglycerides kinetic rates using the pseudo

first-order model for transesterification of RVC and baseline at 45°C.
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Figure 4-87. The three-point moving average monoglycerides kinetic rates of pseudo first-order

transesterification at the physical-limiting stage of RVC and baseline at 45°C.

For the monoglycerides kinetic rates, the horizontal axis is adjusted to cross at —0.1 dm*mol's™! to
allow better representation from the bar plots. From the analysis of triglycerides and diglycerides
kinetic rates, at initialisation, a sharp increase in monoglycerides concentration is expected, which
results in the negative kinetic constant shown in 10s. As expected, the higher depletion rate of
triglycerides and diglycerides from the RVC reactor will consequently lead to a higher depletion rate
of monoglycerides, reflected from 10s to 20s where RVC is consistently more positive than baseline.
The increase in kinetic rates of the baseline study from 20s to 30s is consistent with the results from
large changes in diglycerides kinetic rates. The maximum kinetic rate for RVC is 0.0065 dm*mols-
Is'! at 60s, while the baseline is 0.0094 dm’mols's! at 80s, where baseline shows a 36.7% greater
performance with peak-to-peak behind RVC by 20s. The kinetic rates of RVC and baseline increase
in a gradual trend from 30s to 60s with very small differences, where the kinetic rates plateau with
minimal fluctuations from 60s onwards. Evidently, the difference in kinetic constants trend for RVC
and baseline is well explained and consistent as monoglycerides' changes are a trickle effect from

the precursors, diglycerides, and triglycerides.

To summarise, RVC shows faster increase in kinetic rates during the initialisation phase and peaks
earlier in performance during mixing than the baseline reactor. This is consistently observed in the
first-order transformation plot, triglycerides depletion kinetic rates, diglycerides conversion kinetic

rates, and monoglycerides conversion kinetic rates. The result is a faster homogenisation of methanol
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and oil, leading to earlier formation of biodiesel. The overall transesterification yield curve will shift
as the chemical equilibrium and final yield point can be achieved sooner. Therefore, the reaction
kinetics of the glycerides test are in agreement with the factorial and surface analysis, where better

homogeneous mixing will have a positive impact on the final yield.
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4.5.1.11 Thermal image analysis

The heat addition mechanism in the experiment is done using a heating jacket, surrounding the glass
reactor controlled by a temperature controller monitoring the reactant temperature via a
thermocouple probe, as illustrated in Figure 4-88. The digital images were captured by a thermal

imaging unit (HT-18,) with the equipment’s specifications tabulated in Table 4-23.

Figure 4-88. The glass reactor setup with the heating mechanism, (a) Thermocouple, (b) Heating
jacket.
Table 4-23. Specification of the Thermal Imaging Unit (HT-18)

Specifications Value
Temperature range —20°C to +300°C
Maximum operating distance 2.0m

Sensitivity +0.07°C
Accuracy +2.0°C or 2.0%
Acquisition refresh rate 9 Hz
Wavelength 8 to 14pum

The thermal imaging unit was setup 10cm above the surface of the reactor, and the surface
temperature of the reactants was captured at different intervals for the reaction temperature of 30°C,
45°C, and 60°C. The images were later processed in MATLAB using the image processing package.

Figure 4-89 shows the glyceride experiment at the reaction temperature of 45°C from Os to 1899s.
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Figure 4-89. Thermal images of the RVC reactor for the glycerides experiments from Os to 1899s,
operating using 20 ppi, 45°C reaction temperature, 1wt. % catalyst loading, 300 rpm

agitation speed, and 6:1 methanol to oil molar ratio.
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The temperature indicated from the top left is the rectangular pointer temperature located at the centre,
with the minimum and maximum temperatures of the frame located at the bottom left corner, while
the colour bar (monochrome) located on the right bottom corner. From the figure, the initial
temperature at Os is 54.4°C, which is much higher than the intended 45°C to compensate for the
addition of methanol when the transesterification process begins. As the methanol is added and
stirring initiated, the reactant's overall temperature falls rapidly to 36.7°C as shown in 33s. The
temperature controller adapts to the drop in reaction temperature from the thermocouple (black
shadow in the centre), increasing the power output for the heating jacket. Thus, over time the reaction
temperature slowly increases back to the set point of 45°C as illustrated in 85s onwards. The agitation
speed is set at 300 rpm, where the reactants can be adequately mixed. The hot zone surrounding the
sides of the reactant is the heating jacket while the colder centre zone depicts the reactants in the
reactor. Moreover, the maximum temperature indicates the heating jacket's temperature, which is
heating the reactants to their set point. From 144s onwards, the surface temperature of the reactants

at the centre has achieved the set reaction temperature of 45°C.

The homogeneity of the heat transfer in the reactor can be visualised by implementing a series of
image processing and analysis using MATLAB R2020a. Colour thresholder was implemented on the
original thermal images taken in Figure 4-89, where the colorspace and range for each channel of the
colorspace (RGB) were set to the temperature of interest. Thus, a masked image was produced to
filter and highlight the point of interest based on the digital data of the thermal signal as shown in
Figure 4-90. The red dotted circle shows the reactor's circumference, while the two yellow ellipses

are the thermocouple and the overhead stirrer.
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Figure 4-90. Masked thermal images of the RVC reactor for the glycerides experiments from Os to
1899s, with the colour threshold at 45°C.

282



Chapter 4

Based on the masked images, the white area shows the temperature above 45°C. Therefore, it can be
observed from 144s that the area in the centre has a small spot heated to the desired temperature,
while the other locations are still relatively cool. The heat can be observed to be transferred directly
from the wall of the reactor, where the heating jacket is located, as the white section can be seen to
engulf inwards from the outer section from 124s to 465s. A sudden drop in temperature is observed
at 652s. This is then followed by compensation in heat addition via the heating jacket which is
noticeable from 945s in Figure 4-90, where the surface temperature of the reactor reaches above
45°C as indicated by the white patches. As the transesterification continues at the chemical
equilibrium stage, biodiesel production rate quickly falls since the triglyceride concentration is low,
hence excess methanol is required for complete reaction. During the reaction-limiting stage, the
fluctuations of temperature also reduce relative to the physical-limiting stage as shown from 945s to

1899s, where more than 50% of the reactor surface is at the target temperature of 45°C.

In all, the thermal image analysis can be used to identify hot and cold spots of the batch reactor, as
the even distribution of heat is key to a well-designed reactor and experiment. The decrease in
temperature is due to mixing a large volume of methanol which has a cooling effect. This observation
is vital for understanding how transesterification kinetics reacts to the temperature change, while the
kinetic rates are at its highest during the physical-limiting stage. Therefore, more accurate kinetic
models can be built using the actual temperature of the reaction as captured by the thermal camera

rather than assuming a uniform temperature system.
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4.6 Conclusion

The idea of using a porous material as an overhead stirrer in a batch reactor is presented in this study,
where the RVC reactor has proven to be a viable solution. The reactor's design takes full advantage
of the material properties from RVC, to provide chemical reaction enhancement through physical
agitation. The improvement in the mass transfer can also be observed using the RVC reactor, as the
microturbulence induced from the reticulated surfaces of RVC improves mixing, combined with the

increased surface area of reaction from the matrix of open pores.

The results from the main effects and interaction plots using factorial analysis shows that catalyst,
molar ratio and temperatures have significant relevance to ensure the complete reaction of
transesterification as the process approaches chemical equilibrium. The effect of agitation and ppi
shows a decreasing level of importance after 60s, where adequate mixing is achieved in the reaction.
The response surface analysis shows how two operating conditions interact to alter the yield. The
effects of these interactions are identified to facilitate overcoming the activation energy of
transesterification and the physical intensification of the reactants. For instance, the PPI-RPM surface
plot shows that homogeneous mixing can be achieved as soon as 60s, where vigorous agitation is no
longer required beyond 120s. This suggests that the RVC reactor can transition out of the physical-
limiting stage sooner than the benchmark with a physical-limiting range from Os to 270s. The Catalyst
Loading-RPM, Temperature-PPI, Catalyst-PPI, Molar Ratio-Catalyst Loading, and Temperature-
Molar Ratio interactions significantly contribute to achieving a high final yield during the reaction-

limiting stage, as they are essential for overcoming the activation energy of transesterification.

Reaction kinetics of the RVC was also studied using pseudo first-order and pseudo second-order
kinetic models. The results show that the RVC reactor has a higher kinetic rate than the benchmark
batch reactor during the physical-limiting stage, where homogeneous mixing is significant to
promote the kinetic rates. The kinetic rate of RVC reactor is 2.94 mol-min™' while the mass transfer
coefficient is 408x10° min™!, as compared with the benchmark case at 2.32 mol-min™! and 401x10°

min’!, respectively.

The prediction model for the glycerides concentration was also built using the two kinetic models,
where the simulated results show a good fit with the experimental data. The approach involves
modelling the intermediate glycerides, as they are assumed not to be immediately depleted during
the physical-limiting stage, where kinetic rates are high. This is also due to the excess methanol used
inhibiting the formation of biodiesel at the beginning of transesterification, hence kinetic rates are

not as fast as assumed prior to achieving reactant homogeneity.

In all, the use of RVC in a batch reactor was studied to expand the practical implementation of the

material in the chemical intensification category. The reactor was proven to improve
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transesterification by allowing better mixing of reactants, where the reaction reaches equilibrium
phase sooner. The evolving importance of factor interaction was also explored through the qualitative

analysis in surface plots, to reduce the research gap in time-sensitive factor analysis.
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Chapter 5 Optical and Reaction Characterisation of

Microchannel Reactor in Transesterification

5.1 Introduction

In this study, the performance of microchannel reactor is characterised by (i) the physico-chemical
interactions of the microchannel reactor using an integrated optical and yield analysis methods, (ii)
the transient interaction of the flow patterns and chemical kinetics of the reactor during the
initialisation, intermediate, and equilibrium stages of the transesterification. Microchannel reactor
has emerged as a promising alternative when compared with batch-type reactor due to its unique
advantages. The major attraction of using the microchannel reactor is the continuous flow capability,
made possible by the highly energy-efficient system. The internal characteristic dimensions of 1,000
pum to 10 pm provides an enhanced surface area to volume ratio at the scale of 10,000 to 50,000 m*m"
3[263]. Thus, these characteristics allow a shorter diffusion length between the oil and alcohol during
reaction, leading to a higher heat and mass transfer rates. As a result, the microchannel reactor can

overcome some of the design limitations from the batch reactor technique.

As discussed in the literature review, many microtubular reactor studies have been tailored to study
the reactor's design, accompanied by the operating conditions. These studies can demonstrate
comparable results on a laboratory-scale that a shorter residence time of transesterification can be

achieved by using microtubular systems [97,124,126,181].

In the context of reactor geometry, microtubular reactor is often equipped with a microchannel
reaction tubing, where the oil and alcohol pass and react. In general, an external heat source is
required to ensure that the transesterification process can overcome the initial activation energy of
conversion. The presence of a micromixer is also used to enable active or passive mixing in the
system. Thus, the main mode of reaction between the reactants is usually diffusive rather than
convective. Additionally, the geometrical parameters of the microchannel system will affect the
droplet formation of methanol and oil in the channel. Thus, this should also be monitored to study

the flow patterns of the reactants based on the liquid-liquid two-phase flow.

The general mode of mixing in microchannel reactors are the passive mixers using T-type or Y-type
junction, as they are relatively inexpensive. Therefore, the main mixing method is restricted by

uniting the flow of fluid streams [263].
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5.2 Flow and droplet size effect

The sizing of the channel is crucial in determining the types of flow achieved throughout the
microchannel system. Therefore, the decrease in the hydraulic diameter of the channel will alter the

physical phenomena relevant in the context of chemical reactions.

5.2.1 Surface-to-volume ratio

As mentioned in the introduction, the microchannel system offers an enhanced specific surface area
for the flow, with an inversely proportional relationship to the length scale of the channel’s cross-
section [264]. The narrow channel enables a high surface-to-volume ratio transesterification process,
which effectively decreases the diffusion length of reactants, hence increasing the mass transfer to
promote reaction rates. Microreactors are quoted to be 10—50 and 100—500 times greater in terms of
total surface-to-volume ratio than conventional laboratory vessels of 1,000 m?*/m® and production
vessel of 100 m*/m’, respectively [120]. Thus, microchannel reactors are often selectively operated
under milder conditions, since they have superior reaction rates, which reduce the energy requirement

for the transesterification process.

5.2.2 Surface forces

In flow systems, several phase distributions and flow patterns are responsible for the dynamic
interplay between interfacial, gravitational, viscous and inertial forces. The laminar nature of the
flow combined with the prevailing interfacial forces enables the formation of gas-liquid and liquid-
liquid interfaces typical of multiphase microflows. Depending on the length-scale, the body or

surface forces control the physical phenomenon in a microchannel.

These body forces can be characterised in experiments to help predict the multiphase flow behaviour
in a microchannel system. The results are essential in planning out the design of the reactor as the
interaction of the fluids can be manipulated. The microfluidic flow in a multiphase scenario can be
characterised by the ratio of the viscous to surface forces, multiplied by the capillary number (Ca)

and by the ratio of the fluid viscosities as shown,

uly i Eq. 5-1

0 HUq

Ca

Where u and u, are the viscosity of the fluids at the continuous and the dispersed phases, respectively
[265]. The o is defined as the surface tension or interracial tension between the two fluid phases,
while Uy is the characteristic velocity of the fluids. Besides, the Weber number is defined by the ratio

of inertia to surface forces as shown,
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_ pU&dy, Eq. 5-2
(o)

We

The Weber number is often used to analyse the fluid flows' interface with a system involving two
different fluids. Table 5-1 summarises the non-dimensional numbers that are used to characterise the

multiphase flow in a microchannel.

Table 5-1. Non-dimensional numbers used in characterising multiphase flow in a microchannel

[264].
Non-dimensional number Formula Definition
Reynolds number pvd Inertial force
u Viscous force
Froude number pv? Inertial force
Apgd Gravitational force
Bond/ E6tvos number Apd?g Gravitational force
g Surface tension force
Capillary number uv Viscous force
a Surface tension force
Weber number pvid Inertial force
g Surface tension force
5.2.3 Surface characteristics and wall wettability

Wall wettability is a particularly important effect in fluid modelling for microchannel with the
multiphase flow. However, the solid surfaces are characterised by their roughness and wettability,
defined by the three-phase contact angle in a continuous liquid phase. For instance, the balanced
interaction between the adhesive and cohesive forces can be used to determine the three-phase
contact angle, as the attraction force between liquid, solid wall, and liquid-gas molecule; attraction
among liquid molecules work in a microchannel [264,266,267]. Alternatively, the implementation
of chemical reactions in a microchannel system can alter the wetting behaviour of the fluids on a
micro- or nano-level by introducing surface roughness elements [268,269]. The sub-micro scale
roughness elements are periodically included in the design of the reactor as it can be useful depending
on the application. For instance, the heat transfer and nucleation of boiling of a multiphase flow

would be altered depending on the surface roughness of the microchannel [270].

In general, the flow in a microchannel is almost always laminar in a single-phase condition. However,

in a multiphase scenario, the flow patterns will be relatively different as the surface tension of the
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different fluid would exhibit different physical characteristics. Figure 5-1 shows the type of flow that
would normally be expected in a multiphase flow. Figure 5-2 shows the flow pattern map from
Triplett et al. [271] developed characterised for two-phase flow in a microchannel tubing of 1.45 mm
internal diameter, which a gas superficial velocity (Ug) versus the liquid superficial velocity (Ur)

coordinates.

Bubbly Slug

Chumn Slug-Annular Annular

Figure 5-1. The air-water flow patterns characterised in a 1 mm internal diameter microchannel

tubing. Adapted from [272].
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Figure 5-2. Flow patterns and flow pattern transition lines for the 1.45 mm diameter circular test

observed by Triplett et al. [271,272]. Adapted from Gupta et al. [264].

5.3 Materials and experimental setup

The RDB palm olein used were sourced locally (purity 99.8%, Saji, Malaysia) with FFA (Palmitic
acid) at a maximum of 0.1 wt. %, moisture and impurities at a maximum of 0.1 wt. %. The potassium
methoxide solutions were prepared by dissolving KOH pellets (purity >85%, Qrec, Malaysia) at 1.0
wt. % of the feedstocks into the analytical grade methanol (purity 99.8%, Qrec, Malaysia).

The system consists of two micro peristaltic pumps with stepper motors controlled by an Arduino
microcontroller. The pumps are connected to a microchannel tubing with an internal diameter of 0.8
mm varying in length depending on the residence time required. The dry surface area to volume ratio

of this configuration is calculated to be at 5,002 m?m™ using the equation as follow,

Dry surfacearea mdyl+ 0.57d% Eq. 5-3
Total hydraulic volume ~ 0.25nd?1

Where dp is the hydraulic diameter of the microtube, and / is the length of the microtube. However,
the formation of droplets would further increase the wet surface area to volume ratio. The Y-type

mixing junction was used to combine the oil flow and the methanol flow before entering the reaction
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channel which is heated to within £1.0°C of the desired temperature by a silicon jacket equipped

with a temperature controller.

Additionally, the feedstock is pre-heated using a heating mantle to the desired temperature, as the
mixing with methoxide will significantly lower the overall temperature. The product produced at the
end of the microchannel system is immediately added to a diluted hydrochloric acid solution to
quench the reaction, which also removed the excess methanol from the product. Two distinct layers
were formed, the oil phase at the top and the methanol phase at the bottom. The top layer was
extracted as samples, then treated and characterised in a gas chromatograph. The flow pattern is
optically examined for different conditions using a digital microscope, to study the correlation
between oil and alcohol droplet size, biodiesel yield, and reaction kinetics. The microchannel system

used in this experimental work is schematically presented in Figure 5-3.

Digital
microscope

. o Silicon heating
Micro peristaltic jacket

pump

T-micromixer

Feedstock Alcohol + Sea:;&ll(tlon
soluble
catalyst

Figure 5-3. The schematic diagram of the microchannel experimental setup.

A sampling of 8 different time intervals from Os to 450s was conducted using a different length of
microchannel tubing to determine the transient to steady-state transesterification reaction using this
system. The optical results are integrated into the mass transfer analysis to provide an additional

perspective in determining a microchannel reactor's kinetics.

Similarly, the determination of the Arrhenius energy of activation requires to test the glycerides result
through a range of elevated reaction temperature. Thus, the identical range of testing is designed to
allow comparable analysis for the microchannel reactor with the RVC batch-type reactor and baseline
reactor. Additionally, the effect of temperature for glycerides also enables the implementation of

kinetic models which includes the prediction of glycerides.

291



Chapter 5

5.4 Theoretical considerations

The stepper peristaltic pumps control the flow rates and methanol to oil molar ratio. Therefore, the
range of the peristaltic pump is calibrated to identify the limitations of the experiment. The calibration
was done with the fluid used in the peristaltic pumps to eliminate fluid density and compressibility
errors. Thus, the flow rate range was determined, as shown in Figure 5-4. The methanol to oil molar
ratio for the glycerides test is fixed at 6:1. Therefore, the flow rate is adjusted for both pumps to
remain a relatively identical flow velocity and residence time for the target molar ratio. The
calibration is also essential to identify the quantity of KOH required to be dissolved in the methanol
to achieve 1.0 wt. % of the oil with regards to the mass flow rate of the oil. The mass of KOH required

to be dissolved in the methanol can be expressed as,

[KOH] - 1,y Eq. 5-4

KOHreq - Mpyreon

where the /KOH)] is the catalytic loading, and 71 is the respective mass flow rate of the reactants.
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Figure 5-4. Effective range of flow rate for the sets of stepper peristaltic pumps.
In this liquid-liquid flow system, the flow patterns are also considered in this experiment where the
stable flow pattern is required to be established, by calculating the capillary number (viscous stresses

relative to the interfacial tension) and Weber number (fluid’s inertia to the interfacial tension). Eq.

5-1 and Eq. 5-2 are summarised in Table 5-2 below.
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Table 5-2. The characterisation of the multiphase flow system in the microchannel reactor.

Dimensionless number Equation Calculated value Implication

Low capillary numbers
(Ca<0.01), the
uly u interfacial forces are

0.004759
o Ug more dominant than the

Cavitation number, Ca Ca

shear stresses.

Dominantly slug flow.

Low Weber numbers
indicate that there is a

pUZd, | 352610 higher tendency for the
— 352¢

Weber number, We We
o coalescence of the

second phase. Methanol

droplets are combining.

Based on Table 5-2, slug flow can be formed reliably by the microchannel reactor as indicated by
the low Ca number (<0.01) [273,274]. By definition, slug flow is a series of slugs of the methanol
phase separated by the oil phase. Within individual slug, it can be considered as an independent
processing sub-volume, hence the oil acts as a continuous phase while the methanol is a discrete
phase [263]. Additionally, slug flow provides an intensity of internal circulations which increases
with the flow, hence diffusive penetration can be achieved by the immiscible liquid-liquid two-phase

of methanol and oil, as shown in Figure 5-5.
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Diffusion Internal circulation
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Figure 5-5. The multiphase system where the reaction occurs at (i) the forefront and interphase

between [A] and [B], and (ii) within the recirculation of [A] at each flow segment,

which is achieved by the formation of slug flow.

Figure 5-5 shows that slug flow is advantageous in reaction flow due to the high interfacial area
that it provides, which can be manipulated by changing the flow rates. Furthermore, the high
reaction rate at the fluid interface and the internal circulation within the slugs provide additional
reaction planes [265]. The internal circulation also causes the hydrodynamic boundary layer to
reduce in the slug flow, which essentially promotes the effect of the homogeneous catalyst in the

methanol phase as diffusive resistance is negligible [275].
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5.5 Results and discussions

5.5.1 Glycerides analysis

The concentration of glycerides content and FAME vyield for 45°C reaction temperature was

determined via EN14105 and presented in Figure 5-6.
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Figure 5-6. The glycerides and yield results from microchannel reactor at 45°C, the internal
diameter of 1.0 mm, methanol to oil molar ratio of 6, and KOH catalyst loading of 1.0

wt. %

The effects of temperature on the concentration of trigly-, digly-, monoglycerides, and FAME yield
are also presented in Figure 5-7, Figure 5-8, Figure 5-9, and Figure 5-10, respectively.
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Figure 5-7. The effect of temperature for triglycerides depletion from Os to 450s at 30, 45, and

60°C using microchannel reactor.

Based on Figure 5-7, the use of different reaction temperatures affects the rate of depletion for
triglycerides in the transesterification reaction. In general, the higher temperature has a greater
conversion rate for triglycerides as the kinetic rates are improved. The increase in temperature from
30°C to 45°C is more impactful in terms of triglycerides conversion, than the increase in temperature
from 45°C to 60°C. This suggests that the effect of increasing reaction temperature has an observable
diminishing return for the conversion of triglycerides in the microchannel reactor. The final

conversion of triglycerides is measured at 88.7%, 96.0%, and 98.7% for the case of 30°C, 45°C and
60°C, respectively.
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Figure 5-8. The effect of temperature for diglycerides formation and depletion from Os to 450s at

30, 45, and 60°C using microchannel reactor.

Figure 5-8 shows the diglycerides conversion in the microchannel reactor, which is influenced
heavily by the triglycerides depletion. The high depletion rate of triglycerides causes the initial
increase in diglycerides, hence there is a net formation in diglycerides. As the reaction progress
beyond 30s, the high concentration of diglycerides promotes the conversion of the intermediate in
transesterification. Therefore, rapid decrease in concentration was observed in the reaction
temperatures of 45°C and 60°C at about 30s. However, the 30°C shows a delay in diglycerides
depletion, which is likely caused by insufficient energy in the system to overcome the activation

energy of diglycerides reacting with methanol.

297



Chapter 5

0.014

0.012

0.01

0.008

0.006

0.004

Monoglycerides concentraiton (mol.L ")

0.002

——30°C 45°C 60°C

0 50 100 150 200 250 300 350 400 450 500
Time (s)

Figure 5-9. The effect of temperature for monoglycerides formation and depletion from Os to 450s

at 30, 45, and 60°C using microchannel reactor.

From Figure 5-9, the main trend of the monoglycerides conversion is similar to the diglyceride
conversion. The reaction temperature of 45°C shows a more responsive conversion than 60°C at the
beginning of the transesterification, as it achieves a net depletion rate sooner. The 30°C shows a
relatively poor conversion towards the end of the experiment, as the resistance in the reaction is likely

due to the low temperature used.
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Figure 5-10. The yield of biodiesel in percentage and molar concentration from Os to 450s at 30,

45, and 60°C using microchannel reactor.

Based on Figure 5-10, the evolution in the biodiesel yield is expected from studying the conversion
of the glycerides. The effect of increasing temperature has a significant impact on how fast the
reaction changes from the fast forming region initially, to the slower chemical equilibrium region.
The figure shows an observable region at about 45s residence time of the microchannel reactor, where
the biodiesel rate of formation starts to decrease, which is more obvious for 45°C and 60°C. The final
yield achieved by the microchannel reactor using 30°C, 45°C, and 60°C is 76.8%, 87.9%, and 91.1%,

respectively.

5.5.2 Pseudo first-order kinetic mechanism

The microchannel reactor utilises a homogeneous catalyst transesterification system which consists
of the oil, methanol, and glycerol three-phase. Besides the main transesterification reaction, there is
also saponification, a competing reaction where glycerides and methyl ester will react with the base
catalyst and water molecule to form soap. Additionally, neutralisation of base can also occur with
the free fatty acids. Thus, several assumptions are required to ensure that the kinetic mechanism can

be well defined as below:

1. The flow of fluid from the two reactants of methanol and oil is governed by the annular type

flow represented by a biphasic medium from the oil and methanol phase [231].
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2.

The mass transfer of the triglycerides and the intermediates, namely, diglycerides and
monoglycerides, is in the oil phase's direction to the methanol phase [231].

The use of a homogeneous base-type transesterification reaction ensures a high rate of
reaction which takes place in the methanol phase, leading to the faster conversion of
triglycerides [254,256].

The first-order reaction is more favoured in a microchannel system as oil and methanol are
used up along the channel, to produce FAME and glycerol. The mass concentration of the
catalyst is an increasing function of the residence time or microchannel length since the
catalyst is regenerated into the system [276].

Transesterification is only considered for the forward reaction as the reaction of triglycerides,
diglycerides, and monoglycerides are in equilibrium. Also, triglyceride concentration
approaches zero, where the reversible rate constant of the primary kinetic, k.; will be
relatively low to others [276].

The competing reactions such as neutralisation of base and saponification are neglected as

the effect is relatively low as compared to the main transesterification [232,233].

The above assumptions enable the kinetic mechanism to be established for pseudo first-order

with Eq. 3-16, Eq. 3-18, and Eq. 3-19. Therefore, the pseudo first-order was applied to determine

the range which obeys the mechanism as shown in Figure 5-11.
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Figure 5-11. The pseudo first-order kinetic mechanism of the microchannel reactor from 0Os to 450s

for the reaction temperature of 30°C, 45°C, and 60°C.

Figure 5-11 shows that the linear range of the microchannel pseudo first-order can be determined

from Os to 120s, which is earlier than the batch type system. This should be reasonable as the

overall scale of the entire reaction chamber is significantly smaller than the batch system, while

the high throughput combined with high triglyceride conversion rate is the result of faster kinetic

rates. The pseudo first-order kinetic model is often recommended to be applied at the initial

transesterification region, where reaction rates are high. Thus, the two regions identified from

Figure 5-11 also supports the kinetic model’s limitation, where the low linear region beyond

120s is not included in the reaction kinetic study. The maximum Kkinetic reaction rate is

determined through the three-point running average of the triglyceride conversion, as shown in

Figure 5-12.
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Figure 5-12. The three-point running average of the pseudo first-order microchannel

transesterification of triglycerides depletion from Os to 450s.

Based on Figure 5-12, the highest instantaneous kinetic rates are observed from 30s to 60s, which is
in the order with respect to the increase in reaction temperature. This is expected from
transesterification as the transesterification reaction is exothermic. The three-point running average
can also be described as the rate of change in kinetics with respect to time, hence it can be used to
determine the inflection point by finding the highest peak. The inflection point occurs at about 45s

into the reaction, followed by a sharp decline.

The methyl ester yield results are also used to determine the pseudo first-order kinetic mechanism to
test the results' consistency as compared to the batch-type system. This is done using the conversion

and formation of methyl ester data with Eq. 3-22, as shown in Figure 5-13.
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Figure 5-13. The pseudo first-order kinetic model of methyl ester formation in transesterification

using microchannel system.

Based on Figure 5-13, the methyl ester pseudo first-order kinetic model can be well represented by

the linear trend if the model is intersected at 45s residence time. The identified intersection also

coincide with the findings for the biodiesel yield results from Figure 5-10. However, for the

microchannel system, the kinetic rates seem to be leading as compared to the depletion of

triglycerides. This can be further examined in the three-point running average of the pseudo first-

order kinetic model, to determine the inflection point, as shown in Figure 5-14.
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Figure 5-14. The three-point running average of the pseudo first-order microchannel

transesterification of methyl ester formation from Os to 450s.

Figure 5-14 shows the highest kinetic rate occurs at 45s for 30°C and 45°C, while 30s for 60°C. This
is not expected as the highest kinetic rate of triglycerides conversion for 60°C occurred at 45s.
Although the methyl ester formation first-order is not typically used in kinetic studies, the model's
high linearity from three distinct reaction temperatures suggests a good representation of the
transesterification kinetics qualitatively. The same model has also been tested by Latchubugata ef al.
[235], where pseudo first-order is implemented by modelling methyl ester formation, with good
approximation. However, the methyl ester formation kinetic model suggests that the intermediate
reactions which involve the formation and depletion of diglycerides and monoglycerides are not
negligible, since they are not immediately converted into methyl ester. To investigate the previous
statement, pseudo first-order is carried out for the kinetics of diglycerides and monoglycerides, as
the assumption of excess methanol justifies the implementation for the intermediate reactions.
Therefore, by applying Eq. 3-23 and Eq. 3-24 to the intermediate glycerides of transesterification,
results are shown in Figure 5-15 and Figure 5-16.
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Figure 5-15. The pseudo first-order kinetic model of diglycerides formation and depletion in

transesterification using microchannel system.

According to Figure 5-15, the kinetic model shows a good fit with the linear relationship for 30°C
and 60°C reaction temperature, while the 45°C case does not show high linearity. The abnormalities
from the 45°C are likely due to the formation rate greater than the depletion, leading to an excess
diglyceride accumulation. The range of results chosen is from 60s to 300s, representing 53.3% of the
total residence time. This range is selected based on the linear region where the kinetic model
conforms to the conversion of diglycerides, as shown in the method used in other literature [235,237].
The 0s to 60s residence time are not included because the rate of formation is higher than the rate of

depletion for diglycerides, which can introduce errors in estimating the actual kinetic rates.
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Figure 5-16. The pseudo first-order kinetic model of monoglycerides formation and depletion in

transesterification using microchannel system.

Figure 5-16 shows that the pseudo first-order monoglyceride kinetic model exhibits a relatively good
fit for first-order reaction, given that the intermediate concentration is constantly fluctuating. The
results from the glycerides concentration based on Figure 5-7, Figure 5-8, and Figure 5-9 all suggest
that beyond 60s, the concentrations are a better representative set of result to be used in kinetic
modelling, as the fluctuation is lesser due to the reaction approaching equilibrium state. Thus, this is
also reflected in selecting the range of the concentration results used in the pseudo first-order kinetic
model for the glycerides and coinciding with the split for the methyl ester model. Table 5-3 tabulates

and compares the kinetic rates from the linear trend line and the running average calculation.
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Table 5-3. The kinetic rates of triglycerides, diglycerides, and monoglycerides depletion with

methyl ester formation using the pseudo first-order kinetic model for microchannel

reactor.
Pseudo First-  Reaction Moving Average Linear Trend R*of  Applicable
order Kinetic  Temperature Max. Kinetic Gradient Kinetic linear region (s)
Model €O Constant Constant trend
(dm*/mol.min) (dm*/mol.min) lines
Triglycerides 30 1.1059 0.4800 0.8546
depletion 45 2.1017 13080 0.9510  0-120
60 2.6292 1.4160 0.8597
Diglycerides 30 0.2832 0.1500 0.8779
depletion 45 0.4102 0.1260 0.5138  60-300
60 0.8070 0.4080 0.9397
Monoglycerides 30 0.1524 0.0720 0.8311
depletion 45 0.2230 0.1380 0.8880 60450
60 0.3384 0.1560 0.7510
Methyl ester 30 0.7190 0.1560 0.9776
formation 45 1.2400 0.1860 0.9698  0-450
60 1.8764 0.1320 0.8637
5.5.2.1 Arrhenius energy of activation

The pseudo first-order kinetic model is used to generate the Arrhenius activation energy calculation
input based on Eq. 4-3 and Eq. 4-4. The results are represented in Figure 5-17 using the linear fit and

moving average, while the activation energy value is calculated in Table 5-4.

307



Chapter 5

0.6
" e
..................... :
5
| % % | | % t t
0.04295 0.003 0.00305 0.0031 0.00315 0.0032 0.00325 0.0033 0.00335
02 -
X
g-04 1 :
—
o] L
-08 | TR )
Lo
-1 4
. +« TGMA DG MA MG MA TGTL
e DGTL MGTL e Linear (TG MA) Linear (DG MA)
Linear (MG MA) Linear (TG L) wwooee Linear (DG TL) T
-1.4

1/T (deg K)-1

Figure 5-17. Pseudo first-order Arrhenius plot of kinetic reaction constant against reaction
temperature of microchannel transesterification using moving average and trend line
linear fit.

Table 5-4. Pseudo first-order Arrhenius activation energy using moving average and linear fit for

microchannel reactor.

Pseudo First-Order Moving Average R? Linear Trend Activation R?
Kinetic Model Activation Energy Energy Constant

(kcal/mol) (kcal/mol)
TG + MeOH — DG + ME 12.07 0.9413 12.08 0.8258
DG + MeOH — MG + ME 13.66 0.9626 14.62 0.5960
MG + MeOH — G + ME 14.47 0.9971 15.24 0.8835

Based on Figure 5-17 and Table 5-4, the activation energies are in the ascending order of
triglycerides, diglycerides, and monoglycerides conversions. This is consistent for both the moving
average and linear trend line calculation methods. The moving average and linear trend calculations

show nearly identical values for triglycerides depletion mechanism in terms of the magnitude.
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However, the moving average calculation shows lower activation energy for the subsequent
conversions from diglycerides to glycerol, as compared to the linear trend activation energy values.
The Arrhenius equation's linearity is also examined, where moving average method shows a higher
accuracy when fitted with Eq. 4-4. In the microchannel reactor context, these values will be further

evaluated by comparing to the batch-type counterpart to examine the differences in the later section.

5.5.3 Pseudo first-order kinetic prediction model for microchannel reactor

In general, the transesterification prediction model can be implemented either via the first or second-
order, which are usually not significantly different [236,276]. However, there is a lack of published
studies on the glycerides simulation via the first-order mechanism in the microchannel reactor. The
pseudo first-order transformation from the previous section suggests that this mechanism could be a

good representation to simulate transesterification.

5.5.3.1 Triglycerides depletion kinetic prediction model for microchannel reactor

The triglycerides depletion model of the batch reactor and RVC reactor, the triglycerides depletion
model has been tested with the three-point moving average and interpolated moving average method.
Thus, in this prediction model for the microchannel reactor, a similar approach will be implemented
using Eq. 3-19 to ensure that a like-to-like comparison can be made. Therefore, the pseudo first-order
microchannel reactor kinetic prediction models for 30°C, 45°C, and 60°C is illustrated in Figure

5-18, Figure 5-19, and Figure 5-20, respectively.
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Figure 5-18. Pseudo first-order triglycerides depletion kinetic model of microchannel reactor using

a single maximum rate, moving average rates, and interpolated moving average rates at

30°C.
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Figure 5-19. Pseudo first-order triglycerides depletion kinetic model of microchannel reactor using

a single maximum rate, moving average rates, and interpolated moving average rates at

45°C.
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Figure 5-20. Pseudo first-order triglycerides depletion kinetic model of microchannel reactor using

a single maximum rate, moving average rates, and interpolated moving average rates at

60°C.

The prediction models showed high reliability and repeatability across different reaction
temperatures based on Figure 5-18, Figure 5-19, and Figure 5-20. This is observable from the
beginning to the final yield point of the transesterification as compared to the batch-type counterpart,
where the initial phase is usually modelled. Therefore, the modelled range illustrates the

compatibility of the first-order kinetic mechanism with the microchannel system.

The 30°C reaction temperature case shows relatively good fit throughout the entire reaction, while
the other two prediction model showed lower accuracy particularly at the transition point to the
equilibrium of the reaction. The lower reaction temperature has a smaller rate of change in kinetic
constant, hence the model can adjust adequately to the fluctuations. Similarly, using a single
maximum kinetic constant to model the entire transesterification does not work in the microchannel
reactor, consistent with batch and RVC reactor. The interpolated moving average prediction model
tends to under-predict the concentration for all reaction temperature. The moving average prediction
model shows a relatively good fit to the experimental data from Os to 60s, followed by an

underestimation towards the final yield similar to the interpolated counterpart.
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In general, the moving average simulation showed the best fit as compared to the interpolated version
which is observable in the initial part of the reaction. The notable trend of increasing relative error
of the simulation with increasing reaction temperature was also repeated in the microchannel kinetic
model. The relative errors of the simulated glyceride values are calculated in Table 5-5 and Table
5-6 for both models. The general trend suggests that the lower reaction temperature of 30°C has

higher accuracy than 45°C and 60°C.

Table 5-5. The relative errors of the predicted triglyceride concentrations via the pseudo first-order

kinetic model using moving average kinetic constants for microchannel reactor.

Concentration (mol/L)

Temperature (°C) 30 45 60

Experimental Simulated Relative Error Experimental Simulated Relative Error Experimental Simulated Relative Error

Time (s)

0 0.7029 0.7029  0.00% 0.7029 0.7029  0.00% 0.7029 0.7029  0.00%
30 0.5654 0.4951 12.44% 0.3836 0.2920 23.88% 0.2298 0.2994 30.25%
45 0.4019 03755 6.58% 0.1758 0.1727  1.79% 0.2087 0.1552  25.67%
60 0.3252 03518 8.17% 0.1341 0.1359 1.30% 0.0617 0.1195 93.54%
120 0.2764 0.2516 8.96% 0.0525 0.0974 85.61% 0.0411 0.0959 133.50%
200 0.1511 0.1688 11.69% 0.0584 0.1040 77.95% 0.0364 0.0522 43.61%
300 0.1109 0.1260 13.61% 0.0609 0.1032  69.46% 0.0108 0.0448 313.62%
350 0.0979 0.1128 15.25% 0.0571 0.0786 37.58% 0.0376 0.0382 1.70%
450 0.0794 0.0915 15.25% 0.0280 0.0385 37.58% 0.0089 0.0091 1.70%

Table 5-5 compares the concentrations of the prediction models and experimental data across
different reaction temperatures using the three-point moving average method. As mentioned above,
the 30°C reaction temperature showed a closer fit to the experiment, where the maximum relative
error is 15.25% at the yield point. The increase in reaction temperature increases relative error, as
shown in the 45°C and 60°C prediction model. The cause of the inaccuracy is likely due to the higher
rate of change in kinetic rates where the three-point moving average model is unable to keep up,
causing the accumulation of propagated error. Besides, the cause for the larger relative error can be
explained by the faster depletion of triglycerides, where the concentration falls to a lower value. The
small deviation in the prediction model’s concentration is likely to give rise to a larger relative error.
Besides, the pseudo first-order kinetic model is a better presentation at the physical-limiting stage of
the transesterification in microchannel reactor, as shown in Figure 5-11. Therefore, the prediction

accuracy for the reaction-limiting stage is inevitably poorer in relative to the physical-limiting stage.
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Table 5-6. The relative errors of the predicted triglyceride concentrations via the pseudo first-order
kinetic model using interpolated moving average kinetic constants for microchannel

reactor.

Concentration (mol/L)

Temperature (°C) 30 45 60

Experimental Simulated Relative Error Experimental Simulated Relative Error Experimental Simulated Relative Error

Time (s)

0 0.7029 0.7029  0.00% 0.7029 0.7029 0.00% 0.7029 0.7029  0.00%
30 0.5654 0.6015 6.38% 0.3836 04757 24.01% 0.2298 0.4810 109.27%
45 0.4019 0.4881 21.43% 0.1758 0.2979  69.45% 0.2087 0.2907 39.26%
60 0.3252 03972 22.12% 0.1341 0.1938 44.47% 0.0617 0.1719 178.48%
120 0.2764 0.2958 7.03% 0.0525 0.0990 88.56% 0.0411 0.0882 114.82%
200 0.1511 0.1934 28.01% 0.0584 0.0806 38.00% 0.0364 0.0568 56.22%
300 0.1109 0.1296 16.81% 0.0609 0.0838 37.63% 0.0108 0.0354 227.26%
350 0.0979 0.1138 16.19% 0.0571 0.0740 29.59% 0.0376 0.0316 15.89%
450 0.0794 0.0917 15.50% 0.0280 0.0396 41.44% 0.0089 0.0135 51.62%

Based on Table 5-6, the relative error is tabulated for the interpolated moving average prediction
model for different reaction temperature. A similar trend is observed for the accuracy of the model,
when compared against the three-point moving average model where lower reaction temperature
shows a higher accuracy for the prediction of triglyceride concentrations. The interpolated model
should mathematically accommodate the high rate of change in concentration better than the three-
point moving average model. However, the relative error calculations showed that there is higher
deviation in simulating the higher reaction temperature accurately. Nevertheless, the interpolated
prediction model's consistent underestimation can be proven useful to provide qualitative

concentration simulation conservatively.

5.5.4 Microchannel reactor optical image and mass transfer analysis

The flow behaviour between methanol and oil is better studied to understand biodiesel formation's
flow distribution effects. Optical images are taken by a digital microscope with 20x magnification,
taken from 100 mm (12.5D) from the point of mixing at the Y-junction to minimise the effect from
the change in flow direction due to the mixing. An LED lamp was set to illuminate the microtubes
in the frame to provide an additional light source. No colour agent was used on the methanol as the

difference in phase for the oil and methanol is apparent. From the experiments, the small droplets
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tend to coalesce to form a larger slug and annular flow. Thus, the methanol droplets and the coalesced
methanol slug's size can be represented as an ellipsoid due to a cylinder with two end caps. Therefore,

the volume of the slug flow can be modelled using the equation as below [277],

4 rlg\ Eq. 5-
V=7TT21+§7TT(EO) d- 55
where 7 is the internal diameter of the microchannel tubing, / is the length of the cylinder, and /y is
the length of the ellipsoid. When modelling smaller spheroid-shaped droplets, the length of the
cylinder, /, is assumed to be zero. From Eq. 5-5, the interfacial area between the oil phase and

methanol phase can then be represented by the following equation [277],

4 Lo 2 Eq. 5-6
A—§rr rly + > + 2mrl

With the specific interfacial area, @ = V/A. The specific interfacial area is evaluated with the averaged

optical results using Eq. 5-5 and Eq. 5-6 presented along in the optical analysis.
5.54.1 Initialisation phase

The superficial velocity of oil and methanol feed is fixed to 3.236e* m/s and 7.911¢” mV/s,
respectively, to ensure that the methanol to oil molar ratio is 6:1 at all point of the experiment. The
mixing of oil and methanol resulted in a liquid-liquid two-phase stream with oil being the continuous
phase, while methanol droplets exist in the form of a slug flow as shown in Figure 5-21, Figure 5-22,

and Figure 5-23 for the reaction temperature of 30°C, 45°C, and 60°C, respectively.

Also, the methanol droplets are dispersed in an even manner with the droplet size less than the
diameter of the microchannel when the residence time was less than 30s for reaction temperature,
30°C and 60°C. Similarly, the methanol droplets then coalesced into a slug droplet in varying length
as they developed from 5s to 30s. The increase in temperature for the microchannel led to a tighter
packing of the methanol droplets in the continuous oil phase as shown in Figure 5-22 and Figure
5-23, at a residence time of 20s to 30s. The medium and high heat fluxes can intensify the internal
circulation, as shown in Figure 5-5. The convective flow at the oil region between adjacent slugs

occurs at a higher magnitude, leading to a smaller distance that separates slugs [278].
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Test

X 30 °C 1 mm
section K FAME a
(dm¥mol.min) (%)  (mm™)
- 0.2620
20s - - 0.2436
30s 0.0117 9.98 0.2073

Uoi = 3.236x10™ m/s Uneon = 7.911x10° m/s

Figure 5-21. The initialisation phase of microchannel tubing upon mixing oil and methanol at a

reaction temperature of 30°C.

Figure 5-21 shows that the biodiesel yield data available is at a residence time of 30s after the
micromixer. The kinetic rates from the first-order analysis using triglycerides conversion are shown
along with the images. The specific interfacial area is also presented using the method explained
above. The coalescence of the methanol phase can be observed as early as 5s after exiting the Y-
junction due to the effect of a pulsating flow. The flow patterns are expected and should not cause
anomalies in the results since this phenomenon is consistent throughout the experiment. The
reduction in specific interfacial area is a result of more spaced out methanol droplets and low
biodiesel conversion. As the methanol phase reacts slower with the oil phase, the miscibility of the

two phases are not improved from 5s to 30s.

Test 45°C 1 mm
section K FAME a
(dm¥mol.min) (%)  (mm™)
- - 0.1876
20s - . 0.1962
30s 0.0293 28.12  0.3844
Ui = 3.236x10™ m/s Unmeon = 7.911x10° m/s

Figure 5-22. The initialisation phase of microchannel tubing upon mixing of oil and methanol at a

reaction temperature of 45°C.

Based on Figure 5-22, the specific interfacial area showed a positive correlation with residence time.
The methanol droplets have smaller gaps in this oil phase when moving from 5s to 20s, causing slugs

to form more often. The increase in specific interfacial area is caused by the higher amount of slugs
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formed, which increases the effective surface area in the oil phase. The biodiesel yield increases by
more than three times from 30°C reaction temperature at 30s residence time as specific interfacial

area doubles from 20s.

Test
section 60 °C Tmm B EAME a
(dm*mol.min) (%) (mm™)
Tl IR : - 01448
20s e “Em YW : - 0250

30s 0.0284 51.71 0.2767

Uor = 3.236x10™ m/s Unmeon = 7.911x10° m/s

Figure 5-23. The initialisation phase of microchannel tubing upon mixing of oil and methanol at a

reaction temperature of 60°C.

From Figure 5-23, methanol droplets are evenly spaced at the beginning, followed by the formation
of slugs as the droplet reduces in distance and merges. The specific interfacial area also increases
with the residence time as larger droplets and slugs are formed, resulting in more effective contact
with the oil phase. The higher reaction temperature also positively impacts biodiesel conversion,
where 51.7% yield is achieved at 30s. The slug-annular flow is observed at 30s residence time at this

reaction temperature as compared to the other two test cases, mainly slug flow.

5.54.2 Intermediate phase

The intermediate phase for the microreactor is defined as the flow approaches the residence time of

42s to 78s in Figure 5-24, Figure 5-25, and Figure 5-26.

Test

section 30 °C 1 mm
k FAME a
(dm¥mol.min) (%) (mm™)

0.0184 30.94 0.2808

0.0043 37.16 0.2994

78 s [

- - 0.1917

Uoi = 3.236x10™ m/s Unmeort = 7.911x10° m/s

Figure 5-24. The intermediate phase of microchannel tubing upon mixing oil and methanol at a

reaction temperature of 30°C.
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Figure 5-24 shows that the specific interfacial area is observed to increase slightly from 42s to 66s,
followed by a decline at 78s. The flow pattern also transforms from slug-annular to slug flow at 78s,
which is likely to reduce the effective surface area. The coalescence of the disperse phase occurs as
slugs travel away from the inlet, driven by the difference of Laplace pressure between neighbouring

slugs [279].

Test
section 45 °C 1 mm

|_| k FAME a

(dm*mol.min) (%) (mm™)

0.0350 49.73 0.3129

- 0.0160 61.33 0.4000

- - 0.5020

Ui = 3.236x10™ m/s Unmeont = 7.911x10° m/s

Figure 5-25. The intermediate phase of microchannel tubing upon mixing oil and methanol at a

temperature of 45°C.

In Figure 5-25, the flow pattern evolved from slug-annular to annular flow is explained by using a
higher heat flux, leading to tighter packing of slugs which essentially promotes coalescence. The
result is an increase in the specific interfacial area with residence time, as the volume of the methanol
phase is larger than the total surface area. The increase in biodiesel yield from 42s to 66s also gives

rise to higher miscibility of the methanol phase in the oil phase, which results in the change in the

flow pattern.
Test 1
: ° mm
section 60 °C Kk FAME a
(dm*mol.min) (%) (mm™)

0.0438 76.77 0.2945

0.0174 77.93 0.3836

- - 0.3655

Ugi = 3.236x10™ m/s Unmeon = 7.911x10° m/s

Figure 5-26. The intermediate phase of microchannel tubing upon mixing oil and methanol at a

reaction temperature of 60°C.

318



Chapter 5

Based on Figure 5-24, Figure 5-25, and Figure 5-26, the droplets are observed to be combined and
transform into a slug-annular flow. The slug-annular flow pattern is more pronounced in the reaction
temperature of 45°C and 60°C, at the residence time beyond 66s. This also coincides with the
transitional point (60s) of the biodiesel yield formation profile, where the initial physical-limiting

phase is approaching the equilibrium phase, as shown in Figure 5-6.

As for the 30°C reaction temperature, the flow pattern is still largely made up from smaller droplets
observed going through coalescence to form larger slugs, but yet to form a consistent annular flow.
This delay is also reflected in the biodiesel yield, which is consistently lower than the higher reaction

temperature experiments.

The explanation for the higher biodiesel yield in the microchannel reactor is likely to be associated
with the solubility of methanol in the continuous oil phase as the transesterification is majority
diffusion and convective driven. The slug flow promotes the mixing process in various ways, where
the contact surface between the continuous and dispersed phase increased. Additionally, the droplet
can recirculate which subsequently enhance the mixing of methanol and oil inside the slugs. The
movement from these slugs also intensifies the mixing within the droplets. The methanol droplets-
channel friction resulting from the shear stresses across the wall interface, can also lead to the
formation of internal flow circulation due to the increased length of methanol slug size [280].

Therefore, longer slug and annular flow are beneficial to the formation of biodiesel.

5.54.3 Equilibrium phase

The equilibrium phase for the microchannel reactor is defined as the flow approaches the residence

time of 90s to 138s in Figure 5-27, Figure 5-28, and Figure 5-29.
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Test

section 30°C 1 mm K FAME

(dm*/mol.min) (%)

90s

0.0056 45.59

Uoi = 3.236x10™ m/s Unmeon = 7.911x10° m/s

(mm™)

0.3940

0.3462

0.3959

0.3868

0.3855

Figure 5-27. The equilibrium phase of microchannel tubing upon mixing of oil and methanol at a

reaction temperature of 30°C.

In Figure 5-27, the flow is majority annular as most of the droplets have combined to form a larger

volume of the second phase. The low biodiesel conversion rate is also a result of the lower reaction

temperature used, combined with low kinetic rates for the triglyceride conversion. The change in

specific interfacial area is low from 90s to 138s, due to a slow rate of change in miscibility for the

phase interaction between methanol and oil.

Test

section 45°C — K FAME

(dm*mol.min) (%)

9O0s

102s

114 s

126 s 0.0055 68.09

138s

Uor = 3.236x10™ m/s Uwmeort = 7.911x10° m/s

(mm™)

0.3894

0.3896

0.3881

0.3941

0.3892

Figure 5-28. The equilibrium phase of microchannel tubing upon mixing of oil and methanol at a

reaction temperature of 45°C.
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For the 45°C, as shown in Figure 5-28, the flow pattern is similar to the 30°C where it is mostly
annular. The consistent annular flow also has minimal influence on the specific interfacial area, since
no methanol droplets are available at this section. The first-order kinetic of the triglyceride
conversion in Figure 5-19 also showed minimal fluctuations, as it approaches 138s resulting in a

lowered kinetic rate.

Test

) 1 mm
section 60 °C k FAME a
(dm*mol.min) (%) (mm™)
9N0s - - 0.2519
102s - - 0.1999
- - 0.2658

0.0037 83.71 0.3169

Ugi = 3.236x10™ m/s Uwmeor = 7.911x10° m/s

Figure 5-29. The equilibrium phase of microchannel tubing upon mixing of oil and methanol at a

reaction temperature of 60°C.

At the equilibrium point of the reaction, which is defined from the yield profile in Figure 5-6, most
of the oil-methanol flow pattern is observed to be annular, except for the 60°C reaction temperature.
As shown in Figure 5-29, the continuous stream's droplets formation is observed to be darker in
colour as compared to methanol. This is likely caused by a higher mass fraction of glycerol due to

glycerol's affinity and solubility in the methanol droplets.

Methanol is very soluble in biodiesel and glycerol, but not in oil. The increase in residence time
combined with the elevated temperature increases the mass fraction of biodiesel, where the solubility
of methanol in the oil and biodiesel phase increases [281]. The observation of the darker coloured
glycerol droplets in the methanol phase also suggests that glycerol's low solubility in the oil and

biodiesel phase led to the immediate separation in the microchannel.

The high biodiesel yield from Figure 5-6 also suggests that the higher mass fraction of glycerol is
formed as compared to the lower reaction temperature cases. Therefore, the diminishing of the
annular flow pattern of methanol during equilibrium stage at 60°C is most likely due to the change
in droplet content within the slugs-annular, whereby (i) methanol mass fraction is low as more
biodiesel is produced, (i) glycerol separates from the main continuous flow due to density

differences and combines with the slugs and annular. Therefore, these interactions change the surface
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tension of the slugs and annular, causing the formation of smaller droplets for the second phase. The
change in flow pattern from slug-annular back to slug (droplets with low methanol content) from
intermediate to equilibrium phase at 60°C also reduces the specific interfacial area of the flow.
However, the specific interfacial area has diminishing importance as biodiesel yield increases, since

the improved miscibility due to the cosolvent effect will reduce the effective surface area of reaction.

5.5.4.4 Mass transfer analysis

The effect of temperature on the oil and methanol flow patterns were studied and presented below,
with the associated analysis on the biodiesel yield. The yield and flow pattern results are shown in

Figure 5-30.

100

Slug
90

80 4

70 4

60 4

50 4

Biodiesel Yield (%)

20 4

10 A
——30°C 45°C 60°C

6 50 100 150 200 250 300 350 400 450 500
Reaction Time (s)

Figure 5-30. The effect of reaction temperature on biodiesel yield with the methanol to molar ratio

6:1, KOH catalyst loading 1.0%, with the flow pattern at each residence time.

The correlation between the change in the type of flow and evolution of biodiesel yield are studied
to understand the microchannel reactor better. The optical analysis of the flow pattern is presented
below, based on the classifications of flow in Figure 5-1, and the optical images presented from the

initialisation phase in Figure 5-21 to the equilibrium phase in Figure 5-29.

Figure 5-30 shows the main types of flow in this microchannel reactor: slug flow, slug-annular, and
annular flow. As the methanol and oil enter the microtube via the Y-junction, slug flow is formed for

all different reaction temperatures where the droplets are spaced evenly in the continuous oil phase.
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The slug flow develops into the slug-annular flow as more methanol droplets merge and coalescence
into a long ellipsoid cylinder. The conversion of oil to biodiesel also reduces the two-phase behaviour
of oil and methanol, hence slugs are observed again when high biodiesel yield is achieved as shown

in the 60°C reaction temperature.

In general, the flow pattern remains slug from the beginning of the mixing until about 40%, where it
transforms into slug-annular flow, followed by annular flow. This is observed consistently for 30°C
and 45°C reaction temperature. For the higher reaction temperature of 60°C, annular flow is not
observed beyond 70% yield, whereas slug and smaller droplets are observed again with a darker tone
of colour, likely due to the higher conversion of oil to biodiesel. The change from annular to slug for
the 60°C case is also due to the change in species mass fraction and change in miscibility in the slugs,

hence the dispersed phase can no longer retain a slug flow.

For slug flows in microchannel reactor, the mass transfer occurs by two different mechanisms, (i)
the convection caused by the internal circulation in slugs, (ii) the interfacial diffusion due to
concentration gradients between two slugs. However, the use of the peristaltic pumps combined with
the Y-junction mixer in this experiment resulted in a pulsating flow that creates droplets of methanol
in the continuous stream of oil. The immiscibility of the two fluids also reduces the likelihood of a
parallel flow. Therefore, the mass transfer of the system is largely dependent on the liquid-liquid
two-phase interaction. Figure 5-31 shows the effect of yield with the specific interfacial area with

different reaction temperature.

In all, the reaction kinetics of the microchannel reactor was studied using a transient approach, to
understand the physicochemical characteristic of biodiesel transesterification by optically analysing
the flow patterns. The method to determine the mass transfer coefficients of a micro-level diffusion
system was also improved by integrating the physical characteristics of the flow. This will enable

better reaction kinetic models of the reactor to be established based on the refined methodology.
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Figure 5-31. The effect of temperature on the specific interfacial area of flow pattern and yield of the

microchannel reactor.

Based on Figure 5-31, the initial Os to 30s showed a consistent range of the specific interfacial area
from a minimum of 0.14 mm™ to a maximum of 0.38 mm. The flow pattern across the different
reaction temperature is largely droplets and slug flow, as observed in the initialisation phase. As the
flow develops into the intermediate phase, the formation of slug-annular flow becomes more
frequent. This region has the highest kinetic rates of conversion from triglycerides as shown in the

first-order analysis, which is observed in the steep increase for the yield profile from 30s to 60s.

The highest specific interfacial area is observed at 78s for 45°C, where the flow is annular.
Simultaneously, the 60°C case shows that the specific interfacial area has peaked, where a decline is
observed slightly after the intermediate phase. This might seem counterintuitive for the high biodiesel
yield at first, where a reduction in the surface area has a positive effect in yield. However, the
additional convection effect from the internal circulation is not accounted to promote mass transfer.
Thus, a closer inspection at the optical images suggests that the second phase within the continuous
oil phase is likely to be a mixture of methanol-biodiesel-glycerol due to the darker shade of colour.
Therefore, these slugs and droplets can provide a higher mass transfer in the microchannel flow as

they have better miscibility than a slug phase with a higher mass fraction of methanol.
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The slug, slug-annular, and annular flows shows an increasing specific interfacial area, from the
coalescence of the moving slugs. The microchannel reactor takes advantage of mass transfer
enhancement at the fluid interface, while the series of slug trains also serve as an isolated sub-volume

for transesterification.

The microchannel reactor's initialisation phase has poor mass transfer due to the heterogeneous
nature of oil and methanol. The mass transfer can limit the overall transesterification process, which
can be identified by curve fitting with the Boltzmann function [76,259]. The mass transfer-controlled
regime in the profile of a sigmoidal shape is plotted using the Boltzmann function, also used in the
RVC mass transfer calculation. The optimised Boltzmann sigmoidal plot is fitted and compared

against the biodiesel yield of the respective reaction temperature, as shown in Figure 5-32.
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Figure 5-32. The Boltzmann function of sigmoidal fit at the mass-transfer limiting region of the

microchannel (a) 60°C, (b) 45 °C, (c) 30 °C.

Figure 5-32 shows that the half-values and slopes determine the general share of the Boltzmann
sigmoid, which is optimised to be fitted as close as possible to the experimental data. The residual
sum of the squared measure of the discrepancy between the data and an estimation model where a
smaller value indicates a tighter fit of the model to the experimental data. The upper and lower
boundaries are generated to 95 percentile of the fitted value, to ensure that the fitted value can be
acceptable in the margin of error. In terms of the experimental data's sigmoidal profile, the accuracy

of the fitted Boltzmann model is in the increasing order of 30°C, 60°C, and 45°C. The initial slow
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rising part of the sigmoid is not observable in Figure 5-32, which is likely due to mass transfer was
faster than anticipated. The 30°C reaction temperature has the highest residual sum of squared due
to the low reaction kinetics as shown, where the experimental data is not within the 95 percentile
boundary of the model. The mass transfer coefficient is then calculated using the linear relationship

of Eq. 4-10, as shown in Figure 5-33.
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Figure 5-33. The time-averaged triglycerides mass transfer coefficient at 30°C, 45°C, and 60°C of

microchannel reactor.

Based on Figure 5-33, the linear trends of the mass transfer in microchannel reactor are expected as
they are in the increasing order of the reaction temperature. The mass transfer coefficient for the
microchannel reactor shows a good fit with the assumptions made, where triglyceride depletion is
equal to the mass transfer from the oil phase into the methanol phase, as reflected by the linear trend.
At 42s residence time, a drop in mass transfer coefficient is observed for the 60°C reaction
temperature. The optical analysis images for the intermediate phase in Figure 5-26 showed that the
droplets are forming larger slugs as they move. The specific interfacial area results from Figure 5-31
also supports the mass transfer results, where the 60°C has a slightly lower value than the 45°C
reaction temperature. However, the biodiesel yield results suggest that higher temperature is still

favoured in converting triglycerides in a microchannel reactor. The microchannel reactor's mass
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transfer coefficients for transesterification are compared with other microchannel systems, as shown

in Table 5-7.

Table 5-7. Mass transfer survey for liquid-liquid microchannel systems.

Regime Reactant system Conditions Volumetric mass Reference
transfer coefficient
Slug flow Reacting system, dr =380 um In the 0.5 s order of [282]
Kerosene/acetic acid/water and Cacetic acidorg =~ Magnitude
NaOH 0.65M
u = 0-35 mm/s
Slug flow Non-reacting system, dy=0.5-1mm ~0.4-0.8s! [283]
Kerosene/acetic acid/water Cacetic acid,org =
0.03M
u=10-70
mm/s
Slug flow Reacting system, dy=400um  ~0.2-0.5s’! [275]
Hexane/trichloroacetic acid/water C uwcidorg = 0.6M
and NaOH C NaOH,aqu =
0.15-03M
u = 0-20 mm/s
Parallel flow Reacting system, dx =269 um ~0.2-0.5 5! [275]
Toluene/trichloroacetic acid/water C wcidorg = 0.6M
and NaOH C MOt aqn =
0.1-02 M
u = 0-50 mm/s
Slug, Slug- Reacting system, dy=8009 um  ~0.0091-0.0275 s  This work
Annular, Transesterification of palm Cxotagu=1.0
Annular oil/methanol/KOH wt. %
u=0.07-0.3
mm/s

The mass transfer coefficient of the batch type benchmark test and RVC reactor is then compared

with the microchannel reactor, as shown in Table 5-8.
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Table 5-8. Mass transfer coefficient and maximum kinetic constant from the pseudo first-order

kinetic model with microchannel reactor, RVC reactor, baseline study.

Reactor Reaction Volumetric mass Maximum pseudo
Temperature (°C) transfer coefficient, first-order Kinetic
k. (1/min) constant,
k (1/mol.min)
30 0.546 1.1059
Microchannel 45 1.41 2.1017
60 1.65 2.6292
30 0.90 1.1779
RVC 45 1.47 2.9432
60 1.812 3.0850
Baseline 45 1.446 2.3197

From Table 5-8, the 30°C reaction temperature from the two reactors has a small difference in the
first-order kinetic rate, with RVC reactor leading slightly. The mass transfer coefficient of RVC
reactor is approximately 0.35 min™! higher than the microchannel reactor at 30°C. According to
literature, the mass transfer of a microreactor is often quoted as greater than that of batch type reactor
in the order of magnitude as compared to similar operating conditions [126,189,284,285]. However,
the actual mass transfer coefficient for the microchannel reactor should be higher, as the mass transfer
for the internal circulation is not accounted for in this calculation. The current optical analysis is able
to measure the diffusive-driven mass transfer at the boundary layer for slugs, while the convective

mass transfer within the slugs cannot be measured using this method.

Thus, the mass transfer coefficient in Table 5-8 represents the diffusive-driven mass transfer at the
interface between methanol slugs and the continuous oil phase. In the low reaction temperature
transesterification, the microreactor can achieve similar kinetic rates with reduced mass transfer
compared against the RVC reactor. The mass transfer difference is a physical limitation due to the

reactor's design as they operate at the same parameters.

For 45°C reaction temperature, the mass transfer and kinetic rates are in the increasing order of
microchannel reactor, baseline reactor, and RVC reactor. The mass transfer coefficient increases by

158% for the microchannel reactor, whereas its kinetic constant showed an increment of 90%. The
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RVC reactor on the other hand shows an increase of about 63% from 30°C, while the kinetic rates
improved by 150%. The increase in reaction temperature shows a greater benefit for microreactor in
the mass transfer coefficient, while the RVC reactor benefits more from the kinetic rate. The RVC
has less improvement in the mass transfer, which is likely due to the microturbulence induced by the
RVC agitator. However, the kinetic rates are more dependent on the reaction temperature for RVC
reactor, as the higher temperature input for the system allows to overcome the activation energy of
transesterification reaction. In the microchannel system, since the reactants are only agitated once
when they are mixed at the Y-junction, the mass transfer is largely dependent on the liquid-liquid
two-phase interaction which causes micro-level diffusion to occur at the contact surfaces of the flow

pattern.

Similarly, the reaction temperature at 60°C has a consistent outcome in the sequence of order for
mass transfer coefficients and kinetic constants for the reactors, where RVC reactor is slightly better
than the microchannel reactor. For the mass transfer coefficient, when the reaction temperature is
increased from 45°C to 60°C, a 16% and 23% improvement is observed for the microchannel and
RVC reactor, respectively. In terms of kinetic rates, 25% and 5% improvement is achieved by the
microchannel and RVC reactor, respectively. The trends of the increases in mass transfer coefficient
and kinetic rates are consistent for the reactors, where one benefits more than the other in these two
parameters. However, the kinetic rates for RVC reactor also showed a minimal change, suggesting
to be a bottleneck of the reactor type, while the microchannel reactor is still showing more room for

improvement in both kinetic rates and mass transfer coefficient.
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5.6 Conclusion

The microchannel reactor used to study the interaction of fluid flow with the transesterification.
Consequently, the physical flow pattern of the reactants, in this case the methanol, palm oil, biodiesel,
and glycerol are examined under the digital microscope. As the flow in the microchannel involves
pulsating droplets of methanol into a continuous stream of oil, physical intensification was achieved
from the pulsing flow motion combined with Y-junction's mixing effect. These droplets were
measured and analysed in conjunction with the yield at the respective residence time to draw the
correlation between droplet size effect and transesterification yield. The results show that the droplets
are formed with slug, slug-annular, and annular flow characteristic. The flow pattern changes
accordingly at different residence time due to the coalescence of methanol droplets and also chemical
reaction taking place. For instance, slug flow was observed for all range of reaction temperature
during initialisation stage to produce biodiesel yield up to 40%, followed by the coalescence of flow
where the flow pattern transition into slug-annular where the yield can reach about 70%. The mass
fraction of the slugs and annular changes as biodiesel is produced, where the biodiesel and glycerol
have a higher affinity to diffuse into the second phase (droplets), which causes the flow pattern to
revert to slug droplets as observed in the 60°C case during equilibrium phase. Thus, the flow droplets
in the second phase will have a various level of methanol content at the different stages of the
microchannel transesterification. As the methanol is being consumed, biodiesel and glycerol are

being produced simultaneously.

The biodiesel yield was obtained at a different residence time of the transesterification process using
a different length of microtubes, resulting in transient yield profiles. This is important to understand
the effect of using different operating conditions such as reaction temperature to provide insights on
the reaction kinetics of the reactor by studying the change in glycerides concentration. Similarly, the
pseudo first-order kinetic model was introduced to test the feasibility of implementing using different
types of glycerides. The results show that the concentration depletion profile shows a good linear fit,

an important characteristic of the pseudo first-order model.

The mass transfer model in this study is also revised to integrate with the results from the flow pattern
study, where the surface area of the individual droplets was calculated and used in determining the
mass transfer rate. The high mass transfer rate was observed at the higher reaction temperature,
where the flow pattern quickly transforms from slug flow to slug-annular, then back to a slug
patterned flow. The fast formation of biodiesel has a positive compounding effect on the kinetics of
transesterification in the microchannel reactor, as the design of microreactor is mainly diffusion-
controlled. The presence of biodiesel reduces the resistance of miscibility between methanol and oil
as it is mutually soluble. Therefore, a distinct biodiesel phase can be observed at the higher reaction

temperature operating condition towards the equilibrium phase. The droplet formation of the
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methanol phase increases the contact surface with the oil phase, hence mass transfer is improved in

the microchannel reactor for transesterification.

331



Chapter 6

Chapter 6 Conclusions

Based on the Pareto, normal, and hierarchical frameworks, the structure of transesterification in
relative significance is identified for the physical-limiting and reaction limiting stages. The methanol
to oil molar ratio was ineffective in excess during initialisation of transesterification, as it reduces
the synergistic effect of biodiesel in the oil and methanol phase to improve miscibility. The agitation
effect was identified to be more important until adequate mixing between oil and methanol is
achieved. After achieving a homogeneous mixture, biodiesel production is mainly determined by
factors such as the catalyst loading, reaction temperature, and methanol to oil molar ratio for
complete reaction. From the hierarchical clustering, the main effects of the activation energy cluster,
which consist of catalyst loading and reaction temperature outperforms the reactant contact surface
cluster formed by agitation rate and methanol to oil molar ratio. A key observation from the
standardised significance study in normal analysis shows that the main effects impact non-
overlapping stages, which applies for agitation rate and methanol to oil molar ratio. The operating
conditions were optimised using response optimiser. High-speed agitation in conjunction with
increasing level of methanol to molar ratio is recommended as transesterification progress until 270s,

which is the end of the physical-limiting stage.

From the RVC reactor study, the integration of the RVC agitator shows promising results in terms
of mixing enhancement in transesterification. The material and structure superiority of RVC have
resulted in great potential for its physical intensification function in a batch reactor. In the preliminary
study of RVC transesterification experiments, the mentioned features provided added benefit towards
the biodiesel formation for all the operating conditions, in terms of directly promoting yield and
increasing the efficacy of the operating parameters. A notable example is the low-speed agitation test
at 100 rpm, where the RVC reactor could provide adequate mixing through microturbulence and

micro-level diffusion to achieve an 85.8% yield as compared to the baseline at only 7% final yield.

The preliminary study allows the determination of a sensible range to test the operating condition in
the full factorial experiment, hence it is possible to conduct a like-to-like comparison with the
baseline batch reactor. The factorial analysis of RVC reactor shows that agitation combined with ppi
is responsible for adequately mixing the reactants at the beginning of transesterification, then
followed by the cluster that facilitates reactant-limiting stage which consists of catalyst loading,
temperature, and molar ratio. Further investigation of the RVC reactor was conducted using RSM
where surface plots were constructed with the onset of transesterification to form a sequential surface
plot timeline. The results were used to characterise the two-way interactions of operating parameters
from the morphing surface plots. Interaction pairs that involves ppi, RPM, and methanol molar ratio

showed a significant impact in the response surface from Os to 120s. This observation shows that the
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physical-limiting stage of RVC reactors could be shorter than the benchmark counterpart where it is
in the range of Os to 270s. Subsequently, the interaction pair that involves catalyst loading and the
temperature is observed to be relatively consistent in strength throughout transesterification, focusing

on promoting the complete reaction.

The reaction kinetics of the RVC reactor was also investigated using the pseudo first-order and
pseudo second-order kinetic models. They are used to calculate the kinetic rates of the glycerides
conversion to determine how quickly transesterification occurred throughout the experiment.
Diglycerides and monoglycerides kinetic rates were able to be determined using the first-order
method by identifying a suitable time range of application, which has not been tested in kinetic
studies, as they were often assumed to be negligible intermediates. The results obtained suggest
otherwise, where the intermediate glycerides are not recommended to be omitted as the assumption
of excess methanol capable of promoting high kinetic rate at the beginning of transesterification is
misleading, as supported in this work. Additionally, methyl ester formation was also used as a
substitution in the triglyceride depletion model to study the viability of using methyl ester conversion.
However, the results show that the calculated kinetic rates using methyl ester model are almost twice
as low as compared to the triglycerides depletion. Thus, it is not an accurate representation of the
overall reaction kinetics, but it is capable of providing some qualitative representation. The activation
energy in the range of 8.5 to 14.58 kJ/mol was obtained using the pseudo first-order and pseudo
second-order kinetic model. The calculated values are well within the range from other reported
studies, where RVC transesterification has shown a relatively lower activation energies. When
compared against the benchmark batch reactor in kinetic rates, RVC reactor shows outstanding
performance at the initialisation phase where methanol first mixed with oil, reflected by up to 71.3%

improvement for the three-point moving average triglycerides kinetic rates.

Thermal image analysis was conducted to study the heat transfer relationship with the
transesterification of RVC reactor. The results suggest that temperature drop can occur during the
physical-limiting regime, when the addition of methanol into preheated oil lowers the system's
overall temperature. This can further reduce the kinetic rates of the reaction while oil and methanol
are still relatively immiscible. Therefore, the results can provide better optimisation strategy for

practical implementation in a batch reactor.

Furthermore, the microchannel reactor study was conducted to study the relationship of flow pattern
and biodiesel yield. Therefore, a comprehensive flow distribution analysis was performed from the
initialisation phase, to the intermediate phase, followed by the equilibrium phase. Slug flow, slug-
annular flow and annular flow was observed. The effect of reaction temperature shows that
biodiesel's formation can affect the flow pattern as the reaction is majority diffusion-controlled at the
micron level. Higher reaction temperature forms biodiesel faster, facilitating micro-diffusion at the
liquid-liquid interface as miscibility of reactants is improved. The droplet size of methanol was

analysed and integrated into the mass transfer calculation to determine the specific interfacial area.
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The highest specific interfacial area is observed at 78s residence time at the intermediate stage with
annular flow, at a reaction temperature of 45°C. Simultaneously, the use of a higher reaction
temperature at 60°C also peaked in a specific interfacial area, where a decline is observed shortly
after the intermediate phase. However, this is caused by the high biodiesel mass fraction in the flow,
promoting mass transfer in the reactor as mentioned. RVC reactor when compared with the
microchannel reactor, shows a greater volumetric mass transfer coefficient at the same operating
range of reaction temperatures. As the reaction temperature increases from 30°C to 45°C, the mass
transfer coefficient increases by 158% for the microchannel reactor, whereas its kinetic constant
showed an increment of 90%. The RVC reactor shows an improvement of 63% for the mass transfer
coefficient, while the kinetic rates increase by 150%. Therefore, higher reaction temperatures provide
greater improvement for microreactor in the mass transfer coefficient, while the RVC reactor benefits

more from the kinetic rate enhancement.

Although the search for a well-rounded biodiesel reactor is often defined by the yield performance
and energy efficiency in transesterification, the fact remains that reaction kinetics heavily dictates
these metrics. As discussed in the previous chapters, the frameworks introduced in this study serve
as a guideline to characterise the operating parameters of biodiesel reactor in a comparable manner,
while the reaction kinetics governs the mass transfer mechanism of chemical reaction. Therefore, by
combining the two techniques namely, frameworks and reaction kinetics, the strengths and
weaknesses of different biodiesel reactor can be highlighted to improve decision making in their

respective applications.
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Chapter 7 Future work

7.1

Remarks on transient transesterification of the stirred-tank

reactor

The recommendations for Chapter 3 with the batch-type transient and reaction kinetic analyses are

as follow:

7.2

Computational Fluid Dynamics (CFD) can be used to identify the agitation effect,
particularly at the physical-limiting stage of transesterification.

The study of the change in methanol miscibility with the formation of biodiesel applied in
biodiesel reactor. The effect can be studied to understand the interactions of homogeneity
and convective mixing at beginning of transesterification, that can lead to a shorter physical-
limiting stage. The result directly contributes to promoting complete reaction during the
reaction-limiting stage. Therefore, dynamic optimisation strategy can be used to achieve the
highest yield with the shortest amount of reaction time, or in an economically feasible

manncr.

Remarks on the RVC reactor for biodiesel transesterification

The recommendations for Chapter 4 with the RVC reactor and reaction kinetic analyses are as follow:

7.3

The application of RVC in other types of reactors such as plug flow reactor, continuous
stirred-tank reactor, and cavitation reactor.

Heterogeneous catalyst coating on RVC, where the large total surface-to-volume ratio of the
RVC can complement the catalyst's performance.

CFD of the RVC reactor can be used to simulate the microturbulence induced and the micro-
diffusion between oil and methanol. The results from the reaction kinetics in this study can
be used to support the development of the CFD to simulate chemical reactions, as the overall
reaction was characterised from the physical-limiting stage to reaction-limiting stage.
Optical study to investigate the size of the droplets caused by microturbulence during the

physical-limiting stage when emulsion is being formed between oil and methanol.

Future work on the microfluidics biodiesel reactor optical analysis

and reaction kinetics.

The recommendations for Chapter 5 with the microreactor optical and reaction kinetic analyses are

as follow:
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Glycerides study for parameters such as catalyst loading, methanol to oil molar ratio and
flow speed can provide an additional dimension to the reaction kinetics analysis.

Thermal imaging study to identify the relationship for reaction kinetics, flow pattern and
heat transfer in a microchannel reactor.

Optimisation study based on reaction kinetics data gathered is impactful for performance
enhancement or economic benefit.

The development of a CFD model to simulate fluid pattern at different stages of
transesterification. The analysis from the reaction kinetics in this study can contribute to the

chemical reaction model for the CFD.
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Appendices

Appendix A: Experimental procedure for the batch and RVC reactor.
Appendix B: Experimental procedure for the microchannel reactor.
Appendix C: Experimental procedure for EN14103 FAME Gas Chromatography.
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Appendix A

Experimental Procedure for the Batch and RVC Reactor

Experiments

EXPERIMENTAL PROCEDURE

For RVC and Baseline Test

Version: 1.5

Author: Kang Yao, WONG

Date: 15/06/2017

0. Calculation of molarity

These are the values that we will be using to calculate the molarity:

a) Density of palm oil used is 0.91 g/cm3

b) Molar mass of palm oil used is 885.5 g/mol

¢) Density of methanol used is 0.792 g/cm3

d) Molar mass of methanol used is 32.04 g/mol

e) Amount of catalyst KOH used is 1 % to the amount of oil used

f) Molar ratio between oil and methanol is 1 mole oil and 6 moles methanol (1:6)

Using the supplementary excel sheet, Figure Al (Conversion Tables for Tests), we can calculate

some useful ratios when we produce different amount of biodiesel, eg:
i) The mass ratio of oil : methanol is ~4.6 : 1

ii) The volume ratio of oil to methanol is ~4.0 : 1
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h

9

1

@~ W B W R -

A

_“Example:
Props (Subject to ch )

Type of Qil

| Density of Oil (g/cm3)
' Molar mass of Oil (g/mol)

:T\rpe of Alcohol
| Density of Methanol {g/cm3)

Molar mass of Methanol (g/mol)

10

Inputs:

12 lOiI volume required (ml)

13

14

Molar ratio Alcohol:0il

| Catalyst loading (% wt.)

15

16
17

18

19
20
21
22
23

Outputs:

Mass ratio of Oil:Alcohel
Volume ratio of Qil:Alcohol

|
n
a
m
|=
&
ac
-
Eal
-
=

Palm
0.91
885.5

Methanol
0.792
32.04

4.606221
4.008931

Total Volume of Oil and Methanol (mL)  624.7215

0il required (g)

| Alcohol required (g)
| Catalyst required (g)

24

455 *Use digital scale
99 *Use digital scale
4.55 *Use high precision Shimadzu scale

| Conversion Table | RPM correction | @) : 4] | O

Figure Al. Conversion tables for calculating the reagents required for different case.

*In this experiment, all numbers given are based on the usage of 455g of oil. *

1) Preparation of methanol and KOH
a. Measure 4.55g of KOH with a 25ml beaker with electronic balance in Figure A2

and Figure A3. (amount of KOH to be 1% the mass of oil to be used)

Figure A2. Digital Scale Figure A3. Electronic Balance

b. Measure 100g of methanol into a 500ml beaker with digital scale. (If excess

methanol is poured into beaker, remove using pipette.)

Pour all of the solid KOH into the 500ml beaker filled with methanol.

d. Use a parafilm and completely seal the top of the beaker. Reference to Figure A4.
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Figure A4.KOH in methanol, sealed with parafilm.

e. Leave the mixture in the fume hood while waiting the KOH to dissolve

completely in methanol.
Reminder:

# Do not leave the methanol + KOH mixture overnight as KOH crystal will form causing the mixture

to be not usable.

#Do not leave methanol in open air as it will absorb moisture from the air, making it less pure and

ineffective.

2) Preparation of oil

a) Measure 457g of oil into a 500ml beaker with digital scale. (Extra 2g is for transfer errors,
as not all the oil in the beaker will be transferred completely into the cylindrical reactor.)

b) Transfer the oil from beaker into the reactor kettle. Ensure that the reactor kettle is dry
before pouring water into it by drying it with a paper towel or leaving it in the oven for a
few minutes.

c) Put the (RVC or baseline) impeller into the kettle before securing the lid on the top.
Reference to Figure A5.
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Figure AS. Reactor with lid and impeller installed.

d) Insert the impeller holder to ensure the impeller is secured.
e) Install the heating jacket onto the reactor flask, ensure that the jacket covers entirely from

bottom. Reference to Figure A6.

Figure A6. Installing the heating jacket onto the reactor.

f) Take the reactor kettle with the impeller and holder placed and clamp it to the reactor.
Refer to Figure A7.

342



g)

h)

)
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Figure A7. Installing the reactor system with the impeller clamped to the overhead motor.

Adjust the position of the clamp with Allen key so that the impeller can be inserted into the
motor spinner.

Insert the impeller into the motor spinner and tighten its position.

Set the position of the impeller about 1cm above the maximum submerged distance of the
impeller in the kettle.

Turn on the motor spinner and set the actual rpm to 100 according to supplementary excel

sheet, RPM correction in Figure A8.

Figure A8. RPM controller with indicator.
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Appendix B

Experimental Procedure for Microchannel Reactor

EXPERIMANTAL PROCEDURE

For Microchannel Reactor Experiment

Version: 1.0

Author: Kang Yao, WONG

Date: 15/06/2019

0. Calculation of Molarity

These are the values that we will be using to calculate the molarity:

a) Density of palm oil used is 0.91 g/cm3

b) Molar mass of palm oil used is 885.5 g/mol

¢) Density of methanol used is 0.792 g/cm3

d) Molar mass of methanol used is 32.04 g/mol

e) Amount of catalyst KOH used is 1 % to the amount of oil used

f) Molar ratio between oil and methanol is 1 mole oil and 6 moles methanol (1:6)

Using the supplementary excel sheet, as shown in Figure B1 (Microtubular Pipe Length Calibration),

we can calculate some useful ratios when we produce different amount of biodiesel, eg:
1) The mass ratio of oil : methanol is ~4.6 : 1

i1) The volume ratio of oil to methanol is ~4.0 : 1
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1)

2)

Flow Rate Calculator

Step Methan il Purmp meoh oil
88 0.4804 0.5249 ml/min 04894 1.935484 2.42488329 0.009967 0.0362
0.0008 5.02655E-07 3.95481 2.632067
Molar Ratio Volumel Mass Ratio Methanaol PLOil Pump S Choosing Speed 2min
E) g8 9.2 44 330 B.001174 8.86
=] 4 4.6 44 170 4.034312 6.3
9 2.7 3.1 44 112 2.715585 3.56
For & melar ratio flow rate
Catalytic Loadin Methar: Oil Vol. (ml/mi Methanal I Oil Mass(g, Catalyst M Dissolve in 100g Methanol
0.5 0.2386 0.9759 0.1889712 0.888068 0.00444 2.349747 3.24E-04 0.3236
1 0.2386 0.9759 0.1885712 0.888069 0.008881 4.5595494 7.91E-05 0.07911
1.5 0.2386 0.9759 0.1885712 0.888068 0.013321 7.049241
1.2 0.1931 0.398230088 0.1529614 0.362389 0.004349 2.842987
Temp  Total FlowRate (ml/min)
30 1.165048544
45 1.066666667
60 1.121485327
1.117736846
» | Processed Data ‘ Raw Data (actual) | Raw Data (Test) ‘ Yolumetric Ratio | pump calibration \W‘—

Figure B1. Conversion table for calculating the flow rate, catalyst loading required.

Preparation of methanol and KOH

a) The procedures can be referred from Appendix A steps la to le.

Preparation of oil

a) Measure 500g of palm oil into a 500 mL beaker using a digital scale as shown in Figure

B2.

Figure B2. Digital scale used to measure mass of oil.

b) Transfer the beaker to the heating mantle and insert the thermocouple as shown in Figure

B3.
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Figure B3. Heating mantle and thermocouple used to heat up the oil. Image on the left is for illustrative

purposes only.

3) Setting up the microchannel reactor rig

a) The peristaltic pumps used in this study is the Kamoer 12V KPP as shown in Figure B4.

Figure B4. Kamoer DC 12V KPP used in the microchannel reactor.

b) The peristaltic pumps are then connected to a Y-junction where the oil and methanol will

be mixed as shown in Figure B5.
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.
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Figure B5. The Y-junction setup where oil continuous phase and methanol droplets are formed.

¢) Heating jacket is wrapped around a beaker to act as a heating platform for the microtube
primarily through heat conduction.

d) The microtube used in this experiment is 0.8 mm in internal diameter, which is then coiled
around the heating jacket to the desired length to represent the appropriate residence time.

e) The setup from 3c and 3d is shown in Figure B6.

-

Figure B6. The experimental setup of microchannel reactor with the peristaltic pump, oil reservoir

heated by the heating mantle, methanol reservoir, the Y-junction, and heating jacket.
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f) Place the digital microscope as shown in Figure B7 in front of the microtubes to capture

the flow pattern.

Figure B7. Digital microscope used for recording the flow pattern.

g) Adjust the focus of the digital microscope to scale by turning the focal knob, and visually
inspecting the images from the computer.

h) The calibration is done on the microtube and flow pattern as shown in Figure BS.

|
5 }

Figure B8. Calibrating the frame of the images from the digital microscope using a microscale.
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Appendix C

Experimental Procedure for EN14103 FAME Gas
Chromatography

EXPERIMANTAL PROCEDURE

For FAME GC Analysis

Version: 1.0

Author: Kang Yao, WONG

Date: 19/06/2017

Materials:
1. 10 mL vial and cap
2. 10 pL syringe
3. 100 pL syringe
4. 500 pL syringe
5. Cl17 internal standards
6. Sample (3 mL minimum)
7. N-Heptane

1) Sample preparations

a) Prepare an empty 10 mL vial (can be either amber or transparent).
b) Weigh the 10 mL vial using Shimadzu high sensitivity electronic balance.
i) Ensure all three sides of glass door are closed, and allow measurement to stabilised.
¢) Re-zero the 10 mL vial by pressing the green “-> 0/T -< icon at the centre.
d) Using a 100 pL syringe as shown in Figure C1, draw 80 pL sample, discard into a beaker

labelled “waste”.

Figure C1. The 100 pl syringe for measuring sample.
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e) Repeat rinsing process from step d once more.

f) Draw 70 pL of sample.

g) Dispense 50 mg +3 into the 10 mL vial slowly. Ensure most of the sample are dispensed
directly into the bottom of the vial. Carefully removing the syringe without touching the vial
wall (Don’t wet the vial wall). You may take out the vial and adjust the amount of sample
by dispensing or drawing outside the electronic balance, then reweigh it. Hold the vial with

one hand, and the syringe with the other as shown in Figure C2.

Ra

Figure C2.The measurement of 50mg of sample on the analytical balance.

1) Discard excess sample in the syringe into “waste”.
2) Once the sample is within the mass range, Using the 500 pL syringe as shown in Figure C3,
draw 250 pL of internal standard, C17.
————— RS S

.- ——r T D L ——

Figure C3. The 500 pl syringe for measuring internal standard C17..

h) Ensure the 250 pL internal standard is free from bubble when drawing with syringe.

i) Lower the syringe into the 10 mL sample vial, without touching the sample, then dispense
the internal standards gently.

j) Close the 10 mL sample vial with its respective cap. (White for amber vial, black for
transparent vial)

2) Analysis in GC. (proceed towards the GC station)
a) Usinga 5 pL syringe as shown in Figure C4, rinse the syringe with n-heptane solvent, 10mL

vial labelled Qrec, and dispense into “waste” vial. Repeat this twice.
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Figure C4. The 500 pl syringe for measuring internal standard C17.

b) Using 5 puL syringe, draw 1pL from 10 mL sample vial.
¢) On the PC, switch on the software on the desktop, “GC (online)” and “GC (offline)” as

shown in Figure C5.

Figure C5. The GC (online) and GC (offline) software.

d) Double click to load the correct methodology, for the respective sample as shown in Figure

C6 and Figure C7.

GC (online): Method and Run Cc

File| RunControl Instrument Method Sequence View Abort Help

Method. l: | sequences L kd; cefecs - |E ) B O 0y

Tl I | () Wethod: En14103 spiit120 2 3ml_colflow M | (3 Sequence: def_GC.S

Load »

Save r

ete L aam—m————
Copy. ¥ |+ ||[ mstrument Cortrol [Run Queue | Easy Sequence | Easy Sequence Setup|
Delete » P
Online Plot [=[@ =] || nstrument Actuals
Printer Setup..
print o [ FIDIE, Back Signal [Agilent 7820A at IP Address: 192.168.0.26 -
AT Serial Number: CN15342008 M
= 2200 Firmware Revision: A01.15.012
i B Software Driver Version: 5.32 [016]
14103, spht120.. 1 (MSS Driver Version:1.0.5.01
) En: 3_spl srird
) En14103 _5pit120 2... | 1 PC Clock: 6/20/2017 6:19:45 PM
QI ESTD_exM 1 GC Connection State: Online
) FID_TCD.M 1780 e
L 1STD_ex.M ]
1) LoadTestM 1500 GC Ready State: Waiting for Prep Run
L0 NPD_ECDM B .
o B (Oven Temperature: 200.0°C |
{1) shutdown. 1250] =
-0 shutdown_coc.m 1 Front Inlet (SSZ Inlen).
) Standby.m L 1 Temperature: 250.0 °C
1000 Pressure: 11 685 psi
L) standby_coc E Flow: 25.64 mL/min
{) TEST_GC_En14103_... ] Septum Purge Flow: 2.6 mLfmin
{) TEST_GC_En14103_ 750
= 1 Back Inlet [COC Inlet).
1 Temperature: 203.0 °C
200 Pressure: 10,000 psi
] Septum Purge Flow: 15.0 ml/min
250 Back Detector (FID) 4
] Temperature: 250.0 °C
Emhﬂvss 7 Fuel Flow:0.190 mL/min
7= = 7= = 7= o Utility Flow: -1.414 mi/min
Makeup Flow: -0.074 mL/min
Report = i -
= port Layout EI Change. Adjust IiM sSignal Value: 0.0 pA

Load a new Method R SYSTEM (localhost) T~ GC 120 [ Ready

Figure C6. Part 1: Loading the methodology for analysing sample in the GC.
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o ethod 2
le RunControl Instrument Method Sequence View Abort Help

& | Methods L35 by Ent4103 spitt2n 2 3ml_colffow | | Sequences Lt k) def acs Em== NN = W
} spl L_colflow M | 55 Sequence: def_GC.S

WMethod and Run Contro)

Load Method: GC

B4 Cr\Chem32\1 Name. Folders:
A0 w0oFD.M En'14103_spit120_2_3mL_cofiow.M \chem32\T'methods
) CotM
) Chedk_out(d | | 100FIDM - Bor = lL‘ $168.0.26 -
y ot CHEM32 M
) Check_out g:_ajﬁlcﬂd % 1 Cancel 5)
Whaefocm | || Cresk o £ METHODS
g aaist |l £ 12103 spit 1202 3L cobiow.ll £ 100FID M
) En14103 gl | En14103 splt 120_2mL_colfiow M £ Check_outCO0IM
Q) ESTD_exM ESDTEEEDXM (571 Check_out M
D F_TCoM| | | 15TD_excM 1 def GC.M E
L 15TD_ex| | | LoadTest M £ En14103_splt 120_2_3mL_cofflow M
- NPD_ECD M En14103_spit120_2mL_cofiow. M
-0 LoadTest ] | | LFOED g Tl || Run
LI WPD_ECDM | | shuidown_COCM
shutdonn. | | Standby. T £ shutdown_COCM L
Wahudennd | | oy COCM £ Standby. M
) shutdown Qi) | TEST_GC_En14103_2003 M (£ Standby_COCM
-] standby.m | | | TEST_GC_En1410372003 splt 100.M TEOT GO Eni4103.2003M
01 Stands TEST_GC_En14103_2003 splt120M I TESTGC .
Sl | TEsTGCTM 5] TEST_GC_En14103_2003,_splt 100M
W TEST GC B | TEST_GC2M (51 TEST_GC_En14103_2003 spit 120.M < o
{4 TEST_GC_Ef il L= v
1 e,
Methods [seq Tipes Drives:
Method(" M) - B o: Windows - |pin
= —— 1
E Data Analysis ;‘ ” Fuel Flow: 0.191 mL/min
= = e e a0 || Utility Flow: -1.405 mL/min
g ) Makeup Flow: -0.074 mL/min
Report Layout ::| Charge Adjust |1M Signal Value: 0.0 pA 3

Figure C7. Part 2: Loading the methodology for analysing sample in the GC.

e) Allow the GC status to turn “Ready”. Ensure the online signal is stabilised, before

proceeding as shown in Figure C8.

| Methods L3y by Eni4103 soiti20 2 am._colfiow | | Sequences gt e def o = . |0 B Gn 0
| ISR | (0] Method: En14103 spit120_2 3mL_coflow.M | L Sequence: def GC.S

Instrument Cortrol | Run Queue | Easy Sequence | Easy Sequence Setwp|

4 C:\Chem32\1 Wethods

20 100FIDM Online Plot = (=[5 || Instrument Actuals

Wt [ FIDIE, Back Signal [Agilent 7820 a1 IP Address: 192 168.0.95 3
) Check_out(coc).m A Serial Number: CN15342008 M
~{I[] Check_out.M | Firmware Revision: A0115.012

£ def GEM 150~ 'Software Driver Version: 5.32 [016]

MSS Driver Vi 105.0]
{0 En14103_split120... | ( river Version ]

00 En14103_spiit120 2., |2 o PC Clock: 6/20/2017 6:23:14 PM

- ESTD_ex.M - GC Connection State: Online
L Fo_eD.M B GC Runstate: ldle
1 ISTD_exM 100-
) LoadTestM g GC Ready State: Waiting for Prep Run

NPD_ECO.M —
Wrens 75| loven Temperature: 200.0°C L
) shutdonn E E
) shutdonn_COCM Front Inlet (SSZ Inlet)
0 Standby.m A =0 Temperatre: 2500 °C

Pressure: 11,684 psi
Flow: 25.64 mL/min
Septum Purge Flow: 2.6 mL/min

4+ Back Inlet (COC Inlet):

Temperature: 203.0°C
Pressure: 10,000 psi
Septum Purge Flow: 15.0 mL/min

) standby_coc.M
) TEST_GC_En14103_...
) TEST_GC_En14103._...

u

Back Detector (FID):
Temperature: 250.0 °C

Z
£
B
£
g

], pata anaiss e e
PRy P PR P o Utility Flow: 300.0 mi/min
\j’ Makeup Flow: 37.00 mL/min
Report Layout ::I Change et -|1H Signal Value: 112 pA
z00m in or double click to zoom out & SYSTEM (localhost) T 6C [Z 0 [ Reacly

Figure C8. GC indicating ready on the top left corner after warming up.

f) On the GC, press the “prep run” button, and wait until the PC screen shows the “Ready”
status.

g) On the GC, wait until only the yellow light is lit.

h) Using the 5 pL syringe with sample insert the syringe tip fully into the inlet port for FID as
shown in Figure C9.
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i) Check the volume on the syringe, if it is premature dispensed, press the “Stop” button on

GC, remove the syringe and restart from step 2.a.

e

Figure C9. Injecting the sample into the GC.

j)  Simultaneously inject the sample and press ‘Start’ button on the GC.
3) Post-processing of sampling data
a) Testis complete, when the GC status indicates “Ready”.
b) On the PC screen, switch to software, GC (offline).
c) File->Load Signal-> Corresponding test name. (Usually on the bottom end of the selection)

as shown in Figure C10 and Figure C11.

.60 it - 5. 5
File | Method Sequence Recalculate Graphics Integration Calibration Report Batch View Abort Help

Load Signal. ‘ 0y
Overlay Signal.. )
Subtract Blank Run... T ‘ prm— o ‘ Py ‘ 7}
el + Operator Vvial Reference  DataFile  SampleName  Acg. Method Analysis Method  Manua... SampleInfo t*
Import File v fhs03PM  [svstEM FID Checkout ... |FID Checkout En14103_splt120_2_3... |shutdown.m = g
Export File b puzTRM  [svsTEM FID Checkout ... | FID Checkout En14103 spit120 2 3... |shutdown.M c
9:34PM | SYSTEM FID Checkout ... |FID Checkout En14103 _spit120 2 3... |shutdown.M = C
Load " BeitseM  [svsTEM FID Checkout .. |FID Checkout En14103_spit120 2 3... |shutdown.M - C
Save b basseM  |sysTEM FID Checkout ... |FID Checkout En14103_spliti20_2_3... |shutdown.M - (3
Save As > i J N
Copy. 1 signal
2328 | Mossisonas 28 S LR RN L e [
Printer Setup...
Print Preview ) [EN32\TIDATA\COC_FIB_GHECKOUTIFID Chackout 2017-06-17 18-57-11.0)
Print. 3 i3
1 COC_FID_CHECKOUT\FID Checkout 2017-06-17 18-57-11.0
2 COC_FID_CHECKOUT\FID Checkout 2017-06-17 18-32-21.D g
3 COC_FID_CHECKOUT\FID Checkout 2017-06-17 18-24-58.0 g P
4 COC_FID_CHECKOUT\FID Checkout 2017-06-17 18-05-37.0 o K
T T T T T
Exit 1 2 E . s i
@I ]
% Method and
] File i #  Time Area Height width __Area% Symmetry
% Data Analysis GCFile [FID Checkout 2017-06-17 18-57-11.0 ~ 1 2.089 %8 63.3 0.0801 1095 0.523
s Fie Path |C:\CHEM32\\DATA\COC_FID_CHECKOUT 2 | 2607 15823 248.1 00854 | 5145 | 0465
Date |17-Jun-17, 18:57:12 ER ) 23069.7 2016.2 010% | 77.937 | 4208
g Report Layout Sample [FID Checkout 4 3.859 4866.3 843 00823 [ 15823 | 1006
e Semple Info &l
Load Signal(s) and Spectra of a Data File R SYSTEM (localhost) T 6C [Z 0 [ Ready

Figure C10. Part 1: Loading the results from the analysis.
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File Method Sequence
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Figure C11. Part 2: Selecting the appropriate analysis from the repository.

d) Select the “Data Analysis” tab, then “Integration” tab as shown in Figure C12.

GC [offiine): Data Anal
File Method Sequence Recalculate Graphics Integration
: signals L7 gk | Methods [y befy (3 B shudown

Calibration Report Batch View Abort Help

[Ela

4 N D
E-6 C:\Chem32\1\Data A
& DEF_GC 20170215 1., Date Time 7 operator vial Reference  Data File SampleName  Acg. Method Analysis Method Manua.. Sample Info ¢
@ sngeRuns 6/16/2017 3:15:03PM | SYSTEM FID Checkout ... |FID Checkout En14103 _split120_2_3... |shutdown.M = i
3 coc_FID_checkout 6/16/2017 3:21:37PM | SYSTEM FID Checkout ... |FID Checkout En14103 splt120 2 3... |shutdown.M - c
43 Demo 6/16/2017 3:29:34PM | SYSTEM FID Checkout ... |FID Checkout EN14103 splt120 2 3... |shutdown.M = C
{3 557_FID_Checkout 6/16/2017 3:38:16PM | SYSTEM FID Chedkout ... |FID Checkout En14103_split120_2 3... |shutdown.M = [
6/16/2017 3:44:53PM | SYSTEM FID Checkout ... |FID Checkout En14103 spit120 2 3... |shutdown M = [
i ] D

2 FS% SR

& 105 & & i AlLoaded signais A AR %l e

Task |32\ "DATAICOC_FID_CHECKOUTIFID Checkout 2017-06-17 18-67-11.0)

a5y

25607

2080

Data |Methods i 2 J &l J i

File ic # Time Area Height Width Area% Symmetry
GC-File |FID Checkout 2017-06-17 18-57-11.D = 1 2.089 336.8 63.3 0.0801 1.095 0.523
File Path | C:\CHEM32\1\DATA\COC_FID_CHECKOUT _‘ 2 2,607 1582.3 248.1 0.0854 5.145 0.465
Date |17-Jun-17, 18:57:12 3 3.573 23968.7 2516.2 0.1048 77.937 4.298
Sample |FID Checkout. 4 3.359 4866.3 343 0.0823 15.823 1.008
» Semple Info =]

Integration done. & SYSTEM (localhost) T 6C [F 0 [ Readly

Figure C12. Selecting the analysis peaks from the sample.

e) Press the “Identify peaks, calculate and preview results” button as shown in Figure CI3.
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Figure C13. Integrating the analysis peaks from the sample.

f) Switch on printer, and print the result as shown in Figure C14.
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Figure C14. Printing the analysis report.
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