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Mixing in anaerobic sewage sludge digesters has been investigated using two scales
of vessel with the overall aim of providing quantified design information in terms
of the active volume expected with different gas sparger types and the blend times
expected within this active volume.
Due to a greater sludge production and restrictions enforced on disposal routes,
many sludge producers want to increase the available sludge digestion capacity
using their existing digesters. This can be achieved both by reducing the size of
any inactive volume and by digesting thicker sludges. In both cases, successful
volume utilisation and digestion are dependent on the detailed design of the mixing
systems involved, on which pubhshed information is sparse.
The United States Environmental Protection Agency (US EPA) and Degremont
provide the only two quantified design guidelines in the literature. These design
guidelines result in inconsistencies when changing scale, aspect ratio or mixer
type.
An experimental programme was undertaken to study unconfined gas mixing using a sludge simulant. Measurements of blend time were made using an
electrolyte tracer and conductivity probes positioned around the vessels. Video
footage was taken to determine the size and location of any inactive volume within
the vessel. Finally, the results were analysed and correlations produced to predict
blend time and active volume.
It was found that a sequential gas sparger performed best overall, both in
terms of active volume produced and also in terms of the active blend time. The
choice of sparger layout had a considerable effect on mixer performance. The size
and location of inactive volume depended on the mixer layout, the viscosity of
the liquid and the power input. In general, an increase in viscosity resulted in a
decrease in active volume and an increase in blend time. Conversely, an increase
in power input resulted in an increase in active volume and a decrease in blend
time.
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Chapter 1
Introduction
Anaerobic digestion is a biological treatment process that hag been used on wastewater treatment plants for almost a century. Figure 1.1 illustrates a typical wastewater treatment process flowchart. Anaerobic digestion is one of the final sludge
treatment processes.

Biological degradation of sewage sludge in the absence

of oxygen produces a stable product with reduced Volatile Organic solids and
pathogens, this can be disposed of to agricultural land, landGU or incinerators.
In addition, the sludge gas produced (70% methane) during the digestion process
can be used as fuel on the treatment plant itself and sometimes even to produce
electricity for surrounding urban areas.
Legislation in the form of the Urban Wastewater Treatment Directive has led
to the disposal of sewage sludge to sea being banned from December 1998 (EU,
1991). Pressure from food retailers has phased out spreading untreated sewage
to land with untreated sludges banned after December 31st, 1999. As a result,
investment is currently being directed towards upgrading existing digestion plants
and towards the construction of new digesters.
As part of this investment, a project was undertaken at BHR Group Limited
for Yorkshire Water Services, one of the largest water companies in the UK and
Monsal Ltd, a smaller company that designs and manufactures digester equipment. One aspect of the BHR Group Limited project has been studied in detail
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in this thesis, namely digester mixing using unconfined gas mixing.

1.1

Digester mixing systems

The vast majority of digesters are fitted with mixing systems in order to (CIWEM,
1996,

1987):

1. Provide contact between the feed sludge and active biomass to maximise gas
production
2. Provide physical, chemical and biological uniformity in order to maintain a
satisfactory environment for both acid and methane forming bacteria
3. Dilute inhibitory substances
4. Prevent stratification and temperature gradients

Effluent

C%fAP:rERj.
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5. Maintain the required biomass residence time by minimising short-circuiting
and dead zones
6. Minimise the build-up of sohds on the digester floor, which reduces the active
volume
7. Minimise the formation of a scum layer on the sludge surface
Items 1 to 4 are functions of the rate of liquid blending. Item 5 is determined
by the Howpattern and characterised by the residence time distribution (RTD).
Item 6 is related to sohd suspension and distribution, and item 7 to foam breaking
and draw-down from the surface.
The rheology of a sewage sludge is non-Newtonian and usually shear-thinning
(Frost, 1983; Ouziaux, 1997; Lotito et al., 1997; Slatter, 1997; Monteiro, 1997).
As such, it does not behave like a Newtonian, water-like Huid, making items 1 to
7 more difBcult to achieve.
Digesters are fed intermittently with incoming sludge. Usually, the feed sludge
is heated as this provides a means of maintaining the digester contents at the
required mesophilic temperature of 35°C. It is important to disperse the feed
sludge throughout the digester quickly to avoid temperature gradients and also
to prevent foaming on the sludge surface which can lead to blockages of the gas
mixing and control devices and reduce the digestion efficiency and digester gas
production (CIWEM, 1996).
A wide variety of different equipment types have been used for digester mixing.
The commonest classes are confined and unconfined gas mbdng systems, mechanical stirring and mechanical pumping systems. Large digesters commonly operate
multiple mbdng systems (CIWEM, 1996) .
Digester mixing systems are designed today on the basis of work expended in
mixing. However, the design values used appear to be based on rules of thumb
with current practice having evolved over many decades from observation and
experimentation at the full scale on operational digesters (Brade, 1997; EPA,

j. irVTlFtODLTCgrfOff
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1987) rather than a de6nitive mixing theory related to hquid blending, Residence
Time Distribution (RTD) or solids suspension.
Highly evolved process mixing methods used in the Chemical, Food and Pharmaceutical industries have not yet been applied to digestion, perhaps due to insufficient research work on typical digester geometries and sludge rheologies. These
areas were examined as part of this work to determine whether mixing technology
from the process industries could be applied to anaerobic sewage sludge digesters.
The eSFect of poor flow characteristics and hence residence time distribution
(RTD), can be linked to process performance by experimental results relating
retention time (currently specified as 12 to 15 days (DoE, 1996)) to gas production
and volatile solids reduction. If the available digester volume is being poorly used
because sludge is short-circuiting, then gas production will be low and sludge
treatment may not be optimal. Similarly, grit accumulation on the floor reduces
the digester active volume, retention time, potential gas production and eventually
leads to down-time of the digester for manual grit removal. Some studies have
been carried out to measure digester RTDs and hence flowpattern using Lithium
Chloride as a tracer (Smith, 1996; Williams, 1994). However, linking the process
performance to the rate of hquid blending is difficult since no quantification of
the optimum blending rates appears in the literature. Users are now typically
specifying a blend time of 1 hour, although there does not appear to be any
theoretical or empirical reason why this value has been chosen. The sizing of
mixers, the primary function of which is blending, is being carried out with little
knowledge of what the blending rates are or should be.
There are many designs for digester mixing systems, the details of which vary
from one manufacturer to another. Three different parameters are described in the
literature for digester mixing equipment sizing. These parameters are power input
per unit volume of sludge (EPA, 1987), the gas Sowrate per unit volume of sludge
(EPA, 1987) and the gas flowrate per unit area of the digester (Degremont, 1991).
These three design parameters result in inconsistent mixer sizing when apphed to

c%fAP:rERj.
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diSerent scales of digester and aspect ratios (Barker and Dawson, 1998). There is,
therefore, a clear need for mixing design criteria to be established for the design
or retrofit of digesters. In addition, the effect of increasing the thickness of the
feed sludges needs to be quantified in terms of mixer size requirements in order
to allow a higher sludge volume through both new and existing digesters.
The mixer geometry and size affects both the blend time of the sludge and also
the volume of the digester that is actively in motion (active volume). Problems
have frequently been encountered with grit settling out into the base of digesters
and accumulating on the digester walls. 'Scum' (a mixture of fats, grease, hair
and sanitary items) is also reported to collect at the sludge surface. Many digester
designs feature a sloping base with a sludge drain pipe located at the centre. This
pipe was designed as a means of relieving the consolidation of grit and sludge that
built up within the base of the digester. However, the pipe often became blocked
and was not used, the digested sludge normally being drawn off by an oversow
at the surface. This resulted in the digester contents becoming stratified and a
reduction of the volume available to digest the sludge (reduced to approximately
60 to 80%) (CIWEM, 1996).
The periodic drain-down and de-silting of digesters has been an accepted aspect
of digester maintenance. However, there is now more sludge to be digested and
Water companies are constantly under pressure from the Office of Water Services
(OFWAT) to improve their cost eSectiveness. Therefore, this method of operating
is no longer plausible and it has been recognised that digesting thicker sludges
without uprating the mixing systems would increase the grit build-up and hence
maintenance problem (Brade, 1997; Fawcett, 1997).
There is a wide variety of digester shapes, geometry and aspect ratios used
worldwide and even within the UK. The traditional cylindrical digesters with
shallow sloping or flat bases are found in most areas of the UK whilst the newer
egg-shaped digesters, originating from Germany, feature at one site in the North
West of England (Southport). The traditional cylindrical digesters have aspect

(ZffvlJOQrfCft J. irVGrftODt/CGTTOjV
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ratios that can vary from 0.5 to 1.5. In addition, there are many different types of
digester mixing system, depending on the manufacturer and the Water Company
involved.

Southern Water is currently retrofitting and building new digesters

using impellers for mixing whereas by far the most common mixing system found
in Yorkshire Water (YWS) was unconfined gas mixing. Severn Trent Water have
a large number of digesters, some of which contain no auxiliary mixing systems
at all (however, a large retrofit programme is underway on their digesters).

1.2

S c o p e of T h e s i s

This thesis investigates the performance of gas-mixing systems employed within
digesters. The thesis focuses on unconfined gas mixing with the aim of improving
design by better understanding the e&ct of mixer size, type and sludge thickness
on resultant blend time and active volume.
The mixer and digester test geometries were selected following an extensive
survey of YWS digestion sites (Ouziaux, 1997).
Investigation wag based on two diSerent scales of vessel, a model (or laboratory) scale and a pilot (or prototype) scale vessel. The model digester was
cylindrical in shape with a flat base and the aspect ratio was varied between 0.5
and 1 to represent the range found in practice. Unconfined gas mixing was chosen as Ouziaux (1997) found it to be the most common form of mixing installed
in YWS digesters and other researchers have found this to be the case in other
regions of the UK (Williams, 1994; Edgington, 2000; CIWEM, 1996; Truscott,
1980).
Six different sparger arrangements were selected, based on the survey by Ouziaux (1997) to investigate the eEects of power input, viscosity, aspect ratio, sparger
arrangement and scale on the blend time and active volume.
The aim of this work was to produce design guidelines for digesters mixed
using unconfined gas injection, in terms of blend time and active volume. This

was achieved by;
# Identification of any literature data for blend time or active volume using
non-Newtonian shear thinning liquids
e Designing a series of experiments to address the gaps in the knowledge highlighted in the literature
# Measuring the blend times and active volumes for six di%rent sparger arrangements at different power inputs and in three different concentrations
of sludge simulant (CMC), scaled down from the fuH-scale digester survey
of Ouziaux (1997)
# Identification of the eEect of power input, viscosity, aspect ratio, nozzle
diameter, scale, sparger type and feed position on blend time and active
volume
# Identification of an 'optimum' sparger arrangement from those tested
# Comparing the blending performance of the 'optimum' gas spargers with an
impeller-mixed vessel
This thesis has looked at the mixing of digesters and does not attempt to
address the area of biological breakdown of the sludge and there are many investigations reported in the literature (Gujer and Zehnder, 1983; Novaes, 1986;
Elefsiniotis and Oldham, 1994).

Chapter 2
Background and literature
In this chapter, a history of anaerobic digestion is presented and the differences
between water and sludge in terms of their rheological properties are highlighted.
The evolution of mixing systems within anaerobic digesters is presented where
particular attention is paid to the fundamentals of gas mbdng. The current state
of the art in digester mixing is discussed and comparisons drawn between the
dlEerent systems that have been investigated in the hterature. Finally, Chemical
and Process industry mixing research has been reviewed for its applicability to
mixing anaerobic digesters using unconhned gas mbdng.

2.1

H i s t o r y of a n a e r o b i c digestion

The Chartered Institute of Water and Environmental Management, CIWEM
(1996) reported that the first trials of digesting sludge anaerobically were recorded
by W.J.Dibden more than a century ago in 1885. Originally, digesters were neither mixed nor heated with the turnover of the digester contents assumed to
occur solely due to the evolution of biogas, a natural by-product of the anaerobic
digestion process.
'Grit' has always been present in the digesting sludge despite screening of the
sewage during earlier stages of the treatment process (Figure 1.1). It has been
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common practice to provide digester capacity equivalent to 25 to 30 days retention
to allow for grit accumulation, low dry-solids feed and variation in local operation.
This has been reduced to 12 to 15 days retention in accordance with government
guidelines (Department of the Environment, 1996).
During the 19208 and 30s, sludge digestion was becoming more widespread in
the UK with several types of mixing and heating systems employed. Traditionally
constructed from concrete, digesters were only found on large plants (population
equivalent of approximately 25 000). They were typically cyhndrical with a conical
base, low aapect ratio and Aoor slope of less than 33°.
By comparison, Germany was using cylindrical digesters with a steeper conical base to enable grit to collect in the base of the digester which wag removed
periodically via a control valve. A steep conical rooftop reduced scum formation. This design became known as the 'conventional German digester'. Several
years later in the early 1950s, the egg shaped digester was invented in Germany,
as a result of improved concrete technology, to fulSU the need for large capacity, effectively mixed digesters. US research meanwhile was focused on improving
anaerobic digestion by looking at the processes involved rather than the digester
shape.
In the UK during the late 1960s and early 1970s, operating difficulties were being reported with digesters and the popularity of anaerobic digestion was suffering
as a result. This prompted investigation by various researchers into the problems
being encountered. The Water Pollution Research Laboratory (WPRL) survey of
1969 (Swanwick et al., 1969) was an important step towards correcting some of the
most commonly reported problems as it led to a re-assessment of the design and
operation of sludge digesters. A total of 142 sewage treatment works - thought to
represent over 90% of digestion works - were forthcoming with information. Of
this total, 56 reported problems due to inadequate design or operation. Nearly
all of these problems were in some way, related to inadequate mixing.
During the early 1980s, the Severn Trent Water Authority published a series
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of papers (Brade et al., 1982; Brade and Noone, 1981; Noone and Brade, 1982)
describing their work into developing heating and mixing systems, the results of
which were incorporated into current practice at that time. These developments
allowed the retention time to be reduced to 15-18 days. This, together with the
advent of pre-fabricated epoxy and glass-coated, flat-bottomed steel tanks, meant
digestion became a viable option on smaller plants and its popularity increased
(CIWEM, 1996).
During the same period, trials carried out by Rundle and Whyley (1981) at
Stoke Bardolph wastewater treatment works (Nottingham) on several mixing devices showed unconfined gas mixing systems to be the most effective and CIWEM
(1996) confirm that this method is now very popular. Research performed by
Williams (1994), Ouziaux (1997) and Edgington (2000) confirmed that digesters
within Wales, Yorkshire ajid Severn-Trent respectively, are mostly of the unconfined gas mixing type with an external sludge recirculation and heating loop.
Williams (1994) even went as far as to suggest that there was something of a
'band-wagon' to use unconfined gas mixing at this time.
After the 1980s, published information concerning mixing quantification within
anaerobic digesters is scarce. Design recommendations for digester mixing have
been published by the United States Environmental Protection Agency (EPA)
(EPA, 1987) and Degremont (1991). EPA (1987) documented the benefits found
from mixing and heating the digester contents, thickening the incoming raw sludge
and providing a uniform sludge feed. The majority of the available literature
relating to anaerobic digestion is limited to industrial wastewater practice, where
Upfiow Anaerobic Sludge Blanket (UASB) and filter or contact digester systems
for example, are preferred. These systems are not comparable with sewage sludge
digesters due to different operating conditions, solids loadings and rheologies. It
is therefore, difficult to glean relevant information from them.
The EU Directive on the disposal of sewage sludge to sea (EU, 1991) came
into force at the end of 1998 resulting in an increase in sludge requiring disposal
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by alternative means. This requirement was a significant stimulus for the work
described in this thesis, with the overall aim of increaaing the throughput of existing digesters by improving the mixing within them, hence increasing their volume
utilisation and ensuring efficient mixer design for new digesters. Other incentives
were present in the form of requirements to minimise energy costs and new difficulties anticipated in handling the thicker sludges (sludges with a higher dry
solids content) now increasingly available from the use of mechanical dewatering
plant in the pre-thickening of municipal sludges (Brade, 1997; CIWEM, 1996).
Digester mixing research has been reported in the literature. The earliest
of these studies failed to take the complex rheological properties of sludge into
account, (Verhoff et al., 1974; Brade and Noone, 1981) despite Buzzell and Sawyer
(1963) having reported that sludge exhibited shear-thinning properties many years
previously. However, shear-thinning behaviour was not well understood in the
industry at this time, and indeed, is only beginning to be understood thanks
to the work of Lotito et al. (1997), Slatter (1997) and Monteiro (1997) among
others. Therefore, prior to reviewing the research to date, an introduction to
sludge rheology is given.

2.2

Sludge rheology

Rheology is the study of material Aow behaviour. It is a complex subject and
many books are available that cover this topic in detail (Skelland, 1967; Walters,
1975; Barnes et al., 1989). The material presented here is sufficient to allow the
reader to understand the fundamental differences between a Newtonian and a
non-Newtonian, shear-thinning (or pseudoplastic) fluid with and without a yield
stress.
Water is a Newtonian liquid whereas Buzzell and Sawyer (1963), Frost (1983),
Ouziaux (1997), Lotito et al. (1997), Slatter (1997) and Monteiro (1997) found
that digested sludges behave as non-Newtonian liquids. The difference between
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the two types is how they respond to shear, apphed at a constant rate of strain
(Jacobs, 1994). Newtonian fluids respond with a proportional increase in shear
stress whereas non-Newtonian Hnids deviate from this proportional shear stress
response. In addition, some sludges may exhibit a yield stress. These fluids require
a residual shear stress to be reached before flow can begin. This residual shear
stress is defined as the yield stress. The flow curve for these fluids is similar to
that for a shear-thinning fluid but it does not intercept the shear stress axis at
the origin.
The flow curves for a Newtonian hquid and a shear-thinning non-Newtonian
liquid with and without a yield stress are shown in Figure 2.1.

Shear stress, t

Yield pseudoplastic
(often modelled by
Herschel-Bulkley)

Newtonian

Shear-thinning (often
modelled by Power Law)

Shear rate, y

{s-1)

Figure 2.1: Examples of flow curves on linear axies
To determine the relationship between shear stress and shear-rate, a range of
viscometers are available. The most common ones are the cone and plate, parallel
plate, concentric cyhnder and cylinder in 'inflnite' medium. These are illustrated
in Figure 2.2.

2.
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a) Cone and plate

c) Concentric cylinder
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b) Parallel plate

d) Cylinder in 'infinite medium'

Figure 2.2: Examples of different rheometers (ESDU, 1982)
Anaerobically digested sludge is a slurry, dark brown to black in colour. When
thoroughly digested, it is not offensive, its odour being relatively faint and like
that of hot tar, or sealing wax according to Tchobaaoglous and Burton (1993).
Sludges contain solids in suspension. Typical values of dry solids in the digested
sludges measured by Ouziaux (1997) ranged from 2% to 5% by weight. These
solids are primarily inorganic mineral solids, often referred to as 'grit', as the
majority of organic compounds decompose within the digester (Tchobanoglous
and Burton, 1993; CIWEM, 1996).
The presence of solids can affect the rheological measurement when using the
close-tolerance rheometers shown in Figures 2.2(a), (b) and (c). For sludge rheology determination, the cylinder in an 'infinite' medium is used, as shown in Figure
2.2(d). The bob is placed in a container whose diameter is much greater than that
of the bob (Jacobs, 1994). This practice limits the range of shear rates available
with the rheometer but avoids any relatively coarse particles from adversely affecting the results or jamming in the narrow annulus between the cup and bob
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(in the case of a concentric cyhnder arrangement).

2.3

T h e e v o l u t i o n of a n a e r o b i c digester m i x i n g

Originally digesters were built with no auxiliary mixing systems. They operated
at a low rate with long residence times. A digester with no auxiliary mixing
system is referred to as a 'naturally mixed' digester in this thesis. The natural
mixing input comes from a combination of three sources: isothermal expansion
of naturally evolving gas, convection from the inflow and outflow of sludge and
convection from the warmer feed or recirculated sludge within the bulk.
Casey (1984) suggested that the highest natural mixing energy input comes
from the isothermal expansion of the rising gas bubbles but did not quantify this
input. As a bubble rises through the sludge it expands due to a decrease in
hydrostatic pressure. From thermodynamics;

^

= ^

(2.1)

where "p = pressure, V = volume and T = temperature. The subscripts 1 and 2
refer to two diSerent gases.
Eqn. 2.1 may be represented by the ideal gas equation, which can be written
as:

P = fiRt In El
P2

(2.2)

where P = Power input from isothermal gas expansion; n = molar gas flowrate;
R = universal gas constant (8.314 Jmol~^K"^); t — sludge temperature; pi =
pressure at nozzle or bubble nucleation point;

= pressure at sludge surface

The effectiveness of the natural gas evolution in terms of overall mixing efficiency of digester contents is however limited. For maximum mixing efficiency,
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all of the gas needs to be produced at the base of the tank where the pressure
differential between the surface and nozzles is highest (Eqn. 2.2). In practice, gas
is produced at different heights in the digester, reducing the maximum mixing
input available.
Rundle and Whyley (1981) showed that the volume of gas available for mixing
in the lower parts of the tank was reduced because of the increased solubility of
gases at greater pressures. Casey (1984) agreed, stating that the mixing input
from isothermal expansion is not uniform, increasing from a zero value at floor
level to a maximum value at the sludge surface.
StaEord (1982) stated that unless the digester aspect ratio (height to width:
H/T) was small or the allowable blend time was long, natural mixing was insufficient to achieve adequate mixing, although this was not based on any experimental
data.
Hertle and Lever (1987) found that the power inputs due to isothermal expansion of the evolved biogas ranged from 0.15 to 0.5 Wm~^, which in terms of mixing
energy, is very low (see Section 2.7). Zoltek and Gram (1975) measured the degree
of mixing in a sludge-filled rectangular digester with no auxiliary mixing system
using a radioactive tracer. They calculated the mixing input using Eqn. 2.2 as
1.21 Wm"^, a much higher value than that found by Hertle and Lever (1987).
An explanation for this may be in how Zoltek and Gram (1975) determined a
gas flowrate for Eqn. 2.2. Zoltek and Gram (1975) stated that the gas flowrate was
observed as 0.085 m^s~\ but determination of the flowrate of the biogas produced
could only have been made from measuring the gas flowrate as it left the digester
rather than that produced at any point within the digester. Hence 0.085 m^s~^
would have been an average gas flowrate. Taking this value as the gas flowrate
and using the height of the digester in Eqn. 2.2, the power input would have been
overestimated because in reality, only a fraction of the quoted gas flowrate would
occur at the base of the digester and hence, rise through the full digester height.
As further evidence, Zoltek and Gram (1975) measured no radioactivity at the
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digester outlet 2 hours after injection and concluded that the intensity of natural
mixing was small.
A second source of natural mixing energy is from the inflow and outflow of
sludge to the digester. Sludge enters the digester through the inlet and is drawn off
or overflows at the outlet. Caaey (1984) showed that the convective mixing associated with feed and withdrawal was essentially localised and that the associated
energy fluxes were less than 0.2% of the natural mixing energy input in a typical
digester. Using the values from Hertle and Lever (1987), this would amount to
3xlO"4 Wm~^. Compared to that from isothermal gas expansion, this input can
be considered as insignificant for typical digesters. In addition, Williams (1994),
Edgington (2000) and Ouziaux (1997) found the location of the inlet and outlet
to be within 90° of each other at the surface of the digesting sludge in some older
digesters, promoting short-circuiting of the feed sludge thus reducing any mixing
input further.
Verhoff et al. (1974) investigated the influence on the flowpattern of convection resulting from the warmer feed sludge entering the cooler digesting sludge.
They derived from theory, using dimensionless numbers, that natural convection
dominated the Eow, contradicting the findings of Casey (1984). Verhoff et al.
(1974) assumed that the sludge had the same properties as water, apart from
viscosity, thereby considering the sludge as a viscous Newtonian hquid. However, Frost (1983), Ouziaux (1997), (Buzzell and Sawyer, 1963), Slatter (1997),
Monteiro (1997) and Lotito et al. (1997) showed that digested sludges behave as
non-Newtonian shear-thinning liquids (Section 2.2). By considering the digester
inlet flow as a jet, Shekarriz et al. (1996) have shown that the decay rate of a
jet is faster in a non-Newtonian shear-thinning liquid than in a Newtonian one,
resulting in a smaller active volume. Therefore, the flowpattern derived by Verhoff
et al. (1974) is likely to be an over-estimate.
Historically, 'natural' mixing was commonly relied upon. However, reduced
retention times of 15 to 18 days meant that auxiliary mixing systems were required
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to perform the following functions: quickly disperse the feed sludge within the
digester; increase the sohds loading by digesting thicker sludges; ensure increased
volume utilisation by avoiding grit deposition and 'scum' formation due to the nonuniform distribution of the biogas produced. Scum consists of fats, oils, grease and
soaps together with hair, plastics and sanitary items which rise to the surface of
the sludge. If scum accumulates, it can reduce the effective volume of the digester,
interfere with mixing and circulation and restrict the evolution of gas (CIWEM,
1996).

2.4

Anaerobic digester mixing systems

The main types of anaerobic digester mixing equipment can be classified as follows
(CIWEM, 1996; EPA, 1987):
« Unconfined gas mixing
• Confined gas mixing
• Impeller mixing
• Mechanical pumping
Examples of these types of mixing systems have been taken from CIWEM
(1996) and are shown in Figure 2.3 and discussed in the following sections. This
is not an exhaustive list as different manufacturers have used variations of these
types.

2.4.1

Unconfined gas mixing

This is the most common type of auxiliary mixing currently found in UK digesters
(Ouziaux, 1997; CIWEM, 1996; Williams, 1994; Truscott, 1980; Edgington, 2000).
In older designs Atted with a floating roof, the sludge gas was collected at the top
of the digester. In newer designs, the gas is collected in a separate tank. In both
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b) Confined gas mixing

•
r

I

;

c) Mechanical mixing

d) Mechanical pumping system
(external draft tube)

Figure 2.3: Main types of auxiliary mixing found in digesters (CIWEM, 1996)
cases, the gas is scrubbed, compressed and discharged into the digester. Figure
2.4(a) shows a bottom di&iser arrangement and Figure 2.4(b) shows a digester
fitted with cover-mounted lances (EPA, 1987).
Diffusers are fixed to the base of the digester as a diffuser box or a simple
nozzle or nozzles arranged across the digester base. Cover-mounted lances are
suspended from the roof (base-mounted lances are also found). In cases where the
cover-mounted lances were installed in a floating-roof digester, the lances would
rise and fall with the production of gas allegedly aiding the suspension of grit in
the base when they were lowered and the surface scum breakup when they were
raised (EPA, 1987; CIWEM, 1996).
As a bubble of compressed sludge gas rises through the digester, it accelerates and the decrease in pressure produced behind it, the wake, is equalised by
entrainment of the surrounding liquid into this space. As the bubble gets closer
to the liquid surface, the hydrostatic head decreases and the bubble expands thus
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Gas compressor

(a) Bottom Diffusers
Distribution manifold

Gas compressor

iUL

(b) Cover-mounted lances

Figure 2.4: Unconfined gas mixing (EPA, 1987)
further increasing the eddies within the surrounding liquid. The overall effect of a
single gas outlet is a vertical cone of rising liquid as shown in Figure 2.5 (Williams,
1994).
In the most simple arrangement, the diffusers are supplied simultaneously with
sludge gas from the compressor, running intermittently or continually, to achieve
the required intensity of mixing. In more complex systems, gas is supphed sequentially to selected diffusers either via a rotary valve, or by electric or pneumatic
actuated valves opemng and closing on signals from a programmable logic controHer (CIWEM, 1996).
One argument given in favour of sequential gasing is that by diverting all the
flow to a single nozzle, any blockages induced from sucking sludge into the gas
lines after the gas is switched off, can be cleared due to the higher gas flowrate
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Turbulent zone

Recirculation

Figure 2.5; Zone of influence of rising gas bubble
through one nozzle compared to several (CIWEM, 1996). In addition, large quantities of gas passed through individual pipes results in vigorous local mixing. In
electronically controlled plants, any blockage in the diffuser system would cause
an over-pressure signal and indication of which pipe is blocked. Edgington (2000)
recently investigated the performance of several Severn Trent Water digesters in
terms of their active volumes. The sequentially mixed digester was reported to
have a lower active volume than those mixed using several nozzles simultaneously.
The environment within an anaerobic digester is very corrosive. The main
advantage of unconfined gas mixing over other types is the absence of internal
moving parts which are prone to corrosion, thus reducing the down-time of the
digester for maintenance. However, mixing of the vessel contents below the injection nozzles is relatively ineffective which can result in sohds build up on the base
of the digester and foaming problems at the sludge surface (EPA, 1987; CIWEM,
1996; Williams, 1994). A separate secondary mixing system is often required
(although seldom employed) for scum control and for shifting grit deposits.
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Confined gas mixing

These systems are less common nowadays but some of the older digesters are fitted
with them and will generally continue to be used until the plants are refurbished.
Compressed gas is fed into the base of a draft tube in which it rises as a stream
of small bubbles (or as a slug, depending on the tube diameter and gas flowrate)
causing the sludge to rise up the tube in the bubble wakes and be distributed over
the surface of the sludge (CIWEM, 1996).
The claimed advantages of confined gas mixing over unconfined gas mixing are
that it is more energy efficient and provides better movement of bottom deposits as
the draft tubes are located close to the base of the digester (EPA, 1987). However,
as much of the equipment is within the digester, corrosion can be a problem and
the draft-tubes can become plugged with rags as the sludge moves within them.

2.4.3

Impeller mixing

Examples of impeller systems are illustrated in Figures 2.4(c), 2.6 and 2.7. Their
use appears to be more common in Scandinavian countries than in the UK.
Motor and gearbox

Impellers

Figure 2.6: Mechanical stirring system
In impeller systems, one or more shaft mounted rotating impellers are installed
in the centre of the digester, suspended from the roof. If an upper impeller is used.
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Upper impeller
draws down the
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m o k n in the whole
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Figure 2.7: The Vaahto impeller system
it is usually smaller than the lower one and is used to draw-down scum into the rest
of the digester whilst the lower impeller provides bulk fluid motion and prevents
grit settlement. The vessels may be baffled to avoid a central vortex formation
which is reported to hinder the mixing process (EPA, 1987), however the Vaahto
digesters are unbaffled (Vaahto, 1996).
The widespread use of impellers in the UK has been limited although plants
in the USA and Sweden are reported to have used impellers successfully (Rundle
and Whyley, 1981; Baimer, 1999). This aversion to impellers is partly due to
the problems reported in the 1980s (EPA, 1987) with the corrosion of internal
equipment and partly due to concern about 'rags' accumulating on the impeller
and shaft, making the shaft imbalanced. Rag accumulation will increase the load
on the impeller and shaft requiring a reinforced tank roof and an oversized motor
and gear box. This is an important consideration for package plant designs (EPA,
1987). Internal equipment can be replaced but the digester must be drained, put
out of service and any grit accumulation manually dug out.
Rag accumulation can be alleviated by installing a reversible motor causing
the rags to unappend themselves from the impeller although the rags would soon
accumulate in the reverse direction. Alternatively, improved screening upstream
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would reduce the rag volume reaching the digester, but increase the headless over
the screens and the risk of blockage.

2.4.4

Jet mixing

A mechanical pumping system was shown in Figure 2.3(d). An axial-flow pump
circulates digesting sludge from a high level to return it into the lower part of a
digester (CIWEM, 1996).
Digesters that operate using an external heat exchanger withdraw sludge periodically from the digester and pass it through the heat exchanger. It is then
pumped back into the digester, either with a batch of fresh feed, or on its own (CIWEM, 1996) and can therefore be considered as a jet. Casey (1984) found that
the power input from the sludge recirculation loop was small at approximately
0.2% of the mixing input from gas evolution within his model digester.

2.5

Gas mixing fundamentals

This section aims to introduce the reader to the fundamentals of gas mixing,
firstly for Newtonian fluids and then for non-Newtonian fluids. Liquid motion in
gas mixed systems is caused by the movement of the rising gas bubbles within the
liquid. Such a system is a two-phase system, the gas being the dispersed phase
and the liquid being the continuous phase.
Much work has been performed on bubbles in Newtonian fluids and the state
of the art is given by Clift et al. (1978). Much less work has been performed in
non-Newtonian fluids, although an extensive review of the available literature has
been performed by Chhabra (1993).
The simplest form of gag-liquid movement is that produced by a single bubble.
Two models exist to determine bubble formation and these are discussed in detail
later in this section. The bubble is formed at an orifice by injecting gas. As
the bubble forms, it gradually moves upward with a velocity determined by the
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buoyancy and inertia forces.
Schmidt et al. (1992) described the local mixing in the liquid phase of twophase gas-liquid flows agitated by rising gas bubbles. The authors assumed that
the transport of liquid in the bubble wakes was the dominant mixing mechanism
and used experimental results on single bubbles to describe this mechanism. They
concluded that as a bubble rises through a liquid, the liquid in front of the bubble
is continuously replaced by the bubble gas causing the liquid to flow downwards
along the interfacial area between the bubble and liquid. During this process,
the liquid carries dissolved gas from the bubble with it which is preferentially
transferred into the bubble wake, leading to local liquid flow around the bubble.
As the bubble continues to rise, the vortices which follow in the bubble's path
can be regarded as liquid volume trapped in the wake and carried along with the
rising bubble through the liquid bulk phase. There is continuous leakage of the
wake liquid into the bulk Suid allowing transportation of liquid within the vessel.

2.5.1

Bubble formation and coalescence

The size of a bubble is influenced to varying degrees by both the system and physical parameters, such as the physical properties of the two phases, gas flowrate,
pressure above the orifice, height of the liquid, etc. Consequently, a general model
encompassing bubble formation under all conditions would be desirable although
such a model is yet to emerge, even for Newtonian liquids (Chhabra, 1993).

N e w t o n i a n fluids
There are essentially two models to determine bubble volume (or diameter) at the
point of formation that have been used in the literature (Chhabra, 1993). These
models have also been extended to describe bubble formation in non-Newtonian
media.
These are the Davidson-Schuler model (Davidson and Schuler, 1960a; Davidson
and Schuler, 1960b) and the Kumar-Kuloor model (Kumar and Kuloor, 1970). In
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the Davidson-Schuler model the bubble is assumed to form at a point source
where the gas is introduced. As the bubble forms, it gradually moves upwards
with a velocity determined by the net resultant of the forces applied, i.e. the
bubble buoyancy, the inertia of the liquid moving with the bubble and the viscous
drag force. The combination of forces depends upon the liquid phase physical
properties (surface tension, density and viscosity) and the gas flowrate (Chhabra,
1993). The bubble detachment from the source orifice is assumed to occur when
the centre of the bubble has moved a distance equal to the sum of the radius of
the orifice and of the bubble.
In low-viscosity Newtonian fluids and at relatively large gas flowrates (no definition in terms of Reynolds number was given to determine the size of these gas
flowrates), the liquid flow can be assumed to be inviscid (Davidson and Schuler,
1960b) and the surface tension effects are negligible. The resultant forces acting
on the bubble therefore are buoyancy and inertia of the liquid moving with the
bubble, ie.:

H(PL - P») = I
where

11

liT/di

(2.3)

=bubble volume; pi = liquid density; Pg = gas density and x = distance

In highly viscous Newtonian systems and at low gas flowrates (again, no guidance was provided as to these values), the inertia! force of the liquid being carried
by the bubble would be negligibly small and instead the buoyancy force would be
balanced by the viscous drag force, ie.:

=f (^)
where 14/ = final bubble volume;

= liquid viscosity; Q = gas flowrate and g =

acceleration due to gravity
In the Kumar-Kuloor model the bubble is assumed to form in two stages,
namely the growth (or expansion) stage followed by the detachment stage. This

model differs from that of Davidson-Schuler in that the bubble stays at the orifice
during the growth stage whereas in the second stage, it moves away from (but
remains in contact with) the orifice tip, via a neck, until detachment.
The volume of the bubble at the end of the first stage can be expressed as:

% = 0 . 0 4 7 4 ^ ^ ^ ^ ^ + 2.42
where

j

(2.5)

= volume of bubble at the end of the first stage

Despite their widely different physical background, under inviscid liquid flow
conditions and without any surface tension effects, the two models for final bubble
volume at detachment can be reduced to;

Vv = C

(2,6)

where C is a constant, dependent on the liquid viscosity, gas and liquid densities. Davidson and Schuler (1960a) found the value of C to be 1.387 which was
subsequently modified to 1.138 and Kumar and Kuloor (1970) found C to equal
0.976.
The use of these two models in non-Newtonian media is discussed in the following section.
The recent work of Colella et al. (1999) has investigated the coalescence and
breakage mechanisms of air bubbles in water. The researchers found a distinct lack
of bubble size distribution measurements reported in the literature. According to
Colella et al. (1999), this is because of an unsatisfactory understanding of the
physical mechanisms that lead to breakage and coalescence and the enormous
difficulty in obtaining reliable data. The bubble size distribution in a vessel is
not constant, but can change due to bubble-bubble interactions than can lead to
breakage or coalescence. Almost all of the published data refer to the evaluation
of a mean bubble diameter usually estimated from a single height measurement.
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Figure 2.8 illustrates the phenomenon of a wake behind a rising bubble. A
smaller bubble rises upwards, accelerating towards the larger bubble due to a
reduction in the drag experienced by the smaller bubble, where it collides with
the large bubble and coalesces.

large bubble

smaN bubble

wake draft

Figure 2.8: Illustration of the existence of a wake behind a rising bubble
Figure 2.9 is a simplified illustration of coalescence.

Dekee et al.

(1986)

defined three distinct stages of coalescence and these are illustrated in Figure
2,9.

Initially, two spherical bubbles rise with their own bubble rise velocities

(Figure 2.9(a)). In Dekee's stage one definition, the trailing bubble enters the
wake left behind by the leading bubble (Figure 2.9(b)). In stage two, the trailing
bubble experiencing less drag in the wake, accelerates towards the leading bubble
until collision occurs (Figure 2.9(c)). In stage three, a process of film thinning
takes place until coalescence occurs, when the resulting bubble continues to rise
upwards, with a larger volume (Figure 2.9(d)). However, as Shiloh et al. (1973)
point out, coalescence times should be distinguished from collision times as two
bubbles may coUide but not coalesce.
Therefore, a bubble volume at detachment from the nozzle can be determined
using either Eqns 2.4 or 2.5. The volume of a bubble at a higher point in the
vessel can reasonably be expected to be larger, assuming coalescence occurs (coaJescence is influenced by the liquid physical properties). Following the laws of
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direction of
bubble rise

Figure 2.9: Illustration of liquid thinning leading to bubble coalescence
thermodynamics, at a constant temperature, as a bubble rises through a liquid,
the static head is reduced and the bubble expands due to isothermal gas expansion
(Eqn. 2.2). However, the size of this bubble cannot currently be determined for
all systems and all liquids.
The effect of orifice diameter on bubble volume appears to be negligible. According to the models of Davidson-Shuler and Kumar-Kuloor (Eqns 2.4 and 2.5),
bubble volume at detachment is only a function of liquid viscosity, gas flowrate
and liquid denaity. If two nozzles of diEerent diameter were used in the same
liquid with constant physical properties and at a constant gas flowrate therefore,
it would appear that the bubble volume would be the same.

N o n - N e w t o n i a n fluids
Chhabra (1993) has reviewed the area of bubble formation in non-Newtonian systems and found that in contrast to Newtonian fluids, few studies have been performed in well-characterised non-Newtonian systems. Chhabra (1993) suggested
that inviscid flow models are likely to only be applicable at extremely high gas
flowrates and therefore, in view of the current work, not to a gas-mixed anaerobic
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digester.
Researchers (Bhavaraju et al., 1978; Hirose and Moo-Young, 1969; Hirose and
Moo-Young, 1972) have obtained approximate solutions for single bubble motion
in non-Newtonian fluids, although due to the complex rheology and presence of
inertia terms in the equations of motion, exact solutions are difficult to obtain
and hence, the techniques applied have led to approximate models (Dekee et al.,
1986).
The applicability of the Davidson-Schuler and Kumar-Kuloor models presented
previously waa studied by Costes and Alran (1978). Their paper discussed the
formation of bubbles in one CMC solution (k = 3.04 Pas" and n = 0.68) under constant pressure and constant flowrate conditions. The bubble volumes determined
experimentally were compared with those calculated from the Davidson-Shuler
and Kumar-Kuloor methods. The measured values of bubble volumes showed
slightly better agreement with the model of Davidson and Schuler (1960a) than
that of Kumar and Kuloor (1970).
Recently Li (1999) has studied in-line interactions between bubbles for two
viscoelastic liquids. Li (1999) simulated the passage of bubbles by imposing consecutive shear rates (pulses) to a fluid sample using a rheometer that measured
the response in terms of shear stress. Li (1999) proposed that the dynamical
competition between the creation of stresses after the passage of a bubble and the
relaxation of these stresses, temporarily formed a corridor of reduced viscosity. If
a trailing bubble enters this region before the viscosity returns to that of the bulk
liquid, then the trailing bubble accelerates towards the leading bubble, as defined
by Dekee et al. (1986) in stage two of bubble coalescence.
Bhaga and Weber (1980) studied the interaction of bubbles in a viscous aqueous sugar solution.

They determined that the shape and rise velocity of the

leading bubble was essentially unaffected until coalescence, confirming the findings of Crabtree and Bridgwater (1971). The trailing bubble was deformed under
the influence of the leading bubble's wake.

2.
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As for Newtonian fluids, isothermal gas expansion and coalescence may occur,
depending on the liquid properties and gas flowrates used. However, theoretical
determination of the bubble diameter at different liquid heights is not yet possible,
although growth rates of bubbles in power-law fluids have been studied (Chhabra,
1993). The number of studies performed are limited with many more studies
having been performed on viscoelastic fluids.

2.5.2

Bubble shapes

Extensive reports on bubble shape in Newtonian and non-Newtonian fluids have
been presented in the literature (Acharya et al., 1977; Clift et al., 1978; Calderbank
et al., 1970; Barnett et al., 1966). Bubble shape has been reported by these
researchers as being a function of bubble volume and the physical properties of
the surrounding liquid. According to Eqns 2.4 and 2.5, the bubble volume at
the time of detachment from the nozzle is a function of the liquid viscosity, gas
flowrate and liquid density.
Different bubble shapes are formed as the bubble rises through the height of
the liquid and in different liquid viscosity systems. Bubble shapes in Newtonian
liquids are presented first, followed by those in non-Newtonian liquids.

N e w t o n i a n fluids
Chhabra (1993) has reviewed the literature available on bubble shapes in Newtonian fluids. Bubbles will deform when subjected to external flow fields until
the shear stresses reach an equilibrium at the bubble-liquid interface because of
a bubble's mobile interface. In Newtonian media, ignoring wall effects, there are
three main categories. These are illustrated in Figure 2.10 and can be described
as;
• Spherical - occurs at low bubble Reynolds number. Interfacial tension and
viscous forces essentially govern the bubble shape

e Ellipsoidal - bubbles are oblate with a convex interface around the entire
surface (when viewed from inside). These bubbles generally undergo periodic
dilation or wobbling motion thus further complicating their characterisation.
• Spherical-cap or ellipsoidal-cap - the bubbles are large and usually have flat
or indented bases, resembling segments cut from spheres

a) Spherical

b) Ellipsoidal

c) Spherical-cap

Figure 2.10: Bubble shapes in water and viscous Newtonian fluids
Astarita and Apuzzo (1965) reviewed existing knowledge in Newtonian liquids
and expanded these concepts to non-Newtonian and viscoelaatic Suids. They
identified four flow regimes in Newtonian fluids where di&rent bubble properties
were defined. Increasing the bubble Reynolds number changed the regime the
bubbles were in.
In the Stokes regime, small diameter spherical bubbles of low Reynolds number
follow the same fundamental rules as spherical particles and are considered to
have a rigid interface between their surface and the surrounding liquid. At higher
Reynolds number, bubbles enter the Hadamard regime. The bubbles are still
spherical but now move in the creeping flow regime and have a kee interface.
At high Reynolds number, the bubbles continue to have a free interface and are
still spherical but have a larger volume than the two preceding regimes. Finally,
in the Taylor regime, the bubbles take on a spherical-cap shape, retaining their
free interface. However, no Reynolds number values were provided to define the
transition between these regimes.
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The bubble rise velocities for the Stokes and Hadamard regimes are defined as
(Astarita and Apuzzo, 1965);

84

Stokes:

2

(2.7)

where Uhr = bubble rise velocity; v = kinematic viscosity (=^) and V = bubble
volume. The value of the constant requires the units of U}^ to be cms~^; p to be
2o-l fuid 1/ to t)e cro^.
em's

Hadamard:

[/(». =

126

2

V?

(2.8)

ly
Only these two regimes are defined here because in non-Newtonian, shearthinning fluids, the governing equations are extremely complex, therefore, only
the creeping Eow is considered, that is, the Gow regime defined by Eqns 2.7 and
2.8 (Chhabra, 1993).

N o n - N e w t o n i a n fluids
The same forces of buoyancy and inertia that act on a bubble in Newtonian
liquids, act on a bubble in non-Newtonian liquids (Chhabra, 1993). However the
size of these forces are different, resulting in different bubble shapes from those in
Newtonian fluids.
Bubble shapes in 1% CMC solution are illustrated in Figure 2.11, taken from
Chhabra (1993).
Dekee et al. (1986) observed similar bubble shapes in 1% CMC solution. The
bubble shapes changed as bubble Reynolds number increased, beginning with
small inverted tear drop shaped bubbles at low Reynolds number increasing in
volume to the oblate shape as Reynolds number increased, until finally, the spherical cap shape was observed at the highest bubble Reynolds number. Values for the
bubble Reynolds numbers were not given but later work by Dekee and Chhabra
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a) inverted tear-drop

b) oblate-cusped

c) oblate
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d) Spherical-cap

Figure 2.11; Illustration of bubble shapes in 1% CMC solution
(1988) varied bubble Reynolds from 0.087 to 6 and found the same bubble shape
range as shown in Figure 2.11.
Chhabra (1993) has summarised the findings regarding bubble shapes in free
rise in non-Newtonian media as follows: at very low Reynolds numbers (no exact
definition was given for the Reynolds number referred to by Chhabra (1993) but
it is likely to be the bubble Reynolds number), the surface tension forces tend
to maintain the spherical shape. The bubble shape changes through the range
shown in Figure 2.11 as a function of the physical properties and its volume.
An oscillating negative wake is often reported behind a bubble in non-Newtonian
viscoelastic media, although no physical explanation for this phenomenon is yet
available (Chhabra, 1993).
Barnett et al. (1966) examined experimentally bubble motion in non-Newtonian
fluids. Their paper outlined transitional bubble shapes in aqueous solutions of
carboxymethylcellulose (CMC) and highlighted the observed relationship existing
between tailing at the rear of the bubble and an increase in the drag coefficient.
Hassager, Bisgaard, and Ostergaard (1980) claimed that the phenomenon of bubble tailing was related to a negative wake forming directly behind the rising bubbles due to the liquid velocity being in the downward direction, away from the
rising bubble. This liquid movement is in agreement with that found by Schmidt
et al.

(1992) who concluded that the liquid surrounding a rising bubble was

continuously replaced by the bubble gas as it rose.
Dekee et al. (1986) and Dewsbury et al. (1999) observed the same bubble

shapes in non-Newtonian solutions of CMC (as well as the viscoelastic polyacry1 amide, PAA) as have been presented, and concluded that this reflected the increased friction in these solutions of CMC and the bubbles therefore travelled
slower with less liquid entrainment.
Information on determining the bubble rise velocity in non-Newtonian fluids is
scarce. Chhabra (1993) concludes that an exact solution that can rival the work
in Newtonian fluids is not possible due to the shear-rate dependent viscosity of
non-Newtonian shear-thinning liquids. Therefore, only solutions for the creeping
flow regime are considered, these are the Stokes and Hadamard equations (Eqns
2.7 and 2.8). These equations require measurement or calculation of the bubble
volume using the Davidson-Shuler model or Kumar-Kuloor model, as discussed in
Section 2.5.1.

2.5.3

Bubble plumes

When bubbles are continuously released from a single localised source at the
bottom of a liquid layer, a plume of bubbles is produced. Chen and Cardoso
(2000) investigated the motion of a plume of low Reynolds number bubbles in
a stratified liquid consisting of two liquids of different density. Mixing between
the two liquid layers occurred when the bubbles broke through the liquid-liquid
interface. They carried in their wake, a certain volume of the higher density liquid,
the volume of which depended on the bubble sizes.
If a single orifice is used, this plume may be a single column of rising bubbles
as observed by Crabtree and Bridgwater (1969) or using multiple orifices, several columns of rising bubbles as observed by Rietema and Ottengraph (1970).
Ulbrecht et al. (1985) studied the form of this plume at different gas flowrates
in three solutions; Corn syrup (Newtonian), polyvinyl pyrrolidon - PVP (nonNewtonian, shear-thinning, inelastic) and polyacryl amide - PAA (non-Newtonian,
shear-thinning, elastic). They found the existence of three modes, depending on
the gas flowrate, the column diameter and liquid viscosity. These were the viscous
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mode; the helical 8ow mode and the vortex mode.
In the viscous mode, the bubbles had almost uniform sizes (0.005 to 0.006m in
diameter) and rose slowly with very little interaction with each other. Immediately
above the sparger, the motion of the bubbles was more erratic. Slightly higher
up, the bubbles arranged themselves into a relatively narrow plume which rose
upwards with a slight rocking motion (although this was only observed for narrow
bubble columns). In this mode, they observed that most of the liquid moves
upwards in a straight line, following the plume before flowing downwards in the
annulus. This results in high axial mixing but very little radial mixing.
Increasing the gas flowrate increased the rocking motion of the plume, aiding
the radial mixing. Simultaneously, the plume rotated so that the resulting motion
was hehcal. They found frequent bubble coalescence and a widening of the plume
with liquid height.
Finally, increasing the gas flowrate further intensified the bubble coalescence
forming large bubbles which absorbed smaller bubbles. The regular structure of
the plume broke down and vortices formed in the wakes behind the large bubbles,
trapping portions of hquid, carrying it from the bottom to the top of the column,
essentially unmixed.
In terms of blend time, they found that it was highest in the viscous mode,
decreasing with increased gas flowrate until reaching a minimum in the vortex
mode.
Although it was not studied in the work of Ulbrecht et al. (1985), they concluded that a ring sparger would produce a different plume than that from a single
nozzle. They identified a 'cooling tower' plume shape in viscous liquids where the
gas bubbles released from a ring sparger would first move towards the centre of
the column before forming the continuously widening plume.
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2.5.4

cWS

Power input

Power input due to the isothermal expajision of rising gaa bubbles has been presented earlier as Eqn. 2.2. A second form of power input can also arise from the
jetting action of the gas as it passes through the nozzles or orifices. This form
of power input has been used by Sridhar and Potter (1980) and is mentioned in
Tatterson (1991) and can be calculated using:

Pj =

(2.9)

where P j = power input from jetting action of gas; Qg = gas flowrate; pg = gas
density and tinozzk = velocity of gaa through the nozzle
This kinetic energy input has received little attention in the literature. Much
of the literature that discusses power input is for gas-liquid stirred vessels where
the power input from the gas sparging is insignificant compared to that of impeller
mixed systems. However, at high gas flowrates and small nozzle diameters, the
contribution from the kinetic energy should not be ignored.
It is not at all clear however, how much of this nozzle kinetic energy is transferred to the surrounding liquid. Sridhar and Potter (1980) studied a gas-liquid
impeller stirred vessel and did consider the kinetic energy input from the gas. The
inlet gas was assumed to dissipate its entire kinetic energy near the sparger exit.
At high enough gas flowrates, the gas jet issuing from the nozzle will be in the
form of a jet, but this will shortly dissipate into smaller bubbles which will then
rise to the liquid surface.
To determine the magnitude of the kinetic energy input from the gas for a
full-scale digester, Ouziaux (1997) supplied information on digester volume, nozzle diameter, gas flowrate and the number of nozzles in use. This information
was available for 8 of the 14 unconfined gas mixed digesters surveyed. Using Eqn.
2.9, the kinetic energy contribution was calculated as 3.75 to 4.56 W. The sludge
volumes of these digesters ranged from 450 to 1076 m^, therefore the power in-
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put per unit volume range was negligible, being 4.24 x 10"^ 8.33 x 10"^ Wm~^.
The following discussions concerning power input for full-scale digesters are therefore considered only in terms of the power input from isothermal gas expansion.
However, both of these energy inputs are considered for the experimental work
performed in this thesis.

2.6

S t a t e of t h e a r t in digester m i x i n g

In reviewing the available literature on mixing within anaerobic digesters, the most
prominent Ending is that there is very little published information on digester
mixer sizing. Only the EPA (1987) and Degremont (1991) have published any
target values for power input or gas flowrate. These values are presented in Table
2.1. Actual power inputs used in practice may differ depending on the type of
mixing system used and the manufacturer.
Converting the EPA (1987) and Degremont (1991) flowrates to the same units
and assuming an aspect ratio of one, the ratio of the flowrates is:

0.8

X I

TT /

== ().366yi/3

(2L10)

where V is the digester volume
Table 2.6 illustrates the ratio between the EPA (1987) and Degremont (1991)
flowrates for increasing vessel volume, assuming a digester aspect ratio of one. For
vessels of a realistic size, the EPA (1987) flowrate is between 1.7 and 6.3 times
larger than that recommended by Degremont (1991).
There is conflict in the published design literature therefore regarding firstly,
which design parameter to use; P/V,

Qg/V or Qg/A and secondly, which value

to use. The following section discusses the comparisons made in the literature
between different mixing systems and where available, comments on the values of
power input quoted.
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Table 2.1: Common design parameters for mixing systems
Parameter

Definition

Unit power

Power input by mixing
equipment divided by digester
volume (EPA, 1987)

Unit
Wm-3

Typical
Value
5-8
2-4

Applies to:
US/UK
Egg shapes

Unit gas flow

EPA:
Degremont:
Velocity
gradient

Quantity of gas delivered
divided by digester volume
Quantity of gas delivered
divided by digester area
Square root of power used per
unit volume divided by sludge

m^/h/m^

0.27-0.3
0.3-0.42
0.8

s-i

50-80

day-^

0^L18

m^/h/m^

UnconSned
Confined

viscosity * (ISFVl, 1987)
Turnover time

Draft-tube

velocity

Volumetric flowrate divided
by sludge volume (Stukenberg
et a l , 1992)
Volumetric flowrate divided
by cross sectional area
(Stukenberg et al., 1992))

0.75-1.8

Jet pump or
impeller pump

*The viscosity used appears to be that of water fj, = 0.001 Pa.s. If the viscosity of the sludge is taken as this
value then:
Velocity gradient, G = 50 = {P/(jU V))°-^
f / y = (0.001)(2500) = 2.5 W m - ^
This is comparable with the P/V values given by EPA (1987). If a typical sludge viscosity was used, say 0,1
Pas, then P/V becomes 250 Wm~^.

Table 2.2: EPA and Degremont flowrates when H/T=l
(in*) QEPA/QDeg(-)
1.7
100
2.9
500
3.7
1000
5000
6.3

2.6.1

Determination of the power input

Williams (1994) surveyed six Welsh Water sites. The gas flowrates ranged from
0.031 to 1.34 m^/m^/hr which compare with those recommended by Degremont
(1991) in Table 2.1. Williams (1994) recorded the corresponding power inputs as
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1.93 to 12.3 Wm"^, the higher values of which compare with the range of power
inputs recommended by EPA (1987).
Brade (1997) suggested that a typical gas compressor used for the unconfined
gas mixing of digesters has an efficiency of 30% due to small leaks at glands, seals,
joints and drains, reported by CIWEM (1996). Therefore, if the power rating of
a compressor was 5kW and the digester volume was lOOOm^, for example, then
the gross power input per unit volume would be 5 Wm"^ but the net power input
would be 30% of this value, 1.5 Wm"^. To clarify this further, a power input of 5
Wm~^ to the compressor would result in a power input of only 1.5 Wm~^ to the
digester itself.
The work reported by Williams (1994) does not mention the gas compressor
efficiency and in the cases where the compressor power ratings were supplied,
it is clear that the power inputs per unit volume quoted were those from the
compressor, i.e. gross power input. If an efficiency of 30% is assumed then the
power inputs reduce to 0.58 to 3.69 Wm^^ (the net power inputs).
As a comparison, the power inputs from isothermal expansion using the gas
Sowrates supplied by Williams (1994) and Eqn. 2.2 have been calculated. The
resulting power inputs range from 0.79 to 2.50 Wm~^, very similar to the net
compressor values, obtained assuming 30% efficiency.
Ouziaux (1997) recorded the compressor power ratings and digester volumes
for a selection of YWS sites and calculated the gross power input. The isothermal
expansion of gas was also calculated using the recorded gas flowrates through the
compressor and Eqn. 2.2 and compared with the net compressor power inputs,
assuming an efficiency of 30%. Good agreement was found between the net and
isothermal power inputs, both being lower than the gross power input based on
the compressor power ratings.
Table 2.6.1 lists the gross, net (assuming an efficiency of 30%) and isothermal power inputs for the Welsh sites (Williams, 1994) and the Yorkshire sites
(Ouziaux, 1997). Only those sites with sufficient data have been included.
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Table 2.3: Comparison between power inputs

Digester

Gross P / V

Volume (m^)

(Wm-3)

(Wm-3)

(Wm-3)

Llanfoist

1500

12.3

3.69

250

Monmouth

245

4.60

1.38

L44

Penybont

1000

5.00

1.5()

0.91

Gresford

777

L93

0.58

0.81

Queensferry

1590

9.43

2.83

0.79

Caldervale

1755

10.5

&15

3.50

Harrogate North

978

3.1

0.93

0.93

Harrogate South

450

6.7

2.01

218

Malton

715

4.2

1.26

1.43

Marley

700

7.8

2.34

211

Rawcliffe

530

5.7

1.71

1.84

Sutton

715

4.2

1.26

1.65

Walbutts

537

5.6

1.68

1.54

Wombwell

1076

2.8

0.84

0.94

Site

Iso. expansion P / V

In all cases apart from Queensferry, the net power input is in close agreement
with that calculated from isothermal gas expansion. This indicates that a compressor efficiency in the order of 30% should be accounted for when stating power
inputs. As will be shown in the following sections, this is not often the case in the
literature.
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Comparison of mixing system performance
Confined and unconfined gas mixing

In addition to the naturally mixed rectangular digester introduced in Section 2.3,
Zoltek and Gram (1975) also investigated one confined and one unconfined gas
mixer, both in sludge filled digesters using a radioactive tracer. The digesters used
were all rectangular (5.2m high, 29.9m x 16.8m) and of similar volume, with the
inlet and outlet at opposite ends of the tank. The diffusers were located in the
bottom of the tank in a circle 2 m in diameter. They were positioned towards the
inlet of the digester. The confined gas system consisted of one draft tube located
along the same axis as the diSFusers, but towards the outlet end of the digester.
Two methods of measurement were made: one using a scintillation detector
in the niiddle of the digester and the second method used a portable scintillation
detector that could be positioned at different locations in the digester due to
sampling ports located across the digester roof. Using the first method, Zoltek
and Gram (1975) reported tracer detected within 10 minutes from injection and
the count rate levelled off after 40 minutes. Using the second method however,
large differences in tracer concentration were detected in different parts of the
tank even after 100 minutes.
The injected tracer in the confined gas case took longer to reach the probe
in method one, some 30 minutes, the concentration rose relatively slowly and
erratically, levelling off at about 100 minutes. Method two was not used for this
digester.
The authors were unable to determine whether the differences in blend time
were due to the confined or unconfined nature of the mixing systems or whether
they were due to the different layouts of the systems within the tank, which would
produce different flowpatterns. The power inputs to the digesters were reported
as 10.1 W m ' ^ for the unconfined gas and 6.05 Wm"^ for the confined gas mixers,
which would suggest that the observed differences may have been due to different
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power inputs.
Rundle and Whyley (1981) compared confined and unconfined gas mixing
systems at Severn Trent's Stoke Bardolph wastewater treatment plant. All eight
of the digesters were originally mixed by the intermittent operation of a screwpump mixer in a central uptake draft-tube. Rags and other debris collected around
the impeller and at the bottom of the uptake tube, which was unsatisfactory and
replacements were sought.
The choice waa between confined gas mixing using draft-tubes, unconfined gas
mixing using difFuser boxes and unconfined mixing using leaf-spring diffusers.
Rundle and Whyley (1981) used an existing open-topped digester at the plant
to measure the blend times of the diSerent systems using real sludge. Three methods were used to evaluate mixing; radioactive tracer, Lithium Chloride tracer, and
solids distribution. The power input used was not speciGed, but the total airAow
rate was given as 0.085 m^s"^. The liquid volume was recorded as 5300 m^. With
this information, assuming as aspect ratio of one, this author calculated the height
as 19m and using Eqn. 2.2, calculated a power input of 1.95 Wm"^.
The leaf-spring diffusers blended in the shortest time and were used to optimise
the gas Sowrate required. Decreasing the gas flowrate increased the dispersion
time.

Even at a power input of 0.49 Wm"^, the tracer concentration at the

probes was reported to lie within ±10% of the theoretical completely mixed value
within 40 minutes.
The exact locations of the probes used in the work of Rundle and Whyley
(1981) are given only as a 2-dimensional side-elevation of the digester. It would
appear that the number of readings by the digester wall and near the base (typically less actively mixed regions) were hmited with the majority of readings taken
in well-mixed regions. This would result in a faster blend time because the probes
were in an active volume, as suggested by the two methods of detection used by
Zoltek and Gram (1975).
Baumann and Huibregste (1982) compared simultaneous and sequential gas

mixing processes for the following systems: a draft tube mixer (confined gas
mixing), multiple sequential discharge lances (uncon&ied gaa mixing) and Eoormounted diffuser boxes consisting of 8 diffusers located around a small diameter
central ring (also unconfined gas mixing). The draft tube mixer and multiple
sequential discharge lances were studied using water in a laboratory scale rectangular tank 24.4 x 24.4 x 6.1 m in dimension. All three mixer types were also
studied at the full-scale at different sites using real sludge.
The power input to the confined gas mixed systems were higher than those
supphed to either of the unconfined gas mixed systems and yet the authors were
unable to specify whether one system was better than another in terms of mixing
eGciency, providing each system was designed 'properly' although what exactly
this means was not defined.
A review of digestion plant in the United States was performed by EPA (1987)
collating together a review of the literature and discussions with design engineers
and operators of existing plant. Both confined and unconfined gas mixed systems
reported high maintenance of the compressor and potential gas seal problems. The
confined gas system also reported problems with corrosion of the gas lifter, scum
buildup, poor mixing in the top region of the digester and plugging of the draft
tubes, but did provide better movement of bottom deposits than cover-mounted
lances (unconfined gas) and lower power requirements.
The bottom-mounted diffusers fared worse than cover-mounted lances for the
unconfined systems with problems reported of scum formation, plugging of diffusers, breakage of bottom-mounted gas piping but reported better movement
of bottom deposits than cover-mounted lances. The cover-mounted lances were
effective against scum buildup and required less maintenance than the bottommounted diffusers although suffered from plugging of the lances.
Prom this comparison between confined and unconfined gas mixing systems,
there is no clear conclusion as to whether one system is better than another,
either in terms of required power input, measured blend time (Zoltek and Gram,
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1975; Rundle and Whyley, 1981), mixing efficiency (Baumann and Huibregste,
1982) or operational use (EPA, 1987). The comparisons made in the literature
have often used different power inputs, different digester geometries and mixer
layouts making direct comparison difficult. To determine whether one system is
better than another, equal digester geometries, sludge rheology, power inputs and
measurement systems should be used so that clear conclusions can be drawn.

2.7.2

Impellers and unconfined gas mixing

Brade and Noone (1981) performed blend time measurement tests using a waterfilled digester fitted with an impeller and unconfined gas diffusers. They found
that the impeller was up to four times more efBcient than the gas injection system
in terms of energy utilisation. However, this may have been due to a poor diffuser
layout compared to the impeller or due to the tests having been performed in
water, which would produce different Gowpatterns to sludge.
In a later paper, Brade et al. (1982) carried out mixing tests using an opentopped digester filled with digesting sludge and a four-bladed turbine of diameter
equal to one quarter of the digester diameter. The power input was varied from
0.52 to 5.74

and recorded blend times were from 12 to 40 minutes. No

mention of how the blend times were recorded or the location of any probes used
was made, only that these blend times were subsequently confirmed using radiotracing when the tank was an active digester.
Baimer (1999) quoted a value of 1 Wm~^ for Rya treatment works in Sweden,
stating that propeller mixers are used in all modem flat-bottomed tanks. This
power input is low compared to that quoted by Brade et al. (1982) but the tanks
at Rya are also supplemented with an unconfined gas mixing system, which would
suggest that the impeller requires less power input. There were eight gas injection
ports, equally spaced around the periphery of the tank where gas was supplied to
each nozzle sequentially. Unfortunately, there is not enough information supplied
to calculate the power input from the gas so the total power input is unknown.
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During commissioning of the plant at Rya, LiCl was injected as a tracer to
determine the blend time.

After injection, the tracer concentration increased

rapidly, achieving 89% of the theoretical concentration for complete mixing within
20 minutes, 93% after 30 minutes and 99% within 60 minutes. After two and a
half years of operation, the bolts on the axle of one of the mixers worked loose
and the propeller and half the axle dropped to the bottom of the tank. The tank
was emptied to repair the damage, allowing a visual inspection of the conditions
within the tank.
The inspection revealed that the centre of the tank bottom was free from
deposits. However, along the periphery there were deposits with a triangular crosssection of about 3m by 3m, with a conical hole at each diffuser location. Balmer
(1999) interpreted this as meaning that the gas injection did not contribute much
to the tank mixing, but this author would argue that the grit buildup around
the periphery would also indicate that the impeller mixing was not reaching the
periphery due to the Aowpattern and low power input. Without knowing the gag
power input, it is not possible to compare Balmer's (1999) conclusions about the
gas performance as the gas power input may have been too low.
Casey (1984) discussed the results found by other authors (Imhoff, 1983; Carrol and Ross, 1983; Wiedemann, 1977) when comparing impeller and gas mixing
systems. Imhoff (1983) reviewed impeller mixing systems in Germany and Wiedemann (1977) reviewed gas mixing systems. Casey (1984) concluded that impeller
systems provided reliable performance over extended service periods and consumed less energy than gas mixing systems. In contrast, Carrol and Ross (1983)
reviewed operating experience in Canada that showed impeller mixing to be costly
and difficult to maintain. These apparently conflicting experiences should be considered with caution since detailed information on the systems involved is lacking.
The review from the EPA (1987) listed problems of wear for impellers and
shafts, bearing failures, accumulation of rags on the impellers and requirements
for oversized gear boxes and gas leaks at the shaft seals. However, they were listed
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as having good mixing efficiency.
As an interesting comparison, Lin and Pearce (1991) recommended a power
input of 1.5 kWm"^ for the impeller system used in the anaerobic digestion of
potato processing wastewater, a figure almost 1000 times higher than quoted by
Baimer (1999).
No firm conclusion has been drawn as to whether the power input required
for an impeller is higher or lower than that required for equivalent mixing using
unconfined gas. As for the confined and unconfined gas mixing comparisons, it is
very difficult to compare the work of different researchers because different systems
have been used and insufficient detail supplied about the different systems, such as
sludge rheology, percentage dry solids content, mixer configuration and gas power
inputs. This illustrates the futility of quoting power inputs without further details
of the system used and similarly, quoting system information with insufficient data
to calculate the power input.

2.7.3

Unconfined gas mixing and other systems

The EPA (1987) produced a comprehensive list of the advantages and disadvantages of the main types of digester mixers. The list was based on a review of
technical literature and numerous discussions with American wastewater treatment plant operatives.
Every mixer had a longer list of disadvantages than advantages with corrosion
cited as a disadvantage in almost every case. In terms of mixing efficiency, impeller
mixed systems and confined gas mixing systems were listed by EPA (1987) as
being better than other types of mixer and yet the majority of UK digesters
are unconfined gas mixing systems with base mounted diffusers (Williams, 1994;
Ouziaux, 1997; Truscott, 1980; CIWEM, 1996).
Stukenberg et al. (1992) carried out a survey of several digestion plants in the
USA and their results are shown in Table 2.4.
The primary mixing system is either the system that provided the greatest
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Table 2.4: Values for mixing energy found in several American and German di-

Shape

gesters (Stukenberg et al., 1992)
Primary Secondary Recirculation Primary
Volume
Pin
Pin
Turnover
Pin
(Wm-=)
(Wm-») (Wm-»)
(m=)
(d-')

Egg

6000

2.5

6.1

2.5

3.3

Sphere/cone

3200

0.3

3.6

0.3

0.3

Egg

8000

2.3

-

2.0

11

7500

2.0

1.8

2.9

8

Egg

7500

2.3

1.8

2.9

8

Sphere/cone

2700

0.8

-

0.8

1.3

Egg

4700

3.2

5.0

3.0

18

Egg

11400

3.5

5.5

4.7

10

Egg

11400

3.0

-

2.0

7.6

9500

3.8

-

2.4

9

German
conventional

German
conventional

amount of energy or that which had the greatest influence on digester mixing
as it was the only system operated continuously. The majority of the primary
systems were a form of impeller mixing consisting of an internal draft tube with
an impeller at the top. The secondary mixing systems were usually gas injection
systems.
The overall power input per unit volume range was 0.3 to 6.1 Wm~^. Unfortunately, no information is given concerning their actively mixed volumes or the
extent of any solids build up and therefore, any comparison with other digesters is
limited to the power input. The highest primary power input was for the German
conventional digester shape, closely followed by the egg-shaped digesters, but the
sphere/cone shape (UK digesters) had the lowest power input, four to ten times
lower than that for the egg-shaped digesters.
Bode and Klauwer (1999) claimed an energy demand of 3 to 5

is required

for unconfined gas mixing systems in digesters of a reasonable size referring to
Figure 2.12. Once again though, it was not stated whether this wets the power
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[W/m3]
20-

—

2000

-

1500

daily mixing rate

y D/d]

15-

10-

1000
mixing rate
[l/s]

500

specific efficiency
[W/m^]

5000

10000
• tank volume [m^]

Figure 2.12: Characteristic values of digester mixing quoted in Bode and
Klauwer (1999)
input to the compressor or that to the digesting sludge. If the specific efficiency is
actually the power input (the units are

then the Egure suggests that the

required power input decreases from 7 Wm"^ to 2.5 W m ' ^ when the tank volume
is increased from 500 to 7000 m^. Beyond this volume, the power input increases
again up to 4.5

when the volume is 14000 m^. How these figures have

been obtained is not provided by Bode and Klauwer (1999) and the reason for the
decrease and subsequent increase in required power input is not at all clear.
The purpose of the other two hnes in Figure 2.12 is not clear either. The units
of 'daily mixing rate' and 'mixing rate' are those of flowrate but whether these
refer to feed flowrate, circulation flowrate, pumping rate or even gas flowrate is
not specified. However, this is one of the few investigations in the literature where
an attempt at suggesting power input values to use has been made.
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Effect of power input on active volume

The extent of the grit build-up that can occur was graphically described by Baumann and Huibregste (1982). Table 2.5 shows the sites studied and their respective
power inputs, calculated from the information supplied in the paper. An extensive
accumulation of sohds at the bottom of the S.E.Wisconsin digester was recorded
during their studies on sohds profihng. A Tango' sampler was used, a spring
loaded device that collected samples within the digester which were then analysed
for sohds content and used to build up a solids profile of the digester. The digester
wag fitted with a central diSuser box. The sampler was unable to penetrate the
lower 3m of the digester and the digester wag taken out of service for cleaning.
The solids build-up consisted primarily of grit and inorganic sohds and formed
a steep pile which sloped downward from the digester wall to the diffuser box.
The draining down of the digester caused these grit slopes to shde, tearing out
sludge piping supports and the di&isers along with the gag supply piping.
The power inputs to the digesters studied by Baumann and Huibregste (1982)
are shown in Table 2.5. The overall range of power inputs was 0.7 to 11

Table 2.5: Theoretical power inputs and mixing effectiveness for different confined and unconfined gas mixing systems
Theo.Pin

(m)

V
(m=)

19.8

7.5

Texas 2

19.8

N. Illinois

Site

Mixer

(kW)

P/V
(Wm-=)

2460

27.5

11.0

Draft

Slight

7.5

2460

15.7

6.4

Draft

Slight

18.3

6.1

1600

3.0

1.9

Draft

Significant

C.Virginia

12.2

-

1426

2.5

1.75

Lances

Insignificant

C. Wisconsin 1

18.3

-

4813

3.3

0.7

Lances

Slight *

C. Wisconsin 2

18.3

-

4813

4.8

1.0

Lances

Slight *

S.E. Wisconsin

18.3

-

4813

3.6

0.75

Diffusers Significant

D

H

(m)
Texas 1

Grit
deposition

* Grit build-up was evident below the lances, although lengthening the lances to extend further into the digester
reduced the height of this build-up. Above this layer of grit, there was evidence that solids were moving around
and therefore, not accumulating.

and if the compressor is assumed to be 30% e&cient (see Section 2.6.1), these
reduce to 0.21 to 3.3 Wm"^.
The power input per unit volume for the digester at S.E.Wisconsin was given
as 0.75 Wm~^. This is a very low power input as it is and by assuming 30% efficiency of the compressor, this value drops further to 0.225 Wm~^. Baumann and
Huibregste (1982) concluded that the mixing arrangement was not maintaining
a completely mixed condition within the digester and anticipated that increasing
the gas flowrate (and hence power input) would improve the solids suspension.
These tests revealed an apparent, albeit loose, correlation between floor deposits and power supplied between the different mixers.
Each of the draft-tube systems recorded slight or significant grit depositions
compared to slight or insignificant depositions for the lances which used a much
lower theoretical power input range (0.7 to 1.75 Wm"^) compared to 1.9 to 11.0
Wm^^ for the draft-tube systems.
The diffuse: box and confined systems produced similar fiowpatterns since
the mixing energy was concentrated at the centre of the digester. Both systems
experienced problems with accumulated solids on the bottom of the digester and
floating solids at the surface. Increasing the power inputs to those closer to the
confined gas mixing values would increase the active volume by entraining the
base deposits and surface solids into the bulk.
The lances suffered less from grit deposition as they were positioned more
evenly throughout the tank however, grit was reported on the digester base up to
approximately Im below the lances.
The power inputs to the Welsh digesters studied by Williams (1994) were given
as 1.93 to 12.3 Wm"^, which become 0.58 to 3.69 Wm~^ assuming an efficiency
of 30% (These values have been discussed previously in Section 2.6.1). Williams
(1994) performed Lithium Chloride tracer studies and reported that the majority
of the digesters tested were performing 'satisfactorily' with the minimum volume
utilisation determined as 78% for Queensferry and Gresford. Queensferry had
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been in service for 10 years whereas Gresford had been in service for only 2 years.
Gresford had the lowest power input in the survey - a quoted value of 1.93
(0.58

if 30% efficiency assumed) compared to 9.43 Wm~^ for Queensferry

(2.83 Wm"^) suggesting that a higher power input reduced the grit deposition, in
accordance with the conclusions of Baumann and Huibregste (1982).
The active volume of a digester can be reduced when solids are able to accumulate around the periphery of the digester base. This is the case for confined gas
mixers (draft tubes) and unconfined gas mixers (difTusers and lances). The work
of Baumann and Huibregste (1982) and Williams (1994) suggest that the a<:tive
volume can be increased by increasing the power input to the digester.

2.8

Relating Chemical I n d u s t r y research to anaerobic d i g e s t i o n

Mixing has been studied for Chemical Process Industry applications for many
years. Good mixing ensures high product yields by providing sufficient contact
between the different chemicals present to allow the necessary chemical reactions
or heat transfer to be optimised.
Bubble columns used in chemical and pharmaceutical production, are similar
to anaerobic digesters in that it is the rising gas bubbles that induce mixing
within the reactor. For this reason, bubble column mixing has been reviewed in
this thesis, paying particular attention to non-Newtonian systems.

2.8.1

Bubble columns

Bubble columns are inexpensive gas-liquid contactors which have found a wide
application in all branches of the chemical and processing industries. Mixing is
supplied entirely by forcing compressed gas into the reactor, which then rises
through the liquid height. This gas-liquid mixture has been termed the 'plume'
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by Ulbrecht and Baykara (1981) and Ulbrecht et al. (1985).
Although bubble columns are of simple construction, they are difficult to design
due to the complexity of the flowpatterns, especially when they contain viscous
and non-Newtonian liquids (Ulbrecht et al., 1985). Much research has been carried
out into these systems to investigate mass transfer and gas holdup with less work
to investigate the blending processes involved.
There has been very little research on bubble columns of low aspect ratio
and large diameter employing non-Newtonian shear-thinning liquids, as in a digester. Only the work of Haque et al. (1987) has studied such a geometry using
a shear-thinning fluid, but the gas flowrates were much higher than those found
for digesters.
Work has been performed using shear-thinning fluids to simulate fermentation
processes. However, much of this work has concentrated on mass transfer, solids
suspension and heat transfer. In addition, fermenters are often mixed with an
impeller and gas rather than gas alone, which is not applicable to this work.

2.8.2

Flow regimes

There are three main flow regimes within which bubble columns operate:
• Chain bubbling (single orifice) or Bubbly homogeneous flow (multiple orifices)
• Churn-turbulent/heterogeneous flow
• Slug flow
The regime encountered depends on the superficial gas velocity within the
column, that is the gas flowrate divided by the bubble column cross-sectional
area. The exact values at which the regime changes depends on the liquid type
and column diameter. The values in the following descriptions have been taken
from Ulbrecht and Baykara (1981), Wadley (1994) and Shah et al. (1982) and
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apply to air-water systems. Figure 2.13 is taken kom Shah et al. (1982) and
illustrates the eSect of column diameter and superEcial gaa velocity on the 8ow
regime encountered.
0.15

Slug Flow

Heterogeneous
Churn-Turbulent Flow

0.10 —

Usg
(m/§)
0.05

Homogeneous
(Bubbly) Flow

0.025

0.05

0.1
Column diameter; D (m)

Figure 2.13: Transition between flow regimes as defined by Shah et al. (1982)
Bubbly homogeneous flow occurs at very low gas flowrates, where the superficial gas velocity is less than approximately 0.1 ms"^. The gas enters via a single
or multiple orifice sparger. The bubbles are small, typically less than 5mm in
diameter. For a single nozzle, the bubbles tend to form a chain along the central
axis of the column and rise with uniform velocities and no coalescence, as shown
in Figure 2.14(a). This is termed 'chain bubbling'. For a multiple orifice sparger,
columns of bubbles rise with uniform velocities and no coalescence as shown in
Figure 2.14(b).
Churn-turbulent or heterogeneous flow occurs at high gas Bowrates, typically
with superficial gas velocities greater than 0.1 ms"^ and is much more disorderly
than bubbly homogeneous flow. Small spherical bubbles are present together with
larger, irregular slugs of gas.

2. ft/icffczftoc/zvD yiJVD ZyfTiELRLAgrf/jSjs

o
o
o
o
o
o
o
o
o

54

000000000
oooooooco
0000000
0000000
0000000
0000000
0000000
0000000
0000000
0000000
0000000
0000000
0000000
0000000
0000000
0000000
000000 o
0000000
ooooooo
0000000
ooooooo
ooopooo
000^000
0006000
ooot000
ooo4)ooo
ooooooo
ooooooo

ooooooo
ooooooo
ooooooo

ooooooo
ooooooo
000000000
0000000000

Q

a) c h a i n b u b b l i n g

b) b u b b l y h o m o g e n e o u s

Figure 2.14: Bubble column flow regimes
Finally, slug flow can only occur in narrow columns where the large diameter
bubbles are stabilised by the column walls. Superficial gas velocities of 0.5
and above are required.
Increasing the viscosity of the liquid phase, reduces the terminal rise velocity of
the bubbles, as discussed previously in Section 2.5 (Clift et ai., 1978). Pandit and
Joshi (1983) investigated the effect of liquid viscosity using aqueous solutions of
glycerine of various concentrations and found that in viscous systems, the bubbly
homogeneous How regime may extend to higher values of superScial gag velocity
in the order of 0.028 - 0.03 ms"^.
The superficial gas velocities for the Welsh digesters investigated by Williams
(1994) and the Yorkshire digesters, (Ouziaux, 1997) have been calculated. In
the absence of detailed information for the Welsh digesters, an aspect ratio of
one has been assumed and the cross-sectional area calculated. The superficial
gas velocities for the Welsh digesters ranged from 0.0001 to 0.0003 ms~^ and

the Yorkshire digesters ranged from 0.0001 to 0.0005 ms~^, putting the digesters
within the bubbly homogeneous regime.
The definition of the different regimes may be misleading when apphed to digesters because the ratio of the cross-sectional area of the mixing equipment to
that of the digester is often much smaller than that of a bubble column. Calculating the superficial gas velocity does not account for the number of nozzles
in use. If a multiple orifice sparger is used in a digester, where gas is supplied
simultaneously, then each nozzle receives a smaller amount of gas than if a single
nozzle was in use at the same gas flowrate. As discussed in Section 2.5, the size
and shape of a bubble in a non-Newtonian shear-thinning liquid changes with
increasing flowrate. Therefore, for the same gas flowrate, the region immediately
surrounding a single nozzle may in fact be churn-turbulent in terms of bubble
diameter variation and shape, even though the superficial gas velocity lies within
the bubbly-homogeneous regime.
Slug flow will not occur in an unconfined gas mixed digester because the digester diameter is much larger than the bubble diameters. However, it may occur
in confined gas mixing systems employing draft tubes.

2.8.3

Blend time

Blend times in digesters have been measured by many researchers, (Zoltek and
Gram, 1975; Rundle and Whyley, 1981; Brade et al., 1982). It is a measure of
the distribution of concentration within a vessel, thereby influencing the rate of
transfer of fluid between poorly and well-mixed regions of the vessel (Ruszkowski,
1994; Grenville and Tilton, 1997).
Ulbrecht and Baykara (1981) measured blend time in bubble columns using
a decolourisation technique. Sodium starch glycollate was added to the solution
in the bubble column to form a dark blue complex. Thiosulphate was injected
onto the surface of the bubble column and the decolourisation of the solution was
monitored with a photocolorimeter. Solutions of water and three shear-thinning
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liquids: carboxymethylcellulose (CMC), polyethyleneoxide (PEO) and polyacrylamide (PAA) were used. The latter two were also viscoelastic and therefore,
unrepresentative of a digesting sludge. The rheological properties of the CMC
were only slightly shear-thinning with a flow behaviour index of 0.95 and 1.0.
In addition to blend time, Ulbrecht and Baykara (1981) measured the liquid
velocity in the plume. The authors were able to show that the liquid phase mixing
rate was influenced by the liquid rheological properties, namely the viscosity and
the viscoelaaticity of the continuous phase. At low gag superScial velocities they
were able to correlate the blend time with the velocity of the liquid in the central
plume.
Using the same technique and equipment, Ulbrecht et al. (1985) increased the
gas Howrate further and were able to extend their previous correlation to higher
superflcial gas velocities.
This model requires measurement of the liquid velocity in the rising plume.
The column diameters used in the work of Ulbrecht et al. (1985) were 0.102, 0.127
and 0.152m over a range of aspect ratios from 6 to 10. The gas was injected using
a multi-hole sparger with the result that a plume of bubbles filled the column.
The velocity profile of the column was determined and a definite central riser and
annular downcomer were found as shown in Figure 2.15.
In an anaerobic digester however, gas is usually injected via a single orifice
Ouziaux (1997) resulting in regions of differing shear rates within the digester
cross-section. The velocity profile shown in Figure 2.15 would diff'er for a digester
with one nozzle in operation in that the regions defined as 's' a n d ' t ' would be
narrower relative to the vessel radius, 'R'. The blend time correlation produced
by Ulbrecht and Baykara (1981) and adapted by Ulbrecht et al. (1985) applies to
a small diameter bubble column. To extrapolate it to wider columns relies on the
measurement of the liquid velocities across the diameter of a model-scale digester,
which is difficult, as admitted by the authors themselves.
Pandit and Joshi (1983) built on an earlier model by Joshi and Sharma (1976)
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where R = radius of the column; t = locus of the liquid flow reversal; s — radius of the
central plume and u i = liquid phase velocity in the central plume

Figure 2.15: Velocity profile assumed by Ulbrecht and Baykara (1981)
who showed that an air/water bubble column was made up of a series of circular
tion cells in the axial direction. Blending occurred initially within each cell and
extended to adjacent cells.
Pandit and Joshi (1983) measured blend times in bubble columns filled with
water, CMC and Guar gum, sparged with air. They measured changes in pH
and conductivity to determine the blend time. A pulse of acid or alkali of known
volume was added via a hypodermic syringe near the bottom of the column. One
pH electrode was located at the other extreme of the dispersion and their responses
recorded. Similarly, a known concentration and volume of salt solution (NaCl) was
added as for the acid or alkali and one conductivity probe recorded the response
at the other end of the column. The location of these probes was varied in a
transverse direction and found to have practically no effect on the blend time.
This implies that the column was fully-mixed with no active or inactive volume
present.
The gas flowrate range that Pandit and Joshi (1983) were operating in resulted
in a high range of superficial gas velocity: 0.010 - 0.25 ms~^ in a column diameter of
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0.15m with the result that the column was fully active. They found that increasing
the superEcial gas velocity (by increasing the gas Aowrate) initially caused the
blend time to decrease until reaching a minimum. Increasing the superficial gas
velocity further caused the blend time to increase. The authors explained that
blend time decreased with an increase in intercell velocity, whereas it decreased
with an increase in gas dispersion height. The combined effect of these two factors
resulted in a minimum value of blend time at a certain value of superficial gas
velocity. Ulbrecht et al. (1985) also observed a minimum value of blend time at a
certain value of superficial gas velocity. However, this was attributed to a change
in flow regime between a viscous mode when most of the liquid moves upwards
in the plume and down in the annulus with very little back mixing and a 'helical
mode', where radial mixing developed.
Pandit and Joshi (1983) reported that increasing the aspect ratio from 2 to
8 under otherwise identical conditions caused the blend time to increase. They
also found that blend time increased with an increase in column diameter (0.15
to 0.20m).
Pandit and Joshi (1983) proposed the following model for blend time:

6 = 9,cell

1 -- 0.1741

- - 1 j 4- o.iirg f

--1

(2.11)

where 6 = total blend time; H = liquid height; T = column diameter; Oceii =
blend time in an individual cell:

(2.12)

where 1^5 is the average liquid circulation velocity due to gas sparging.
Eqn. 2.11 reduces to Eqn. 2.12 when the aspect ratio of the column is 1, as
in the case of a typical digester, and Oceii then becomes the total blend time. The
average liquid circulation velocity due to gas sparging can be determined using:
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where Ugg = superficial gas velocity (gas flowrate divided by column cross-sectional
area); tg = fractional gas holdup in the column
The effect of viscosity has been accounted for in the fractional gas holdup.
Pandit and Joshi (1983) reported that the overall effect of increased viscosity and
surface tension led to an increase in fractional gas holdup. Using Eqns 2.12 and
2.13, Pandit and Joshi (1983) plotted predicted against measured blend times for
a range of Newtonian and non-Newtonian liquids with good agreement.
The use of this blend time equation depends on there being sufficient gas
retained within the column to have some gas holdup. If the gas holdup is zero,
then Eqn. 2.13 reduces to zero. Shah et al. (1982) reported that gas holdup is
proportional to superficial gas velocity such that:

C(

(2/14)

where n is a positive value between 0.7 and 1.2 for the bubbly homogeneous regime
(Shah et al., 1982).
Typically, at digester superficial gas velocities of 0.0001 to 0.0005 ms"^ quoted
earlier, Eqn. 2.14 suggests that the gas holdup in a digester would be minimal. To
support this. Pandit and Joshi (1983) reported that Eqn. 2.13 was invalid for low
superficial gas velocities and hence, data on blend time could not be correlated
(the minimum superficial gas velocity used by Pandit and Joshi (1983) was 0.028
ms"^).
Haque et al. (1987) measured blend time using non-Newtonian shear-thinning
carboxymethylcellulose (CMC) solution in a bubble column 1.0m in diameter. The
aspect ratio was held at either 1 or 2. The flow behaviour indices and consistency
coefficient values for the concentrations of CMC used are shown in Table 2.6. The
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relative geometry and solutions used are comparable with those found by Ouziaux
(1997) for anaerobic digesters.
Table 2.6: Rheological properties of the aqueous CMC solutions used by Haque
et al. (1987)
C M C concentration Flow behaviour index

Consistency coeflRcient

(% w t )

n

k

0.1

0.80

0.012

0.5

0.70

0.061

1.0

0.67

0.102

The range of superficial gas velocities used was 0.008 to 0.057 ms~^, which are
much higher than those calculated for a digester (0.0001 to 0.0005 ms~^).
Haque et al. (1987) measured the blend time using a single pH cell and a single
conductivity probe, located in the base of the column. Acid or alkali were injected
at the liquid surface when using the pH method. A solution of Sodium Chloride
in water was injected at the liquid surface when using the conductivity technique.
The location of the pH cell and conductivity probe was varied transversely and
found to have no effect on the blend time. The use of a single probe is not advocated by other blend time researchers when larger vessels are used: (Ruszkowski,
1994) recommended 3 probes in diEerent regions of the vessel to measure probe
responses in well-mixed and less well-mixed regions of the vessel.
Haque et al. (1987) found an exponential decrease in blend time with increasing superficial gas velocity which is shown in Figure 2.16. Pandit and Joshi (1983)
found the same result, with almost identical blend times as shown in Figure 2.17.
Both researchers also found an effect of viscosity on blend time where an increase
in viscosity resulted in an increase in blend time, as shown in Figures 2.16 and
2.17.
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Reynolds number determination

The determination of the Reynolds number within a digester is important for scaling between different sizes of vessel. Various Reynolds numbers can be determined
based on different geometries:
• Based on the vessel
• Based on the rising liquid and gas plume
• Based on a single bubble
The vessel Reynolds number for a Newtonian fluid is calculated using:

(2.15)
For a non-Newtonian fluid, the viscosity varies with shear-rate:

2-71™
(2. If))
where Rcn-N = non-Newtonian Reynolds number; n = Power Law fluid consistency index and k = Power Law consistency coefficient
Two equations for Reynolds number based on the rising liquid plume in nonNewtonian fluids have been put forward in the literature, one an empirical one
(Ulbrecht et al., 1985) and the other a theoretical one (Kawase and Moo-Young,
1986b).
Ulbrecht et al. (1985) measured the velocity within the rising bubble plume.
Freely suspended polystyrene tracer particles were used. Up to fifty passages of
the tracer particle between two marks (one close to the bottom and one close to
the top of the column) were visually observed and the time of passage calculated.
They used a viscous Newtonian fluid (corn-syrup in water), a non-Newtonian
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shear-thinning fluid (Polyvinyl pyrrolidon - PVP) and a non-Newtonian shearthinning and elastic fluid (polyacryl amide - PA A). They correlated their data
and the data of others for air/water and air/viscous fluid systems as:

where Re*^ = modifled Reynolds number for the liquid phase using the velocity
of the liquid in the central plume (=
using the superficial gas velocity (=

^ ^ ); Re*^^ = modified Reynolds number
- ); Fr^g = Froude number ( = ^ )

This method of determining the Reynolds number does take into account nonNewtonian behaviour although its applicability to vessels of a larger diameter than
most bubble columns (such as in a lab-scale digester) is unknown. Eqn. 2.17 was
produced in the bubbly homogeneous flow regime where the whole cross-sectional
area was filled with bubbles. This may not be the case in an anaerobic digester
where Ouziaux (1997) found that the gaa typically enters via a single nozzle,
agitating one area of the digester at a time, leaving other areas undisturbed.
However, there is no reason why it should not apply within the rising plume.
Kawase and Moo-Young (1986b) theoretically derived a similar expression to
Ulbrecht et al. (1985) based on an energy balance between the energy input,
energy dissipation rate in the liquid motion and that at the gas-hquid interface:

= (0.787M-^/^)^-".Re;gFn/

(2-n)
3

^

(2.18)

where the liquid velocity at the column axis used in the calculation of Re*i was
defined as:

(2.19)
where n = flow index in a Power Law model and g = acceleration due to gravity,
and

were calculated as for Eqn. 2.17.
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Kawase and M o o Young (1986b) compared the non-Newtonian data produced
by Ulbrecht et al. (1985) with Eqn. 2.19 and found good agreement. Kawase and
Moo-Young (1986b) explained the difference between the two equations for Re*^
by suggesting that the non-Newtonian flow behaviour has been inaccurately taken
into account by the empirical equation, Eqn. 2.17.
Both of these forms of Reynolds number use the Power Law rheological parameters A; and 7% thus avoiding the determination of an average shear-rate (see
Section 3.2.2). However, equations to determine the average shear-rate within a
bubble column have been proposed which could be used to determine a value of
apparent viscosity within a digester and hence Reynolds number, using Eqn. 2.15.
Nishikawa et al. (1977) proposed the following empirical relation for average
shear-rate:

t = 500(ki,g

(2.20)

This relation was obtained from heat transfer data and is applicable to a
relatively narrow gas flowrate range corresponding to a superficial gas velocity
range of 0.04 to 0.1 ms"^. These values are much greater than those of a digester
(0.0001 - 0.0005 ms"^). Kawaae and Moo-Young (1986a) questioned the general
applicability of this relation, acknowledging that despite its limitations, is widely
used. Kawase and Moo-Young (1986a) proposed a further relation stating that
the average shear-rate in a bubble column should be proportional to the ratio of
the characteristic velocity to characteristic length;

^

(2.21)

where R = radius of the column
They acknowledged that a constant of proportionality would be required depending on the hydrodynamics of the system but for convenience, assumed this
value to be 1.
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Hague et al. (1988) proposed a similar relationship for average shear-rate,
approximating it to:

7 = -r—
UB

(2.22)

where u^r = bubble terminal rise velocity and dg = diameter of a single bubble
This equation relates to the shear-rate around the bubble whereas Eqn. 2.21
refers to the average shear-rate across the column radius. The literature does not
state which is the better equation to use. Neither Eqns 2.20 nor 2.21 take the liquid
viscosity into account, whereas Eqn. 2.22 does in that the bubble rise velocity
and bubble diameter will change with viscosity. However, Eqn. 2.22 requires an
accurate determination of the bubble rise velocity and bubble diameter. In the
creeping flow regime, the equations of Stokes (Eqn. 2.7) or Hadamard (Eqn. 2.8)
have been proposed in Section 2.5.2. However, the values obtained using these
equations are much higher than those observed experimentally with Sow followers.
In addition, these equations were developed for Newtonian liquids.
The work of Deckwer and Schumpe (1993) and Haque et al. (1988) on the
relationship between bubble rise velocity and gas holdup can provide estimations
for the bubble rise velocity that more closely match those measured. There is no
single equation that has been produced for non-Newtonian liquids to determine
the bubble rise velocity due to the complexities of the rheological characteristics
(Chhabra, 1993). By relating the theoretical equations of Deckwer and Schumpe
(1993) and Haque et al. (1988), the following equation has been derived:

i/br = [101.15(?/,g)°"(gT)°"]-'

(2.23)

where Ubr = bubble terminal rise velocity
The shear rate using Eqn. 2.22 can then be calculated. The form of Eqns
2.21 and 2.20 are similar but the shear rates calculated with Eqns 2.21 and 2.22
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are five orders of magnitude less than those calculated using Eqn. 2.20 for the
Yorkshire digesters surveyed by Ouziaux (1997) and the Welsh digesters surveyed
by Williams (1994) as shown in Table 2.7.
Table 2.7: Comparison of shear-rate values for the digesters surveyed by Ouziaux
(1997) and Williams (1994)
Equation 2.21 (s ^)

Equation 2.20 (s ^)

Equation 2.22 (s ^)

1.7 X 10-^ - 4.7 X 10-"^

0.5 - 10

5 - 13

The shear-rate has been estimated using Eqn. 2.22 in this work as it takes
the liquid viscosity into account and produces more believable results than those
calculated using Eqns 2.21 or 2.20.
There is one further Reynolds number to consider and that is the bubble
Reynolds number.

-Rewwe =

(2.24)

where 7 = average shear-rate around the bubble, calculated using Eqn. 2.22.
The bubble Reynolds number can be determined using the bubble diameter
calculated from Eqn. 2.4 (Davidson and Schuler, 1960a; Davidson and Schuler,
1960b) and the bubble rise velocity calculated using Eqn.

2.23. The bubble

Reynolds number calculated in this way uses the bubble diameter calculated as
it detaches from the orifice. As the bubble rises through the height of the hquid,
it expands, therefore, the bubble diameter will increase. Interpreting Eqn. 2.24
with this in mind, implies that the bubble Reynolds number calculated will be an
underestimate as a larger bubble diameter will result in a larger Reynolds number.
In addition, the rise velocity of a bubble increases with height and will reach its
terminal rise velocity at some point, although when is not defined in the literature.
However, providing the Reynolds numbers between different scales remain within
the same regime, it is not critical that the values remain equal.
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Ideally, the bubble rise velocity should be measured in the absence of a definitive calculation method, although this is not always possible.

2.9

Conclusions

The literature relating directly to mixing in anaerobic digesters lacks any fundamental understanding of the liquid properties or the mixing mechanisms involved.
Unconfined gas mixing has been stated previously as the most common form of
mixing found in UK anaerobic digesters and yet a definitive mixing theory for
these systems has not been found in the literature.
Impellers have been used in some digesters but there is no definitive mixing
design theory for them in this application. It is not clear whether bafRes are
consistently employed or not and what this decision may be based on. The power
inputs to the diSerent digesters vary from site to site and appear to be derived
from 'rules of thumb' and experience.
Direct comparison of the power inputs to digesters between the work of different researchers is difficult because of a lack of system definition and a consistent
method of qualifying the mixing results reported. The power inputs currently
used in unconfined gas mixed digesters appear to be too low to avoid grit buildup
in the digester base.
Comparisons have been made in the literature between different mixing types,
sometimes in lab-scale models and sometimes at the full-scale. For the majority of
cases, the difference between water and sludge rheology has not been understood
and water has been used to simulate the sludge.
The mixing objectives have not been understood either with the emphasis of
these comparisons being on the efficiency of the different systems and therefore,
their running costs, believing the digesters to be 'properly' mixed.
The published work on bubble columns cannot be directly translated to anaerobic digesters as bubble column diameters are much smaller than those required
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in a lab-scale digester with the exception of Haque et al. (1987). The aspect ratio
of most UK anaerobic digesters is approximately 1 whereas bubble columns are
typically 4 or greater. Work has been performed using non-Newtonian sludgelike fluid although the superficial gas velocities used are high compared to those
known to occur in a digester. No mention is made of an inactive volume in these
bubble columns compared to digesters where there are many examples of volume
reductions due to grit accumulation and scum formation.
In this thesis, investigations on unconfined gas mixing at the laboratory scale
using different sparger arrangements, gas flowrates and liquid viscosities have
simulated digesters found in practice to provide mixer design guidelines. To the
author's knowledge, no other physical study to investigate the blend times and
flowpatterns within a laboratory scale digester has been performed under conditions representative of full-scale digesters.

Chapter 3
Materials and M e t h o d s
A survey of a selection of digesters within Yorkshire Water's catchment area was
undertaken by Ouziaux (1997) to provide information on digester shapes, geometries, mixing systems and sludge rheology. Once collected, these data were used
to design two scales of digester in the laboratory.
This chapter will discuss and present the survey results, including the sludge
rheology data that was collected. The collected geometric and mixer geometries
and operational conditions had to 6rst be scaled-down from the full-scale to a
laboratory-scale and then scaled-up to a pilot-scale vessel. The considerations
given to this scaling are presented. The procedure used to select a simulant fluid
to model the digester sludge is also presented. There follows a description of the
experimental techniques used in this work, detailing the gas blending experiments,
blend time measurement, active volume measurement and the experimental programme for both gas and impeller mixing.

3.1

Survey results

Seventeen digestion sites were surveyed within the Yorkshire region with a total
of 24 digesters. The volumes of the selected digesters varied between 530 m^ and
5140 m^. There were 39 years between the commissioning dates of the most recent
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digester in 1996 and the oldest in 1957.

3.1.1

Digester geometry

All of the digesters were vertical cylinders in shape apart from that at Bedale,
which was a horizontal cylinder shaped digester. The aspect ratios (digester height
to diameter) ranged from 0.36 (for Bedale) to 1.2. The digesters built before 1980
all had a low aspect ratio (less than 0.6) compared to those built after 1980 which
had an aspect ratio of between 0.8 and 1.2 (65% of those surveyed).
The base shapes varied. Six digesters had a shallow base at an angle of inclination of approximately 7°, two were steep with an angle of 20° and nine did not
have this information.
The inlet positions also varied. Nine feed locations were into the top of the
digester by the wall and two were into the base of the digester, by the wall. One
was into the digester at mid-depth and in the centre. All of the digester outlets
were overSow weirs positioned at the top of the digester. This system keeps the
digester full, however in some cases, the inlet and outlet were positioned very close
to each other, which could suggest short circuiting of the feed sludge.
The digesters were usually fed for a period of several minutes in a 20 to 30
minute cycle. Most digesters used an external heat exchanger to heat and maintain
the sludge at the required mesophihc digestion temperature of 35°C. A volume
of sludge was removed from the digester and passed through the heat exchanger
before re-entering. To avoid any temperature gradient between the colder feed
sludge and the warmer digesting sludge, the feed sludge was sometimes fed into
the recirculation loop.

3.1.2

Mixing systems

Unconfined gas mixing was by far the most common form of digester mixing
system employed in the Yorkshire digesters. A total of 82% of those surveyed used
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this system, typically designed by Farmgas but not exclusively so. Half of these
digesters employed sludge recirculation through an external heat exchanger and
the remaining half did not. Two digesters employed confined gas and one digester
employed impellers although these were located within the sludge recirculation
loop rather than in the digester bulk.
The method of gas addition for the unconfined gas cases varied. Eleven were
fitted with nozzles in the base. A common design was two concentric rings with
8 nozzles in the outer ring and 4 in the inner ring. Usually, (Farmgas designs)
the gas was supplied in a sequence around the nozzles by means of a rotary
valve, beginning with one nozzle and working around the sequence until it was
complete. However, no indication of the actual sequence used was found. In this
arrangement, gas was usually supplied to each nozzle for a period of 60 seconds.
Alternatively, gas was supplied to aU or a group of nozzles simultaneously. The gas
wag rarely supplied on a continuous basis and the usual procedure was to supply
the gas intermittently for set periods throughout the day, for example, Farmgas
designs supplied gas for a 12 minute period every 30 minutes.

3.1.3

Power inputs

The power input for the unconfined gas mixing mixing systems was recorded in
two ways. Firstly the power supplied by the compressor was recorded directly and
secondly, the power input was calculated in terms of the isothermal expansion of
the rising gas bubbles (Eqn. 2.2) based on gas flowrates from the compressor.
The compressor power inputs ranged from 2.5 to 12.9 Wm"^ and yet the
power input due to isothermal expansion ranged from 1.52 to 3.5 Wm~^, much
lower than the compressor values. Compressors are very inefficient devices with a
typical quoted efficiency of 30% (Brade, 1997). Using this value, the power inputs
on the outlet side of the compressor would be 0.75 to 3.87 Wm~^ which are in
closer agreement with the power inputs from isothermal expansion.
The individual site values are given in Table 3.1 together with information on
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liable 3.1: Survey information collected for each digestion site (sludge data were
not collected for all of the sites in the survey)
Site

Mixing

Compressor Isothermal Average

name

system

P/V
(Wm-3)

P/V
(Wm"®)

solids

Volume
(m=)

Unconhned gas

10.5

3.5

3.7

4900

Unconfined gas

6.7

2.18

3.4

530

Malton

Unconfined gas

4.2

1.43

-

728

Old
Whittington

Unconfined gas

-

-

-

4586

Rawcliffe

Unconfined gas

5.7

1.84

-

1130

Sandall

Unconfined gas

12.9

-

2.5

3500

Sutton

Unconfined gas

4.2

1.65

-

1540

Walbutts

Unconfined gas

5.6

1.54

-

565

Wombwell

Unconfined gas

2.8

0.92

3.1

2276

Aldwarke

Unconfined gas

-

-

3.3

5670

Bedale

Unconfined gas

-

-

4.9

105

Unconfined gas

3.1

0.93

2.4

1005

Unconfined gas

7.8

2.11

4.6

2920

8

-

3.3

500

Confined gas

2.5

0.52

4.0

10280

Naburn

Confined gas

8.8

1.03

-

3400

Lundwood

Impellers

-

2.4

4038

Calder Vale
Harrogate
South

Harrogate
North
Marley

Northallerton Unconfined gas
Mitchell
Laithes

-

% Dry

Sludge

the digester volume and mixing systems installed at each of the sites surveyed. In
some cases, more than one digester was located at each site, and in those cases,
the information in Table 3.1 refers to individual digesters. The sludge dry sohds
content was not always the same for these digesters and the average dry sohds
content has been taken.
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Sludge rheology

Digested sludge samples were removed from eleven of the sites surveyed (Ouziaux,
1997) to measure the sludge rheology.

The percentage dry solids (%DS) is a

standard measurement taken daily at most digestion sites. The %DS range found
was from 2.4 to 4.9% DS with most digesters operating at between 2 and 3.5%
DS.
The sludge rheologies were measured using a concentric cylinder rheometer in
the infinite sea condition as shown in Figure 2.2(d).
It is important to match the shear-rate range for the rheology test to the
range found in the full-scale system to ensure that meaningful rheological data
are obtained (ESDU, 1982; Nienow, 1997).
The shear-rate range for the surveyed digesters was calculated using Eqn. 2.22.
The shear-rates calculated for the full-scale digesters ranged from 5 to 13 s~^ The
values used for the rheology tests was extended to as high as possible with the
equipment used, covering the range 0.066 to 22 s"^.
Two viscometers were used, both made by Brookfield. YWS used a Brookfield LVDV-II-h viscometer with spindles LVl and LV4 and this author used a
Brookfield DVIII viscometer using spindles LVl, LV2, LV3 and LV4. The data
was collected and stored using Brookfield's 'Rheocalc for Windows' software. The
spindle used was chosen to cover the widest possible torque range (between 10 and
90% of the maximum) and hence shear-rate to obtain the most accurate results.
A low-form Griffin 600 ml beaker with the LV guard leg in place was used for all
tests, as specified by Brookfield (Brookfield, 1996).

3.2.1

Thickened sludges

Sludge thickening is sometimes carried out before digestion to increase the dry
solids content (%DS) of the feed sludge to 8%, or to as high a figure as possible
(CIWEM, 1996). This is not normally achievable by gravity settlement alone
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and often thickening agents are employed. The reduction in water content by
thickening allows a reduction in size and heat requirement of the digester. It also
allows a higher throughput of sludge solids, which is desirable in the absence of
sludge disposal to sea to treat the increased volume of sludge that is now produced.
The highest feed sludge found by Ouziaux (1997) was at Bedale and contained
approximately 6 to 7%DS resulting in a digested sludge of 4.9%DS.
The effect of digesting 'thicker' sludges with dry solids contents of 8% upwards
on the mixing systems haa not been quantified in the literatm-e and waa to be
investigated in this work. However, no digested sludges were found with these
%DS contents. To provide rheological data for these sludges, samples of digested
sludges were taken from a selection of the Yorkshire sites and thickened by slow
evaporation in an oven at 35°C, the same temperature as found inside a mesophihc
anaerobic digester. This process was chosen rather than filtration as it would not
change the structural properties of the sludges (although the biological activity
may have changed due to oxidation).
Before the collected site samples were thickened, it waa necessary to ensure
that their rheological properties had not changed during transit. This was done
by repeating the site measurements in the laboratory using samples collected from
the sites and kept in a refrigerator at 4°C. The sludge samples were brought up
to the temperatures measured on site using a hot water bath and thermometer
prior to measuring their rheological properties. Figure 3.1 shows that only a very
slight change in apparent viscosity occurred for the two sites concerned and so the
thickening tests were performed.
To perform the thickening process, aluminium foil trays were used. The samples taken from Mar ley digester 3 and Bedale were thickened in an oven at 35° C.
These sludges were chosen because of the quality of the results taken on site. The
sludges were regularly checked to ensure that no crust formed on the surface which
may have affected the rheological properties.
The un-thickened digested sludges ranged from 2.5% to 4.9% DS and were
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thickened up to 10% DS (by weight). Figure 3.2 illustrates the increase in apparent
viscosity caused by increasing the dry sohds content of the Bedale sludge. Lines of
best fit have been drawn through the individual data sets to illustrate the trends
more clearly.

^BedaieaAe
#Bedalelab
mMarley 3 8*8
oMahey 3 lab

:

*

B

H

"fi.
Shear rate (s

Figure 3.1: Viscosity values between site and lab samples

»5%DS

t

Shear rate (# }

Figure 3.2: Effect of increasing %DS content on apparent viscosity

3.2.2

Sludge simulant selection

A sludge simulant solution was required to perform the mixing experiments as using real sludge would pose several problems. The biogas production and potential
microbiological hazard had implications for health and safety. The nature of the
sludge would lead to experimental difficulties in performing tracer studies to measure blend times and to determine the location of any inactive volume as sludge is
not transparent. Further difficulties would be encountered in trying to maintain
a uniform solids concentration between different batches of sludge. Therefore, the
rheological properties of the simulant solutions chosen had to match those found
for the digested sludges.
Figure 1.1 showed that sludge is produced at different stages in the wastewater
treatment process. Some of these sludge types exhibit a yield stress whereas others
do not (Frost, 1983). To determine whether the digested sludges exhibited a yield
stress, plots of shear stress verses shear-rate were produced for each sludge tested
and are shown in Appendix A. Extrapolating these curves back to intersect the yaxis gave a value of shear stress when the shear-rate was zero, which was the yield
stress (Chhabra, 1993; Walters, 1975; Barnes et al., 1989). The values of yield
stress 80 obtained are extremely sensitive to the range of data being extrapolated,
particularly the lowest value of shear-rate (Chhabra, 1993). For example, if the
lowest shear-rate used was 2 s " " t h e n extrapolating the data back to intersect the
shear stress axis, would give a higher yield stress than if the lowest shear-rate
of 0.066s"^ was used. The values of yield stress determined in this way for the
digested sludges are shown in Table 3.2.
The shear stress/shear-rate relationship for shear-thinning fluids can often be
described by the Power Law model:

r = /cy"

(3.1)

where r = shear stress; 7 = shear-rate; k = consistency coefficient; n = flow
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Table 3.2: Yorkshire Water sludge rheological data
Site

Yield

%DS

stress
(Nm^^)

Power

Power

Herschel-

Herschel-

Law k

Law n

Bulkley

Bulkley

k

n

(Pa.s ° )
0.390

(-)

(Pa.s ° )

Mitchell Laithes 1

0.3

4

0.569

0.229

(-)
0.260

Mitchell Laithes 2

0.2

4

0.451

0.263

0.166

0.647

Wombwell

0.10

3.1

0.250

0.275

0.105

0.609

Lundwood 1

0.48

2.4

0.872

0.180

0.187

0.967

Lundwood 2

0.42

2.4

0.762

0.164

0.180

0.770

Harrogate South

0.29

3.4

0.507

0.213

0.204

0.413

Calder Vale 1

0.12

3.7

0.374

0.493

0.143

0.930

Calder Vale 2

0.15

3.8

0.408

0.473

0.192

0.830

Sandall 1

0.37

2.5

0.639

0.194

0.444

1.290

Sandall 2

0.17

2.5

0.715

0.450

1.220

Mafley 2

0.5

4.5

1.036

0.586
0.503

1.290

0.360

Marley 3

0.5

4.7

1.123

0.384

0.658

0.477

Marley 4

0.3

3.7

0.612

0.388

0.085

0.98

Harrogate North

0.3

2.4

0.420

0.329

0.0927

0.710

Bedale

0.6

5.5

1.511

0.406

0.797

0.620

Bedale

5

10

9.413

0.347

3.72

0.610

(thickened)

behaviour index
Yield pseudoplastic fluids require a finite stress to be reached before flow can
occur (yield stress) and the shear stress/shear-rate relationship for these fluids
can be described by the Herschel-Bulkley model:

T = Tp 4- khtryrihb
where 7^ = yield stress;

= Herschel-Bulkley A value;

(3.2)
= Herschel-Bulkley

n value
Values of k and n were determined for both models using linear regression.
For the Power Law, linear regressions were performed on

and

For the
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Herschel-Bulkley model, ln(Ty - t ) and ln('^) were used. The values for k and n
are given in Table 3.2.
The apparent viscosity of a non-Newtonian fluid can be determined experimentally or calculated knowing the k and n values.
Experimentally, the apparent viscosity can be calculated for a given shear-rate
using (Walters, 1975; Barnes et al., 1989):

^

(3.3)

//a = apparent viscosity
For Power Law fluids, the shear stress component of Eqn. 3.3 is rewritten as:

//a =

(3.4)

For Herschel-Bulkley fluids:

(3.5)
To determine the model that was most applicable to the sludges tested, these
three apparent viscosities were calculated and plotted as shown in Appendix B.
The measured data for 12 out of the 14 sites were visually closer to the Power
Law model than the Herschel-Bulkley model. Only the experimental data points
for Marley 2 and 3 were in closer agreement to the Herschel-Bulkley model than
the Power Law model. In addition, comparing the correlation coefficients for all of
the sites showed a better fit of the experimental data to the Power Law compared
to Herschel-Bulkley as shown in Table 3.3. The two thickest sludges (ie. highest
%DS contents) had correlation coefficients slightly closer to the Power Law model
than the Herschel-Bulkley model despite suggesting higher yield stress values from
their rheograms. Lotito et al. (1997) also measured the rheological properties of

cL jVf/igrZ&Ftl/lI/S yUVjO jVffCTTffODf?

79

Table 3.3: Goodness of fit values for the Yorkshire digested sludges
Site
Power Law
Herschel-Bulkley
Mitchell Laithes 1

0.999

0.993

Mitchell Laithes 2

0.999

0.992

Wombwell

0.997

0.986

Lundwood 1

0^W8

0.989

Lundwood 2

0.999

0.993

Harrogate South

0.999

0.997

Calder Vale 1

0.934

Calder Vale 2

0.893

0.889
OjW7

Harrogate North

0.998

&991

Marley 2

0.852

0.852

Marley 3

0.995

Marley 4

0.993

0U#6
0L(#3

Bed&le 4.9%DS

0.997

0.976

Bedale 5.5%DS

0.987

&973

Bedale 10%DS

0.995

0.987

8 digested sludges and found correlation coefficients of 0.996 and upwards using
the Power Law (only one had a lower value of 0.975).
Based on these results, a Power Law fluid was chosen as the simulant.
It is important to realise that a sewage sludge will vary from one site to another
depending on the effluents that enter the sewage works (i.e. industrial and/or
domestic) and even on the time of day. So as to not be site specific, the simulant(s)
had to cover the range of sludge rheological properties found at the full-scale.
Figure 3.3 is a plot of the experimentally determined apparent viscosity against
shear-rate for all of the sludges tested. The three lines mark the three sludges
chosen for simulation in the laboratory experiments. This would allow a low %DS
sludge, commonly found in the survey (Ouziaux, 1997), a higher %DS sludge that
was in use at Bedale and possibly at other sites around the country (Brade, 1997)
and finally, a very high %DS sludge to be used in the future.
The following section discusses the selection procedure for three simulants for

3. jVf/lTrZ&Rf/LZLS v4J\%] TkHSGrffODc;

80
• Wombwell - 2.4% DS

100

o Lundwood 1 - 2.5% DS
m Lundwood 2 - 2.5% DS
A Harrogate North - 2.5% DS
+ Sandall 1 • 2.5% DS

10

» Sandall 2 - 2.5% DS
• Aldwarke 2 - 2.5% DS
X Northallerton - 3.3% DS
X Harrogate South - 3.4% DS
1 -

A Marley 4 - 3.7% DS
o Calder Vale 1 - 3.7% DS
• Calder Vale 2 - 3.8% DS

<&

« Mitchell Laithes 1 - 4% DS
0.1 -

• Mitchell Laithes 2 - 4% DS
X Marley 2 - 4.5% DS
X Marley 3 - 4.7% DS
• Bedale - 5% DS
• Marley thick • 7.6% DS

0.01
0.1

0.01

1

Shear Rate (s ')

10

s Bedale thick - 8% DS
A Bedale thick -10% DS

Figure 3.3: Apparent viscosity vs. shear-rate for site sludge and thickened samples
these three %DS sludges.

3.2.3

Selection procedure

The flowpatterns set up within the laboratory digesters were to be observed, hence
the simulant needed to be transparent once made-up. The simulant rheology had
to withstand the addition of salt as this was to be the tracer for the blend time
measurements. As the experimental work was to be conducted over a period of
several months, the simulant needed to be durable so as to avoid the high costs
of purchase and disposal. It also needed to be easy to handle, store and make-up
with no health and safety implications.
A short-list of suitable solutions was drawn up and samples of these polymers
obtained from the manufacturers. Initial test solutions were made-up in a one litre
impeller mixed container to produce samples of different concentrations. Samples
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of 600ml were taken and measured using the Brookfield DVIII rheometer in the
laboratory. The results were recorded in terms of shear stress and shear-rate. The
viscosity range for each sample was calculated using Eqn. 3.3 and values for k
and n were calculated using the Power Law (Eqn. 3.1). These values were then
compared between the selected sludges and simulant concentrations.
The shear-rate range over which the rheometer operated was the same as for
the sludge samples.
Power Law polymer fluids were tried initially. Natrasol (hydroxymethylcellulose), Carbopol and different grades of Sodium hydroxymethylcellulose (CMC)
were tried. Both Natrasol and Carbopol were difficult to make up. Natrasol was
opaque once made-up and Carbopol was white. The k and n values did not match
well with the sludges either. Xanthan and Guar gum are yield pseudoplatic fluids
and were also tried to compare between the Power Law fluids but did not match
the range of sludges well. In addition, their rheologies were very sensitive to salt
addition, becoming less viscous as salt was added.
Sodium carboxymethylcellulose (CMC) is a granular powder in its packaged
form and is made up by adding the required quantity (by weight) to a stirred
vessel of water (tap water in this work). Once the particles had dissolved, the
solution needed time to fully hydrolyse (approximately 12 hours) before its final
rheology was attained.
The highest grade of CMC, grade 7H4C, was the most shear thinning polymer
solution available in the CMC range (available from Crestchem Ltd in Amersham,
Buckinghamshire) and produced a good match for the k and n values for the
selected sludges. In addition, it was easy to make-up and transparent. Its rheology
was slightly affected by the addition of salt and this is detailed in the next section.
Figure 3.4 shows rheograms of the three selected sludge concentrations together
with rheograms of their corresponding CMC concentrations. Solutions of 0.3%,
0.6% and 1% CMC were found to have similar apparent viscosity values to 2.4%
DS, 5% DS and 10% DS digested sludge respectively.
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100

• 2.4% DS
• 5% DS
* 10% DS

10

a 0.3% CMC
o 0.6% CMC
a 1% CMC

1 •

0.1 •

° oo

^"°«PJ^DOD

0.01
0.1

10

100

Shear Rate (s )

Figure 3.4; Comparison of apparent viscosities and shear-rates of three digested
sludges with 0.3%, 0.6% and 1.0% CMC

3.2.4

Effect of salt tracer addition on simulant

Researchers (Haque et al., 1986; Haque et al., 1987; Pandit and Joshi, 1983;
Ulbrecht and Baykara, 1981) have reported changes in CMC rheology when an
electrolyte was added. It was therefore important to quantify this change before
testing began. In addition, the tracer dosing technique used for the experimental
work was intended to reflect the addition of feed sludge at the full scale. The ratio
of the volume of feed added to the digesting sludge volume recorded at the full
scale varied from one site to another and so the most common volume ratios were
averaged and used in the laboratory scale tests.
Initially, salt was added to 500 ml of CMC taken from the bulk CMC in the
mixing vessel. A small amount of food dye was added to the tracer and poured
through a funnel at a fixed inlet position, into the bulk. The tracer sank to the
bottom of the vessel where it was quickly entrained into the rising column of gas
bubbles which gave a short blend time. The blend times recorded in this way
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could not be reproduced and after investigation, this was found to be due to the
tracer addition technique. This was changed so that the tracer waa added via a
pump with a fixed outlet pipe. The pipe internal diameter was 13.5mm and the
tracer was added at a constant rate of 5 x 10~® m^s"\ This meant that the tracer
was always added at the same rate and at the same location for all tests. This
improved the reproducibility, however, the tracer was still sinking.
To overcome the density effect, the tracer needed to have the same density as
the bulk CMC so that it was neutrally buoyant. Samples of 0.3%, 0.6% and 1%
CMC were made up and their density measured at ambient temperature. Adding
salt to these concentrations would increase their densities, therefore salt water was
used as the tracer instead of salt and CMC. The concentration of salt was added
to match the densities of the three CMC solutions. Heating the tracer to 2°C
higher than the bulk CMC temperature, removed any remaining density effect.
Table 3.4 shows the densities measured for the different CMC concentrations
and the corresponding salt concentrations used in water.
Table 3.4: Salt concentrations used to obtain a neutrally buoyant tracer
C M C concentration Density of C M C Salt concentration in water
(kgm-=)
(gl-')
(%)
0.3

1000.92

1.5

0.6

1001.43

2.5

1.0

1003.37

4.0

This resulted in the extension of this phase of work to include the effect on
rheology of diluting the CMC with water as well as the effect of the salt itself.
Three batches of CMC were made up in the three concentrations (0.3%, 0.6%
and 1%) in the lab-scale vessel to an aspect ratio of 1. Samples were taken from
each batch before adding a dose of salt and again afterwards.
The addition of the salt solution had a detrimental effect on the viscosity of
the simulant, decreasing its viscosity. The sludge rheologies measured from fullscale sites varied over a wide range and the simnlant concentrations were chosen to
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reflect this range. Therefore the fact that the viscosity decreased with the addition
of salt solution wag acceptable, provided that the rheological data was known for
eeich test performed. A threshold percentage decrease in apparent viscosity was
required in order to determine at what point a particular concentration of CMC
was no longer representative. A fresh batch of CMC was prepared prior to any
alterations in sparger geometry, thus providing a standard starting rheology for
the different sparger types.
After analysing the results for all of the tests and comparing them with the
viscosity ranges of the site sludges, a threshold decrease in apparent viscosity was
determined as 30%. Once the measured viscosity had decreased by 30% from its
original value (i.e. the value after being made up) for any shear rate, the batch
was deemed to have degraded and was disposed of.

3.3

Scaling c o n s i d e r a t i o n s

The majority of tests were to be performed in the lab-scale vessel (0.61m internal
diameter). These results would provide insight into the flowpatterns, blend times
and active volumes produced under different conditions. However, the effect of
scale was also to be investigated and therefore, a pilot-scale vessel, (2.67m internal
diajneter) wag also used.
It is well documented in the literature that scaling between different sizes of
vessel is fraught with difficulties and perfect scaling is generally not possible because some phenomena scale in different ways that are incompatible (Zlokarnik,
1998; McDonough, 1992; Tatterson, 1994; Harnby et al., 1997). Even so, the
results obtained from tests that are not exactly scaled can be interpreted using
appropriate scaling relationships. The processes of mixing are controlled by the
geometric, kinematic, and dynamic factors. Hence, tests were conducted in geometrically similar vessels in a manner that was as kinematically and dynamically
similar as practical.
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T a b l e 3.5: Comparison of geometric d a t a for lab-, pilot- and full-scales

Parameter

Lab-scale

Pilot-scale

Full-scale

(m)

(m)

(m)

Liquid height, H

0.61

2.67

6.5 - 14.0

Vessel diameter, T

0.61

2.67

8.4 - 23.0

Aspect ratio, .H/T

1, 0.5

1

0.36 - 1.2

2 rings: 4 nozzles

2 rings; 4 nozzles at
1 ring: 4 nozzles at

Nozzle

% 0.27, 8 nozzles at

at 0.2 T, 8 nozzles
0.2?

arrangement

« 0.727 *

at 0 . 7 2 r
Nozzle diameter

Inlet location

0.002

0.010

0.032

T/IO below surface

T / 1 0 below surface

% T/IO below

a n d r / l O from

a n d T / I O from

surface and 7 / 1 0

wall

wall

from wall *

At surface,

At surface,

At surface, opposite

opposite inlet

opposite inlet

inlet *

Outlet location
* indicates that not a 1 digesters had this in "ormation due to loss of records and
turnover of staS

This discussion on scaling will initially consider the scale-down of an unconfined gas mixed digester to t h e lab-scale followed by scale-up from the lab- to
pilot-scale.

3.3.1

Geometric similarity

Geometric similarity means t h a t all pertinent dimensions have constant ratios for
scaling (McDonough, 1992; Tatterson, 1994).
The collected full-scale data was scaled down to be used at the lab-scale and
subsequently, scaled u p for the pilot-scale. Only one vessel shape could be tested
and therefore, t h e most common aspects of all t h e different designs were considered. T h e geometric p a r a m e t e r s for each scale are listed in Table 3.5.
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Kinematic similarity

Kinematic similarity requires the same velocity ratios between the different scales.
Reynolds number contains a velocity term and is used to define the flow regime
that exists around a bubble, impeller or in a flow field, for example. If the fullscale digesters were found to operate in the laminar flow regime for example, then
it is essential that the lab- and pilot-scale vessels also operate within the laminar
flow regime. If a How regime change does occur and is ignored, then there is a
serious question as to whether the information gained in the pilot studies is useful
(Tatterson, 1994).
In the process industries, scaling of power per unit volume and power dissipation are important and are often used as scaling terms. The power inputs for an
anaerobic digester come from the isothermal expansion of the gas and a smaller
portion may come from the kinetic energy of the gas injection. Isothermal gas
expansion is a function of gas flowrate and static pressure whereas kinetic energy
is a function of the velocity of gas as it passes through the nozzles.
In a gas mixed digester, there is more than one possible velocity ratio to
consider and there are implications on the Reynolds numbers and power inputs
for those chosen. Possible velocity terms are the superficial gas velocity (the ratio
of the gas flowrate to the vessel cross-sectional area); the nozzle velocity from
gas injection; terminal bubble rise velocity and the velocity of the feed as it is
added through the inlet. In addition, the superficial gas velocity is an average
velocity for the vessel cross-section, but the wall velocity or the plume velocity
could also be considered. It is necessary therefore, to prioritise these velocities in
terms of their impact on the mixing process and the ease with which they can be
determined.
According to Tatterson (1994) and McDonough (1992), scaling of a mixing
process requires the identification of the dominant mixing mechanism. In a gas
mixed vessel, the mixing is caused by the rising gas bubbles and can take the form
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of isothermal gas expansion and/or kinetic energy.
The terminal bubble rise velocity is determined by the liquid properties and
the geometry of the system (Eqn. 2.23). It can be used to determine the bubble
Reynolds number (Eqn. 2.24). The velocity of the feed as it is added through the
inlet jet results in an inlet Reynolds number, which should be in the same regime
between the scales. The wall velocity is not very useful for this work because of
the existence of active and inactive zones. Consequently, the wall velocity may be
zero for several gas flowrates and liquid viscosities. In this instance, the superficial
gas velocity is an easier parameter to determine. The plume velocity has been
measured by Ulbrecht et al. (1985) and Kawase and Moo-Young (1986a) in nonNewtonian systems and both researchers produced Reynolds number equations
for this velocity term, as given in Section 2.8.4.
Table 3.6 lists the relevant velocity terms and Reynolds numbers for the three
scales, in order of their importance to blend time and active volume.

Table 3.6: Comparison of kinematic data for lab-, pilot- and full-scales
Parameter

Lab-scale

Pilot-scale

Rel U

3.97 - 587

24-1412

Full-scale
_t

Re2 K-M

15 - 1116
()J.6 - 1.7()

186 - 5638

1078 - 4078^^

6.84x10-5 - 6.84x10-''

0.27 - 2.00
^ l l x l O - S - 7TlxlO-4

0.32 - 0.41
(1123x10-3-(1551x10-3

1.59 - 15.9

1.27 - 12.68

17.42 - 21.10*

5.4

6

5-20

RG6u66ie
^nozzle [ulS ]

U refers to Ulbrecht et al. (1985)
K-M refers to Kawase and Moo-Young (1986b)
^ = unable to determine because requires measurement of liquid circulation velocity,
tt = Re2 K-M takes account of the liquid rheological values. The full-scale sites used
here had low %DS sludges corresponding to 0.3% CMC. Up to 1% CMC was used at
the lab-scale and up to 0.6% was used at the pilot-scale, thus reducing the minimum
Reynolds numbers compared with the full-scale.
* = sufficient data was only available for sequential gas addition through a single orifice.
No flowrates were supplied by Ouziaux (1997) for multiple orifice injection, therefore,
these values are likely to be maximum values.
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Re*^ U and Re*i K-M were calculated using Eqn. 2.17 and Eqn. 2.18 respectively. The resulting values of Re*^ are quite different between the two methods,
but individually, cover similar ranges at lab- and pilot-scales.
In terms of the liquid circulation, the plume Reynolds numbers of Ulbrecht
et al.

(1985) and Kawase and Moo-Young (1986b) are important parameters.

These together with the bubble Reynolds number strongly influence the liquid
circulation in terms of the blend time and active volume. The exact numbers
of these three Reynolds numbers are not constant between the scales due to differences in their calculation methods, but individually, they remained within the
same orders of magnitude for eeich scale, indicating the same Sow regimes on
scaling.
The superficial gas velocity and nozzle velocity covered the same ranges at
each scale, although their direct influences on the liquid circulation are less than
the Reynolds numbers already discussed.
The inlet Reynolds number refers to the Reynolds number of the feed. Maintaining the same range between the scales ensured no extra mixing energy was
added to the system from the feed jet.

3.3.3

Dynamic similarity

Dynamic similarity occurs when all forces are constant. According to McDonough
(1992), there are four forces that are readily used for the analysis and evaluation
of scale-up criteria: the input force from the mixer and three opposing forces
- viscosity, gravity and surface tension. Dynamic similarity is predicted on the
ratios between full-scale and lab-scale, lab-scale and pilot-scale of all four of these
forces being constant on scale-up:

(F.U

{F,U

{F.U

where the subscripts m and p refer to model and pilot scales respectively; Fp
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= surface

tension forces.
The aim was to determine the flowpatterns and blend times in a shear-thinning
fluid that exhibited the same properties as digested sewage sludge. Therefore,
the shear-rate distribution and flowpatterns within the vessels should be similar,
precluding the use of a different liquid between the lab- and pilot-scales. Hence,
the hquid rheological properties were a constraint that could not be changed. Thus
the dynamic forces involved were the input from the mixer and gravity (which can
be assumed as constant for the full-, lab- and pilot-scales).
The ratios of the viscosity, gravitational and tension forces were the same
between the different scales. The input force from the mixer was determined by
the power input to the surrounding liquid. The actual power input values were
different between the scales, but the values of power input per unit volume were
constant between the scales. Therefore, all four force ratios were constant between
the different scales used and dynamic similarity was maintained.

3.3.4

Scaling ratios employed

The vessel shapes at the full-, lab- and pilot- scales were cylindrical. The sites at
the full-scale ranged in aspect ratio from 0.36 to 1.2. The power inputs supplied to
these different aspect ratios varied with some low aspect ratio sites receiving more
power than some of the higher aspect ratio sites. Part of this work was to investigate how the flowpatterns, blend times and active volumes changed with aspect
ratio, keeping the vessel diameter constant. Geometric similarity was maintained
between the lab- and full-scale vessels for the respective aspect ratios.
The feed position, feed addition rate and feed volume to vessel volume ratio
were held constant between the different scales. The feed entered at T/IO from
the wall (where T is the vessel diameter) and T/IO below the surface at a rate
of 0.012 X 10^^ m^s~^ with a total volume of 0.3% of the vessel volume added.
The nozzles in the base were arranged in two concentric rings with diameters

TWATEfKALSyUVDjWETfKMlS

90

representative of those found at the full scale.
The dynamic scaling ratio employed was power input per unit volume since
the power input from the mixer will be proportional on scaling if it is considered
as the power input per unit volume (Tatterson, 1994; McDonough, 1992).
The power input per unit volume at the full-scale was calculated using isothermal expansion. The values ranged from 0.5 to 5.0 Wm"^. It was clear from the
literature that these values were producing problems with grit deposition and
reduced active volume, therefore the range (calculated using isothermal gas expansion) was extended for the lab-scale from 0.7 to 7 Wm~^ and maintained at
the pilot-scale.
Kinematic similarity was maintained in terms of the plume Reynolds numbers
of Ulbrecht et al. (1985) and Kawage and Moo-Young (1986b), bubble Reynolds
number, superGcial gas velocity and nozzle velocity.
The nozzle velocities were determined from the gas flowrates through the systems, which in turn, were determined from the power inputs. The nozzle diameters varied between the three scales was shown in Table 3.5 in order to maintain
constant nozzle velocities.

3.4

Gas mixing experiments

The lab-scale gas-mixing vessel is shown in Figure 3.5. Air was supplied to the
vessel from a compressor. The flow was regulated by up to three rotameters. Two
manifolds were used, one with thirteen 1.0mm internal diameter branches and
one with eight 0.5mm internal diameter branches. The spacing between branches
was the same for both manifolds as was the manifold diameter. Uniform gas flow
distribution at the lowest gas flowrates was only achievable with the 8-branch
manifold.
A total of 13 nozzles were positioned in the vessel base in two concentric rings
as shown in Figure 3.6 and one central nozzle. The internal diameters of the
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610mm

/

/
„
l6mm

6mm id. reinforced
plastic tubing

internal \
diameter

4mm

610mm

PLC connected
to each solenoid
valve

Nozzle \

y / Hole diameter
/ / = 0.5mm for 8-braDch\
and 1.0mm for 13-branch

13.0
300 150
Dimensions in mm

Compressor

Figure 3.5: Air supply to gas mixing vessel
(rhg diameter = 0.2T = 439mm)
outer ring of 8 n o o l e a

Inner nng of 4 nozzles
(hng (Aamebr = 0.72T = 122mm)

Figure 3.6: Nozzle arrangement in vessel base for unconfined gas mixing
nozzles were 2mm and they were interchangeable with nozzles of 4mm internal
diameter.
The gas fiowrate was the parameter that was physically changed and this
resulted in a change in power input per unit volume. The gas flowrates used were
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corresponding to a power input per unit

volume range of 0.7 to 7.0 Wm"^.
Six different sparger arrangements were tested and are shown in Figure 3.7.
The sparger arrangements are defined in Table 3.7.
CORE TESTS - INNER RING
Sparger A (2mm)
Sparger B (4mm)
Sparger C (diffusers)

OUTER RING - Sparger E

SEQUENCE-Sparger D

CENTRAL NOZZLE ONLY
Sparger F

Feed above
first nozzle In
sequence

Figure 3.7: Sparger arrangements tested (not drawn to scale)

Table 3.7: Sparger arrangements tes1l;ed
Sparger

Description

No. of nozzles

Gas supply

A

Inner ring

4 of 2mm diameter

simultaneous

B

Inner ring

4 of 4mm diameter

simultaneous

C

Inner ring

4 diffusers

simultaneous

D

Sequence

12 of 2mm diameter

sequential

E

Outer ring

8 of 2mm diameter

simultaneous

F

Central nozzle

1 of 2mm diameter

simultaneous
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Figure 3.8 illustrates one of the four fine bubble diffusers used in Sparger C.
These diffusers were fitted to the inner ring of Sparger A to investigate the effect
of many small bubbles compared to larger, single bubbles on active volume and
blend time.
plastic ends

porous core

existing
nozzle

digester base

air supply

Figure 3.8: Illustration of fine bubble diffuse: for Sparger C (lab-scale)
A programmable logic controller (PLC) controlled which nozzle or nozzles were
in use by opening and closing the solenoid valves attached to each nozzle. The
gas was supphed simultaneously to all nozzles apart from Sparger D where gas
was supphed to the first nozzle in the sequence, located below the feed position on
the outer ring as shown in Figure 3.7. After 60 seconds, the programmable logic
controller (PLC) closed the solenoid valve feeding this nozzle, and opened the
next one in the sequence allowing gas through. A value of 60 seconds per nozzle
was widely quoted at the full-scale (Ouziaux, 1997). The same addition period
was directly transferred to the lab-scale work. No attempt was made to scale this
down. The location and extent of inactive volume was determined visually and it
was thought that this period would allow time to observe the flowpatterns set up
for each nozzle in the sequence. The effect of reducing this period is something
that would be interesting to study in further work.
After 60 seconds, the gas then moved to the next nozzle and so on until each
nozzle in the outer ring had been used. The sequence then moved to the inner
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ring and continued supplying gas for 60 seconds to each nozzle until the 4 nozzles
had been used. This constituted 1 sequence and took 12 minutes. The PLC would
then continue with the first nozzle in the sequence as before.

3.5

Blend time measurement

The degree of mixing within a vessel is reflected by the distribution of concentration within the vessel thereby influencing the rate of transfer of fluid between
poorly and well-mixed regions of the vessel.
The rate of blending can be followed using a tracer. The existence of well-mixed
and less well-mixed zones within a digester precludes the use of the decolourisation
technique of Ulbrecht and Baykara (1981) and Ulbrecht et al. (1985) ag in the
extreme cases, there would be regions where decolourisation was complete within
a short time and regions where no decolourisation had occurred. Visual determination of the end point of the reaction is open to inaccuracies as the sparger
geometry and liquid viscosity changed.
A conductivity technique has been used in the literature for bubble columns
employing non-Newtonian liquids by Pandit and Joshi (1983) and Haque et al.
(1987). It is also widely used in Chemical Industry research (Ruszkowski, 1994;
Edwards, 1997; Grenville, 1992; Revill, 1997). As mixing was thought to occur
at different rates within the vessel (Zoltek and Gram, 1975), multiple probes
were positioned in the vessel in both regions (Ruszkowski, 1994; Grenville, 1992;
Edwards, 1997).
Grenville (1992) has produced correlations to predict the blend time using nonNewtonian shear-thinning fluids blended with an impeller. In order to validate
the blend time approach taken in the current work and in the absence of relevant
literature data for blend times in gas-mixed vessels using non-Newtonian liquids in
geometries similar to digesters, a series of tests were performed using an impeller
mixed vessel to measure blend time. The experimental blend times were compared
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with those predicted using Grenville's (1992) correlations.
Two empirical correlations were produced, one for the transitional and turbulent regimes, defined by the impeller Reynolds number;

R^impeller

~

(3.7)

where N = impeller speed; D = impeller diameter and fj, = liquid dynamic viscosity calculated using the average shear-rate determination of Metzner and Otto
(1957) who found that the average shear-rate was directly proportional to impeller
speed:

ira == ksJV

(3.8)

where 'Y/i = average shear-rate and /Cg is the mixer shear-rate constant (values for
ks are given in Metzner et al. (1961) for different impellers).
Experiments were performed in a vessel 0.61m in diameter at an aspect ratio
of one. The turbulent regime was defined as i?e > 10^ and the transitional regime
aa 10 < Ae < lO'^ according to the ranges used by Grenville (1992).
The correlations are given by equations 3.9 and 3.11 respectively.

where ^05% = time taken from tracer addition for fluctuations to remain within ±
5% of the final value; T = vessel diameter; Pq =
impeller) and

{P = power input from

= apparent viscosity of liquid at the vessel wall, calculated using

a torque balance:

^
^
1.622 \ 73

0.00638p(Au)^ I

(3.10)

where

= the shear stress at the wall; A = the shaft torque; Av = change in

velocity of the fluid as it impinges on the baffles.
The turbulent correlation is given by;

e; 477^2

±116%

(111)

N = impeller speed and D = impeller diameter
There is no viscosity term in this correlation since Grenville (1992) found that
blend time was independent of viscosity in the turbulent regime.
Both Eqns 3.9 and 3.11 have upper and lower bounds defined as being 2 relative
standard deviations either side of the blend time prediction.
In this thesis, a tracer of salt (NaCl) dissolved in tap water was used. The
tracer was added to the vessel and its dispersion recorded using conductivity
probes located within the vessel volume. A rise in conductivity would indicate
a pulse of high tracer concentration passing the probe and similarly, a drop in
conductivity would indicate the passing of lower conductivity fluid at the probe.
Once the readings for all of the probes within the mixing vessel were constant for
a given length of time, the vessel contents were assumed to be fully blended. It
was therefore important that the probes were positioned in both active and less
active volumes so that a complete picture of the vessel mixing pattern could be
built.
The conductivity probes used were made according to the design originally
described by Khang and Fitzgerald (1975) and shown in Figure 3.9.
Five conductivity probes were used for the lab-scale tests. Once the pilot-scale
vessel was filled with liquid, the probes were inaccessible from the surface and so
as a precaution, ten probes were used, positioned within the same five regions of
the vessel as at the smaller scale in anticipation of any problems during testing.
If one probe malfunctioned for example, there would be a second probe there to
record the tracer's movements within that region.
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Figure 3.9: Conductivity Probe
To ensure the probes were positioned in both active and less active volume, an
initial dye test was performed at the lab-scale to locate these zones. The probes
were then distributed within these parts of the vessel.
Figure 3.10 illustrates the probe positions for the gas mixing experiments. The
positions were held constant for all of the gas mixing tests. Probe 1 was located
below the tracer inlet pipe and as the tests were run as batch tests, a probe (probe
2) was positioned so as to represent the outlet. Probe 3 was fixed against the vessel
wall, approximately one third of the liquid depth. This region was active at high
flowrates but less active at lower fiowrates, depending on the sparger arrangement
in question. Probe 4 was positioned in the base against the vessel wall. This was
usually an inactive volume but again, depended on the sparger arrangement and
gas flowrate supplied. Probe 5 was positioned within the vessel bulk in a zone
that was usually active.
The probes were connected to a 6-channel conductivity box which amplified
the difference in resistance recorded by the probes as the tracer passed them,
converting this reading into 'bits' which was then displayed on a computer. The
data were collected using Labview, version 4.0, a Windows compatible graphical
based programming language that uses 'G', marketed by National Instruments.
Figure 3.11 illustrates a typical conductivity probe response. The tracer con-
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Figure 3.10: Location of probes for all gas mixing experiments
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Figure 3.11: Typical conductivity probe response for blend time measurement
centration at this probe location has increased, peaked and fallen until finally
reaching an equilibrium concentration. The blend time can then be defined as
the time required from the addition of tracer to the time when this equilibrium
value is reached (Ruszkowski, 1994; Grenville, 1992; Edwards, 1997). However,
the concentration approaches this equilibrium value in an asymptotic manner and
the end point of the experiment is difficult to detect with precision.

The analysis method used in this work is described in detail by Ruszkowski
(1994) and Grenville (1992) and is briefly described here.

The blend time is

determined as the time taken for the tracer concentration fluctuations to fall
within a pre-determined percentage about the mean. If the volume of tracer is
known, the equilibrium concentration can be calculated using;

(7 == C;-- Ci

(3.12)

where C = the mean concentration; Q — local concentration at time t\C[ — local
fluctuating component of concentration at time t
At any time the concentration variance about the equilibrium value can be
calculated as;

(3,13)
%=1
where a.2 = concentration variance; N = the number of probes; i = probe number
The change of this variance with time for the data shown in Figure 3.11 would
take the form shown in Figure 3.12.
The blend time is taken as the time at which the tracer concentration at the
measurement location has reached the expected final mean concentration to within
the required variance (Ruszkowski, 1994; Grenville, 1992; Revill, 1997).
If there is no tracer initially present in the tank, then a blend time can be
defined as;

rm =

C - C

(3.14)

where m is the maximum acceptable absolute value of the variance. At the start of
the mixing process, m = 1.0 and when complete homogeneity has been achieved,
m = 0.
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Figure 3.12: Reduction in variance with time
However, as the equilibrium value is approached asymptotically, a 95% blend
time is often measured. This is the time from tracer addition to the time when
m = 0.05 (Revill, 1997). For this example, rather than collecting changes in
electrical conductivity (concentration) as Volts, the data logging card (A/D card)
used collected integers in the form of bits aa these were easier to store. The card
range was ± 2048 bits. Figure 3.12 shows a line corresponding to the 95% blend
time with a value of 4.02 on the log variance scale. This value comes from the
log of (0.05 X 2048)2, where 0.05 is the concentration variation of ±5% about the
mean. The blend time from Figure 3.12 is taken as approximately 130 seconds.
The final (active) blend time results for the current work, were based on m =
0.05.
The variance for each probe was calculated. Probes in the active regions of the
vessel reached equilibrium faster than those in less active regions of the vessel with
the result that the probes in the active regions often exhibited probe drift. This
can be caused by slight increases in temperature and are noticeable on a probe
response plot by an increase in gradient as shown in Figure 3.13. This drift was
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Figure 3.13: Example of probe response and drift
removed before the variance was calculated. If this was not done, then the end
concentration would be that at the end of the test and would therefore include
the drift.
Dye was added to the salt tracer initially and its progress followed throughout
the test length. This provided confirmation of the order of magnitude for the
active blend time measurements.
Grenville (1992) produced empirical correlations in the literature to predict the
blend time using non-Newtonian shear-thinning fluids blended with an impeller.
In order to validate the blend time approach taken, a series of tests were performed
using an impeller mixed vessel to measure blend time. Details of these experiments
are given shortly and the results can be found in Appendix C. Good agreement
was found between the measured blend times and those predicted using Grenville's
correlations (1992), providing confidence in the experimental method used.

3.6

A c t i v e a n d inactive v o l u m e m e a s u r e m e n t

It is important to identify the location of any poorly-mixed zones within the
digester. To maximise the throughput of sludge through a digester, there should
be no reduction in volume due to stagnant zones or grit deposition. Grit will
deposit when the settling velocity of the particles is greater than the local velocity,
i.e. in regions of low shear-rate. The bubble column literature does not contain
any work on determining the location or extent of these zones as the gas fiowrates
used have been high so as to ensure good mixing and mass transfer. The diameter
of a bubble column is small so as to maximise the contacting from the gas and
therefore, inactive volume are not encountered. A visual technique can be used
to determine the location of any inactive volume and whether these change for
different sparger arrangements.
Flow patterns were recorded on video using a combination of flow followers
and dye. At the lab-scale, the dye in the vessel enabled visual identification of the
location of the last regions to mix in the vessel. Further visual aid was supplied
by flow followers (neutrally buoyant coloured particles) to identify velocities and
flowpatterns.
Video footage was taken throughout the duration of each test condition and
studied to determine the size and locations of both active and inactive volumes
within the vessel. By studying the video and superimposing the positions of the
probes, the location of the probes could be determined in terms of active and
inactive volumes.
The video also enabled bubble rise velocities to be estimated and a quantitative
visual comparison of the bubble sizes produced by the different sparger arrangements. At the pilot-scale, flow observation was not possible because the vessel
was buried in the floor. Only surface visualisation was possible. The location of
any inactive volume was determined by looking at the probe responses but the
size of these zones was difficult to determine accurately.
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Experimental Programme

One configuration of sparger, Sparger A, was chosen to investigate t h e full range
of variables, based on t h e findings at t h e full-scale (Ouziaux, 1997). These were
t h e effects of viscosity, power input, aspect ratio, nozzle diameter and scale. Tests
were performed using t h e remaining sparger geometries over a narrower range of
conditions t o co mp ar e t h e effect of sparger arrangement on blend time and active
volume.

3.7.1

Gas mixing

T h e range of p a r a m e t e r s investigated was based on the findings of Ouziaux (1997)
and scaled down t o t h e laboratory scale. These parameters were:
• Sparger arrangement
• Nozzle diameter - either 2 or 4 m m
• Simulant rheology - 0.3%, 0.6% or 1,0% C M C
• Aspect ratio {H/T)

- 0.5 and 1

• Gas fiowrate (Q) - 0.02, 0.04, 0.1 and 0.2 x 10"^ m^s~^ which resulted
in power i n p u t s of 0.7, 1.4, 3.6 and 7.0
expansion {H/T

based on isothermal gas

= 1)

• Inlet position - Two inlet positions were tested using Sparger A as shown in
Figure 3.14(a) a n d two were tested for Sparger D, shown in Figure 3.14(b).
This was only investigated for 0.6% C M C as this would show any effects
more markedly t h a n 0.3% CMC.
• Scale - 0.61m and 2.67m diameter vessels
Table 3.8 shows t h e power inputs, viscosities, aspect ratios and scales studied
in this phase of work.
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(a) Sparger A

(b) Sparger D

Inlet position D2

Inlet position D1
Inlet position A2

Inlet position A1

Figure 3,14: Location of inlet positions tested with Spargers A and D
Table 3.8: Test matrix for unconfined gas mixing experiments

Type

Sparger
details

Aspect % C M C
ratio
wt/wt

Scale
(m)

Inlet Qg
xlQ-s

p/y

0.61,

A1

0.7, 1.4,

2.67

(Wm-3 )

(jf/r)
A

Inner ring

1

0.3, 0.6, 1

(2mm nozzles)
A

Inner ring

A2

0.02,
0.04 0.1,
0.2

3.6, 7.0

0.5

0.3, 0.6, 1

0.61

A1

0.02, 0.1

0.7, 3.6

1

0.3

0.61

A1

0.02, 0.1

0.7, 3.6

(2mm nozzles)
B

Inner ring
(4mm nozzles)

C

Inner ring
(diffusers)

1

0.3, 0.6

0.61

A1

0.02, 0.1

3.6, 7.0

D

Inner and

1

0.3, 0.6

0.61

D1
D2

0.02, 0.1

3.6, 7.0

1

0.3, 0.6

0.61

A1

0.02, 0.1

3.6, 7.0

1

0.3, 0.6

0.61

A1

0.02, 0.1

3.6, 7.0

outer ring in a
sequence (2mm
nozzles)
E

Outer ring
(2mm nozzles)

F

Central nozzle
(2mm nozzle)
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Sparger D was the only sparger where gas was supplied sequentially to each
nozzle.

3.7,2

Impeller mixing

A 45° downward pumping pitch blade turbine (PBT) was used for the experimental phase of work, details of which are given in Table 3.9. The probes were
positioned in the locations shown in Figure 3.15.
Table 3.9: Table of impeller dimensions
Parameter
Value
Number of blades
Blade angle to horizontal
Impeller diameter (mm)

Probe 4

4
45°

Blade length (mm)

203
73

Blade thickness (mm)

3

Blade width (mm)

57

Hub diameter (mm)

57

Hub height (mm)

56

Shaft diameter (mm)

34

Probe 1
I
f

^
_
Probe 3

Inlet

Probe 2 (outlet)

outet

Probe 3

I Probes

Probe 4

Probe 1

Section A-A

Figure 3.15: Probe positions for all impeller experiments
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Experiments were performed using 2 concentrations of CMC; 0.3% and 0.6%
CMC. The power inputs selected were representative of those used for gas mixing
in 0.3% CMC to serve as a comparison of the two mixer types. These concentrations and power inputs resulted in operation in the transitional regime based
on the impeller Reynolds number, calculated using Eqn. 3.7. The test matrix is
shown in Table 3.10.
Table 3.10: Test matrix for impeller blending

3.8

Conditions

%CMC

Re

P / V (Wm-»)

BafHed, unbaffled

0.3

416, 544, 710, 773

3.6, 7.2, 14.4, 18

Baffled, unbaffled

0.6

228, 304, 374

150, 300, 500

Summary

Two scales of vessel were selected to investigate the effect of different parameters
on blend time and active volume. A laboratory-scale 0.61m internal diameter
vessel and a pilot-scale 2.67m internal diameter vessel were used for this work.
Their geometries and aspect ratios were geometrically scaled down from the fullscale findings of Ouziaux (1997). Three concentrations of Grade 7H4C CMC,
0.3%, 0.6% and 1% by weight, were selected to model three digested sludges of
2.4%, 5% and 10%DS respectively.
Four gas flowrates were chosen to represent the range of power input per unit
volume values found at the full-scale (Ouziaux, 1997). These were 0.02, 0.04,
0.1 and 0.2 x 10"^

corresponding to power inputs of 0.7, 1.4, 3.6 and 7.0

Wm~^. Sparger A was selected to investigate the effects of viscosity, power input,
aspect ratio, nozzle diameter and scale on blend time and active volume, using
this full range of power inputs. Tests were performed using the remaining sparger
geometries over a narrower range of conditions to compare the effect of sparger
arrangement on blend time and active volume.
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A conductivity blend time measurement technique was selected from the literature. As no literature was found that measured blend time in a vessel similar to
the digesters being modelled, validation was performed by measuring the blend
time in an impeller-mixed vessel using the method of Grenville (1992). The blend
time results agreed well with the literature correlations proposed by Grenville
(1992).
Active volume was studied at the lab-scale and estimated using visual observation. Dye was added with the tracer and neutrally buoyant flow followers were
present in the vessel bulk. Video footage was taken throughout the duration of
each test condition and studied to determine the size and locations of both active
and inactive volumes within the vessel.
The following chapter presents the results of the experimental work.

Chapter 4
Unconfined Gas Mixing
The experimental matrix performed using imconEned gas mixing wag presented
in Section 3.4. This chapter will present the results from the experimental work
performed using unconfined gas mixing at both vessel scales.

4.1

R e p r o d u c i b i l i t y of b l e n d t i m e r e s u l t s

A number of repeat tests were performed both during commissioning and during the experimental work programme to ensure that the results obtained were
repeatable and therefore, reliable.
The graphs that are introduced later in the report do not show these repeats.
Instead, the graphs show the mean of these repeat tests in order to make the
graphical interpretation of the results easier (however, all data was used in the
production of the blend time and active volume correlations presented in Sections
4.8.2 and 4.8.3 respectively). An example of this averaging is shown in Figure 4.1.
The reproducibility of the blend time results has been expressed as a percentage difference about the mean as the sample sizes were too small to perform a
statistical analysis such as an f-test or a t-test, such as would be performed to
assess differences in data sets, eg. Sparger A vs. Sparger B at 95% confidence.
The maximum variation about the mean for the active blend time was ±28%
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Figure 4.1; Averaging of two sets of active blend time data for Sparger A in 0.6%
CMC
with most being less than ±10%. Besides experimental error, these differences
may have arisen due to changes in the CMC rheology between tests. As discussed
in Section 3.2.4, adding salt to the CMC reduced its viscosity. As more than one
test was performed per batch of CMC, this reduction was unavoidable and may
have influenced comparisons of the different spargers, although this influence was
kept to a minimum by making up a fresh batch of CMC prior to any alterations
in sparger geometry, thus providing a standard starting rheology for the different
sparger types. In addition, as presented in Section 3.2.4, a fresh batch of CMC
was made up once the viscosity at different shear rates had decreased by 30%.
The accuracy of the final correlations was unaffected by any change in rheology
because the rheology was measured before and after every test and these measured
values were used in the correlation production.
When mixed, the fiowpattern in the vessel exhibited an active volume which
was the volume of vessel in motion and an inactive volume where no motion
occurred. The region in and around the rising bubble plumes moved faster than

C%L4f%rER4.
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those regions further away making the choice between labelling a slow moving
region active or inactive somewhat subjective. However, if there was movement,
these regions were included in the active volume.

4.2

I n t e r p r e t a t i o n of b l e n d t i m e r e s u l t s

The conductivity probes were positioned within the vessel bulk volume as described in Section 3.4. The blend time recorded for each probe varied due to the
movement of tracer throughout the vessel. During the analysis phase, it became
apparent that some probes responded very quickly to the tracer addition whilst
others took considerably longer. After performing dye tests, the slow responding
probes were found to lie in the inactive volume.
The literature was consulted for ways in which to interpret the blend time data.
However, there was a distinct lack of references where researchers had encountered
significant active and inactive volumes. In all cases in the literature, turbulent
blending has been investigated where the power inputs to gas mixed systems were
sufficiently large and the diameters of vessels used sufficiently small so as to avoid
inactive zones forming.
Overall, the blend time results in this thesis could have been determined by
averaging the readings from the five probes in the vessel. However, this carried
the risk that the results may be skewed as the average would include the probes
within the inactive volume, the extent of which varied with power input and
sparger arrangement. For example Figure 4.2 shows the blend times for two tests
using the average of all 5 probes ('Total') and using only those probes located in
the active volume ('Active'). Considering the active blend time, Sparger B mixed
faster than A at the higher power input but considering the total blend time.
Sparger A mixed faster than B, despite the higher power input for B.
Alternatively, the vessel bulk could be divided into active and inactive volumes
(based on observed flowpatterns) where the blend time in the active volume would
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Figure 4.2: Comparison of 'total' and 'active' blend times for Spargers A and B
in 0.3% CMC
be an average of those probes within that zone. This would result in an average
'active' blend time from the probes in the active volume and an average 'inactive'
blend time from the probes present in any inactive volume.
Water Companies are only now just beginning to specify a blend time for
new digesters (previously, no such requirement was made) and in their view, new
digesters should have an active volume of at least 90% and therefore, the blend
time within the active volume was of more use to them than a blend time for the
whole vessel (Fawcett, 1997; Brade, 1997).
Therefore, it is this second method that has been employed and the graphs
that follow show active and total blend times.
As expected, the longest blend times were recorded by probes located in the
inactive volume and the shortest blend times recorded by probes in the active
volumes. The results for 0.6% CMC showed some anomalies however. There were
cases where it would appear that shorter blend times were recorded in the inactive
volume than in the active volumes. An example of this is shown in Figure 4.3
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Figure 4.3: Effect of sparger type on blend time in 0.6% CMC at 3.6 Wm~^ {Qg
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for the central nozzle (Sparger F). In this instance, the tracer was added into an
inactive volume at the surface. It was slowly entrained into the active region but
the time taken to do this was greater than the blend time of the tracer within
the inactive volume, highlighting that at full-scale conditions, the feed sludge
should always be added into an active volume. Knowledge of the inactive volume
locations will allow this.

4.3

B u b b l e s h a p e s a n d p l u m e s using S p a r g e r A

The results are firstly presented for Sparger A as this sparger was used to determine the effects of gas flowrate, viscosity, aspect ratio, nozzle diameter and scale.
A comparison between different sparger types will then be made to determine
their performance.
Overall, Sparger A produced a central plume of bubbles that rose upwards,
with an annular downcomer section as observed by other researchers in bubble
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columns (Ulbrecht and Baykara, 1981; Crabtree and Bridgwater, 1969; Rietema
and Ottengraph, 1970).
The observed bubble shapes are illustrated in Figure 4.4 for the different CMC
solutions used. The bubble diameter increased with increasing viscosity at a given
gas flowrate, in accordance with both the Davidson-Schuler and Kumar-Kuloor
models (Eqns 2.4 and 2.5). The bubble formed at the nozzle had a larger volume
with increasing liquid viscosity and as bubble detachment only occurs when the
buoyancy force of the bubble can overcome the inertia force of the liquid, an
increase in viscosity must result in an increase in inertia, requiring a greater
bubble buoyancy before detachment can occur, hence, a larger bubble volume.
The bubble shape changed with increasing flowrate and increasing viscosity, as
was noted in the literature (Section 2.5). In addition, bubble shape also changed
as the bubbles rose through the height of the liquid. Bubble shape is a function
of bubble volume and the liquid properties. As the larger bubbles rose through
the liquid, their diameter increased due to expansion, resulting in higher bubble
Reynolds numbers with height. According to Dekee et al. (1986), the bubble
Q =0.02x10 W/s

Q =0.04x lO W/s

0^=0.1x10^/3

0 =0.2x lO W/s

0.3% CMC

0.6% CMC

1%CMC

Figure 4.4: Bubble shapes observed for Sparger A at the lab-scale in each CMC
solution
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shape is dictated by the bubble Reynolds number.
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In the current work, the

bubble shape was observed to change with hquid height. This was more marked
in the 1% CMC and 0.6% CMC than the 03% CMC solution.
The bubbles tended to be spherical at the two lowest gas flowrates, for each
CMC solution.

As the flowrate increased, the bubble volumes increased.

At

0.1 X lO^^m^s"^, the bubbles increased in volume and changed in shape due to
coalescence as they rose through the height of the hquid.
At this flowrate, in 0.3% CMC, the bubble was no longer spherical but at an
intermediate stage between spherical and ellipsoidal, being convex at the top and
concave at the bottom. As the bubbles rose through the height of the liquid,
coalescence occurred in the top half of the vessel, changing the bubble shapes to
ellipsoidal in the top one third of the vessel.
In 0.6% CMC, the bubbles were similar in shape to those in the lower half of
the 0.3% CMC filled vessel, although the base of these bubbles was flat rather
than concave. Due to coalescence in the top half of the vessel, the bubble shape
became ellipsoidal.
In 1% CMC, the bubble shape changed from spherical to ellipsoidal and finally,
spherical capped due to coalescence as the bubbles rose through the hquid height.
At the highest gas flowrate, the bubbles increased in volume once more and
again, changed shape as they rose through the height of the liquid. The bubble
shapes in the lower half of the vessel were similar to those described above in
0.3% CMC and 0.6% CMC, although in 1% CMC the bubble shape began as the
inverted teardrop shape, becoming oblate-cusped and finally, spherical capped
with increasing height. Such bubble shapes were observed in the hterature for
viscoelastic fluids.
Figure 4.5 illustrates the rising bubble plumes for each gas flowrate and each
CMC concentration for Sparger A.
Ulbrecht et al. (1985) noted that the bubble plume wavered with increasing
vessel height. This was observed in the current work but only at the highest
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Figure 4.5: Bubble plumes observed for Sparger A in each CMC solution (labscale)
gas flowrate and within the top one third of the liquid height in 0.3% CMC.
This phenomenon was caused by the thimble shaped bubbles coalescing, at which
point, ellipsoidal bubbles were formed that rose upwards in a zigzag form until
reaching the liquid surface. This effect may have been more prominent in the work
of Ulbrecht et al. (1985) as although they used a slightly shear-thinning inelastic
solution of polyvinylchloride (n = 0.93 and 0.92, similar to those values for the
0.3% CMC, Uavg = 0.82), they used higher gas fiowrates than were used in the
current work.
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A c t i v e v o l u m e r e s u l t s using S p a r g e r , A

4.4.1

Effect of power input

At the lab-scale, four gas Howrates were used ranging from 0.02 x 10"^ m^s~^ to
0.20 X 10"^ m^s"^ which correspond to power inputs per unit volume of 0.7, 1.4,
3.6 and 7.0 Wm^^, based on isothermal expansion (Eqn. 2.2).
The highest contribution from kinetic energy would arise at the highest gas
flowrate. Table 4.1 lists the power inputs to the digester both in terms of kinetic
energy for a single nozzle

all nozzles used

and isothermal gas

expansion using Eqns 2.2 and 2.9. The kinetic energy input is only important
for Spargers D and F at the highest gas flowrate, assuming that all of the kinetic
energy is dissipated into the surrounding liquid. In all other cases, the kinetic
energy contribution is negligible compared to that of isothermal gaa expansion.
Figure 4.6 shows that increasing the power input per unit volume increased
the active volume. The gradient of the line of best fit for the 0.3% CMC was
the steepest. The gradient of these lines for the 0.6% and 1% CMC were similar
to each other, but less steep than that for the 0.3% CMC. This suggests that
increasing the viscosity reduced the effect of power input on active volume.

Table 4.1: Table of power inputs per unit volume from kinetic energy and isothermal expansion
Sparger
0.7-7.0

0.0002 - 0.17

0.0055 - 0.68

0.7 - 7.68

•^pilot

0.7 - 7.0

0 - 0.0406

0-0.163

0.7 - 7.16

B

0.7-3.6

0 - 0.0013

0 - 0.0053

0.7 - 3.6

D

3.6 - 7.0

0.34 - 2.86

0.34 - 2.86

3.94 - 9.86

E

1.7-7.0

0.0003 - 0.043

0.0027 - 0.342

1.4 - 7.35

F

3.6 - 7.0

0.34 - 2.86

0.34 - 2.86

3.94 - 9.86
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Figure 4.6: Effect of gas flowrate and viscosity on active volume (Sparger A,
lab-scale)
Figure 4.7 illustrates the flowpatterns set up at each of the power inputs. In
a shear-thinning non-Newtonian fluid, the flowpatterns produced by the different
gas spargers were different and are useful in understanding the results obtained.
For Sparger A, at the lowest power input only the central core of the vessel was active. As for bubble columns in Section 2.8.1, increasing the gas flowrate increased
both the velocity of the rising bubbles and coalescence causing the bubble volumes
to increase. Hence, the volume of liquid entrained increased with increasing gas
flowrate extending the active volume to encompass the walls and finally at the
highest gas flowrate, the surface.
The entrainment of surrounding liquid into the rising columns of gas bubbles
was small at the lowest gas flowate and resulted in an active volume of 20% in
0.3% CMC. Increasing the gas flowrate increased the frequency with which the
bubbles were produced at the nozzle, which in turn, increased the entrainment of
the surrounding bulk

liquid

thereby increasing the circulation within the vessel.

At the highest gas flowrate, the active volume increased to 85% in 0.3% CMC and
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Figure 4.7: Flowpatterns and active volumes for Sparger A at 0.02, 0.04, 0.1 and
0.2 X 10-3

in 0.3% CMC

also increased for both 0.6% and 1% CMC as shown in Figure 4.6.
The range of superficial gas velocities was calculated as 6.84 x 10"^ to 6.84 x
10"^ ms~^, which suggest that the two-phase flow regime was bubbly homogeneous
according to Figure 2.13 and the definitions given by Ulbrecht and Baykara (1981,
Wadley (1994) and Shah et al. (1982) in Section 2.8.1.
Observation confirmed this flow regime for the two lowest gas flowrates, as
shown in Figure 4.5. In each CMC concentration at these flowrates, the bubbles
formed were individual bubbles rising with uniform velocity and with limited
coalescence and therefore, fell into the bubbly-homogeneous regime according to
the descriptions of Ulbrecht and Baykara (1981) and Shah et al.

(1982). At

the two highest flowrates, the two-phase flow regime changed with an increase
in viscosity. The definitions of Ulbrecht and Baykara (1981, Wadley (1994) and
Shah et al.

(1982) imply that the flow regime remained bubbly homogeneous

at these higher flowrates as the superficial gas velocity was still low, however,
the pictorial representations of the different flow regimes given in Shah et al.
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(1982) show a uniform distribution of single bubbles of similar volume (Figure
2.14). This does not fit with the observations made in the current work, where
coalescence occurred in the top half of the vessel for each CMC concentration at
the two highest gas flowrates. The definition of churn-turbulent flow did not fit
these images either, and therefore, a transition region was perhaps encountered,
although the superficial gas velocity for this to occur was shown (Shah et a l ,
1982) as a minimum of 0.04 ms"^ at a column diameter of 0.6m, compared with
a maximum of 6.84 x 10"* ms~^ in the current work. Therefore, it would appear
that for solutions with viscosity higher than water and in large diameter vessels,
the flow regime transitions occur at lower superficial gas velocities than defined
in the literature for air-water systems, in narrow columns.

4.4.2

Effect of viscosity

Changing the rheologies by using different concentrations of CMC had a dramatic
effect on the active volume. Figure 4.6 illustrated that increasing the CMC concentration reduced the active volume over the gas fiowrate range used in this work
despite an increase in bubble diameter (see Figure 4.4). However, an increase in
viscosity results in an increase in bubble volume as a greater bubble buoyancy force
is required to overcome the liquid inertia force, therefore, the bubble remains at
the nozzle for longer before detachment. Hence, the bubble release frequency is
reduced, resulting in fewer bubbles and subsequently, fewer wakes and a reduced
liquid entrainment.
At ail flowrates and in 0.3% and 0.6% CMC, four columns of bubbles were
observed (see Figure 4.5). This was also the case for 1% CMC apart from the
highest gas flowrate, where four columns were only observed in the lower half of
the liquid height. The rising bubble columns in the 0.3% CMC remained very
straight at each flowrate. In 0.6% CMC, the diameter of the circle outlined by the
rising bubble plumes was similar at the surface to that in the vessel base, but the
diameter at mid-depth was smaller, the plumes exhibiting a true coohng tower
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shape, as observed in the literature by Ulbrecht et al. (1985). In 1% CMC, the
diameter of the rising plumes was narrower at the liquid surface than elsewhere
in the liquid height. Towards the liquid surface, rather than coalescence occurring solely within each bubble plume, coalescence occurred between neighbouring
plumes reducing the number of rising bubble columns. This effect was visible at
the lowest gas flowrate and became more marked as the flowrate increased until
at the highest gas flowrate, only one effective plume of large spherical cap bubbles
was observed at the liquid surface.
Chhabra (1993) noted an increase in interfacial tension in non-Newtonian
shear-thinning liquids as viscosity increased. The bubble volume models of Davidson and Schuler (1960a) and Kumar and Kuloor (1970) show that the bubble
volume formed at the orifice is proportional to the viscosity of the liquid (Eqns
2.4 and 2.5). This supports the findings of larger bubble volumes in 1% CMC
compared to 0.6% and 0.3% CMC. However, the rise velocity of the bubbles decreased with an increase in volume. The rise velocities for the Stokes regime and
Hadamard regime for creeping flow were defined in Eqns 2.7 and 2.8 in Section
2.5.2 where the rise velocity was inversely proportional to the dynamic viscosity (and kinematic viscosity) although it was proportional to the bubble volume.
That is to say, that an increase in bubble volume would increase the bubble rise
velocity in the same fluid. An increase in liquid viscosity would result in a decrease in bubble rise velocity. From the current work, it would appear that for
the gas flowrate range and the solutions tested, the effect of the liquid viscosity
was greater than the increased volume on bubble rise velocity.
Figure 4.8 illustrates the flowpatterns setup in the three CMC concentrations
for the highest and lowest gas flowrates.
Increasing the viscosity increased the drag on the bubbles. The rise velocity of
the bubbles was reduced in the thicker CMC solutions. This resulted in reduced
circulation velocities and lower active volumes than in the thinner CMC solutions.
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Figure 4.8: Flowpatterns and active volumes for Sparger A at 0.02 and 0.2 x
10-3

4.4.3

in 0.3%, 0.6% and 1% CMC (lab-scale)

Effect of aspect ratio

To investigate active volumes and blend times of digester geometries found at the
full-scale, the aspect ratio was reduced from 1 to 0.5 to cover the range found by
Ouziaux (1997). The liquid height was reduced to 0.305m whilst maintaining the
diameter as 0.61m and using Sparger A. Three gas flowrates of 0.02, 0.1 and 0.2
X 10"3 m^s"^ were used in the three CMC concentrations.
Figure 4.9 shows the difference in active volumes recorded at different gas
flowrates in each CMC concentration at the two aspect ratios. Although data were
not recorded in all cases, at each gas flowrate and in the same CMC concentration,
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Figure 4.9: Effect of aspect ratio on active volume for Sparger A (lab-scale)
the percentage active volume was lower at the aspect ratio of 0.5 than at the aspect
ratio of 1.
The gas fiowrate to the two aspect ratios was held constant and the only
difference between the two vessels was the height of liquid.
By considering the power input due to isothermal gag expansion, keeping all
parameters constant apart from the liquid height, the power input becomes:

P

DC

In

Pn

Pa
where P = power input;

(4.1)

= pressure at nozzle and Pa = pressure at liquid

surface
The power inputs at the two aspect ratios can be compared as:
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where P i = power input for digester with aspect ratio 1; Pq.s = power input for
digester with aspect ratio 0.5
In Eqn. 4.2, the pressure at the surface is the same (taken as 10.33m head of water
in this case), but the pressure at the nozzles is different due to the difference in
static head, ie:

{Pn)i

10.33 +H

(Pn)o.5

10.33 + Y

(4.3)

where H = liquid height = 0.61m
and Eqn. 4.2 becomes:

In I 10-33+0-61
\
y
^

'

0.0574

1^172

(4.4)

10.33

Hence:

= 0.507fi

(4.5)

The total power input almost halved by halving the aspect ratio and the
volume of liquid has been halved by halving the aspect ratio. Therefore:

jP't
y/

0.507ft
&5%
0.5

where y = volume

/J* I
\i/
\

/

1
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Therefore, the power input per unit volume is almost the same when halving
the aspect ratio at constant gaa Bowrate, yet the percentage active volume has
decreased.
The reduced liquid height has a second impact on the active volume. The
greater the liquid height, the more the bubbles will coalesce and expand, resulting
in greater liquid entrainment. Reducing the liquid height reduced the chances
of coalescence, thus reducing the bubble expansion and liquid entrainment. For
the cases where coalescence occurred, Figure 4.5 showed that coalescence only occurred in the top half of the vessel. By reducing the liquid height, coalescence was
reduced, which resulted in a reduced active volume due to reduced entrainment.
This would suggest that digesters with a high aspect ratio would induce more
liquid circulation than those of lower aspect ratios because of increased coalescence
and therefore, have a higher percentage active volume than a low aspect ratio
digester. Therefore, aspect ratio is an important consideration in design.

4.4.4

Effect of nozzle diameter

The nozzle diameter for Sparger A was 2mm, this was increased to 4mm for
Sparger B. Measurements were taken at two gas flowrates (0.2 and 0.1 x 10"^
in 0.3% CMC only. Sparger C consisted of 6ne bubble di&isers fitted
to the Sparger A layout. This sparger was tested at 0.1 and 0.2 x 10~^ m^^s~^.
Spargers A, B and C are compared in this section although only 1 gas Gowrate
can be compared directly (0.1 x 10"^ m~^s"^).
Figure 4.10 shows the active volumes recorded for Spargers A, B and C. The
active volumes for each sparger were very similar to each other suggesting that
the nozzle sizes used for this sparger had little effect on active volume at a given
power input.
It was noted in the literature review (Section 2.5.1) that the effect of orifice
diameter on bubble volume appeared to be negligible. According to the models
of Davidson-Shuler and Kumar-Kuloor (Eqns 2.4 and 2.5), bubble volume at de-
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Figure 4.10: Active volumes for Spargers A, B and C (lab-scale)
tachment was only a function of liquid viscosity, gas flowrate and liquid density.
If two nozzles of different diameter were used in the same liquid with constant
physical properties and at a constant gas flowrate therefore, it would appear that
the bubble volume would be the same.
Figures 4.11(a), (b) and (c) illustrate the observed bubble diameters for Spargers A, B and C respectively.
The diffusers produced many tiny bubbles which coalesced as they rose through
the liquid height. The bubble volumes towards the liquid surface were spherical
and much larger than those produced at the diffuser itself. These larger bubbles
were mixed with smaller bubbles, as shown in Figure 4.11(a). The 2mm nozzles
produced fewer bubbles with larger diameters than those produced by the sparger
and they rose with a lower velocity than those from the diffuser. The 4mm nozzles
produced fewer bubbles with larger diameters that rose with a lower velocity than
either the 2mm nozzles or diffusers. Therefore, observation showed that increasing
nozzle diameter increased the bubble volume, but reduced the formation frequency
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Figure 4.11: Bubble plumes produced by Spargers A, B and C (lab-scale)
and the rise velocity. However, these effects have had little effect on the active
volume, suggesting that the overall liquid entrainment for each sparger type was
similar.

4.5

Blend t i m e results using Sparger A

4.5.1

Effect of power input

As expected, increasing the gas flowrate decreased the active blend time at a
constant CMC concentration. This was true for each of the CMC concentrations
used. Figure 4.12 illustrates the effect of gas flowrate on blend time in the active
volume.
Increasing the gas flowrate increased the volume and velocity of the rising gas
bubbles thus increasing the rate at which the surrounding liquid was entrained
into the bubble wakes. This results in increased bulk flow and reduced blend
times.
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The gradient of the three Hnes shown in Figure 4.12 are very similar, suggesting
that the degree of the blend time reduction was strongly proportional to gas
flowrate for the three liquid viscosities tested.
Pandit and Joshi (1983) and Haque et al. (1987) both observed a decrease
in blend time with an increase in superficial gas velocity (gas flowrate). Figure
4.13 shows active blend time against superficial velocity for the current work and
shows similar trends to Figures 2.16 and 2.17. Despite a lower range of superficial
gas velocity compared to the literature, the blend time decreased exponentially
as superficial gas velocity increased. However, no minimum value was observed as
reported by Pandit and Joshi (1983) and Ulbrecht et al. (1985). Ulbrecht et al.
(1985) attributed this minimum value to a change in plume flow regime, such as
viscous to helical. No such change was observed during the current work, perhaps
because the superficial gas velocity range used was much lower than the value at
which Ulbrecht et al. (1985) observed this minimum.

4.5.2

Effect of viscosity

Figure 4.12 showed that increasing the viscosity increased the active blend time.
The increase in active blend time with concentration for a given power input was
a direct result of the increased drag and reduced wake entrainment for a given
power input.
Pandit and Joshi (1983) and Haque et al. (1987) also observed an increase in
blend time with increased viscosity. The differences in blend times becoming less
marked with increasing gas flowrate (superficial gas velocity) as shown previously
in Figures 2.16 and 2.17.

4.5.3

Effect of aspect ratio

Figure 4.14 shows the effect of aspect ratio on blend time. In 0.3% CMC, the
active blend times recorded were similar for both aspect ratios, decreaaing with
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Figure 4.14: Effect of aspect ratio on blend time for Sparger A (lab-scale)
an increase in gas flowrate. In 0.6% and 1% CMC, the active blend times at the
lower aspect ratio were shorter than those at an aspect ratio of one, for all gas
flowrates. As the active volume was smaller at H/T = 0.5, there was a smaller
volume to mix, resulting in a shorter active blend time.
Pandit and Joshi (1983) and Haque et al. (1987) both studied the effect of
aspect ratio on blend time, over a total range of aspect ratios from 1 to 8. Both
research groups observed a shorter blend time at constant gas flowrate as the
aspect ratio was reduced.

4.5.4

Effect of nozzle diameter

Figure 4.15 shows the active blend times recorded in 0.3% CMC for Spargers A,
B and C. Sparger C recorded the shortest blend time followed by Sparger B and
finally. Sparger A.
Section 4.4,4 presented the observed bubble plumes from the individual spargers and concluded that an increase in nozzle diameter resulted in fewer, slightly
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Figure 4.15: Eiffect of nozzle diameter on active blend time in 0.3% CMC (labscale)
larger bubbles, spaced further apart but rising slightly faster than those produced
by smaller diameter nozzles, at equal gas flowrate. The kinetic energy based on
gas flow through the nozzles would have been slightly less for the 4mm nozzles
than the 2mm nozzles (a maximum of 0.011 Wm~^ with 4mm nozzles and 0.17
Wm~^ with 2mm nozzles at the highest gas flowrate). However, in both cases,
the kinetic energy contribution was negligible compared to that from isothermal
gas expansion.
Fewer bubbles would result in fewer wakes in the vessel with Sparger B. However the bubbles produced with Sparger B entrained more liquid into each wake
because of their increased velocity and larger diameter. It would appear that the
overall entrainment was similar since the active blend times and active volumes
were similar at both nozzle sizes. Therefore, the overall effect of increasing the
nozzle diameter from 2mm to 4mm had little influence on active blend time.
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Effect of scale

Figure 4.16 illustrates the effect of power input and viscosity for both scales of
vessel. The trends at the two scales are identical. For constant power input per
unit volume, the active blend times at the pilot-scale were very similar to those
recorded at the lab-scale.
10000

• 0.3% lab-scale
• 0.6% lab-scale
o 0.3% pilot-scale
o 0.6% pilot-scale

c 1000
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0.1

1
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Figure 4.16: Effect of scale on active blend time

The work performed at the pilot-scale has suggested that scaling active blend
time based on equal P / V is a valid method.

4.6

Comparison of sparger types

The six spargers listed in Section 3.4 and illustrated in Figure 3.7 were compared
at the lab-scale over two gas flowrates, 0.1 and 0.2 x 10"^ m^s"^ in both 0.3% and
0.6% CMC. Sparger B was compared at 0.02 and 0.1 x 10"^ m^s~^ and therefore,
does not appear at 0.2 x 10"^ m^s~^ on all of the figures that follow.
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C o m p a r i s o n of active volumes

Figures 4.17 and 4.18 illustrate the active volumes achieved by each of the spargers
in 0.3% and 0.6% CMC respectively.
The order of performance was the same in both CMC concentrations for the
3 spargers recording the shortest blend times. In all cases, the sequence sparger
(D) performed best with an active volume of 100%. Spargers A, B and C all had
similar active volumes although C recorded the lowest at Qg = 0.1 x 10

3o-l
m^s

in 0.6% CMC.
At any one time during the sequencing of Sparger D, an inactive volume was
observed at the base of the vessel opposite the nozzle in use. As this nozzle
changed every 60 seconds, the inactive volume became active as the gas supply
moved to the next nozzle in the sequence. In so doing, the inactive volume moved
to the next nozzle, causing the base of the vessel opposite the active nozzle to
become inactive. For the majority of the time therefore, the probes were located
in an active volume, the inactive volume moving around the vessel base.

a) Qg = 0.1 l/s

b) Qg = 0.2 l/s

F

A

Sparger Type

Figure 4.17: Effect of sparger type on active volume (in 0.3% CMC)
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Figure 4.18: Effect of sparger type on active volume (in 0.6% CMC)
Sparger E consisted of 8 nozzles in the outer ring. The entire vessel was active
apart from the central cylinder and the fiowpattern was reversed compared to
Spargers A, B, C and F. An annular upward flow region formed by the walls, and
the central cylinder was downward flowing. This cylinder decreased to a central
cone in 0.3% CMC at a gas flowrate of 0.2 x 10"^ m^s^^ as shown in Figure 4.19.
Spargers A, B, C and F all had similar flowpatterns consisting of a central
rising plume of liquid and gas and an annular downcomer.
In each case tested, Sparger F had an equal or higher active volume than Spargers A, B and C, despite having a smaller initial sparger area (1 nozzle opposed to
4 nozzles of diameter 0.2 T).
However, the kinetic energy contribution from Sparger F was greater than for
the other spargers. Prom Table 4.4, at 0.2 x 10"^ m^s"^, the total power input
from Sparger A was 7.68 Wm"^, compared to 7 Wm"^ for isothermal expansion
alone. At the same flowrate, the total power input from Sparger F was 9.86
Wm~^. As discussed in Section 2.5.4, it is not clear whether all of this kinetic
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Figure 4.19: Flowpatterns and active volumes for Spargers A, C, D, E and F at
= [k2 )[ 10-3

-1 in

energy would be transferred to the surrounding liquid, as some may remain within
the bubbles, leaving the vessel at the liquid surface Chhabra (1993). At 0.1 x 10"^
m^s^\ the power input was reduced to 3.69 Wm"^ for Sparger A and 3.95
for Sparger F. The kinetic energy from Sparger F was always sixteen times that
from Sparger A at all gas flowrates because Sparger A contained 4 nozzles. The
bubble diameters were also larger with Sparger F than Sparger A. In addition,
the frequency of bubble production at the orifice of Sparger F was greater than
Sparger A, therefore, the rate of coalescence was greater for Sparger F, hence,
larger bubbles.
Spargers F and D both used single nozzles, therefore comparison can be made
on equal power inputs, considering both isothermal gas expansion and kinetic
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energy. The active volume of Sparger F was less than that achieved by Sparger
D for each flowrate and in each CMC solution. The movement of the inactive
volume around the vessel as the sequence moved around the digester has resulted
in a high active volume.
The active volumes obtained in 0.6% CMC were lower for each sparger than
in 0.3% CMC due to the increased drag on the bubbles. In the higher viscosity,
Sparger D consistently produced the highest active volume.
The size of the active volume was dependent on the sparger arrangement,
liquid viscosity and gas flowrate. In addition, the power input due to the kinetic
energy of the gag through the nozzles may be significant, depending on the sparger
type, nozzle diameter and gas flowrate. It should initially be calculated before
deciding whether it can be neglected or not.

4.6.2

C o m p a r i s o n of b l e n d t i m e s

Figure 4.20 shows the results for gas flowrates of 0.1 and 0.2 x 10~^ m^s~^ in 0.3%
CMC. At the lower gas flowrate, Sparger C produced the shortest active blend
time, closely followed by Spargers F and D. A slightly higher active blend time
was recorded for Sparger A which was similar to Sparger B and finally. Sparger
E.
Increasing the gas flowrate to 0.2 x 10"^ m^s"^ changed the order slightly,
but the differences between the active blend times were very small and could be
considered as equal, at least between Spargers A, C and D.
Figure 4.21 presents the effect of increasing viscosity. Sparger D performed
well with increased viscosity.
Previously, in the discussion of the effect of sparger type on the active volume,
Sparger F was shown to have up to an extra 2.86 Wm~^ (assuming all of the
kinetic energy was transferred to the liquid) at the highest gas flowrate of 0.2
X 10"^ m^s^^. This potential extra power input did not noticeably improve the
active blend time results in either CMC concentration in relation to other spargers.
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Figure 4.20: Effect of sparger type and gas flowrate on blend time (in 0.3%
CMC)
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Figure 4.21: Egect of sparger type and gas Howrate on blend time (in 0.
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Thus, it may be assumed that not all of the kinetic energy is transferred to the
surrounding liquid.
The difference between the active and total blend times was not as great in
0.6% CMC as for 0.3% CMC. The active and total blend times for each sparger
were shorter in 0.3% CMC than 0.6% CMC due to reduced viscosity, increased rise
velocity, increased liquid entrainment and increased liquid circulation velocity.
Overall, Sparger D produced the shortest active blend times in both CMC
solutions.

4.7

Effect of inlet position

The inlet position was selected based on the full-scale findings of Ouziaux (1997)
and was at a fixed distance from the wall and below the surface. To investigate
the effect of inlet position, a second location was used. Figures 3.14(a) and (b)
illustrated the different inlet positions that were studied in this work for Spargers
A and D respectively.

4.7.1

Sparger A

Figure 4.22 shows the results for the different feed position for Sparger A. The
active blend times recorded were almost identical at each gas flowrate and for each
feed position. Therefore, there was no effect of feed position on active blend time.

4.7.2

Sparger D

Figure 4.23 shows the results for the different feed position for Sparger D, although
only in terms of active blend time as there were no inactive zones for this sparger
over the conditions tested.
The original inlet position for Sparger D was against the wall, as for Al, but
above the first nozzle in the sequence. To determine whether inlet location had
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an effect on blend time, the inlet was moved to the opposite side of the vessel so
that it was as far away as possible from the inEuence of the first nozzle in the
sequence. This was position D2.
Adding the feed at position D2 increased the blend time compared to 1)1.
However, the vessel surface was fully active at each of the gas Eowrates used
and the tracer was not added into an inactive volume. The measured increase in
blend time was least at the highest power input and greatest at the lowest power
input. In all cases though, the blend time increased by the time taken for one full
sequence to take place, or less (Section 3.4),

4.8

Correlating Blend Time a n d Active Volume
Data

4.8.1

L i t e r a t u r e correlations

The Literature review performed within this thesis (Chapter 2) focused both on
anaerobic digestion work and bubble column work. No correlations were found for
either blend time or active volume prediction in the area of anaerobic digestion of
sewage sludge.

Circulation t i m e approach
Ulbrecht et al. (1985) developed their work from Ulbrecht and Baykara (1981)
coming up with a circulation time approach using Equation 2.17 which expands
to:

==

in

= 3.3<l

k

/,,2 \ -0.25] « ^
f ag \
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(4.7)

This model was used in the current work to predict the liquid plume velocity
in the laboratory model digester which was then used to determine a circulation

4. [/TVCOTYjriTfE&D CZ/LSjtfDCZTVt;

l4lO

time. In the current work, liquid plume velocity proved very di&cult to meaaure
because of the extent of liquid between the rising plume and the vessel wall.
The velocities in this region were observed by means of neutrally buoyant flow
followers and were shown to vary extensively with radial distance as a result of
the decrease in shear-rate from the plume to the wall. The predicted liquid plume
velocities from Eqn. 4.7 were much lower than those measured due to the difficulty
experienced by the flow followers in entering the bubble plume itself. The flow
followers were usually entrained into the liquid rising next to the plume as a result
of the rising bubble wakes.
Ulbrecht et al. (1985) found a relationship between the number of circulations
required to blend the vessel and the liquid velocity, however in the lab-scale digester used in the current work, it was impossible to allocate a fixed number of
circulations to the blend time because of the variation in shear-rate between the
rising plume and the wall. Although the model of Ulbrecht et al. (1985) does
take the non-Newtonian rheological behaviour into account, their column did not
exhibit this shear-rate variation because of higher flowrates and a smaller column
diameter. For these reasons, their model could not be used to correlate the blend
time data.
Kawase and Moo-Young (1986b) produced a similar correlation to Ulbrecht
et al.

(1985), shown in Eqn.

2.18, which could not be applied for the same

reasons given above.

Inter-cell blend time
Pandit and Joshi (1983) produced a blend time model that considered a bubble
column to consist of a series of 'cells' of equal height and diameter, given in Eqn.
2.11. If the column aspect ratio was 1, this equation reduced to Eqn.

2.12.

However, this also required a circulation velocity, which was not measured during
this work for the reasons specified in Section 2.8.1.
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Active volume
No model was found to predict the active volume proportion of a vessel.
N e w correlations
New correlations have been produced using the experimental data from the current work. In the absence of other workers' data to compare these results with,
their applicability is currently limited to this work. However, these are the only
equations to the author's knowledge that predict blend time and active volume
for an anaerobic digester.

4.8.2

P r o d u c t i o n of active v o l u m e correlations

Due to the lack of adequate literature correlations for active volume, new correlations were developed. The operating variables that influenced the active volume
were:
/Lctive TAiluiiu: == jF
where P/V

T", /i*, /), 9 }

= power input per unit volume from isothermal gas expansion (Eqn.

2.2); fia = apparent viscosity of liquid; H/T

= liquid height/vessel diameter; T

= vessel diameter; p = liquid density and g = acceleration due to gravity
The size of the active volumes within the pilot-scale vessel could not be determined accurately as the vessel could not be viewed from the side. Only the
locations of the active and inactive volumes could be determined using the probe
responses. Therefore, the vessel diameter term was removed from the list of operating variables.
The apparent viscosity term in the above list requires knowledge of the shearrates in the vessel.

According to Haque et al.

(1988), in a gas-mixed non-

Newtonian system at low vessel Reynolds number, viscous stresses in the neighbourhood of the bubble dominate over the inertial forces and the shear-rate between the bubble and liquid film can be approximated by Eqn. 2.22.
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The viscosity was calculated by inserting this calculated value of shear-rate
into the Power Law equation, Eqn. 3.4. A more accurate method however, would
be to measure the sludge rheology directly. The apparent viscosity at a given
shear-rate can then be calculated using Eqn. 3.3.
Least squares regression waa used on the natural logs of each of the operating
parameters that were found to influence active volume, to produce best linear fits.
Although the gas flowrate was the parameter varied during the experiments, it is
related to the superficial gas velocity and to the power input due to isothermal
expansion. The effect of including each of these parameters separately into the
combination of regression parameters was investigated.
The flowpatterns for the different spargers could be grouped into three categories:
• Centrally rising plume with an annular downcomer (Spargers A, B, C and

F)
• Sequence (Sparger D)
• Outer ring (Sparger E)
The majority of data were collected for the centrally rising plume with annular
downcomer flowpattern, the sequence and outer ring types providing data for
comparison between the different flowpatterns, albeit with a smaller number of
data points. A correlation has been produced for the centrally rising plume type
to predict the percentage active volume:

T r

/ T } \ 0.17

/ rr \

0-70

where ^ = percentage active volume of the vessel
Figure 4.24 demonstrates the measured and predicted active volumes.
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Figure 4.24: Central riser active volume correlation

4.8.3

P r o d u c t i o n of active v o l u m e blend t i m e correlations

The literature correlations presented in Section 2.8.1 and summarised in Section
4.8.1 require knowledge of the liquid circulation velocity (Eqns 2.11; 2.12; 2.17 and
2.18). For the same reasons given in Section 4.8.1, this is not an easy measurement
to make for a digester because of the range of shear-rates and therefore, liquid
circulation velocities between the central rising plume and the vessel wall.
With this lack of liquid circulation information, these literature correlations
have not been successfully apphed to predict the blend time within the experimental digesters and therefore, new correlations have been produced from the
experimental data.
The blend times that are predicted from these correlations are the blend times
within the actively mixed zone of the vessel.
The same procedure as active volume prediction was followed to produce a
blend time correlation for the centrally rising plume with an annular downcomer.
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The operational parameters found to influence the blend time were:
yictiTn; iDleiwi time == jF {(gg,

31 At, /?, IS }

where Qg = gas fiowrate; /la = apparent viscosity of liquid; H/T = liquid height/vessel
diameter; T = vessel diameter; p = liquid density and g = acceleration due to
gravity

p\ ~0-63 /
g = 5.14

X

,3,,0.84^^-0.20

= 0.84

(4.9)

Figure 4.25 shows the predicted active blend times compared to those measured.
The active volumes calculated using Eqn. 4.8 assume that the power input is
continuous. On full-scale sites, gas supply can either be continuous or intermittent.

10000 1

9000 -

8000 •

7000 •
2
6000 1
•o
c
£
J3
•V
S

5000 -

S

4000 •

g

£
3000 -

2000 -

1000 -

0

1000

2000

3000

4000

5000

6000

7000

8000

9000

10000

Predicted blend time (s)

Figure 4.25: Central riser active blend time correlation
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The usual practice is to supply gas to the digester intermittently as this is often
more economic than continuous addition. The most common supply rate from the
site survey of Ouziaux (1997) was 12 minutes of gas supplied every half an hour,
although one site was only supplied gas for 10 minutes every 4 hours. In these
cases, to ensure thorough mixing, the feed sludge should be completely mixed with
the digesting sludge within the time that the gas is supplied. It follows therefore,
that the gas should be supplied for a minimum of the digester blend time.
In addition to an intermittent gas supply, digesters are often fed intermittently
too. The frequency with which the digester is fed will depend on the feed volume
to be added to the digester per day. On large scale works, the digester will be fed
several times a day whereas on a small scale works, this may only be once a day.
To ensure good mixing, the feed sludge should only be added when the gas is
switched on, preferably at the start of the mixing cycle. At the end of the feed
addition, the blend time period must be allowed for before any further feed is
added.
Once the blend time and feed times have been determined, assuming the feed
and mixing times start together, the required duration of gas addition can be
determined since:
ton

tfeed 4" ^mix

where ton = the duration of gas addition, tf^ed = duration of feed addition and
tmix — digester blend time
For example, if the blend time for a digester is 30 minutes and sludge is added
to the digester for 12 minutes every hour, the required gas supply duration would
be;
(on = 12 + 30 = 42 minutes
Therefore, the gas should be supplied for a minimum of 42 minutes every time
feed is added.
If the blend time was longer, say 48 minutes with the same feed frequency and
duration, the gas supply would be required for a full hour, every hour, i.e., contin-
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uously. In this instance, increasing the feed volume would allow the feed frequency
to be reduced or adding it at a higher flowrate would allow an intermittent gas
addition if required.

4.9

Summary

The effects of power input, viscosity, nozzle diameter, scale, feed position and aspect ratio were investigated using Sparger A. Increasing the gas flowrate increased
the active volume and decreased the active blend time. Increasing the viscosity
reduced the active volume at equal power inputs.
There appeared to be little or no effect of nozzle diameter on active blend time
or active volume. Increasing the nozzle diameter reduced the number of bubbles
slightly but slightly increased their diameters and rise velocities due to a longer
formation time, hence a reduced production rate.
In the case of the diffusers, the bubbles rose as a swarm. As they rose, they
began to coalesce until at the liquid surface, their diameters were almost equal to
the bubbles rising from the 4mm nozzles.
In terms of aspect ratio, the results suggest that if two digesters of equal
diameter but one is half the height of the other are compared at equal gas flowrate,
sparger arrangement and liquid viscosity, then the lower aspect ratio will have a
smaller active volume and as a result, the active blend time will be shorter.
Increasing the vessel scale using the same sparger (Sparger A) and scaling
on equal power input per unit volume resulted in similar blend times for both
vessels under equal flow regimes. This suggested that equal power input per unit
volume was the correct scale factor to use. The values of Qg/V and Qg/A were
not constant between the two scales which would suggest that these scale up
parameters, which are recommended in the literature are not the correct scale up
parameters to use.
It has been found at constant gas flowrate and CMC concentration that the
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sparger type can have a significant effect both on active and total blend time
and the vessel's active volume. In the lowest viscosity CMC solution (equivalent
to a digester sludge of 2.4% DS), the effect of sparger type waa less marked.
Differentiation between sparger performance was more apparent when the total
blend times were considered due to the location and size of the inactive volumes
set up by the different spargers.
Increasing the viscosity to 0.6% CMC (5.5% DS equivalent) clearly showed an
effect of sparger type, as a result of the size and location of the inactive volume
produced.
Sparger D (sequence sparger) performed consistently well in all caaes and under ail conditions. Although an inactive volume was formed in the base of the
vessel opposite the active nozzle, as the sequence moved around the base, the flowpatterns moved around the vessel, thus avoiding any one area becoming stagnant.
Correlations have been produced to predict the active and the blend time
within that active volume. Currently, the active volume correlation only applies
to lab-scale digesters aa it has not been tested at a larger scale. Both correlations
only apply to spargers consisting of an inner ring of four nozzles with a diameter
equal to one fifth of the vessel diameter. However, these are the only correlations,
to the author's knowledge, that exist in the literature to quantify the effects of
power input, viscosity and aspect ratio on active volume and active blend time in
digesters.

Chapter 5
Comparison of Mixer Types
The focus of this work has been on iinconEned gas mixing, although some experiments have been performed using an impeller in 0.3% and 0.6% CMC and these
results are shown in Appendix C.
The performance of the different sparger configurations has been investigated
and compared. This chapter will compare the active volumes and active blend
times achieved with the two sparger types - Sparger D, the sequence sparger,
which performed best overall and Sparger A, the sparger used to investigate the
effects of aspect ratio, viscosity, power input, etc. In addition, the results from
the impeller work will be compared.

5.1

A c t i v e volumes

Figure 5.1 shows the active volumes measured for the difi'erent spargers and impeller in 0.3% and 0.6% CMC respectively. The different mixers overlap over the
power input range of 3 to 9 Wm~^. Sparger A performed poorly with low active
volumes compared to the other mixers at each power input.
Sparger D had an active volume of 100% at each power input used in 0.3%
CMC. The impeller also had an active volume of 100%. However, Sparger A did
not quite reach this value, even at 7 Wm"^.
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Figure 5.1: Comparison of active volumes from different mixers in 0.3% CMC
Tests were performed with the impeller in 0.6% CMC. However, to keep the
vessel in the transitional/turbulent flow regime, it was necessary to increase the
power input to such an extent that it fell far beyond the power input range used
for the two gas spargers, although the impeller vessel volume was fully active.
Figures 4.17 and 4.18 in Section 4.6.1 showed that Sparger D consistently
produced a higher active volume than Sparger A in 0.3% and 0.6% CMC. In both
solutions, the active volume of Sparger D was consistently 100% hence, for the
gas flowrates used, the sequence sparger was less affected by increasing viscosity
than the other mixer types studied.

5.2

B l e n d times

The active blend times achieved for the power input range tested have been compared for Sparger A, Sparger D and the impeller, both with and without baffles.
It is important to note that these are the active blend times and not the total
blend times. Therefore, for each mixer type the active volume produced should
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also be considered if a full comparison between mixer types is to be made. Further, the power inputs used are the net power inputs ie. actual power delivered to
the liquid, rather than the gross power inputs. The power input values therefore
do not account for inefficiencies in gas compressors for example or friction losses
in the impeller motor and gearbox.
Figures 5.2 and 5.3 show the active blend times achieved for the range of power
inputs used in 0.3% and 0.6% CMC respectively. The removal of the baffles during
the impeller blending work resulted in a reduction in blend time for all conditions
tested.
In 0.3% CMC, the overall trend of reducing blend time with increasing power
input is the same for all mixers. There is approximately, a two fold variation
in blend time at any given power input between mixers. Impeller mixing with
baffles performed poorly compared to no baffles present and also compared to
both sparger types.
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Figure 5.2: Comparison of active blend times achieved with different mixer types
in 0.3% CMC
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Figure 5.3: Comparison of active blend times achieved with different mixer types
in 0.6% CMC
In 0.6% CMC, Sparger D performed best followed by Sparger A, the difference
being greater than in 0.3% CMC. The impeller tests were not performed over
a comparable power input range (in order to ensure Reynolds number remained
in the transitional regime) and therefore, the active volumes achieved were not
known. In 0.6% CMC, the gas sequential sparger (D) produced the highest active
volume and would therefore, produce the shortest total blend time.
Figure 5.3 shows the active blend times achieved in 0.6% CMC over the full
range of power inputs. Although the power inputs do not overlap, the data do
appear to lie along the same line and increasing the net power input to the digester decreased the active blend time. However, a shorter blend time may not
necessarily mean a high active volume as this is also a function of the mixer type
and arrangement.
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Discussion

In evaluating the performance of a mixer, there are three things to consider:
• the power input needed to achieve the required active volume
• the blend time produced in this active volume at that power input
• the viscosity of sludge used
It has been shown that in terms of active blend time, there is no one mixer that
clearly performs significantly better than the rest under all conditions However,
Sparger D (sequence gas) is good overall. The active volumes produced by the
different mixers varied. In 0.3% CMC, Sparger D and the impeller both produced
the highest active volumes compared to the other mixers for the same power input.
In 0.6% CMC, Sparger D gave the highest active volume at a given power input
(the impeller was not used over the same power input range).
Therefore, the mixer type chosen will depend on the mixing requirements for a
given duty. If a large active volume is required for a low power input, then either
Sparger D or the impeller should be used. If active volume is not important but
blend time is, then any of the mixers could be used at the required power input.
However, there is usually an economic constraint affecting the choice made in
that the mixer needs to be efficient. The power inputs shown in Figures 5.1 to
5.3 inclusive are in terms of the net energy, that is the energy transferred directly
to the sludge or CMC and not the power entering the gas compressor or impeller
motor. The economics involved in the choice of mixer type has not been addressed
in this thesis but is something that should be taken into account before choosing
a mixer type.

Chapter 6
Conclusions
This thesis investigated the performance of gas-mixing systems employed within
anaerobic sewage sludge digesters. The focus has been on unconfined gas mixing
with the aim of improving digester mixing design by better understanding the
effect of mixer size, type and sludge thickness on resultant blend time and active
volume.
The literature review has highlighted gaps in the current state of the art regarding anaerobic digester mixer design. In terms of mixer design information, only
two sources were found. These were EPA (1987) and Degremont (1991). The values used in practice tend to lie closer to those recommended by Degremont (1991)
than the EPA (1987), although the exact values used vary from one manufacturer
to another.
These two references quoted three design values:
• Power input per unit volume (Wm~^)
• Gas flowrate per unit volume of sludge (m^/h/m^)
• Gas flowrate per unit area of digester (m^/h/m^)
The different approaches result in inconsistencies with a change in scale, aspect
ratio or mixer type. When the published power and gas flowrate design values are
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compared at equal volumes and aapect ratios, these values vary over one order of
magnitude. In addition, there is no provision for different types of sludge or their
composition.
There were many references concerning the reduction in digester active volume
over time due to grit accumulation in the base and scum formation at the surface,
yet there has been no work performed to relate this reduction to the flowpatterns
within a digester, the power input or the sludge properties. Similarly, blend time
within a digester has not been addressed, although in the past two years or so,
some new designs have specified a blend time requirement of one hour, although
this value seems to be an arbitrary one as there is no record of its background.
A wide range of mixer types have been applied to digesters suggesting that
market availability rather than applicability has dictated the selection of mixing
equipment. Comparisons have been made in the literature between different digestion sites in terms of their mixing performance. Tests to compare different
mixing systems have been limited in their scope due to their high cost, as the
majority of them have been performed in full-scale digesters. DlEerent methods
have been used to assess the mixing performance and it has been widely accepted
that grit deposition, active volume reduction and downtime for cleaning is par for
the course for digesters.
The power input values for gas mixing systems quoted by researchers appear
to be calculated from the power rating of the compressor and divided by the
vessel volume. It has been quoted by Brade (1997) that compressors can have an
efficiency as low as 30% and therefore, the power inputs quoted are often much
higher than the actual power inputs. This has been confirmed by calculating the
power input due to isothermal gas expansion (Eqn. 2.2) whose values are similar
to the compressor inputs, assuming 30% efficiency. The power input from the
kinetic energy of the gas as it is injected through the nozzles was found to be
negligible at the full-scale.
Unconfined gas mixing was found to be the most common form of mixing in
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anaerobic digesters within the UK and therefore, this type of digester has been
studied in this thesis. Six different sparger arrangements and four different power
inputs have been investigated under laboratory conditions to compare the active
volumes and active blend times for these different sparger arrangements in three
solutions of aqueous carboxymethylcellulose (CMC) at 0.3%, 0.6% and 1% by
weight.
The eEects of power input, viscosity, aspect ratio, nozzle diameter, scale,
sparger type and inlet position on active volume and active blend time have been
investigated. The optimum sparger arrangement from those tested was found to
be a sequential gas addition where the nozzles were located in two concentric
rings, 8 in the outer ring and 4 in the inner ring. Under the conditions tested,
this sparger produced an active volume of 100% and lower active blend times than
other sparger types.
To date, a definitive mixing theory has not been developed largely due to a
lack of understanding of the processes, but also due to:
• variable sludge composition
• limited information on sludge rheology effects
• lack of data linking process performance to mixing parameters
Process mixing theory for blend time, using bubble columns has been reviewed
within this thesis. Relating Chemical industry research to anaerobic digesters has
not been done previously, perhaps due to insufficient published research work on
typical digester geometries and sludge rheologies.

6.1

D a t a collection and sludge rheology

A survey was performed on 17 digestion sites within the Yorkshire Water catchment area to determine a 'common' digester geometry and a range of sludge
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thicknesses encountered both currently and potentially in the future. The majority of digesters surveyed employed uncon&ied gas mixing. The compressor power
input values ranged from 2.5 to 12.9 Wm"^ whereas the values calculated from
isothermal gas expansion ranged from 1.52 to 3.5 Wm~^. It is often the case,
that the power input to the digesting sludge is based on the power input to the
compressor which has been found to have efficiencies as low as 30%.
A sludge simulant was required to perform the experiments in the laboratory.
This would allow visual observations of flowpatterns which would not be possible
with real sludge because it is not transparent. Therefore, the rheological properties of a selection of digested sludges were measured from a total of eleven sites.
The Power Law model was found to match the experimental apparent viscosities
better than the Herschel-Bulkley model. A Power-Law polymer solution. Grade
7H4C sodium carboxymethylcellulose (CMC), was used as the simulant. Three
concentrations, 0.3%, 0.6% and 1% (by weight) of CMC were found to simulate
sludges of approximately 2-3% dry solids content, 5% DS and 10% DS respectively,
in terms of their rheological behaviour.

6.2

Experimental results using gas mixing

The sparger type employed can have a significant influence on both the active
and total blend times under all conditions tested. The sequence (Sparger D)
arrangement gave the shortest blend times overall and the highest active volumes.
The diffuser (Sparger C) arrangement was the better arrangement from the central
riser continuous types, giving short active volume blend times but much longer
total blend times.
By scaling up at constant P/V,

(taking both isothermal and kinetic ener-

gies into account where applicable) and maintaining geometric, kinematic (in
terms of bubble Reynolds number, superficial gas velocity, nozzle velocity and
inlet Reynolds number) and dynamic similarity similar active blend times were
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achieved at the lab-scale and pilot-scale suggesting that this is the correct scale-up
parameter to use.
Decreasing aspect ratio at constant diameter and gas flowrate resulted did not
alter the power input per unit volume for the same gas flowrate, yet a smaller
active volume was achieved and a shorter active blend time. Increasing the gas
flowrate increased the active volume and decreased the active blend time. Conversely, increasing the liquid viscosity reduced the active volume and increased
the active blend times. Nozzle diameter had little effect on active volume and
active blend time.
Correlations have been produced to predict the active volume and active blend
time using one sparger arrangement, Sparger A.

6.3

Comparing t h e different mixers tested

The gas sparger, D and the impeller produced the largest active volumes for a
given power input when used in 0.3% CMC. Sparger A produced the lowest active
volumes in both 0.3% CMC and 0.6% CMC for all power inputs used.
Sparger D appeared to be the most efficient mixer type overall in terms of
blend time and active volume when comparing all of the sparger configurations at
equal f / K
These results have implications on the retro-fitting of mixing equipment within
digesters. If an active volume of 90% or more can be maintained, then there is a
reduced requirement to periodically drain-down the digester and manually remove
the grit build-up by hand. This would save money in terms of the operational costs
at a digestion site. In addition, with a sequential sparger, there are no internals,
as there are for an impeller mixed system, to corrode and therefore, there is a
potential saving in terms of capital expenditure.
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Future Work

In this thesis, the author has presented results for six different gas sparger arrangements at a 0.61m diameter laboratory scale and one of these spargers was
also tested at a larger 2.67m diameter pilot scale. The sequence sparger (D) was
found to perform much better overall than the other sparger types. Further work
should investigate this sparger to determine the scale parameter for the active
volume and blend time correlations to provide confidence when scaling up these
results to the full-scale.
Active volume measurement and assessment at the full-scale is performed by
evaluating residence time distribution (RTD) data, obtained with a tracer of
Lithium Chloride (LiCl) (Williams, 1994; Edgington, 2000). Future work could
use this technique at the laboratory scale to compare the inactive volume found
visually with that found using RTDs. If the two techniques can be shown to
agree, then the active volumes at the pilot scale can be determined. In addition,
full-scale LiCl RTD data would provide active volume data for the full scale and
therefore, scale-up information.
Impellers have been shown to be very effective as mixing devices and require
similar net mixing power inputs to unconfined gas. Solids suspension has not
been considered in the current work and is the area of research that would naturally follow. The spargers studied within this thesis should now be studied for
their effectiveness at maintaining sohds in suspension to determine their overall
effectiveness.
Further adaptations of the gas spargers used should also be studied to determine alternative arrangements.

A different sequence arrangement could be

studied together with the effect of employing two or more nozzles simultaneously.
For example, maintaining the nozzle under the feed location during the entire
feed time whilst the other nozzles perform the sequence. There is likely to be an
optimum nozzle spacing to allow the maximum mixing effect of each nozzle to be
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attained. The effect of reducing the period that gas is supphed to the nozzles in
the sequence sparger (D) should be investigated to identify whether 60 seconds is
the optimum timescale.

Appendix A
Shear stress - shear-rate curves
The following series of graphs represent the raw rheological data for the sample
of sludges taken from Yorkshire Water's catchment. Lines of best fit have been
drawn through the points, the equations of which and correlation coefficients are
shown on the graphs.
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Figure A . l : Shear stress - shear-rate curves for Mitchell Laithes 1
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Figure A.2: Shear stress - shear-rate curves for Mitchell Laithes 2
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Figure A.3: Shear stress - shear-rate curves for Wombwell
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Figure A.4: Shear stress - shear-rate curves for Lundwood 1
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Figure A.5: Shear stress - shear-rate curves for Lundwood 2
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Figure A.6: Shear stress - shear-rate curves for Harrogate South
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Figure A.7: Shear stress - shear-rate curves for Calder Vale 1
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Figure A.8: Shear stress - shear-rate curves for Calder Vale 2
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Figure A.9: Shear stress - shear-rate curves for Harrogate North
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Figure A. 10: Shear stress - shear-rate curves for Marley 2
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Figure A.11: Shear stress - shear-rate curves for Marley 3
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Figure A. 12: Shear stress - shear-rate curves for Marley 4
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Figure A.13: Shear stress - shear-rate curves for Bedale
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Figure A.14: Shear stress - shear-rate curves for Bedale (thickened to 5.5% DS)
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Figure A. 15: Shear stress - shear-rate curves for Bedale (thickened to 10% DS)

Appendix B
Rheological models
This Appendix presents graphs of apparent viscosity against shear-rate for the
sampled sludges using the Power Law model (Eqn. 3.1), Herschel-Bulkley model
(Eqn. 3.2) and those obtained experimentally. Lines of best fit have been drawn
through the points, the equations of which and correlation coefficients are shown
on the graphs.
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Figure B . l : Apparent viscosity - shear-rate curves for Mitchell Laithes 1
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Figure B.2: Apparent viscosity - shear-rate curves for Mitchell Laithes 2
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Figure B.3: Apparent viscosity - shear-rate curves for Wombwell

JS.

JurCtDfCUS

170

Lundwood 1

JO -,
•

Measured mu

S— Power Law mu
* — Herschel-Bulkley mu

>

m

0.1 -

I
(101
<101

0.1

1

10

100

Shear rate (s "^)

Figure B.4: Apparent viscosity - shear-rate curves for Lundwood 1
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Figure B.5: Apparent viscosity - shear-rate curves for Lundwood 2
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Figure B.6: Apparent viscosity - shear-rate curves for Harrogate South
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Figure B.7: Apparent viscosity - shear-rate curves for Calder Vale 1
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Figure B.8: Apparent viscosity - shear-rate curves for Calder Vale 2
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Figure B.9: Apparent viscosity - shear-rate curves for Harrogate North
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Figure B.IO; Apparent viscosity - shear-rate curves for Marley 2
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Figure B . l l : Apparent viscosity - shear-rate curves for Marley 3
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Figure B.12: Apparent viscosity - shear-rate curves for Marley 4
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Figure B.13: Apparent viscosity - shear-rate curves for Bedale
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Figure B.14: Apparent viscosity - shear-rate curves for Bedale (thickened to
5.5% DS)
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Figure B.15: Apparent viscosity - shear-rate curves for Bedale (thickened to 10%
DS)

Appendix C
Impeller blending results
The correlation for blend time in the transitional regime (Eqn. 3.9) compared
well with the measured values, both for baffled and unbaffled conditions. This
was true for both the 0.3% and 0.6% CMC solutions.
Figures C.l and C.2 illustrate the experimental results compared to those
predicted for solutions of 0.3% and 0.6% CMC respectively.
All bar 2 of the data points lie within ± 2 standard deviations about the mean
as defined in Eqn. 3.9. These 2 points were from unbaffled conditions and are
only just outside the upper limit.
In addition, Grenville (1992) used 3 conductivity probes for his work rather
than 5. These 3 probes were positioned in the impeller region, behind a baffle
and in the vessel bulk. The last place to mix was behind a baffle and the first
was in the impeller region. As Grenville (1992) produced this correlation in a
vessel 0.61m in diameter at an aspect ratio of one, there does not appear to be
an adverse effect on blend time of introducing 2 more probes into the same vessel
geometry.
All bar 2 of the data points lie within ± 2 standard deviations about the mean
as defined in Eqn. 3.9. These 2 points were from unbaffled conditions and are
only just outside the upper limit.
The slight differences between the measured and predicted values may be ex-
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plained by a slight difference in tracer addition technique. The volume and concentration of tracer used in this work was representative of that used in the gaa
mixing tests in that it was scaled down from full scale digesters. 500ml of sHghtly
salted water warmed to 2°C above the bulk temperature was used. It was added
via a pump and a fixed inlet pipe located at T/IQ below the surface and away
from the wall. The addition time itself took 40s. The aim of the tracer concentration was that it was neutrally buoyant and the salt concentration had to be low
to avoid density effects and also to reduce the deterioration of the CMC rheology.
Grenville (1992) used a pulse addition which lasted only a few seconds and was
much smaller in volume. A saturated salt solution was used to ensure a distinct
point at which the vessel was mixed. Initial investigations into density effects
caused by tracer addition, performed in this work showed that a small increase
in the amount of salt concentration resulted in a significant downward flow of the
tracer, into the mixing zone. Therefore, adding a small quantity of a saturated salt
solution into a turbulent vessel could mean that the tracer arrived at the impeller
region much faster than the author's method, resulting in a shorter blend time.
Despite these differences, the accuracy of the transitional correlation is good
compared to the experimental data implying that the blend time technique used
is representative of that used by Grenville (1992).

Appendix D
Digester Mixing: Theory and
Practice
This Appendix contains a copy of the paper written by the author of this thesis
that was presented as a result of this work at the 3rd European Biosohds and
Organic Residuals Conference organised by Aqua-Enviro in Wakefield, UK on the
16th to the 18th November, 1998.

179

jCtrCZfxSjTEJ? JjjOg/Vf?.' Tlt&ECUZir/lTVZ) fRv4(:]rrCE

180

Digester Mixing: Theory and Practice

by
Jacqueline Barker and Dr Mick Dawson
BHR Group Limited, The Fluid Engineering Centre, Cranfield, Bedfordshire. MK43 OAJ

Abstract
The anaerobic digestion of sewage sludge is an extensively used biological treatment process due to its ability to stabilise
many sludge types prior to their application to agricultural land as a fertiliser. Because of greater sludge production and
tight restrictions on disposal routes', many sludge producers want to increase their digestion capacity.

The throughput of existing digesters can be increased in a number of ways; by reducing retention times (some plants
operate at mean retention times longer than the 12 days required by the DoE Code of Practice^); by reducing dead zones,
thereby increasing the effective digester volume; or by digesting sludges with a higher dry solids content. Successful
increase in volume utilisation and digestion of higher solids sludges are dependent on the detailed design of the mixing
systems involved.

However, published design values for digester mixing are scarce. The US Environmental Protection Agency (EPA)'
and Degremonf' provide the only two quantified design guidelines in the literature. These design guidelines result in
inconsistencies when changing scale, aspect ratio or mixer operation. The values of mixing power input found in actual
digesters surveyed were typically lower than the guideline values.

Keywords:
Anaerobic; digestion; mixing; gas; unconfined

Introduction:
Anaerobic digestion is the biological decomposition of sewage sludge in the absence of oxygen to produce biogas (a
combination of methane and carbon dioxide) together with an inoffensive, black, tarry substance suitable as an
agricultural fertiliser. The process of anaerobic digestion is one that has evolved over the past century where
improvements have been made as a result of problems that have arisen during this time. Many of the parameters and
variables involved in digestion are still not fully understood. Due to the recent increase in sludge produced and the
reduction in available disposal routes, anaerobic digestion is now being looked at from a fresh angle in an attempt to
optimise the process.
Effective mixing is critical for efficient digester performance in order to provide contact between feed sludge and
biomass, to utilise the whole vessel volume, reduce downtime due to solids accumulation, improve process kinetics and
increase gas production. However, poor mixing within digesters is inherent in a wide variety of existing designs and as
a result, the effective volume of many digesters can be greatly reduced with many operating at 60 to 70% of their
digestion capacities.
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A review of the available literature on digester mixing has been carried out and some of the findings are reported here.
The mixer design values found in the literature are discussed and compared with those found in practice as well as those
reported by other researchers.

Mixer
A survey of operational digesters in the Yorkshire region has recently been performed^ and the majority of digesters
were found to be mixed using unconfined gas injection. Figure 1 shows such a system. The main benefit of this type of
mixing is that there are no internal moving parts and therefore, the possibility of shutting down the digester for internal
equipment maintenance is reduced. In addition, unconfined gas systems have been shown to be effective at eliminating
dead-zones and dispersing feed'^.

There are 3 other main types of assisted mixing systems' *' ' ® as well as natural mixing'-'® due to convection and natural
gas evolution. These will not be discussed here as they are described in detail elsewhere. The other assisted mixing
systems are confined gas injection, mechanical stirring and mechanical pumping.

The gas collection and injection operations of unconfined gas mixed digesters are similar from one site to another. The
gas produced by the digesting sludge is collected either in the head space or more commonly, in a separate collection
tank. It is then scrubbed and re-enters the digester either through roof-mounted lances or more frequently a series of
base mounted diffusers.

Compressor
Base

Figure

mounted

diffusers

1 - unconfined

gas injection

system

Unconfined gas mixer design information from tlie literature
Actual published design information is scarce with many manufacturers presumably having their own design guidelines
which have arisen from years of experience. In 1987, the EPA published a series of papers on the design of digesters'
and included target values for power input and gas flowrate for a digester. In 1991, Degremont'' published target values
in their Water Treatment Handbook. Stukenberg'' has published values of turnover time and draft-tube velocity although
these relate to egg-shaped digesters and so are not discussed here. The published values are presented in Table 1 below:
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Definition

unit

typical
value

applies to:

Power input by mixing equipment divided
by digester volume (EPA, 1987)

Wm'^

5-8

UK/US shapes

2-4

Egg shapes

UnkgpsOow
EPA;

Quantity of gas delivered divided by
digester volume

m'h"'m"'

0.27-0.3
0.3-0.42

Unconfined
Confined

Degremont:

Quantity of gas delivered divided by
digester cross-sectional area

m^h"'m'^

0.8

Not specified

Table 1: Published design values for mixing systems

The figures from the EPA are in terms of gas flowrate per unit volume of the digester whereas the Degremont values
are given as gas flowrate per unit area of the digester (superficial gas velocity). In order to understand these values
better, consider the following 3 digesters, X, Y and Z.

Digester X

Digester Y

Digester Z

Volume (m-)

500

1000

1000

Aspect ratio

0.5

1

0.5

Digester height (m)

5.42

1&84

6^3

Digester diameter (m)

1&84

1&84

13.66

Cross-sectional area ( n f )

9229

9Z29

146.56

135

270

270

7183

7183

117.25

EPA power input (Wm"')

1.27

1.7

138

Degremont power input (Wnv^)

0.69

OjJ

0.6

Parameter

EPA gas flowrate
Degremont gas flowrate (m^h'")

Table 2: Comparison between published gas flovvrate values and calculation of Power input
for digesters of two different aspect ratios

Table 2 shows the gas flowrates required according to the EPA and Degremont design guidelines separately and then
uses the respective values to calculate power inputs based on isothermal gas expansion.

Consider Digester Y. Using the EPA guideline of 0.27 m^h"'m"^ and multiplying by the vessel volume, the gas flowrate
was calculated as 270 n f h '. Using the Degremont guideline of 0.8

and multiplying by the cross-sectional area,

the gas flowrate was calculated as 73.83 m^h"', almost 4 times less than the EPA value. Application of the two sets of
design guidelines result in substantially different gas flowrates at these scales and aspect ratios.
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The EPA published guideline values for power input which are between 5 and 8 W n r ' for UK and US style low aspect
ratio digesters. In Table 2, the power input has been calculated from isothermal expansion, ignoring any kinetic energy
input from the gas:

(Eqn.l)

where:

P = power input (W)

pi = pressure at nozzle (Pa)

n = molar gas flowrate (mols'")

p2 = pressure at surface (Pa)

R = universal gas constant (8.314 J(mol.K)"')
7 = temperature (K)

Comparing the power inputs for Digesters Y and Z indicates an increase in PA/ when increasing aspect ratio using the
EPA gas flowrate guidelines and the opposite when using the Degremont guidelines. Comparing the P/V values for
Digesters X and Z shows an increase when increasing scale at constant aspect ratio using the EPA guidelines and a
decrease using the Degremont guidelines. The choice of whether to use gas flowrate per unit area or gas flowrate per
unit volume therefore has a substantial effect on the sizing and selection of equipment for unconfmed gas mixing.

All of the Table 2 power inputs calculated using isothermal expansion are lower than those recommended by the EPA
even though the gas flowrates used to calculate the power inputs used the EPA's gas flowrate recommendation. Power
inputs calculated from isothermal expansion and based on EPA gas flowrates increase with increasing digester scale.

A further comparison of the EPA and Degremont's guidelines shows that the ratio of EPA recommended flowrate (m^h"')
to Degremont's recommended flowrate i s :
0.27

(Eqn.2)

0.8

For a vessel of aspect ratio 1, (vessel height/vessel diameter = 1):

V(m')

QePA^Q D e g r ^ m o n f

100

1.7

500

2.9

1000

3.7

5000

6.3

C~)

Table 3: Comparison between EPA and Degremont recommended values
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Therefore for vessels of a realistic size, the EPA recommended gas flowrate varies from 1.7 to 6.3 times greater than
that recommended by Degremont.

Actual design values found in practice
During a recent site survey', twelve digesters were studied to collect information about the design and operation of their
mixing systems. The results were collated from 3 sources: original drawings, operators' knowledge and calculation of
missing parameters where relevant information was available to do so. The digesters featured in Table 4 were all built
between the mid-eighties and mid-nineties by various manufacturers. Table 4 focuses on the geometry of the digester,
its gas injection nozzles and on the unconfined gas power inputs.

The majority of aspect ratios were near to 1.0 with the lowest being 0.5. The number of gas injection nozzles varied from
6 to 24 and they were mostly arranged in two rings located on the digester base. The diameter of the nozzles was not
always readily available and one reason might be that they took the form of diffusers rather than nozzles.

The way in which the surveyed mixing systems were operated differed significantly. Only two of the digesters (A and
F) operated with a continuous gas supply to all nozzles simultaneously. The remaining digesters featured an intermittant
gas supply varying from 10 minutes every four hours to 30 minutes every hour. Of the digesters with an intermittant
supply, most used a rotary valve to switch the gas supply from one nozzle to the next in a sequence. Alternatively,
intermittant gas supply was provided to all nozzles simultaneously or to each of two rings of nozzles in turn. The relative
merits of these different methods of unconfined gas mixer operation have never been reported. One can only assume
that the mode of operation will have a significant effect on the mixer performance at a given gas flowrate.

The EPA's recommended power input per unit volume (P/V) was between 5 and 8 Wm'\ If P/V is calculated using the
power rating of the compressor and dividing by the volume of sludge in the digester, then the surveyed digesters fall
between 3 and 12 Wm"l These P/V values are likely to be an overestimate because they assume 100% efficiency of the
compressor. If the P/V values are calculated on the basis of isothermal expansion of the gas flowrate delivered by the
compressor then Table 4 shows that all the digesters except one are within the range 2 to 4 Wm'^. The P/V values from
isothermal expansion will be more accurate and suggest that the majority of surveyed digester mixers are underdesigned,
according to the EPA guidelines.

Figure 2 shows graphically a plot of actual gas flowrate into the digester against those calculated using the EPA and
Degremont guidelines for each of the digesters in Table 4. In nearly all cases, the Degremont gas flowrate is closest
to the actual gas flowrate when compared with the EPA figure.
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Digester

Sludge volume

Aspect
ratio

N° injection
ports

Location

Compressor
P/V
(Wm")

Isothermal
P/V

A

1755

0.5

16

2/3 depth

10.5

7.3

B

978

0.8

24

base

3.1

1.8

C

450

0.9

12

2 rings on base

6.7

4.0

D

715

1.2

12

2 rings on base

4.2

3.0

E

700

0.8

19

-

7.8

3.9

F

500

0.8

6

1 ring on base

8.0

-

G

2290

0.9

24

2 rings on base

-

1.9

H

530

0.8

12

2 rings on base

5.7

3.3

I

1700

1.1

9

base

12.9

-

J

715

1.1

12

2 rings on base

4.2

3.3

K

537

0.92

12

2 rings on base

5.6

2.8

L

1076

0.90

18

2 rings on base |

2.8

1.9

Table 4: Characteristics of surveyed digesters
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Figure 2: A plot of actual digester flowrates compared to those calculated from
EPA and Degremont design guidelines
Conclusions
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The majority of UK anaerobic digesters are mixed using unconfined gas injection. There are only two published sets
of design values for sizing unconfined gas mixers. These published design values from the EPA and Degremont are
based on gas flowrate per unit volume and area respectively. The different approaches lead to inconsistencies when
changing scale or aspect ratio. Neither set of design values takes into account the effect of different sludge rheological
properties on mixing performance.

The unconfined gas mixer design values published in the literature have been compared with those found in practice.
Only one of the digesters surveyed met the EPA's power input per unit volume guidelines when calculating power input
from isothermal expansion of the gas. None of the digesters met the EPA gas flowrate per unit volume guideline values.
The surveyed digesters were found to be much nearer to Degremont's gas flowrate per unit area recommended value
of 0.8 m^/h/m^.

There is a need for clear design guidelines to be set to improve the design of unconfined gas digester mixers. Some of
the questions that need answering are:
•

Should designs be based on a gas flowrate per unit volume, gas flowrate per unit area or power input per unit
volume?

•

What should the power input values be? Literature quotes 5-8 Wm"^ whilst most surveyed digesters where
found to be 2-4 Wm

•

Should gas be supplied continuously or intermittently?

•

Should this be supplied to one nozzle at a time or all nozzles together?

•

What is the optimum nozzle arrangement?

•

What is the effect on mixing requirements for different sludge rheologies?

Once these questions can be answered, the design and operation of unconfined gas mixing systems for anaerobic
digesters will be improved.
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A Comparison of Mixing Systems
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thesis that was presented as a result of this work at the 5th European Biosolids
and Organic Residuals Conference organised by Aqua-Enviro in Wakefield, UK
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ABSTRACT
A wide variety of different equipment types have been used for digester mixing. Digester mixing systems
are designed on the basis of work expended in mixing. However design values used are based on rules of
thumb. There is a clear need for mixing criteria to be established and for the most effective systems to be
identified.

Three different mixing systems were investigated in a cylindrical laboratory scale model digester using nonNewtonian CMC in concentrations of 0.3%, 0.6% and 1% by weight, (equivalent to digested sludges of
2.5%, 5% and 10% dry solids). Actively mixed volumes and blend times were measured over a range of
power inputs using unconfined gas mixing, jet mixing and impeller mixing systems.

The performance of two unconfined gas addition methods (sequential and simultaneous), two liquid jet
orientations and an impeller system are presented. The blend times and active volumes generated by these
different mixing systems were compared at equal net power inputs.

The sequential gas arrangement produced the largest active volume at the lowest power input and one of
the shortest blend times. There was a strong effect of viscosity on the active volumes and blend times for
all mixers, although the sequential gas arrangement showed the least effect.

KEYWORDS
Digester, mixing, unconfined gas, jet, impeller, sludge rheology

INTRODUCTION
The work described in this paper was undertaken as part of a research project for Yorkshire Water Services
and Monsal Limited.

The objectives of digester mixing are to' ";
1

Provide contact between the feed sludge and the active biomass to maximise gas production

2

Provide physical, chemical and biological uniformity within a digester in order to maintain a
satisfactory environment for both acid and methane forming bacteria

3

Distribute organics and dilute inhibitory substances

4

Prevent stratification and temperature gradients

v4

5
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Use the digester volume effectively to maintain the required biomass residence time, i.e. minimise
short-circuiting

6

Minimise the deposition of solids, as this reduces effective digester volume.

7

Minimise the formation of a surface scum layer and foaming

Items 1 to 4 are functions of the rate of liquid blending. Item 5 is determined by the digester flow pattern.
Item 6 is related to solid suspension and distribution and item 7 to foam breaking and draw-down from the
surface. The research described here has focused on the liquid blending performance and flow pattern
generated by digester mixing systems.

There are two main categories of mixing within anaerobic digesters, >natural= mixing and >assisted=
mixing. Natural mixing occurs as a consequence of biogas evolution, heating, feeding and drawing off
sludged

Originally digesters were neither mixed nor heated and were operated under conditions termed >low rate
digestion=. The first trials that involved digesting sludge anaerobically were recorded by W.J.Dibden in
1885, although it was not until 1934 that the first >assisted= mixing device, a screw pump, was installed
in the UK'. The main purpose of mixing at that time was to break down the deposits of scum that formed
on the surface of the digesting sludge.

During the 1920s and 30s, sludge digestion became widespread in the UK with several types of mixing and
heating systems employed. However, during the late 1960s and early 1970s, operating difficulties were
being reported in the UK and the popularity of anaerobic digestion suffered as a result. This prompted the
WPRL survey'* of 142 sewage treatment works (thought to represent over 90% of digestion works) to
categorise operating difficulties. Of the surveyed works, 56 reported problems due to inadequate design
or operation, which were or could be mixing related. Heating and mixing improvements to assist higher rate
digestion were investigated in the early 1980s'"'. Many of the findings from these studies have been
implemented.

A wide variety of different equipment types have been used for >assisted= digester mixing. The commonest
classes are confined and unconfined gas injection systems, mechanical stirring and mechanical pumping
systems. Large digesters sometimes operate multiple mixing systems.

A majority of UK digesters feature unconfined gas mixing systems and external recirculation loops'®. The
sludge gas is collected at the top of the digester, compressed and discharged, intermittently or continuously
through multiple nozzles simultaneously or in sequence. The main advantage of unconfined gas mixing is
the absence of internal moving parts, this reduces the down-time of the digester for maintenance. Published
information concerning mixing quantification within digesters mixed using unconfined gas is relatively

scarce"^'^.

Confined gas mixing systems are less common in the UK than unconfined systems. Sludge gas is collected
at the top of the digester, compressed and discharged through draft-tubes. The gas rises up the draA-tube
either as a stream of small bubbles or as a single slug depending on the flowrate of gas and the diameter
of the draft-tube. As gas rises, it causes sludge to rise up the tube and be distributed over the surface. The
claimed advantages of confined gas mixing over unconfined gas mixing are that it is more energy efficient
and it provides a better movement of bottom deposits'. However, as much of the equipment is within the
digester, corrosion can be a serious problem.

Mechanical stirring systems feature one or more shaft mounted, rotating impellers. The choice of impeller
type, size, speed, etc. is critical in determining mixing effectiveness and, if chosen correctly, the mixing
efficiency can be very good. Large diameter impellers were originally avoided because of the requirement
to provide a bottom bearing, mounted within the tank. This problem was overcome by the use of a long
balanced shaft'. Despite the potential benefits, widespread use of impellers in the UK has been limited.This
may be partly due to the problems associated with the presence of mechanical equipment inside the digester
and partly due to concern about shafts becoming imbalanced as a result of rag accumulation on the impeller.
Problems of gas leaks at the shaft seals have also been reported".

Mechanical pumping systems can be external or internal. Internal systems typically comprise an impeller
in a draft-tube and external systems are typically pumped recirculation loops for heating. Internal systems
are claimed'" to be effective both for grit suspension (downward pumping mode) and for scum control
(upward pumping mode) but do have some of the disadvantages of an impeller system. There is often
corrosion and wear on the internal equipment; the draft-tube can become blocked by rags during operation
and the equipment is sensitive to the liquid level inside the digester".

External systems comprise of a pump mounted externally in a recirculation loop which may have a nozzle
fitted to promote jet mixing. Multiple external recirculation pumps are sometimes used in large digesters
as this eliminates any internal parts, reducing maintenance and down-time. The sludge feed can be
introduced into the recirculation line and heated to the digester temperature rather than entering cold.

Currently digester mixing systems are sized on the basis o f " " :
Power input per unit volume (Wm ")
Gas flowrate per unit volume of sludge (m^h"'m""')
Gas flowrate per unit area of digester (m^h"'m'")

The different approaches result in inconsistencies when changing scale, aspect ratio or mixer type. In
addition, published power and gas flowrate design values vary over one order of magnitude'". Design
values are typically based on past experience of engineers, operators and manufacturers rather than a
definitive mixing theory. The values of mixing power input found in actual digesters surveyed are typically
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lower than guideline values'"'

Mixing equipment selection appears to have been dictated by market

availability and there is little fundamental work establishing criteria for different mixing systems.

To date, a definitive mixing theory has not been developed due to variable sludge composition, limited
information on the effects of sludge rheology, wide variety of mixing systems used and lack of data linking
process perfbrmance to mixing parameters.

Impeller and liquid jet performance has been extensively studied in turbulent and transitional flow regimes
in baffled vessels''*. However, process mixing theoiy for liquid blending using liquid jets and impellers has
not been applied to digesters due to insufficient published research work on typical digester geometries and
sludge rheologies.

Residence Time Distribution (RTD) data from Lithium Chloride (LiCI) tracer tests have frequently been
fitted using mathematical models to predict the volume of back mixed, plug-flow and dead zones in
digesters'^. This approach is useful in assessing the flowpattern and active volume during commissioning
or operation, but is limited and costly for identifying the relative performance of different types of mixing
system or system operation.

No thorough examination of the relative efficiencies of different digester mixing systems or operation
modes has been reported. The effect of sludge rheology on the performance of different digester mixer
types has also not been reported in the literature. The work described in this paper has set out to address
some of the gaps in the current knowledge relating to these factors.

OBJECTIVES
To characterise the digester mixer geometries, operating conditions and sludge rheologies from key sites
within Yorkshire Water's catchment area.

To find a safe, durable, cost effective and easy to use simulant for three 'typical' digested sludges that would
represent the range of rheologies found in practice.

Identify the effects of unconfined gas flowrate, power input, sludge viscosity and mixer geometry on
digester blend time and active volume.

Identify the effects of liquid jet flowrate, power input, sludge viscosity and jet geometry on digester blend
time and active volume.

Identify the effects of impeller speed, power input, geometry and sludge viscosity on digester blend time
and active volume.
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Perform comparisons between the mixer types tested.

MATERIALS AND METHODS
Due to limited information on fiill-scale digester geometry, operation and sludge properties, a survey of 17
digestion sites within the Yorkshire Water area was undertaken. The results from this survey were used to
design a laboratory scale model digester and to select a liquid simulant with similar rheological properties
to those measured for a range of digested sludges.

Results from this survey are presented in Table 3.1. The dashes in Table 3.1 indicate where no information
was available.

Table 3.1: Survey findings from 17 Yorkshire Water digestion sites
Ske

Mixing System

Aspect
Ratio

Vol.
(m^

Mixer geometry

A

Unconfined gas

0.94

530

B

Unconfined gas

1.2

728

C
D
E

Unconfined gas
Unconfined gas
Unconfined gas

0.53
0.93
0.85

4900
4586
1130

F
G

Unconfined gas
Unconfined gas

1.08
].07

3500
1540

H

Unconfined gas

0.92

565

I
J

Unconfined gas
Unconfined gas

0.9
0.53

2276
5670

K
L
M

Unconfined gas
Unconfined gas
Unconfined gas

0.4
0.82
0 84

105
1005
2920

N
O
P

Unconfined gas
Confined gas
Confined gas
Mechanical
mixing & sludge
recirculation

0.81
&4]
0.36
0.51

500
10280
3400
4038

8 diffusers in outer ring
4 diffusers in inner ring
8 diffusers in outer ring
4 diffusers in inner ring
16 lances
24 diffusers in two rings
8 diffusers in outer ring
4 diffusers in inner ring
9 diffusers in base
8 diffusers in outer ring
4 diffusers in inner ring
8 diffusers in outer ring
4 diffusers in inner ring
18 around the base
1 ring of diffusers in base
1 ring of difftjsers at mid-height
12 diffusers around the base
24 diffusers around the base
8 diffusers in outer ring
8 diffusers in inner ring
1 central diffuser
1 ring of diffusers in base

Q

Gross
P/V
(Wm^)
6.7

NaPW
(Wm-3)
2.2

Digested
Sludge
%Df
3.4

4.2

1.4

-

1(X5

3.5

3.7

-

-

-

5.7

1,8

-

-

2.5

1.7

-

1.5

-

12.9
4.2
5.6
2.8

0.9

-

-

-

-

3.1
7.8

0.9
2.1

8
2.5
8.8

-

0.5
1.0

100% efficiency. The net power inputs were determined using the isothermal expansion of the rising gas
plume:

In Z l
Pi

Where

P = Power input (W)

5.0
2.4
4.6

3.3
4.0
-

2.4

The unconfined gas gross power inputs were determined using compressor power ratings and assuming

jP ==

3.1
3.3

(Eqn.3.1)
)

^
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n = molar gas flow-rate (mol/s)
R = Universal gas constant (J/mol/K)
T= Temperature (K)
P = pressure (Pa)

The net P/V values are approximately one third of the gross P/V values suggesting a compressor efficiency
of about 30%.

Digester geometry
Most of the digesters surveyed had shallow conical sloping bases with an angle of 7° or so whilst two had
a steeper slope of 20°. The majority of digester inlets were located at the top by the wall, two inlets were
located in the base by the wall and one was situated centrally at mid-depth. All of the outlets were overflow
weirs positioned at the top of the digesters. In some cases, the inlet and outlet were positioned close
together which could result in short-circuiting of the feed sludge.

Digester operation
The majority of the digesters surveyed were fed on a semi-continuous basis, with a frequency of several
minutes per 20 to 30 minute cycle. The feed sludge usually entered the recirculation loop where it was
preheated to the digesting sludge temperature.

The method of gas addition for the unconfined gas injection digesters varied. The gas was either supplied
in a pre-arranged sequence to each diffuser for a set period or was supplied simultaneously to all of the
difFusers. Gas could also be supplied continuously or intermittently throughout the day, the latter case being
the preferred method within the surveyed digesters.

Sludge rheology
Samples of sludge were withdrawn from each of the digesters surveyed and their rheological properties
measured. Sludges exhibit non-Newtonian behaviour where the shear rate and shear stress do not vary
proportionally as for a Newtonian fluid such as water. Due to the different composition of sludges, their
rheological behaviour varies between sludge types and between sites. Samples of 22 digested sludges from
different sites were taken to provide a more complete understanding of their rheologies, and ultimately, to
help select suitable simulants for use in the laboratory.

Rheology measurements
Brookfield LVDV-II+ and DVIII rheometers were used in the 'open-sea' method where the spacing
between the concentric cylinders is wide enough to avoid the effect of solids suspended in the sludge"".
The rheological properties were determined by performing linear regressions on the shear stress-shear rate
data and fitting to the Herschel-Bulkley model:
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r = T +ky"

(Eqn.3.2)

The effect of digesting high dry solids sludges was investigated in this work. The surveyed digested sludges
ranged from 2.5 to 5% DS, To provide thicker sludge samples a 10%DS sludge was formed by evaporation
in an oven at 35°C. Three sludges (2.5% DS, 5% DS and 10% DS) were chosen as representative of the
surveyed range of sludge rheologies shown in Figure 3.1

Simulant selection
A simulant was required for each of the three representative sludges of 2.5%, 5% and 10%DS. The simulant
needed to be durable, easy to make-up and use, transparent for flow visualisation, non-hazardous and cost
effective. After tiying

several

types

of

polymer

solutions,

Grade

7H4C

CMC

(Sodium

carboxymethylcelluiose) was chosen for use in concentrations of 0.3%, 0.6% and 1% by weight. Figure 3.2
shows the viscosity v. shear rate data for these simulant concentrations with the corresponding data from
the sludges being simulated.

DS = 2.5%
DS = 5.0»/.

Increasing A Dry Solids

s.

D S = 10%

o%
c

2
Q.
<a

0.01

Shear Rate iS-1)

Figure 3.1: Range of apparent sludge viscosities found from site survey

A laboratory scale model digester was designed to reflect the vessel and mixer geometries found during the
site survey. The result was a 0.61m diameter cylindrical Perspex vessel, with a flat base. In addition, a pilot
scale 2.67m diameter cylindrical vessel was used for a number of tests.
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100
"5.0% OS

2,5% DS
10% DS
1%CMC
" 0 6% CMC

001

10

12

14

S h e a r Rate (s)

Figure 3.2; Comparison of Sludge and Simulant apparent viscosities.

Model digester unconfined gas blending
Two gas sparger arrangements were investigated and are shown in Figure 3.3. Sparger A consisted of a
central ring of 4 diffusers with gas supplied simultaneously to all 4, this represents a system found
commonly in practice. Sparger B consisted of a central ring of 4 diffusers and an outer ring of 12 diffusers
with air supplied to each diffuser in sequence.

610 mm

Sparger B
610

mm

& I 1 M

M

1 : I 1 7 ;

Compfcssor

Figure 3.3; Unconfined gas injection with Spargers A and B

Sparger A
4 diffusers
0.2D

,4 crct&fftjJRZSYvUVOFJkOrX77V(? JJ^STjEVkKf...
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Jet blending
Figure 3.4 shows the two liquid jet orientations studied; a vertical downward jet and a tangential jet.

Jet A

Jet B

Figure 3.4: Jet orientations A and B

Impeller blending
Figure 3.5 shows a 4-blade, T/3 diameter, downward pumping, 45° pitch-blade turbine impeller, which was
studied at a clearance of T/3 from the vessel base both with and without baffles.

4iEPBT
4 - blades

D-T/3
Do\\Tiuard pumping

4 \ baflTcs*!
9t)Elo cach

Figure 3.5: Impeller geometry

Experimental Methods
A range of gas flow-rates was used for the two unconfined gas sparger geometries to give net power inputs
per unit volume spanning the range of values found on-site. Jet flow-rates were selected to provide a similar
range of net power inputs. Jet Reynolds numbers were in the transitional and turbulent flow regimes.
Impeller speeds were selected to ensure turbulent flow (impeller Reynolds number). At the laboratory scale
the speeds required to achieve turbulent flow in 0.6% and 1% CMC resulted in unrealistically high power
inputs. As a result, impeller and unconfined gas results in the more viscous simulants could only be

APPENDIXE. A COMPARISON OF MIXING SYSTEMS...
compared at 2.67m scale.

Blend time determination
The rate of liquid blending can be determined by measuring the time taken for the concentration of a tracer
material to become uniform throughout all of the test volume. Here a salt tracer (NaCI solution ) was used
to follow the rate of blending. The tracer was added to the vessel and its concentration measured using 5
miniature conductivity probes. The blend time experiments were conducted in batch fashion with the tracer
addition position and relative volume matched to those found during the site survey. It soon became clear
that the responses of the probes in different regions of the model digester could vary significantly. This
indicated that fully turbulent flow was not present throughout the model under all test conditions. Visual
observation clearly showed the extent of 'active' and 'inactive' zones. Probe responses in the 'active' zones
agreed well, leading to the adoption of an 'active' zone blend time. All the blend time results presented in
this paper are for the 'active' zone.

Active volume determination
Flow patterns were recorded using a combination of dye and flow followers (neutrally buoyant coloured
plastic shapes). Visual observation and video footage were used to determine the approximate size and
locations of both 'active' and 'inactive' zones in the model digester. Both active volume and blend time
results are presented in the next section.

RESULTS AND DISCUSSION
Figure 4.1 compares actively mixed volumes using continuous (Sparger A) and simultaneous (Sparger B)
unconfined gas addition. The sequential addition of gas through nozzles distributed across the digester

SpmrgerA Oa^CMC
* S p a n ^ B. 0
CMC
" ' Spmro#f A. 0 ^ CMC
Sparger B - 0 6% CMC

P" 8p#fpefA1.%CMC

Figure 4.1: % Active volume Vs P/V for unconfined gas spargers A and B
floor resulted in a much larger actively mixed volume than simultaneous gas addition at equal net power
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input in simulants equivalent to sludges of 2.5% to 5%DS. As expected, increasing sludge thickness from
2.5%DS to 10%DS significantly reduced the actively mixed volume whereas increasing net power input
increased active volume.

Figure 4.2 is a representation of the actively mixed volumes observed using Sparger A. The last regions
to become active were around the circumference of the digester base. As viscosity increases or power input
falls the actively mixed volume shrinks until it forms a narrow cylinder around the gas plume rising from
the four cenrally placed nozzles. Sequential gas addition through a larger number of well-spaced nozzles
prevents the formation of persistent stagnant or 'inactive' zones.

Figure 4.2: Representation of active volumes for sparger A

The blend times measured in the actively mixed volumes using unconfined gas spargers A and B are shown
in Figure 4.3. The blend times for the two sparger types were similar in 0.3% CMC (simulating approx,
2.5%DS digested sludge). However, as the simulated sludge thickness increased, the sequential gas addition
(Sparger B) provided active volume blend times that were significantly shorter at equal net power input.
It was also evident that as sludge thickness increased not only did the active volume shrink but the blend
time within it also rose.

The actively mixed volumes achieved using the two orientations of jets tested are shown in Figure 4.4.
There was little difference between the orientations in 0.3% CMC where the jets were effective at turning
over the fluid in the model digester. However, the actively mixed volumes decreased in 0.6% CMC
(equivalent to 5% sludge DS) where the tangential Jet B with a longer path length performed better than
the vertical Jet A. As simulated sludge thickness increased ftirther (1% CMC equivalent to 10%DS sludge)
the jets became even less effective. Active volumes in 1% CMC were so small at the highest net power
inputs that the experiments were terminated.

APPENDIX E. A COMPARISON OF MIXING SYSTEMS...

- • B - Sparger A . 0.3% CMC
Sparger B 0 3% CMC
•• • • "Sparger A - 0.6% CMC
A

Sparger B

—Sparger A

i%aM

-a

'

P/V(Wm')

Figure 4.3: Active blend time Vs P/V for unconfined gas spargers A and B

#

GO

I

J e l A " 0 3 * CMC
- • — J e t A-0.6% CMC
^
4

Jet B - 0.3% CMC
Jel B - 0 6 * CMC

PNIWAni

Figure 4.4: % Active volume Vs P/V for liquid jet orientations A and B
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— • — Sparger A - 0.3%
( % * ? * B . 0.3%
-O-

JelA.0.3%
J e l B . 0 3%

*

Impeller - 0.3%

PA/ (Wm')

Figure 4.5: % Active volume Vs P/V in 0.3% C M C

An actively mixed volume comparison of all the mixer types tested in 0.3% CMC (2.5%DS sludge
equivalent) is shown in Figure 4.5. The most effective mixers were the sequential gas Sparger B and the
impeller. The two liquid jet orientations were only marginally worse in this low viscosity simulant, whilst
the simultaneous gas addition (Sparger A) gave the lowest active volume. The corresponding active
volume blend times are shown in Figure 4.6. The shortest blend times were achieved using the sequential
gas Sparger B although tests have yet to be carried out at the lower end of the power-input range. The
simultaneous gas Sparger B, impeller and vertical jet A showed similar active volume blend times. Overall
in 0.3% CMC, accounting for both the size of the actively mixed volume and the blend time within it, the
sequential Sparger B performed best followed by the impeller, liquid jets and finally simultaneous Sparger
A.

A comparison of the actively mixed volumes in 0.6% CMC (equivalent to 5%DS sludge) is shown in Figure
4.7. The sequential gas Sparger B provided significantly greater active volumes than the jet orientations.
The simultaneous Sparger A performed poorly compared with the other mixers tested. The active volume
blend times in 0.6% CMC are presented in Figure 4.8. The sequential gas Sparger B gave much shorter
blend times particularly at low net power inputs. Both liquid jet orientations showed longer blend times in
smaller active volumes. The simultaneous Sparger A performed better than the liquid jets at high net power
inputs. Overall, in simulant equivalent to 5%DS digested sludge, blend times for all mixers except Sparger
B increased by roughly an order of magnitude compared with those in simulant equivalent to 2.5%DS
sludge. The sequential gas Sparger B blend times increased with increasing viscosity, but at a slower rate
than the other mixers.
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—•—Sparger A - 0.3%
Sparger B - 0.3%
- *

Jet A - 0 3 *

—A" J e l 8 - 0 . 3 *
*

Impeller -0.3%

P/V (W/m')

Figure 4.6: Active blend time Vs P/V in 0,3% CMC

I

60

—•—SpargerA-0.6

—^Sparger 8-0.6
~ -o- • Jel A - 0 6%
— j W B - 0 6*

PW(WAm')

Figure 4.7: % Active volume Vs P/V in 0.6% CMC
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— • — Sparger A - 0.6
Sparger 6 • 0.6

JelA-Oes
Je*8-0.6*

Figure 4.8: Active blend time Vs P/V in 0.6% CMC

The impeller mixing system could not be compared with the jet and unconfined gas systems at the
laboratoiy scale in 0.6% CMC because of the high net power inputs required to achieve turbulent impeller
Reynolds numbers. This shortcoming was rectified by comparing experimental blend time results using gas
Sparger A in a 15m^ volume 2.67m diameter pilot scale vessel with impeller blend time data for the same
scale and liquid calculated using blend time correlations". The comparison is shown in Figure 4.9. The
predicted impeller blend times were somewhat shorter than those measured for Sparger A at equal net
power input. The tenfold increase in blend time with increasing sludge viscosity from 2.5%DS to 5%DS
equivalents was similar to that seen at the laboratory scale.

- I m p e l l e r - 0 3%
• • Impeller - 0 6%

"Sparger A. 0 3 *
"Sparger A - 0 6 %

Figure 4.9: Active blend time vs P/V for Impeller and Sparger A in a pilot scale model digester
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CONCLUSIONS AND FURTHER WORK
Most digesters in the UK currently use unconfined gas mixing systems with net power inputs of 1.5 to 3.5
W/m^, a majority of these systems feature simultaneous rather than sequential gas addition. At equal net
power inputs with well-spaced difiusers, the manner in which gas flow was introduced into model digesters
had a very significant impact on the size of the actively mixed volume and blend time within the actively
mixed volume. By switching the total gas flow from one diHuser to the next in sequence considerably
greater active volumes and shorter blend times could be achieved when compared with continuously
dividing the total gas flow between all the available diffusers. The superiority of the sequential gas
arrangement increased as the sludge dry solids content and hence viscosity increased. In addition, the
sequential gas addition system provided greater actively mixed volumes which is becoming increasingly
important with new controls over pathogen content and the need for guaranteed residence times.

Comparison of impeller, liquid jet and unconfined gas mixing systems was carried out at equal net power
inputs. The sequential unconfined gas system was the most efficient overall, followed by the impeller
system with marginally longer blend times. The liquid jet systems performed reasonably at low sludge
viscosity but deteriorated sharply at high dry solids equivalents. The unconfined gas system where gas was
supplied simultaneously to all diffusers was the least efficient mixing system.

Significant power savings can therefore be achieved by replacing simultaneous gas addition systems with
sequential systems.

Further work to extend the range of test conditions using the sequential gas mixing system is planned. In
addition, more test work at pilot scale (15 m ')and the use of full-scale data is planned to provide greater
precision when scaling - u p the laboratory findings.
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