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ABSTRACT

Resource recovery from wastewater has attracted significant attention in the circular
economy. Among different technologies, forward osmosis (FO) as an emerging membrane
technology has the potential to transform municipal wastewater treatment plants into
factories for water, nutrients and energy production by concentrating very diluted municipal

wastewater for direct nutrients recovery and subsequent water and energy recovery.

Although FO membrane has much lower fouling propensity than reverse osmosis (RO) due
to much lower pressure applied to membrane, fouling is still one of the barriers to the FO
application. The first technical chapter of this thesis investigated the concentration of
synthetic and real municipal wastewater to 90% water recovery rate by two different
configurations, i.e., hollow fiber and flat sheet thin film composite (TFC) FO membranes,
and their associated membrane fouling and cleaning. Results show that the FO membrane
had high rejection rates of COD, phosphate, Ca?* and Mg?* with concentration factors at
around 8 when achieving a 90% water recovery rate, which facilitated downstream
phosphate recovery by direct precipitation and energy production by anaerobic digestion
(AD). The significantly increased Ca?* and phosphate concentrations after FO filtration with
90% water recovery was found to be the main factor contributing to inorganic scaling, which
was harder to be cleaned by physical cleaning compared with cellulose particles used to
simulate suspended solids (SS) in synthetic wastewater. Both hollow fibers and flat-sheet
configurations are found not to be suitable for treatment municipal wastewater without prior
SS removal although flat sheet configuration was still able to achieve a 90% water recovery
rate but with water flux of only 7.5 L/m?-hr at 90% water recovery rate while hollow fiber FO
was completely clogged with operation failure. The use of a spacer in the flat sheet
configuration did not alleviate membrane fouling during the membrane filtration process, but
it improved the efficiency of the following physical cleaning by around 15%. This study
highlighted the importance of the chemistry of feed solution (FS) and draw solution (DS)
and FO membrane configuration on membrane fouling particularly at high water recovery

rates and the necessity of pre-treatment of municipal wastewater.

For wastewater treatment with FO, it has been widely reported that FO has very low
ammonium rejection primarily due to the negative charge nature of membrane. This restricts
the application of FO for wastewater treatment particularly with a purpose of ammonium
and water recovery. The second technical chapter in this thesis thus aimed to enhance
ammonium rejection in the FO process by selecting DSs with different physiochemical

characteristics. Results show that under the same osmotic pressure divalent cation DS (i.e.



Mg?*) with larger hydrated radius resulted in a higher ammonium rejection than monovalent
cation DS (i.e. Na*) with lower hydrated radius. For the same cation based DS, DS with
lower diffusion coefficient showed higher ammonium rejection. These results imply that
impeding the exchange of cation in DS with ammonium in FS by increasing cation radius or
reducing diffusion coefficient could minimize the ammonium permeation to DS. Non-ionic
DS such as glucose, glycine and ethanol are able to minimize cation exchange between
feed and draw solutions, leading to a 98.5-100% ammonium rejection rate. This further
validate that even with negative charge of membrane, cation exchange between FS and DS
is critical for ammonium permeation. The treatment of filtered municipal wastewater and
sludge digestate with glucose and NaCl as DSs, respectively, proved that the non-ionic
nature of glucose resulted in a high rejection rate not only for ammonium, and other cations
such as Ca?* and Mg?* but also for anion such as PO,*". This is for the first time that a
generic guideline could be proposed based on cation exchange mechanism for the selection

of DS in wastewater treatment especially when ammonium and water recovery is a concern.

To recover water from municipal wastewater, FO is usually needed to combine with other
technologies. Membrane distillation (MD) offers a promising solution for simultaneous water
recovery from DS and DS regeneration when waste heat is easily available. Although the
integrated FO-MD system was studied in literature, temperature effects and heat balance
in such integrated system are unclear. In the third technical chapter, the effect of FS and
DS temperatures was examined. In addition, ammonium permeated from FS to DS was
studied in the MD configuration for its potential contamination to the recovered water. It is
found that higher FS and DS temperatures resulted in a higher water flux and a higher RSF
from either NaCl or glucose as DS due to the increased diffusivity of molecules. However,
the water flux increased at a higher rate with glucose DS than with NaCl DS by 10-14.8%,
while the RSF increase rate with NaCl DS was two times higher than glucose DS. In
addition, the use of NaCl DS at higher DS and FS temperatures such as 50 and 42 °C,
respectively, resulted in more ammonium permeation from the FS to the DS, whereas
ammonium was completely rejected with glucose DS even at high temperature. These
results are very important because in the integrated FO—MD system at higher temperatures
such as 50 °C, the advantage of high flux of NaCl as DS was not increased significantly
while the disadvantages of high RSF of NaCl and lower ammonium rejection were greatly
amplified. On the contrary, the disadvantage of low water flux of glucose as DS was
overcome at 50 °C while 100% ammonium rejection was still maintained. This implies that
temperature needs to be an important factor for the consideration in selecting DS in FO-MD
system. Furthermore, a simple heat balance calculation suggests that if there was no heat

recovery in the FO-MD system, waste heat from power plants is far less than the heat



demand in such systems for municipal wastewater treatment. An internal heat exchange
between different streams was proposed to maximize the efficiency of heat utilization, but
unarguably it would increase the complexity of the FO-MD system. Further study is needed

regarding heat efficiency.

Overall, this project shows that the FO membrane fouling, the associated cleaning methods
and ammonium rejection can be enhanced by understanding the feed and draw solutions
chemistry. In addition, this project highlights the importance of the operation temperature

when selecting the DS and the necessity of internal heat recovery in the FO-MD system.
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Chapter 1: Introduction

1.1 Research motivation

Water, energy and nutrients are essential resources for the development of economic and
social aspects (Valladares et al., 2013; Mehta et al., 2015). Owing to population growth and
industrial activities, the demand for these resources has recently increased significantly,
leading to their scarcity (Ray et al., 2018). Only around 2.5% of Earth’s water is fresh, and
97.5% is saltwater. As a large part of freshwater is either frozen or difficult to access, only
0.007% of Earth’s water is accessible and available for direct use (Le and Nunes, 2016).
Water pollution caused by industrial activities, oil exploration, mining and pesticide residue
used in agriculture affects part of this freshwater (Le and Nunes, 2016). As a result, around
1.79 billion people live in areas with a high shortage of water, and this number is expected
to increase to 3.59-6.22 billion by 2050 (Grafton, 2017). Water reclamation and reuse from
municipal wastewater can help minimise the high demand for freshwater worldwide. For
example, water recovery from municipal wastewater helped to supply around 25% of the
potable water needed in the city of Windhoek in Namibia (Verstraete and Vlaeminck, 2011).
In Chennai, India, 15% of the population’s water demand was covered by reusing municipal
wastewater (Kehrein and Garfi, 2020). Xi’an University in China reported that treatment of
water from toilet flushing, gardening and landscaping helped reduce 50% of freshwater

consumption on campus (Kehrein and Garfi, 2020).

Currently, the global energy problem is mainly related to the limited fossil energy supply
and its environmental impacts: energy lifecycle, mining, emissions, waste disposal and
recycling (Zhao et al., 2012). Developing sustainable technology that can gradually replace
non-renewable fossil fuels is essential to solving these issues. Energy sustainability can be
achieved by converting energy from natural and renewable resources (e.g. biomass and
water) into useful energy (e.g. electricity) and energy storage systems for remote or long-
term usage (Le and Nunes, 2016). For example, energy recovery from municipal
wastewater can significantly save the total energy consumption of wastewater treatment
plants (WWTPs). In fact, the chemical energy in typical sewage wastewater is five times

higher than that needed for its treatment (Kehrein and Garfi, 2020).

Protecting downstream users from health hazards is the main reason for the treatment of

wastewater (Kehrein and Garfi, 2020). In the past decades, nutrient pollution in the



receiving water bodies (eutrophication) has been controlled with strict regulations to protect
the natural and aquatic systems (Bloem et al., 2017). Therefore, technologies to remove
phosphorus and nitrogen have been applied to WWTPs (Kehrein and Garfi, 2020). The
conventional activated sludge (CAS) process is the most widespread technology used to
achieve this target (Batstone and Virdis, 2014). Even though CAS treatment can meet the
legal effluent standards for phosphorus and nitrogen, its low potential for resource recovery,
high-energy demand, large footprint and high cost make this process unsustainable
(Kehrein and Garfi, 2020). Recently, phosphorus demand has increased due to population
growth (Qiu et al., 2015). After 2040, the production rate of economically available
phosphorus reserves is expected to peak, and demand will exceed supply. Consequently,
the depletion of rock phosphate reserves could occur in the next 50-100 years (Cordell et
al., 2009; Desmidt et al., 2015). Thus, more attention has been paid to large-scale
phosphorus recovery that is economically feasible. Municipal wastewater is considered one
of the main sources to achieve this target, as the world demand for phosphate rock could
be reduced by 20% by recovering phosphorus from municipal wastewater (Yuan et al.,
2012). Furthermore, nutrient recovery from municipal wastewater not only reduces the
speed of phosphorus depletion but also helps to save water and energy. Recovering
nutrients decreases the demand for fossil-based fertilisers; therefore, the water and energy

used to produce traditional fertilisers are conserved (Mo and Zhang, 2013).

Although different techniques have been adopted to recover nutrients, energy and water
from municipal wastewater such as by digesting excess sludge, applying stabilised sludge
to land and filtrating treated water by RO, the recovery efficiency is very low due to indirect
resource recovery approaches used. If very diluted municipal wastewater could be
concentrated cost-effectively, a direct recovery of nutrients by chemical precipitation, a
direct energy recovery by anaerobic digestion with high COD at even mesophilic and
thermophilic conditions and a recovery of water could be feasible easily and economically.

Many countries around the world consider desalination to be a sustainable water process,
especially in the Middle East (Zhang et al., 2016). For example, the water supply in Kuwait
and Qatar for industrial and domestic uses can be 100% satisfied through the desalination
process (Le and Nunes, 2016). According to Markets (2020), the membrane market is
estimated to increase from $5.4 billion in 2019 to $8.3 billion by 2024. Saudi Arabia, Brazil
and India are expected to rank the highest in membrane consumption in the future. Several
reasons can explain the rise of the membrane market, such as the shift from chemical to

physical water treatment, strict regulations of water standards, population growth, rapid



industrialisation and increasing awareness of wastewater reuse (Markets, 2020). With a
high rejection of contaminants, the RO membrane is the widest membrane used in WWTPs
(Voorthuizen et al., 2005; Holloway et al., 2007; Boo et al., 2013). However, pre-treatment
prior to the use of RO membranes (e.g. nanofiltration) is required to control membrane
fouling (Lutchmiah et al., 2014). Furthermore, the RO process is energy intensive, as
hydraulic pressure is the driving force of RO (Lotfi et al., 2018). Desalination processes
consume around 75.2 TWh per year, most of which are related to the RO process (Chaoui
et al., 2019). Therefore, looking for advanced separation technologies that can concentrate
organics and nutrients from municipal wastewater to facilitate their further recovery and
achieve low fouling propensity and energy consumption is critical to develop a sustainable

wastewater treatment process.

FO is a membrane separation technology that works without hydraulic pressure (Korenak
et al., 2017). It transmits water from the FS, which is the side where the concentration of
soluble substances is low, through a semi-permeable membrane to the DS, which is the
side where the concentration of soluble substances is high (Nicoll, 2013). This movement,
which takes place under the osmotic pressure gradient, happens spontaneously. The
technology presents several benefits, including eliminating a high quantity of pollutants,
producing high-quality permeate and conserving energy while producing low membrane
fouling (Chaoui et al., 2019). Based on this concept, an innovative idea for the treatment of
municipal wastewater has recently been proposed. Using this idea, the FO process is used
to concentrate municipal wastewater before it is transmitted to the struvite or hydroxyapatite
crystallisation or anaerobic reactor for the recovery of nutrients and the production of biogas
(Yang et al., 2019). The use of FO requires another step in which the DS is reconcentrated
and clean water is recovered (Wang et al., 2011). An external energy supply is needed for
this second step. In the entire FO process with DS regeneration, separating the permeate
water from the DS uses most of the required energy (Minier-Matar et al., 2016). Based on
the regeneration method of this DS, this second step can be accomplished with the use of
low-grade energy, which could also be renewable. An example of a technology that uses
low-grade heat to facilitate separation MD. An amalgamation of FO and MD can be used to
treat municipal wastewater and high-salinity water with a low consumption of energy
(Husnain et al., 2015). Owing to the absence of applied hydraulic pressure, the fouling
propensity of both FO and MD is expected to be lower than that of RO (Chaoui et al., 2019).

Even though the integrated FO-MD system has the potential for resources recovery

application from municipal wastewater, there are still challenges to overcome. These



include FO membrane fouling, how to enhance ammonium rejection by the TFC FO
membrane, the ability of the MD membrane to reject ammonium in the DS, and temperature
effects on the integrated FO-MD system.

1.2 Knowledge gaps

FO is still in the early stages of development, and several challenges need to be overcome
to make concentration by FO membrane more viable and sufficient. Firstly, fouling is a
crucial issue for all membrane processes, as it affects membrane performance. There was
no clear investigation of the fouling and performance of the FO membrane to treat municipal
wastewater by combining both nutrients and organics enrichment and water recovery at a
higher rate (90%) that is required to achieve the desired concentrations of COD and
phosphorus from low strength municipal wastewater to facilitate their subsequent recovery.
In addition, most FO studies focused on the use of synthetic FS without suspended solids
(SS) or filtered municipal wastewater in the plate and frame configuration as it is easy to
install. Membrane configuration plays an important role in the FO system. Recently, the
hollow fiber FO configuration has been developed and could offer potential advantages over
plate and frame configuration such as higher packing density, lower manufacturing cost and
better hydrodynamics conditions that can enhance the shear forces on the membrane
surface (Minier-matar et al., 2016). Until now, there have been limited studies on the hollow
fiber configuration due to manufacturing complexity. Thus, further research is required on
the hollow fiber FO configuration to be compared with the plate and frame configuration in
terms of membrane fouling. Ca?* is an essential factor that could cause inorganic fouling
during the FO process. Lastly, comparing the up-concentration of synthetic wastewater with

real wastewater by the TFC membrane in different FO configurations is lacking of study.

Secondly, most available studies to concentrate municipal wastewater in the FO process
focused on using NaCl as the DS because it is highly soluble, non-toxic at low
concentrations, and relatively easy to re-concentrate using conventional desalination
processes. A higher diffusion of cations relative to anions for the TFC membranes than CTA
membranes was reported, attributing this phenomenon to different surface charges of TFC
and CTA membranes (Coday et al., 2013; Lu et al., 2014). As a result, several studies had
reported that ammonium (NH4*) was not effectively rejected by the TFC membrane when
NaCl was used as a DS in the FO process. The lower NH.* rejection is attributed to
bidirectional diffusion of NHs"of FS and Na* cations of DS (Arena et al., 2014; Hu et al.,

2017). To further improve NH.* rejection in the TFC FO membrane process, most
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researchers focused on improving the membrane properties. Whereas introducing another
DS with different physiochemical properties could help to minimize cations exchange
between FS and DS and enhance NHjs'rejection by the TFC FO membrane filtration
process. However, and to the best of the author’'s knowledge, no previous studies have
evaluated the effect of different DSs types (ionic and non-ionic) with different
physiochemical properties DS on ammonium rejection during the TFC FO filtration process.

Thirdly, most previous studies for FO and MD systems were operated separately without
considering the effect of FS and DS temperatures on the FO process (DS replacement cost,
fouling and contaminate rejection). Further study is needed to investigate whether the FS
and DS temperatures will have different effects when using ionic and non-ionic DSs (i.e.
NaCl and glucose). In addition, although that previous studies demonstrated the feasibility
of the integrated FO-MD process for following resources recovery application, a heat
balance is important to understand if internal heat recovery is necessary for the integrated
FO-MD system.

1.3 Aim and objectives

This study aimed to investigate the performance of municipal wastewater treatment using
TFC membrane based FO technology for the potential recovery of water, nutrients and
energy in the downstream. To achieve this overall aim, the project was conducted with the

specific objectives as shown below:

Objective 1: Investigate the technical aspects of concentrating municipal wastewater using
TFC FO membrane filtration with a purpose for the downstream recovery of water, nutrients

and energy.

Objective 2: Understand the effects of physiochemical properties of the DS on the rejection
of pollutants especially ammonium cations contained in municipal wastewater to facilitate

downstream water and nutrient recovery.

Objective 3: Examine the temperature effects of FS and DS on municipal wastewater
treatment in an integrated FO-MD system for DS regeneration and water recovery and its

implication on heat demand and the design of FO-MD systems.



1.4

Thesis structure and the correlation between different

chapters

This thesis is structured as follows (Fig 1.1):

Chapter 1 defines the research motivation, knowledge gaps, aim and objectives and
significance and novelty of this research.

Chapter 2 explains the current situation and problems during municipal wastewater
treatment for a resources recovery application. In addition, the current technologies
used for resources recovery and the state of the art of the FO and MD membranes
with the focus on the treatment of municipal wastewater to identify the knowledge
gaps are summarized in detail.

Chapters 3 evaluates the ability of the selected TFC FO membrane to concentrate
phosphate and COD in the FS at a high water recovery rate (90%). The effects of
the selected FO membrane on the water flux, ammonium, Ca?, Mg?" and K*
rejections, pH and membrane fouling of the concentrated FS are investigated. In
addition, the effects of SS and Ca?" concentrations on TFC membrane fouling for
resource recovery applications during the TFC FO filtration process are also studied.
The efficiency of different membrane cleaning methods during synthetic and real
municipal wastewater filtration is also investigated.

Chapter 4 focuses on enhancing the poor ammonium rejection by the TFC FO
membrane obtained from Chapter 3 by selecting the appropriate DS. The effect of
FS chemistry using synthetic municipal wastewater, real municipal wastewater and
sludge digestate on ammonium rejection is also investigated.

Chapter 5 elucidates the temperature effects on the integrated FO-MD system.
These include the key challenges presented in Chapters 3 and 4, such as water flux,
reverse solute flux (RSF), membrane fouling and ammonium rejection. In addition,
internal heat recovery is proposed to maximize the efficiency of the integrated FO-
MD process.

Chapter 6 presents the conclusions and recommendations for further research.
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1.5 Significance and novelty

The present study investigated FO membrane fouling in two configurations, i.e. flat sheet
and hollow fiber, treating municipal wastewater with the purpose of resource recovery. In
this case, the water recovery rate must be around 90%. How FO membrane fouling
develops and how the membrane could be cleaned, how particle and inorganic precipitation
contribute to fouling and affect cleaning under the high water recovery rate (i.e. 90%) have
not to be studied so far. This study reports the results and conclusions on these research
questions for the first time.

Forward ammonium diffusion to DS in TFC FO is still one of the barriers to real application.
Significant efforts have been put to modify functional groups of the FO membrane surface
from negative charge to positive charge to improve ammonium rejection, but the change in
charge could cause other unfavourable consequences such as reduced anion rejection.
The present study aims to develop an alternative but practical strategy to enhance
ammonium rejection by selecting an appropriate DS based on the study of the mechanism
of ammonium permeation. To the best of the author’s knowledge, the fourth chapter in the
current study reports the enhancement of ammonium rejection for the first time by selecting
DS based on physiochemical properties of chemicals and less possible cation exchange,
which contributes to the criteria of DS selection. The findings in this study could also be
used to develop or select more effective and cost-effective DS for wastewater treatment
with ammonium rejection and recovery considered. Furthermore, the study sheds light on
the mechanisms of FO for the rejection of small ions, which could be used to develop better

FO membrane in future.

Thirdly, how the FS and DS temperatures affect the FO process in terms of membrane
fouling and the rejection of nutrients and organic matter (COD) needs further investigation.
In addition, as the volatility of ammonium increases with the increase in pH, temperature
and ammonium concentrations in the DS (Vaneeckhaute et al., 2017; Bae et al., 2020),
further research is still needed to understand the effect of the DS pH and ammonium
concentration on ammonia vapour pressure to produce a clean water by the MD membrane.
Results from this study can be used as guideline for the development of the integrated FO—
MD system by understanding how the variation of FS and DS temperatures will have

different effects on the FO process with different DSs, how the DS type and pH will affect



ammonia vapour during the MD membrane filtration process and how the use of internal

heat recovery helps to reduce the external heat demand for the integrated FO-MD process.
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Chapter 2: Literature Review

Different wastewater treatment processes have been used in order to minimize water
pollution, such as chemical precipitation, enhanced biological phosphorus removal (EBPR)
and membrane filtration. This chapter contains a literature review of the characteristics of
municipal wastewater and the current state of resources recovery from municipal
wastewater. A comparison of the advantages and disadvantages of each technology is
listed. Moreover, the use of FO in wastewater is criticality evaluated, including the factors
that affect the overall performance of this process. In addition, this chapter provides the
state of art of the integrated FO- MD system for wastewater treatment.

2.1  Municipal wastewater characteristics

Wastewater from residential activities, such as human body wastes (urine and faeces),
water for flushing toilets, personal washing, laundry and cleaning of kitchen utensils, is
called municipal wastewater (Pelaz-Pérez, 2016). Table 2.1 shows the typical

characteristics of municipal wastewater.

Table 2.1: Typical municipal wastewater composition (Metcalf and Eddy, 2008).

Concentration (mg/L)

Pollutant Weak Average Strong

Total solids 350 720 1200
Total suspended solids (TSS) 100 220 350
Total dissolved solids (TDS) 250 500 850
Volatile suspended solids (VSS) 80 165 275
Volatile dissolved solids (VDS) 105 200 325
Ammonia nitrogen 12 25 50
Total nitrogen 20 40 85
Phosphorus 4 8 15
Oil and grease 50 100 150
Five-day biochemical oxygen 110 220 400

demand

Chemical oxygen demand (COD) 250 500 1000
Total organic carbon 80 160 290
Alkalinity (as CaCO3) 50 100 200
Chlorides 30 50 100
Sulphate 20 30 50
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Treating municipal wastewater is important to avoid health hazards and environmental
pollution (Ordéfiez et al., 2014). As previously mentioned, nutrients are one of the main
sources of eutrophication that adversely affect the receiving water bodies, and removing
them from municipal wastewater is important (De-Bashan and Bashan, 2004; Zhu et al.,
2021). As shown in Table 2.1, the phosphorus concentration is 4-15 mg/L, and the ammonia
nitrogen concentration is 12-50 mg/L. The type of treatment process depends mainly on the
effluent quality standards set by law. The European Water Framework Directive sets a
maximum allowable effluent concentration of 1 mg/L (10.000-100.000 p.e.) for nitrogen and
2 mg/L (more than 100,000 p.e.) for phosphorus (Ye et al., 2017).

A major limitation that restricts resource recovery from municipal wastewater is the low
concentrations of phosphorus, ammonium and organic matter. As shown in Fig. 2.1, the
solids content of municipal wastewater is approximately 0.5%, which does not make
nutrients and energy recovery economically applicable (Ansari, 2017). Therefore, nutrients
and organic matter must be concentrated before they are recovered from municipal
wastewater.

Content (%) Economic Resource Value (%)

Water 99.5% Water 88%

Energy 6%
Ammonium 4%

Solids <0.5%

Fig. 2.1. Resource content and economic value of municipal wastewater (adapted from
Ansari, 2017).

2.2 Recovering fresh water from municipal wastewater

The primary motivation for water reclamation is to produce the highest water quality to
protect human health and avoid operational risks. Among the different wastewater treatment
technologies, membrane processes have the advantage of meeting the effluent standards
for municipal WWTPs (Ordofiez et al., 2014). Several membrane processes, such as

nanofiltration and RO, can effectively recover water from waste streams. However, they are
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limited by membrane fouling and high energy demand (Mehta et al., 2015). FO is a novel
membrane separation process that is gaining increasing interest. Not only is FO a high
rejection process, it can also effectively concentrate nutrient and organic contents in the
waste stream effluent, providing a favourable condition for subsequent recovery (Ansari et
al., 2017). In the FO system, the membrane is placed between two solutions: FS and DS.
As the DS has a much higher concentration of solutes than the FS, the osmotic pressure
difference across the membrane naturally moves the water from the FS to the DS (Fig. 2.2)
(Zhang et al., 2014a; Rayet al., 2018; Zhu et al., 2021).

FO membrane

Diluted FS Diluted DS

Concentrated Concentrated
FS Ds

Wvater flow from FS to DS
by osmotic pressure

Fig. 2.2. Water extraction in the FO filtration process.

In comparison with other membrane processes, FO has the following main advantages
(Nguyen et al., 2016; Ansari, 2017; Garcia, 2018; Nascimento et al., 2018; Ray et al.,
2018):

1) Lower fouling propensity (Fig. 2.3).
2) Lower energy consumption as water moves to the highly concentrated solution
through osmotic pressure (Fig. 2.4).

3) Longer lifespan of the membrane.

o 7 .
A lw,‘g\f‘;q}"r’«ﬁ;‘ ot ER R A

QUL S
il AN
ROPRS RO WG 3

PERMEATE

FORWARD OSMOSIS FOULING REVERSE OSMOSIS FOULING

Fig. 2.3. Membrane fouling in the FO and RO processes (adapted from Perry, 2014).
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Forward Osmosis Reverse Osmosis
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Fig. 2.4. Schematic diagrams of the FO process illustrating the direction of water flux in the
FO and RO systems (adapted from Muzhingi, 2016).

Siddiqui et al. (2018) compared the fouling behaviour between FO and the RO processes
at the same initial water flux of 18 L/m2-hr by using 200 mg/L alginate, 45 mM NaCl and 5
mM CacCl; as FS. The results from the comparison showed that although the FO and RO
had similar water flux decline during fouling tests, the FO foulant resistance was found to
be greater than RO. These results suggest that the water flux stability against fouling for the
FO membrane is better than the RO membrane. Another study by Field et al. (2021) focused
on fouling and cleaning both FO and RO membranes by using 200 mg/L alginate, 45 mM
NaCl and 5 mMCacCl, as FS. After 1000 min of filtration, the normalized water flux of the FO
membrane was 17.34% greater than the RO membrane. After membrane flushing, the initial
water flux recovered for the FO membrane was 99.89% greater than 83.78% for the RO
membrane. These results indicated that the FO membrane was less sensitive to fouling
than the RO membrane. Notwithstanding the several benefits for the FO process, large
scale implementation is hampered by a lack of economic feasibility analysis and proper
membranes, which constitute the primary conditions for commercial success (Zarebska-
Mglgaard et al., 2021). Moreover, there are current limitations regarding developing a large-
scale operational process because of the dearth of appropriate DS. The leading problem in
developing a suitable DS is their separation and reclamation from the product water,
particularly for applications involving drinking water. It is important that the recovery process
is not expensive or consumes high amounts of energy. If that were the case, the advantages
of the FO process in comparison to other membrane technologies like RO would not be
realised (Shon et al., 2015).

14



FO must be integrated with another filtration process (e.g. RO or MD) to recover fresh water
from the DS and to re-concentrate the diluted DS (Husnain et al., 2015; Xie, 2015). For
more sustainable desalination technology, MD is the most favourable process that can be
integrated successfully with the FO process (Wang, 2018). In the MD non-isothermal
membrane process, thermal energy is used to provide a vapour phase of volatile molecules
on the feed side and condensing the permeated vapour on the other side. Thus, the driving
force in the MD process is the temperature difference between the feed and permeate sides
(Shirazi and Kargari, 2015). The low-grade heat (e.g. waste heat or solar heat) can be used
in MD processes for an economical and energy-efficient desalination process (Xie et al.,
2013a; Husnain et al., 2015). In comparison with the RO process, the MD has the following
advantages (Husnain et al., 2015; Wang, 2018):

1- MD has lower energy consumption than RO.
2- Membrane fouling is lower than RO.
3- MD has high rejection factors.

Membrane fouling is a severe problem for stand-alone MD processes. However, when
integrating FO and MD into a single system, FO helps to reduce membrane fouling in the
MD process by removing substances from the FS (Husnain et al., 2015).

Although the integrated FO-MD is a promising technology for resources recovery from

municipal wastewater, there are challenges as well to overcome:

1- The FO membrane fouling.
2- Ammonium rejection by the TFC FO membrane.

3- Effect of operating temperatures on the integrated FO process (i.e. FO-MD).

Each of these challenges is discussed in the following sections.

2.3  Nutrient recovery from municipal wastewater

Nutrient recovery from municipal wastewater not only controls eutrophication but also
reduces the speed of phosphorus depletion (Tran et al., 2014). For economic reasons,
phosphorus recovery from municipal wastewater is now practised only in a few WWTPs in
developed countries. Experts expect that recovering phosphorus from municipal
wastewater will be widely practised in industrialised countries over the next 20 years
(Sartorius et al., 2012).
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Phosphorus recovery provides many advantages to the environment and society. For
example, recovering phosphorus from wastewater or sewage sludge can potentially help
control eutrophication and provide a source of fertiliser (Kumar and Pal, 2015). Additionally,
phosphorus recovery from wastewater reduces the clogging problem in pumps and pipes
(Tarayre et al., 2016). To recover phosphorus from municipal wastewater, phosphorus has
to be pre-concentrated or transformed from a liquid to a solid phase (Mayer et al., 2016).
Chemical precipitation is the most popular technology used to remove phosphorus from
wastewater due to its high removal efficiency, which meets the discharge standard (Melia
et al.,, 2017). Conversely, EBPR is the most environmentally friendly technology for the
luxury uptake of phosphorus to sludge under aerobic conditions; it releases phosphorus to
liquid during anaerobic digestion (AD) to facilitate struvite precipitation for nutrient recovery
(Manyumba et al., 2009). When the phosphorus concentration in wastewater is high,
chemical precipitation is considered more efficient (Melia et al., 2017). Therefore, chemical
precipitation is preferred to EBPR when strict effluent regulations are enforced on WWTPs
(Nancharaiah et al., 2016). However, chemical precipitation technology has two main
disadvantages: the cost and requirement of chemical additions and the generation of huge
volumes of sludge that are unsuitable for reuse (Melia et al., 2017). Furthermore,
phosphorus in aluminium-P and ferric-P solids is considered unrecoverable for possible

industrial processing into fertiliser (De-Bashan and Bashan, 2004; Melia et al., 2017).

Currently, EBPR processes provide the pre-accumulation of phosphorus required in most
full-scale phosphorus recovery technologies. In the EBPR process, the anaerobic process
is the first step where the organisms in the wastewater or activated sludge hydrolyze
polyphosphates and release phosphorus from cells in the form of orthophosphates,
absorbing simple organic compounds from the environment and storing them in the form of
poly-b-hydroxybutylic acid. Following the previous step, the wastewater or activated sludge
go into an aerobic process, where the bacteria which have the ability to store larger amounts
of phosphorus that is necessary for their physiological needs begin to retain phosphorus in
the form of polyphosphate (Egle et al., 2016; Cieslik and Konieczka, 2017). EBPR
processes can typically remove up to 85% of phosphorus in municipal wastewater influents
(Ramasahayam et al., 2014). Compared to chemical precipitation, EBPR is considered
more sustainable and can offer significant economic advantages for large WWTPs
(Manyumba et al., 2009). With less or no chemical addition, EBPR has the potential for full-
scale phosphorus recovery (Melia et al., 2017). However, when legislation requires low
phosphorus concentrations in effluent discharge, chemical precipitation is coupled with

EBPR to ensure that effluent requirements are met (Kim and Chung, 2014). EBPR must be
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installed and operated for subsequent struvite formation. Approximately 20% of European
WWTPs use EBPR for phosphorus removal, considerably limiting the application of struvite
recovery technology (Bluetech Research, 2015). Additionally, EBPR has complex
operations and large space and energy requirements (Melia et al., 2017).

For an economic struvite recovery, the phosphorus concentration should be more than 50
mg/L in the wastewater influent (Qiu et al., 2015). The liquid effluent produced from
anaerobically digested sludge is a promising opportunity for nutrient recovery in WWTPSs.
However, it is still insufficient to provide an economically viable recovery (Ansari et al.,
2017). Currently, chemical precipitation using magnesium and calcium ions is the most
widely used process to recover phosphorus from wastewater because of its high stability
and efficiency (De-Bashan and Bashan, 2004; Corre et al., 2009). Magnesium and calcium
react with phosphate to form struvite and hydroxyapatite, respectively. The recovered
struvite can be directly applied in agriculture, while hydroxyapatite can be used in the
phosphate industry (Ye et al., 2017). However, as the recovered phosphate comes directly
from sewage sludge, there is a risk of introducing hazardous organic pollutants or
pathogens. Thus, further treatment processes may still be needed for the obtained materials
(Cieslik and Konieczka, 2017). Another way to recover phosphorus is through the direct use
of sewage sludge as a fertiliser. However, it may affect the food supply by introducing
chemical and biological contaminants into the environment. Moreover, a huge amount of

sewage sludge must be transported, which is very costly (Melia et al., 2017).

Recently, phosphorus recovery from thermo-chemical applications has gained wide
interest. The incineration of sewage sludge at a temperature below 700°C results in ash-
rich residue with phosphate, which can be applied to the struvite recovery process (Yuan et
al., 2012). However, the presence of other elements, such as copper, mercury, aluminium
and iron, requires further pre-treatments (mechanical, thermal and chemical) for
phosphorus separation (Mehta et al., 2015). As a result, the direct use of sewage sludge
ash as a fertiliser is limited. From an economic point of view, note that phosphorus recovery
through a thermo-chemical application can only be operated on a large scale WWTPs
(Kataki et al., 2016; Melia et al., 2017).

For a cost-effective recovery of nitrogen as ammonium from wastewater through struvite
precipitation or ion exchange, NH.-N concentration must be more than 5 g/L in the influent

(Deng et al., 2021). However, municipal wastewater contains less than 0.50 g NH.-N/L.

17



Therefore, it is more feasible to use nitrification/denitrification processes to remove nitrogen

from wastewater (Ansari, 2017).

Recently, special attention has been paid to emerging osmotically driven membrane
processes (e.g. FO), which have a high rejection of contaminant solids and the ability to
enrich nutrients for subsequent recovery (Gao et al., 2018; Xiao et al., 2018; Kumar et al.,
2019). Qiu et al. (2015) reported that phosphorus could be directly recovered from municipal
wastewater by combining a microfiltration (MF) membrane within an osmotic membrane
bioreactor (OMBR) in the form of calcium phosphate using brine as a DS. Although that
previous studies showed the ability of the FO membrane to concentrate phosphorus from
municipal wastewater for following recovery by struvite or hydroxyapatite precipitation (Qiu
et al., 2015; Xue et al., 2015; Wang et al., 2016; Ansari et al., 2017), however, membrane
fouling and the low ammonium rejection in the TFC FO membrane are still issues that need
further study.

2.4  Energy recovery from municipal wastewater

As mentioned in Chapter 1, treating municipal wastewater to meet statutory standards is
energy intensive. The energy demand for WWTPs is expected to increase in the future due
to population growth and effluent requirements (Stillwell et al., 2010). AD is the most
effective technology used to recover energy from WWTPs (Batstone and Virdis, 2014).
Additionally, AD not only recovers energy by producing methane-rich biogas but also
addresses the sludge management requirements in WWTPs (about 50% of the total
operating cost) (Ansari, 2017). However, producing biogas from municipal wastewater
through AD is feasibly ineffective due to the low organic matter concentration (Zhang et al.,
2014b). Pre-treatments, such as FO, that concentrate the organic content in municipal
wastewater are necessary to increase the overall energy recovery in the AD (Verstraete et
al., 2009). As shown in Fig. 2.5, the biogas produced from the AD can be used to supply
the energy requirements of the proposed integrated FO system. Moreover, anaerobic
treatment enhances the chemical availability of phosphorus and ammonium for subsequent

recovery.
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Fig. 2.5. Schematic of the integrated FO-MD system for energy and nutrient recovery

through anaerobic treatment.

2.5 FO for wastewater

Recently, FO has gained much interest as an emerging desalination process. The concept
of the FO process using an osmotic pressure difference as the driving force has led to a
reduction in energy consumption. FO has better membrane fouling resistance than other
membrane processes (Xie et al.,, 2014). In addition, the ability of FO to reject emerging
substances, pathogens, saline water and total dissolved solids from complex solutions has
been reported (Lutchmiah et al., 2014). FO is still in the early stage of development, with
fewer than 420 publications published in 2021 (Fig. 2.6). The data in Fig 2.6 clearly show
that the FO process has gained much attention recently for the advancement of water

treatment and desalination (Ray et al., 2018).

19



400 |-

300

200

Number of FO publications

100 |

2010 2011 2012 2013 2014 2015 2016 2017 2018 2019 2020 2021
Year

Fig. 2.6. Publications related to FO from 2010 to 2021 (numbers of the FO publications

were extracted from Scopus).

During the FO process, the water transport is driven by an osmotic pressure difference
between the FS and DS across a semipermeable membrane. The water flux (Jw) can be

expressed using the following equation:
Jw = A (TTp,p — TTF,b) Equation 2.1

where A is the water permeability coefficient of the membrane (L/m?-hr.bar), 7Tp,» is the bulk

osmotic pressure of the DS (bar) and 7tr . is the bulk osmotic pressure of the FS. This
equation assumes that an ideal membrane is used whereby the DS does not reverse to the
FS, as well as the existence of an ideal osmotic pressure gradient between both sides of
the FO membrane. Other factors such as concentration polarization (CP), RSF and
membrane fouling contribute to the lower water flux than expected water flux behaviour

observed during FO operation (Ansari et al., 2017).

In comparison with conventional wastewater treatment (Fig. 2.7), the proposed FO-MD
process requires much lower energy (Fig. 2.8). In addition, the FO—MD process not only

focuses on water recovery but also facilitates nutrient and energy recovery.
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2.6  Factors affecting the FO process

It is important to understand the factors affecting the FO process’s performance. This
process is affected by several factors, such as membrane properties, membrane
configuration, DS properties, CP, membrane fouling and process conditions (Mamisaheby
et al.,, 2012; Lutchmiah et al., 2014). Each factor will be described in the following

subsections.

2.6.1 Membrane properties

Feed solute transport and water permeability are highly related to membrane properties
(Xue et al., 2015). A typical FO membrane material must have a better water flux, be
appropriate to the selected DS, and be able to tolerate different operating conditions (e.g.
pH and temperature) (Xie et al., 2014). The most widely used membrane fabricated for the
FO process is asymmetric porous membranes. The thickness of the dense or active layer
in the asymmetric membrane is 0.1-1 ym, while the support layer thickness is 100—200 pm.
The narrow pores of the selective layer FO membranes (i.e. 0.4-1 nm) are designed to
transport water from the FS to the DS and reject containments and solutes in the feed and
draw solutions. At the same time, the support layer provides the mechanical strength for the
selective layer of the FO membrane, which is also designed to reject containments and
solutes in the feed and draw solutions (Arslan et al., 2018). The ideal FO membranes
require specific criteria: high water flux, solute rejection, mechanical strength and chemical
stability and low concentration polarisation (Cath et al., 2006). Other factors such as the
surface charge of the membrane, membrane hydrophilicity and roughness, and the support
layer thickness and tortuosity also affect the performance of the FO membrane (Zheng et
al., 2015; Wang and Liu, 2021). Normally, the FO membranes are negatively charged,
which impacts the retention of contaminants by electrostatic interactions. The anti-pollution
performance could be improved by increasing the membrane’s hydrophilicity. Moreover, the
FO membrane’s hydrophilic layer improves the water flux and lowers the internal
concentration polarization (ICP) through adding the support layer’s porous wettability. The
membrane’s roughness could have an impact on the membrane fouling because it is easy
for the foulants to deposit on the rough membrane surface. The support layer’s tortuosity
and thickness could also impact the performance of the FO by affecting CP. It is on this

basis that it is posited that optimising the support layer’s structure parameters could play an
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important role in the reduction of the CP, improving the efficiency of the membrane (Wang
and Liu, 2021).

The asymmetric structure of FO membranes allows for two options for membrane
orientation (Zhao et al., 2022):

1- Active layer facing FS (AL-FS) mode.
2- Active layer facing DS (AL-DS) mode.

The selected orientation significantly affects the FO process in terms of flux behaviour and
membrane fouling (Tiraferri etal., 2011). A larger water flux can be obtained when operating
the FO process in the AL-DS mode as the DS is in contact with the active layer and is
therefore not affected as severely by the ICP. However, membrane fouling in the AL-DS
mode is more prominent, as the support layer is in contact with the FS (Arslan et al., 2018;
Zhao et al., 2022). As a result, the AL-FS mode is widely used for wastewater applications
(Ansari, 2017). For this reason, the AL-FS mode was applied exclusively in the current

study.

The widest membranes used and examined in the FO process are cellulose triacetate (CTA)
membranes (Lutchmiah et al., 2014; Eyvaz et al., 2018). However, the relatively low water
flux and salt rejection of CTA membranes limit their use in the FO process (Comas and
Blandin, 2017). Recently, TFC membranes have devolved and have been preferred to CTA
membranes because of their higher water permeability and greater pH tolerance (Klaysom
et al., 2013; Wang et al., 2015a). A lab-scale experiment by Comas and Blandin (2017)
reported that the TFC membrane had a higher water flux and better reverse salt diffusion
than the CTA membrane. Corzo et al. (2017) also confirmed that the TFC membrane had
a higher water flux and salt rejection than the CTA. Conversely, previous studies showed
that the use of the TFC membrane in the FO process resulted in a greater fouling tendency
than the CTA membrane (Muna et al.,, 2016; Li et al.,, 2018). Table 2.2 shows the
comparison between the CTA and TFC FO membranes with regard to water permeability,

rejection, membrane fouling and chemical and biological stability.
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Table 2.2: Comparison in the performance and properties of CTA and TFC FO membranes
(Vu et al., 2019).

Parameters CTA TFC

Water permeability Low High

Rejection Low High
Membrane fouling Lower fouling propensity Higher fouling tendency

Highly resistant to chlorine
Chemical stability A narrow range of pH
tolerance (3-8)

Stability at broad pH values
(2-12) Sensitive to chlorine

Low biodegradable

Biological stability = High biodegradable tendency propensity

Currently, several companies are manufacturing FO membranes, the status of which is
either pre-commercial or under development, as shown in Table 2.3 (Nicoll, 2013).

Table 2.3: Commercial status of FO membranes (Nicoll, 2013).

Company Country Membrane type Status
GKSS Germany TFC Development
Oasys Water USA TFC Pre-commercial
Porifera USA TFC Pre-commercial
Toray Korea TFC Development
Toyobo Japan CTA Pre-commercial
Woo0jgin-CSM Korea TFC Development

Most researchers reported that the fouling of TFC FO membranes could simply be cleaned
using physical cleaning methods with a single or few inorganic, organic and colloidal
foulants (Mi and Elimelech, 2010; Yu et al., 2017; Xiao et al., 2018, Minier-Matar et al.,
2016; Wang et al., 2016; Gao et al.,, 2018; Yang et al., 2019, Pramanik et al., 2019).
However, there is a lack of study on the use of complex and real wastewater to examine
the TFC membrane fouling and the effectiveness of different cleaning methods to recover

the initial water flux.

2.6.2 Membrane configurations

Several membrane configurations have been developed in the last decade for the FO

process, such as plate and frame, hollow fiber and spiral wound configurations (Fig. 2.9).
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The plate and frame module is the simplest configuration, consisting of two end plates, a
flat sheet membrane and spacers. The hollow fiber modules used for seawater desalination
consist of bundles of hollow fibers in a pressure vessel. The spiral wound module is the
most popular for nanofiltration or RO (El-ghaffar and Tieama, 2017). The choice of
membrane configuration module depends on several factors, such as cost, fabrication
simplicity in the module design and fouling severity. Table 2.4 summarises some of the
advantages and disadvantages of each configuration (Lutchmiah et al., 2014).

. _:”:_Memt:-rane DS out
Fa " Membrane T o
= e Mes
)
-~ e
Plate and frame Hollow fibre Spiral Wound

Fig. 2.9. Schematic representation of FO membrane configurations.

Table 2.4: Advantages and disadvantages of FO configurations (Lutchmiah et al., 2014;
Minier-Matar et al., 2016).

Configuration Advantages Disadvantages
1- Appropriate for wastewater applications.
Plate and 2- Less complicated in design. 1- More expensive per
frame 3- Better backwashing. m? of membrane area.

4- High cross-flow velocities.

1- High packing density.
2- Self-supported membranes eliminate the

Hollow fiber  haeq for spacers, lowering manufacturing cost. 1~ €l0gging problems.
3- The fouling deposits can be easily cleaned.
. 1- Suitable flow patterns. 1- Slow mixing on the
Spiral-wound _ _ _
2- High packing density. membrane surface.

Most FO applications use the plate and frame configuration because it is easy to install and
commercially available (Minier-Matar et al.,, 2016). Although the hollow fiber FO
configuration offers potential advantages over other configurations, there are limited

commercial hollow fiber membranes available that can be used for the FO system. Private
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companies are largely focused on the flat sheet membranes. This indicates the need for

further research on the hollow fiber FO before applying it to a large-scale module.

2.6.3 DS properties

An appropriate DS must be chosen to improve the overall FO process performance and
save costs for subsequent DS recovery and replenishment (Ge et al., 2013). In addition,
osmotic pressure is highly related to DS characteristics (Lutchmiah et al., 2014). Therefore,
the following criteria must be met when selecting a DS (Ge et al., 2013; Xie et al., 2014;
Nguyen et al., 2018; Wu et al., 2022):

1) Must produce high osmotic pressure to increase the water flux.

2) Lower RSF.

3) Consumes less energy during reclamation recovery to reduce the operation cost.
4) Non-toxic.

5) Highly soluble.

The physical and chemical characteristics of the DS are important for the selection of the

ideal DS. Table 2.5 summarises the effect of different DS parameters on the FO process.

Table 2.5: Effects of DS characteristics on the FO process (Yasukawa et al., 2015;
Sreedhar et al., 2018).

Parameter Effect on the FO process

A DS with a smaller molecular weight and lower viscosity leads

to higher diffusion coefficient and therefore a higher water flux.

Molecular weight and

viscosity A DS with a higher molecular weight and viscosity decreases the
diffusion coefficient in the agueous solution. However, these
properties have the advantage of having a lower RSF.
Osmotic pressure A DS that can generate a higher osmotic pressure at a lower
concentration is desirable for a better FO process.
Solubility A DS with a high solubility in water can produce a high osmotic

pressure and facilitate the DS recovery.
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The search for the ideal DS was studied intensively in the past decades. Qiu et al. (2015)
reported laboratory-scale experiments for direct phosphorus recovery from municipal
wastewater by using a hybrid microfiltration-forward osmosis membrane bioreactor (MF-
FOMBR), using seawater brine as the DS. The nutrient rejection efficiency of the CTA
membrane was more than 90% at pH 9. As a result, the nutrient was enriched in the
bioreactor, leading to the recovery of phosphorus without any chemical addition. However,
salinity accumulation in the bioreactor remains the main challenge. Another lab-scale
experiment by Ansari et al. (2016) demonstrated recovery of up to 92% of the initial
phosphate concentration as calcium phosphate from digested sludge centrate using an FO
membrane without chemical addition. CTA was the membrane used in this study, and the
DS was seawater. However, another DS with a lower RSF and a higher osmotic pressure
is desirable. In previous studies, inorganic salts were investigated as possible DSs in the
FO process because they their availability, low cost and could potentially create high
osmotic pressure at lower concentrations. However, the low charge and small hydrated
radius of the monovalent ions in the DS (e.g. NaCl) could result in a high RSF (Trung et
al., 2017). In Chen et al. (2014) study, batch experiments involving a submerged anaerobic
membrane bioreactor with forward osmosis membrane (FO-AnMBR) were conducted to
treat low-strength wastewater using 0.5 M NaCl as the DS. The FO-AnMBR was found to
have higher removal efficiency (phosphorus, organic carbon and ammonia nitrogen) than
the conventional anaerobic membrane bioreactor. However, it was not suitable for long-
term operation, as the CTA membrane had a low tolerance to biological attachment and
high solution temperatures. Moreover, the salinity effects on the process remained a
significant challenge. The lab-scale experiment of Gao et al. (2018) on FO with a direct
concentration of municipal wastewater used NaCl as the DS at different concentrations.
Membrane fouling and flux were found to increase when the DS was increased. Some

studies on FO processes with different DSs are summarised in Table 2.6.
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Table 2.6: Summary of different DSs used in the FO process for wastewater treatment.

Feed solution Draw solution Membrane Draw solution Membrane Performance Ref
module recovery configuration
Municipal wastewater Seawater brine CTA Conductivity Plate and frame COD removal = 90% (Qiu et al.,
controller Phosphate removal = 98% 2015)
COD removal = 96.7%
Low-strength 0.5 M NacCl CTA Conductivity Plate and frame  Phosphate removal = 100%  (Chen et al.,
wastewater treatment controller Ammonia nitrogen removal = 2014)
62%
Domestic wastewater  Ethylenediaminetetraacetic CTA MD membrane Plate and frame  Phosphate removal =99.7%  (Nguyen et
acid disodium al., 2016)
Digested sludge Seawater CTA A large DS-to-FS  Plate and frame Phosphate removal = 92%  (Ansari et al.,
centrate volume ratio 2016a)
Secondary treated 1.5 M MgCl; CTA Conductivity Plate and frame Phosphate removal = 97% (Xie, 2015)
effluent and sewage controller
COD removal = 99.8%
Low-strength 0.5 M NacCl CTA Conductivity Spiral wound Phosphate removal = 99.7% (Wang et al.,
municipal wastewater controller Ammonia nitrogen removal = 2016)
48.1%
Low- and moderate- 1.27 M NacCl CTA Conductivity Plate and frame COD removal = 100% (Ansari,
strength wastewater controller 2017)
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Table 2.6: Summary of different DSs used in the FO process for wastewater treatment.

TOC =94.3%

Effluent following 3 M NacCl CTA Conductivity Plate and frame  Phosphate removal = 98.6% (Ansari,

primary sedimentation controller Ammonia nitrogen removal = 2017)
88.3%
Digester centrate Seawater TFC Conductivity Plate and frame  Phosphate removal = >99% (Kedwell et

controller al., 2018)

Synthetic domestic 0.5 NaCl TFC Conductivity Plate and frame ~ Ammonia was not rejected (Hu et al.,
wastewater controller 2017)
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Sugar DSs have also been used as a DS in FO processes. Kravath and Davis (1975)
investigated the use of glucose as a DS in the FO process for the desalination of seawater.
As the diluted DS could be used safely, recovering the DS was not proposed. Kessler and
Moody (1976) proposed the use of a mixture of glucose and fructose as a DS. Compared
to pure glucose DS, the proposed DS showed better FO performance (Ge et al., 2013;
Alaswad, 2015). Su et al. (2012) evaluated the use of a sucrose DS for wastewater
treatment. The results showed that 1 M sucrose as the DS had a water flux similar to that
created by 1 M MgCl.. A negligible reverse sucrose flux was also obtained. Alaswad et al.
(2018Db) investigated the performance of sucrose DS and glucose DS in the FO process
against deionised (DI) water FS. The water flux decreased with an increase in the glucose
and sucrose DS concentrations due to the effect of ICP on the active layer of the membrane.
The water flux increased when the FS and DS flow rates increased. Ansari (2017) examined
the effect of an RSF of two different DSs (i.e. 0.65 M NaCl and 1.13 M glucose) on the FO
process in the following anaerobic treatment. The results showed that 0.65 M NaCl had a
higher RSF (3 g/m? h) than glucose (0.3 g/m? h). Moreover, NaCl showed a negative effect
on methane production, whereas glucose proved to enhance methane production.
However, there is a lack of study on whether the use of sugar DSs will affect the FO
membrane stability due to membrane fouling. Table 2.7 summarises the performance of the

different types of sugars used as DS in the FO process.
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Table 2.7: Overview of sugars used as a DS in the FO process.

Feed solution Draw solution Membrane Membrane Draw solution Performance Ref
module configuration recovery
DI water Concentrated CTA Plate and frame RO ICP (Yaeli, 1992)
glucose
Tomato juice 2 M Glucose TFC Plate and frame Direct application Low RSF (Petrotos et al.,
ICP 1999)
DI water 5-6 M Fructose CTA Plate and frame Direct application ICP (Ng and Tang,
2006)
DI water 1 M Sucrose CTA Hollow fiber Nanofiltration Low water flux (Su et al., 2012)
DI water 1.13 M Glucose CTA Plate and frame - Low reverse salt flux (Ansari et al.,
Relatively low water 2015)
flux
DI water 170-400 g/L TFC Plate and frame - CP (high viscosity) (Alaswad et al.,
Sucrose 2018a)
DI water 90-250 g/L TFC Plate and frame - CP (high viscosity) (Alaswad et al.,
Glucose 2018a)
Milli-Q water
containing 3 M glucose CTA Plate and frame - Low RSF (Xie et al., 2012)
40 mg/L TOC
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Table 2.8 shows the different types of DSs with their main advantages and disadvantages.

Table 2.8: Advantages and disadvantages of different types of DSs for the FO process (Ge
et al., 2013; Lutchmiah et al., 2014).

Draw solution type Advantages Disadvantages
Inexpensive and creates a high RSF and recovery
Inorganic salts osmotic pressure at lower problem
concentrations May negatively affect AD
Organic salts Low RSF Low water flux

Recovery is not necessary

Sugars Beneficial for anaerobic treatment P
Corrosive, and their
Volatile compounds High water flux solutions are acidic and
unstable
Nutrient-rich
substances (e.g. Recovery is not necessary Significant CP

fertilisers)

Must be near to the
Available source available source (e.g.
coastal area)

Available sources
(e.g. seawater)

Synthetic

compounds High osmotic pressure Expensive and RSF

Understanding the characteristics of each DS is essential to guidance the exploration of
successful DS during the FO filtration process (Long et al., 2018). In addition, further
research is still needed with the focus on how the properties of DS could affect nutrient
rejection during the FO process.

2.6.4 Concentration polarisation (CP)

CP is one of the factors affecting the performance of the FO process. There are two types
of CP: external concentration polarisation (ECP) and ICP (Chun et al., 2017). ECP takes
place on the surface of the active layer, while ICP occurs within the porous membrane
support layer (Xu et al., 2010). ECP leads to the reduction of the osmotic pressure between
the FS and DS and can occur on both sides of the membrane’s active layer. Concentrative
ECP occurs when the AL-FS, while dilutive ECP occurs when the AL-DS. However, the
effect of ECP can be minimised by increasing the cross-flow velocity due to the increase of
the shear force near to the at the membrane boundary layer (Ansari et al., 2016b;
Nascimento et al., 2018). Both concentrative and dilutive ICP occur within the porous
support layer of the membrane, depending on the membrane orientation. Concentrative ICP

occurs when the DS faces the active layer, leading to the accumulation of solutes in the
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pores of the membrane support layer, while dilutive ICP occurs when the support layer faces
the DS, causing a decrease in the effective driving force inside the pores of the support
layer (Alaswad, 2015; Nascimento et al., 2018). As a result, the water flux in the FO system
decreases significantly. Unlike ECP, it is difficult to reduce the effects of ICP, and this
remains a major challenge in the FO process (Ansari, 2017).

2.6.5 Operating conditions

The effect of different operating conditions such as FS pH, cross-flow velocity and FS and
DS temperatures on the FO process is described in the following subsections.

2.6.5.1 Feed solution pH

The pH of FS is another critical factor affecting membrane fouling and the rejection of
nutrients and organic matter in the FO process. Boo et al. (2012) studied the relationship
between FS pH and colloidal fouling propensity. At high pH 9, the water flux for the
polydisperse suspension suddenly decreased, whereas a mild water flux decline was
observed at pH 4 for an identical polydisperse suspension. The increase in the radius of the
hydrodynamic particles at a high pH causes them to aggregate to each other, resulting in
fouling formation. Qiu et al. (2015) suggested that the ideal pH for municipal wastewater in
the FO process should be 6—-6.5 to keep the phosphate minerals in soluble form in the
bioreactor. Another study reported that overall phosphorus removal from digested sludge
centrate increased with an increase in FS pH due to the formation of phosphorus
precipitates (Ansari, 2017). Other compounds (e.g. heavy metals and suspended solids)
generally precipitate at high pH ranges or dissolve at a low pH (Lutchmiah et al., 2014). The
saturation index (Sl), which is an indicator of phosphate mineral precipitation, increases
when the pH of wastewater increases (Song et al., 2002). As a result, possible fouling
caused by inorganic precipitates could occur. Therefore, it is necessary to evaluate the

change in pH in the concentrated FS during the FO filtration process.

2.6.5.2 Cross-flow velocity

In the FO process, cross-flow velocity is closely related to membrane fouling in terms of CP
and mass transfer (Lotfi et al., 2018). Cath (2009) reported that a higher water flux was
reached at higher and equal FS and DS cross-flow velocities (i.e. 110 cm/s). The results
showed a lower water flux (around 20% from its maximum value) when the DS velocity was

high and the FS was low. Devia et al. (2015) reported the effect of cross-flow velocity on
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nutrient rejection from a secondary treated effluent using MgCl, as a DS. The water flux
was increased by 30% and 60% by increasing the cross-flow velocity from 17 cm/s to 25
cm/s and 34 cm/s, respectively. Lee et al. (2010) found that fouling propensity decreased
as cross-flow velocity increased from 17.1 to 34.2 cm/s due to the additional shear force
that reduce the accumulation of foulants on the FO membrane. Additionally, an appropriate
cross-flow velocity must be chosen to reduce the effect of CP, which can increase at a lower
cross-flow velocity, and the RSF, which has been found to increase at a higher cross-flow
velocity (Kedwell et al., 2018). In terms of membrane fouling and physical cleaning, previous
studies have demonstrated that an appropriate cross-flow velocity must be chosen to
enhance the FO process in terms of water flux decline and flux recoverability. The effects

of fouling mitigation by increasing the cross-flow velocity are shown in Table 2.9.

Table 2.9: Effects of fouling by increasing the cross-flow velocity cleaning method.

Foulants Fouling FO Cleaning Cross-flow Efficiency Ref
duration  configuration  duration velocity
Organic 40.8 h Flat-sheet - 32.1 cm/s Reversible (Boo etal., 2013)
Organic 20-24 h Flat-sheet 15 min 21 cm/s Reversible  (Mi and Elimelech,
2010)
Organic fouling 24 h Flat-sheet 30 min 9.9 cm/s Almost (Chun et al., 2015)
and biofouling reversible
Inorganic and 10h Flat-sheet 30 min 13.32cm/s  Reversible (Nguyen et al.,
organic 2019)

2.6.5.3 Feed and draw solution temperatures

Temperature is an additional factor that plays a vital role in the FO process as it affects the
mass transfer on the membrane (Xie, 2015). Several studies have shown that water flux
increases when the FS and DS temperatures increase (Lutchmiah et al., 2014). Phuntsho
et al. (2012) reported a water flux increase of 12% and 45% when the FS and DS
temperatures increased from 25 °C to 35 °C and 45 °C, respectively. Wang et al. (2014)
found that the water flux in the FO process increased 10 times when the DS temperature
increased from 3 °C to 50 °C. Arifin et al. (2015) reported an increase in the water flux in
the FO process at a higher temperature due to the lesser effect of the ICP. Devia et al.
(2015) tested three different temperatures of 20 °C, 25 °C and 30 °C for both FS and DS
sides by using CTA membrane. Nutrient rejection was more than 90% at all operating
temperatures, indicating no significant effect of temperature on overall nutrient removal
efficacy. However, water flux was higher at a high temperature, and wastewater

concentrated faster when the temperature increased in the FO process. Nevertheless,
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greater fouling of the membrane could be expected at higher temperatures (Lutchmiah et
al., 2014). The following reasons could explain the increase of the water flux at higher FS
and DS temperatures (Lutchmiah et al., 2014; Ray et al., 2018):

1- The solute diffusivity will increase with increasing the solution temperature.
2- The DS osmotic pressure will increase at higher temperatures according to the

following equation:

M=iMRT Equation 2.2

where 1 (bar) is the osmotic pressure, i is the van’t Hoff factor of the solute, M (mol/L) is
the molar concentration, R is the universal gas constant (0.08206 L.atm/mol.K), and T is

the absolute temperature in K.

3- The viscosity of the solution decreases with the increase in temperature, reducing
the ICP effects and enhancing the water flux.

In the integrated FO—MD process, the DS must be operated at a higher temperature (e.g.
35-70 °C) so that the vapours can pass to the permeate side at a lower temperature. The
increase in the DS temperature also increases the FS temperature on the FO side. Most
previous studies used a cooler for the FS side, which would lead to more energy
consumption in the integrated FO—MD process (Wang et al., 2011; Husnain et al., 2015; Al-
furaiji et al., 2019). Conversely, other studies did not control the FS temperature or operate
the FO and MD systems separately without considering the effect of the DS temperature on
the FO process (Zhang et al., 2014a; Nguyen et al., 2018). Table 2.10 presents the FS, DS

and permeate temperatures used in the integrated FO—-MD process.

Table 2.10: FS, DS and permeate temperatures used in the integrated FO-MD process.

FS Temp DS Temp Permeate Temp Ref
Not reported 33-60 °C 15-18 °C (Wang et al., 2011)
20°C 50 °C 20°C (Al-furaiji et al., 2019)
20°C 40-70 °C 15-30 °C (Husnain et al., 2015)
50-70°C 50-70 °C 20°C (Geetal, 2012)
Not reported 23°Cor60°C 12°C (Zhang et al., 2014a)
25°C 40-55°C 25°C (Lu et al., 2018)
25 °C (for the FO 25 °C (FO system)
system) 55 °C (MD system) 25°C (Nguyen et al., 2018)
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As hydroxyapatite precipitation increases with an increase in phosphate and calcium
concentrations, pH and temperature (Song et al., 2002), this could affect the FO membrane
in terms of inorganic fouling. Thus, the effect of the FS temperature during the integrated
FO—-MD process for treating municipal wastewater must be studied.

2.7 Membrane fouling and cleaning

Membrane fouling is a serious problem that degrades membrane performance (i.e.
decreases water flux and shortens membrane lifespan) (Chun et al., 2017; Suzaimi et al.,
2019). Even though FO has a lower fouling propensity than pressure-driven membranes,
membrane fouling is still a major concern for the FO process because it significantly affects
membrane performance in terms of water flux and solute rejection (Xie et al., 2014; Ansari
et al., 2018a; Wu et al., 2022). Moreover, the quality of the water product and the operating
costs, such as cleaning chemical costs, labour requirements and frequent membrane
replacements, are also affected by membrane fouling (Majeed et al., 2016a). Therefore,
further research is needed to develop an effective strategy to minimise the effects of
membrane fouling and to enhance the effectiveness of different cleaning methods in the FO
process.

The importance of membrane fouling on the FO process has led to many studies attempting
to understand the fouling mechanisms. There are three types of FO membrane fouling in
wastewater as the FS (Ansari, 2017; Nguyen et al., 2019): (1) organic fouling, (2) inorganic
fouling and (3) biofouling. Several factors in the FO process affect membrane fouling: FS
chemistry, operating conditions and hydrodynamics, foulant characteristics and DS type
and concentration (Lee et al., 2010). FO membrane fouling exists in different forms such as
blockage of membrane pores, cake layer formation, inorganic precipitation due to high
concentrations that build near the membrane surface and biofouling due to the growth of
microorganisms (Ang and Mohammad, 2015; Muzhingi, 2016). Table 2.11 shows the

various factors affecting membrane fouling in the FO process.
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Table 2.11: Factors affecting different types of fouling in the FO process (Chun et al., 2017;
Korenak et al., 2017; Wang et al., 2022).

Fouling Major factors Causes Other factors

Calcium binding
Hydrodynamic shear force
Permeation drag

Organic macromolecules found in pH

Organic the FS

_ ) Inorganic scaling occurs when the
Inorganic Feed water chemistry concentration of soluble saltsin DS type and

Membrane characteristics  the FS exceeds their solubility at ~concentration
high product water recovery.

Membrane surface

_ _ properties _ _
Biofouling Feed water chemistry Bacterial adherence with growth Cross-flow

forming a biofilm velocity

Microbial properties

In terms of the effect of FS chemistry, pH and divalent cations are two important factors in
FO fouling (Arkhangelsky et al., 2012). The up-concentration of municipal wastewater
through FO membrane filtration for resource recovery can result in a significant increase in
all pollutants, causing inorganic precipitation. For example, Ca?* and Mg?" can be more
easily precipitated with phosphate or ammonium at elevated concentrations. Wang et al.
(2015) reported that during the up-concentration of municipal wastewater, water flux
declined by 45.7%, from 9.2 to 5 L/m?-hr when the initial calcium concentration in the FS
increased from 35 to 250 mg/L, with an initial phosphorus concentration of 3.18 mg/L in the
CTA FO membrane. Other operational conditions, such as the initial water flux, cross-flow
velocity and membrane orientation and configuration, also play a role in FO fouling
formation and cleaning (Honda et al., 2015; Hong, 2015; Kim et al., 2015; Ansari et al.,
2018a). In addition, crossflow direction plays an important role in the FO process. Operating
the FO process in a counter-current crossflow mode offers several advantages over the co-
current mode such as gradual decrease in the water flux, higher average water flux and
higher water extraction capacity of the DSs (Phuntsho et al., 2014). Thus, the counter-

current crossflow mode is exclusively applied throughout this thesis.

Different physical techniques, such as normal flushing, high flow flushing and osmotic
backwash (Fig. 2.10) have been evaluated to restore the water flux of the FO membranes
(Majeed et al., 2016a; Ansari et al., 2018a; Gao et al., 2018). Previous studies showed that
physical cleaning methods could achieve high water revocability when treating municipal
wastewater (Mi and Elimelech, 2010; Zhao et al., 2012; Boo et al., 2013; Minier-Matar et
al., 2016; Wang et al., 2016; Gao et al., 2018; Yang et al., 2019). In addition, others studies

showed that inorganic and organic fouling could be successfully controlled using physical

38



cleanings (Mi and Elimelech, 2010; Zhao et al., 2012; Boo et al., 2013). However, these
studies focused on the use of synthetic FS without SS or filtered municipal wastewater in
the plate and frame configuration. In addition, as the FO membrane has a high rejection of
contaminants, the severity of membrane fouling increases at a higher water recovery rate.
Nevertheless, limited studies have evaluated FO membrane fouling and the effectiveness
of different membrane cleaning methods at a high water recovery (90%), which is required
to achieve viable phosphorus and energy recovery from municipal wastewater. In this case
where the FO membrane is used to treat municipal wastewater with SS until a high water
recovery rate, chemical cleaning might be needed to clean the fouled FO membrane which
is undesirable (Wang et al., 2022). In addition, more detailed studies on the chemistry of
municipal wastewater in terms of the FS and DS in inorganic scaling remain lacking.
Therefore, determining the effect of FS chemistry on the performance of the FO fouling is
necessary to better understand whether pre-treatment is needed for the FO membrane
when treating municipal wastewater. In addition, investigating the effectiveness of different
physical cleaning techniques to recover the water flux in the FO membrane is also required.
This necessary to understand when chemical cleaning should be used for TFC FO
membranes. Table 2.12 presents the fouling and cleaning methods used for the FO filtration

process.

FO Process
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Fig. 2.10. The fouled FO membrane and physical cleaning methods such as cross-flow

_BActive Layer

velocity flushing and osmotic backwashing used to clean the fouled FO membrane.
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Table 2.12: Summary of studies on fouling in the FO process for wastewater treatment.

Feed solution Duration Membrane Flux decline Foulants TSS Cleaning Ref
(mglL)
Treated municipal 60 days CTA 5% Biofouling and slight inorganic - - (Xue et al.,
wastewater scales 2016)
Depends on the Humic acid, protein, carbon, - Online air-water washing,
Sewage collected DS concentration calcium, magnesium, silicon, 15 min for all DS (Gaoetal.,
from the aeration grit 25h CTA and cross-flow aluminium and phosphorus concentrations (recovery 2018)
chamber velocity 90%)
Municipal 17 h CTA 45.10% Cake layer 400~ - (Zhang et al.,
wastewater 800 2014b)
Depends on the - Chemical cleaning using (Wang et al.,
Municipal - TFC DS concentration Not reported different reagents (recovery 2015b)
wastewater and cross-flow 62%—-100%)
velocity
Physical cleaning using
cross-flow velocity (50%
recovery)
After a 12-day Chemical cleaning using 1%
Municipal 12 days CTA operation, the Cake layer - sodium hypochlorite, 0.8% (Sun et al.,
wastewater sever water flux Polysaccharides sodium 2016)
decline was ethylenediaminetetraacetic
around 71% acid and 0.1% sodium
dodecyl sulphate in
sequence (58%—67%
recovery)
Very high cross-flow velocity
Cake layer for 30 min (62.5% recovery)
Digested sludge 12 h CTA 86% High solids and mineral content 1160 Ultrasonic for 30 min (Ansari et al.,
(i.e. calcium and magnesium) (87.5%) 2018a)
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Table 2.12: Summary of studies on fouling in the FO process for wastewater treatment.

Raw wastewater 12 h CTA 42% - 640 - (Ansari, 2017)
Up to 50%
Synthetic municipal  water recovery CTA 90% Organic fouling - Osmotic backwash for 12 h  (Valladares et
wastewater rate (100% recovery) al., 2013)
20% water
Municipal recovery rate TFC 45% Organic fouling - Osmotic backwash for 30 (Pramanik et
wastewater for three min (96% water recovery) al., 2019)
cycles
Municipal 20% water
wastewater recovery rate TFC 15% Organic fouling - Osmotic backwash for 30 (Pramanik et
(Pre-treatment with for three min (99% water recovery) al., 2019)
coagulation) cycles
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2.8  Ammonium rejection during the TFC FO membrane filtration

process

Although the TFC FO membrane has the advantages of having a higher water flux, greater
contaminant rejection and better chemical stability over the CTA FO membrane, its lower
cation rejection (especially ammonium) is still a major challenge (Lu et al., 2014; Jafarinejad
et al., 2018). The DS contamination by ammonium ions may negatively affect the final water
quality when water recovery is targeted and cause membrane fouling in the integrated FO
process in the DS regeneration process after long-term operation (Ansari, 2017). Coday et
al. (2013) found that cation diffusion from the FS to the DS was greater using the TFC
membrane than the CTA membrane. Furthermore, the RSF of Na* ion was higher than that
of CI' in all experiments with the TFC membrane. This phenomenon can be explained by
the more negative charges of the TFC membrane compared with the CTA membrane (Xie
et al., 2013b; Li et al., 2018; Rood et al., 2020). Therefore, most studies have focused on
improving membrane properties to increase ammonium rejection in the TFC FO process
(Castrillén et al., 2014; Li et al., 2014; Akbari et al., 2016; Jafarinejad et al., 2018). For
example, creating a positively charged membrane that repeals the positively charged
ammonium ions is one of the techniques used to overcome the leakage of ammonium from
the FS side to the DS side (Li et al., 2014; Akbari et al., 2016; Xu et al., 2017; Jafarinejad
et al., 2018). However, to be positively charged, membrane modification will negatively
affect the rejection of anions such as phosphate and sulphate. Akbari et al. (2016) reported
that only 25% rejection of sulphate was obtained with a positively charged FO membrane.
Membrane modification also increases membrane fabrication costs and concerns related
to safety requirements (Xu et al., 2017). Therefore, it is necessary to look for alternative

solutions to increase ammonium rejection.

One possible solution is the appropriate selection of a DS that reduces or prevents
ammonium exchange with ions in the DS. Rather than modifying or changing the membrane
property, DS selection plays a vital role in rejecting ammonium during the FO process. Hu
et al. (2017) investigated ammonium rejection in a TFC FO membrane using NaCl and
MgCl. DSs for the treatment of municipal wastewater. NH4"-N, which was not concentrated
in the FS, decreased when NaCl was used as a DS, while the ammonium rejection rate was
58%—-87% when using the MgCl, DS. Using NaCl with a higher diffusion coefficient than

MgCl, has been reported to result in a higher cation exchange between Na* and ammonium

42



from the FS to the DS. However, the validity of this observation is limited, as only two DSs

were used in this study.

Using ammonia—carbon dioxide (NHs—COy), Lu et al. (2014) showed that the RSF of
ammonium increased when 0.2 M NaCl was used as FS. Wang et al. (2016) reported that
the low rejection of ammonium was attributed to the bidirectional diffusion of ammonium of
the FS and Na* cation of the DS (Fig. 2.11). Cheng et al. (2018b) reported that when 0.1 M
KCl was used as FS and 1 M NaCl was used as DS, the RSF of Na* and the forward solute
flux of K*were nearly equal by 1.9 mol/m2.hr to maintain electricalneutrality between FS and
DS. On the other hand, when DS with divalent cation Ca?* (i.e. 1 M CaCl,) was used with
0.1 M KCl as FS, the forward solute flux of K* was decreased to 0.9 mol/m?2.hr. Cheng et al.
(2018b) study also showed that the forward K* flux from the FS and the RSF of Na* from
the DS were between 1.9-4.5 mol/m?2.hr when DS with monovalent cation was used (i.e. 1
M NaCl, 1 M NaNOs or 1 M Na,SO,), while the presence divalent cations in the FS (0.1 M
CaCl,, 0.1 M Mg(NOs3); and 0.1 M MgSO,) resulted in a lower Na* RSF (1-1.8 mol/m?2.hr).
In addition, it was reported the RSF of Na* was significantly increased when the FS contains
cations in the FS compared with DI water FS. From these results, it was suggested that the
RSF of Na* was determined by the DS diffusion coefficient when DI was used as FS, while
Na* RSF was affected by the cations hydrated radius when the FS contains cation such as
K*, Ca?* and Mg?". These suggest that the physiochemical properties of DS, and the
presence of cations in the FS (e.g. ammonium) could affect other cations such as
ammonium. However, further research is still needed to understand how the DS type could

affect ammonium rejection during the TFC FO process.

FO membrane

Water Jj] flux
Feed Draw
solution solution
[NH:])
[Na*]&

Fig. 2.11. Bidirectional diffusion of ammonium from the FS to the DS side during the FO

process with ionic DS such as NaCl.
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2.9 Effect of FS chemistry on the FO process

In the FO filtration process, FS chemistry greatly affects overall performance in terms of
contaminate rejection and membrane fouling. For example, Gao et al. (2018) reported that
the NH4*-N rejection rate was 93.3% using the CTA FO membrane for treating municipal
wastewater, with an initial NH4*-N concentration of 42.3 mg/L and 1 M NaCl. A lower NH4*-
N rejection rate was achieved (83%) for treating digested sludge, with an initial NH4*-N
concentration of 922 mg/L using 1 M brine as the DS (Soler-cabezas et al., 2018). The
NH4*-N rejection rate was found to be higher due to the low NH4*-N concentration in real
municipal wastewater compared to digested sludge (Gao et al., 2018). Membrane fouling
was found to be more severe when digestion sludge was used as the FS rather than
municipal wastewater due to the higher initial contaminants concentrations (Cornelissen et
al., 2008; Ansari et al., 2018b; Gao et al., 2018; Soler-cabezas et al., 2018). Although these
studies showed differences in the FO process in terms of contaminate rejection and
membrane fouling, the membrane properties, DS type and concentration also had a
significant effect on the FO filtration process. Thus, it is important to use the same FO
membrane (which has the same properties) to treat two different wastewater (municipal
wastewater and digestion sludge) with different DSs at the same osmotic pressure to better

understand the effects of FS chemistry and DS type on the FO process.

2.10 Membrane distillation

As mentioned before in section 2.2, MD has the advantageous over other desalination
processes to be integrated with the FO process for following water recovery. The following
subsections review the MD membrane characteristics, materials, modules and

configurations.

2.10.1 Membrane characteristics

The major requirement of the MD membrane process is hydrophobicity (Husnain et al.,
2015). Therefore, MD membranes are fabricated using hydrophobic polymers (Shirazi and
Kargari, 2015). Aside from its good chemical resistance to acids and bases, the stability of
MD membranes must be good at high temperatures (Alkhudhiri et al., 2012). Two important
features of MD membranes are required: high permeability and high liquid entry pressure
(LEP) (Shirazi and Kargari, 2015). The thickness of the MD membranes must be sufficiently

thin to allow vapours to pass through them in a shorter time. LEP, which is the minimum
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hydrostatic pressure that blocks liquid solutions from entering the membrane pores, can be
obtained by using a membrane with high hydrophobicity and a small maximum pore size
(i.e. 0.1-0.6 um) (Alkhudhiri et al., 2012; Biniaz, Ardekani and Makarem, 2019).

2.10.2 Membrane materials and modules

MD membranes come in different materials: 1) polypropylene, 2) polyvinylidene fluoride, 3)
polytetrafluoroethylene (PTFE), 4) polyethylene, 5) inorganic materials and 6) carbon
nanotubes (Biniaz et al., 2019). These membranes can be used in the plate and frame,
hollow fiber, spiral wound and tubular modules. Recently, the PTFE membrane has been
widely applied in MD process applications because of its high hydrophobicity and good
resistance under different operating conditions (Zhang et al., 2011; Camacho, 2013; Biniaz
et al., 2019). Table 2.13 shows the different MD membrane modules, along with their

advantages and disadvantages.

Table 2.13: Advantages and disadvantages of different MD modules (Biniaz et al., 2019).

Membrane

Advantages Disadvantages
module
1- Widely used in MD processes i .
because it is easy to operate and install. 1- Low packing densr[y.
Plate and frame . 2- Membrane support is
2- Membrane cleaning and replacement needed
are easy. '
: . : 1- High fouling tendency.
, 1- High packing density. -
Hollow fiber 2- Low energy consumption. 2- Difficult to clean and
maintain.
. 1- Good packing density. .
Spiral wound P g Y . 1- Fouling tendency.
2- Acceptable energy consumption.
Tubular 1- Low fouling tendency 1- Low packing density.
2- Easy to clean. 2- High operating costs.

2.10.3 MD configurations

Four different configurations are used in the MD process: 1) direct contact membrane
distillation (DCMD), 2) sweeping gas membrane distillation (SGMD), 3) air gap membrane
distillation (AGMD) and 4) vacuum membrane distillation (VMD) (Shirazi and Kargari, 2015).
Fig. 2.12 shows a schematic diagram of the different configurations used in the MD process.
In the DCMD configuration, the MD membrane is in direct contact with liquids (i.e. feed and
permeate solutions). In the SGMD configuration, a stripping cold inert gas or air is used as
the carrier for the vapour molecules produced on the permeate side. AGMD uses a stagnant

air gap on the permeate side to be interposed between the MD membrane and the
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condensing plate. In the VMD configuration, the permeate side is vapour or air under a

vacuum (Shirazi and Kargari, 2015). The DCMD configuration is the most commonly used

because of its simple operation and less equipment requirement (Shirazi and Kargari, 2015;

Biniaz et al., 2019).
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Fig. 2.12. Schematic diagram of the MD membrane configurations: (a) DCMD, (b) SGMD,
(c) AGMD and (d) VMD (adapted from Biniaz et al., 2019).

Table 2.14 shows a comparison between different MD configurations.

Table 2.14: Advantages and disadvantages of different MD configurations (Biniaz et al.,

2019).

Membrane

. . Advantages
configuration

Disadvantages

1- Simple operation.

1- Not suitable for removing dissolved

DCMD ; : gasses.
2- Required less equipment. 2- High heat loss by conduction.
1- Suitable for the removal of
SGMD volatile component and dissolved 1- Large condenser is needed.
gasses. 2- Low water flux.
2- Low thermal polarization.
1- Less conductive heat loss and 1- Difficult module design.
AGMD fouling tendency. 2- Creation of additional resistance to
2- High water flux. mass transfer.
1- Pore wetting risk and high fouling
VMD 1- Heat loss is negligible. tendency.
2- High water flux. 2- Require vacuum pump and external
condenser.

46



2.11 Advantages of the MD process

In addition to its high rejection rate of contaminants (100% rejection of non-volatile
contaminants) (Wang et al., 2011), the MD process also consumes less energy and has
less capital costs and footprint compared to the RO filtration process (Ray et al., 2018;
Chaoui et al., 2019). In the MD process, it is not hecessary to heat the solution above its
boiling temperature, which results in less heat being lost to the environment (Mahdi et al.,
2014a). Furthermore, low-grade waste and/or alternative energy sources, such as solar and
wind, can be coupled with MD systems for an economical and energy-efficient desalination
process (Yuan et al., 2015; Biniaz et al., 2019; Chaoui et al., 2019). It has been proven that
the MD process powered by solar energy has a lower operational cost than the RO process
(Shirazi and Kargari, 2015). The other advantages of the MD process over other
desalination processes are easier operating conditions, less fouling tendency and
operability at ambient pressure, which increases safety (Mahdi et al., 2014b).

2.12 Integrated FO-MD

The application of the integrated FO-MD process was examined previously for
concentrating dye wastewater (Ge et al., 2012), protein solution (Wang et al., 2011) and
municipal wastewater (Husnain et al., 2015). The results from Xie et al.’s (2014) lab-scale
FO—-MD system showed the potential for recovering phosphorus, DS and water from sludge
digestate. However, future studies on contaminant accumulation in DS are still needed (Xie
et al., 2014). Husnain et al. (2015) investigated the removal of nitrogen from the AD process
using the FO-MD system. The FO—-MD system was able to achieve approximately 98%
rejection of NHs-N. Water flux decreased significantly because of fouling problems in the
FO membrane. However, by cleaning the FO membrane with tap water, more than 75%
water flux recovery was achieved. The overall results showed that the FO—MD system is an

active process for nutrient treatment.

Al-furaiji et al., (2019) analysed the feasibility of integrating FO with the MD process in
treating hypersaline-produced water. Four DSs were used in this study: 1) NaCl, 2) KCI, 3)
LiCl and 4) MgCl, at concentrations near their saturation limits. The temperatures of the DS
and permeate solutions were maintained at 50 °C and 20 °C, respectively. This study aimed
to select the most appropriate DS that could make the FO-MD process work in parallel in
terms of water flux to obtain similar transfer rates in both FO and MD, so that the water

transferred through FO is extracted using MD at the same rate. MgCl,, at a concentration
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of 4.8 M, showed comparable fluxes for both FO and MD for 20 h of operation. Wang et al.
(2011) examined the concentration of protein solutions through the FO—MD process using
NaCl DS at temperatures of 33—60 °C and permeate solutions at temperatures of 15-18 °C.
The results showed no significant leakage of NaCl from the DS side to the permeate side,
resulting in pure water as a by-product. However, ammonium leakage may occur from the
FS to the DS during the TFC FO membrane filtration process when using inorganic DS (e.g.
NacCl). As the volatility of ammonia increases with increasing pH, temperature and ammonia
in the DS, further research is still required to evaluate the effects of DS type, ammonium
concentration and DS pH on the overall performance of the integrated FO—MD process to
produce clean water. Furthermore, the low water flux associated with the use of organic DS
(e.g. glucose) can be enhanced by increasing the temperature. However, there is a lack of
research on the effect of FS and DS temperatures on the overall FO performance in terms
of water flux and contaminate rejection when using glucose as the DS. Even though the
integrated FO-MD system can potentially treat complicated wastewaters, the integrated
system has not been applied on a large scale due to the lack of economic analysis study
(Zarebska-Mglgaard et al., 2021). In addition, the lack of internal heat recovery for the MD
process is the major limitation for the development of this process (Zaragoza et al., 2018).
Thus, more attention must be paid to the internal heat recovery in the integrated FO-MD

system to maximise heat utilization efficiency.

2.13 Summary

FO is a promising technology that can reject a wide range of contaminants and concentrate
resources (i.e. phosphorus and organic matter) from municipal wastewater for subsequent
resources recovery. In addition, the use of osmotic pressure as the driving force for the FO
process reduces energy consumption. It results in a better membrane fouling resistance
than other desalination processes (e.g. RO). Water recovery can also be achieved when
the FO process is integrated with the MD process. The less energy consumption, capital
cost and footprint of the MD process compared to the RO process makes it more favourable.

Despite the potential of the integrated FO-MD system to be applied as a promising
technology for resources recovery application from municipal wastewater in the future,
technical questions remain and need further study. Firstly, how FO membrane fouling
develops, how the membrane can be cleaned, how particle and inorganic precipitation
contribute to fouling and affect cleaning at a high water recovery rate (i.e. 90%) need further

investigation. This is important to understand if a pre-treatment prior to the FO membrane
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is required. Secondly, how the use of different DSs with different physiochemical properties
will affect ammonium rejection during the TFC FO filtration process also needs attention.
The successful demonstration of how the DS type and properties can enhance ammonium
rejection without FO membrane modification will provide general guidance on selecting DS
from the perspective of ammonium rejection in wastewater treatment. Moreover, there is a
need to consider how the operational temperatures affect the integrated FO-MD process.
How the operational temperatures will affect the FO process in terms of water flux, RSF,
membrane fouling and contaminates rejection is still unclear. In addition, addressing or
reducing the heat demand of the integrated FO-MD process needs further study. It helps
develop the integrated FO—MD system by understanding how the variation of FS and DS
temperatures will have different effects on the FO process with different DSs and how the
internal heat recovery can decrease the external heat demand. The following chapters

present the research questions’ methods, results, and conclusions.
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Chapter 3: Fouling and cleaning of thin film
composite forward osmosis membranes used
for treating municipal wastewater for resource

recovery

3.1 Introduction

Municipal wastewater is an important source for the recovery of water, energy, and nutrients
in the circular economy. It was estimated that one cubic meter of municipal wastewater had
the potential to produce freshwater for 5-10 persons per day, around 2 kWh-equivalent of
energy and sufficient nutrients for at least 1 m? of agriculture production area per year (PUB,
2013). Currently, energy and nutrients are recovered mainly through sludge digestion with
very low efficiency. Water is mainly recovered through expensive tertiary treatment
including membrane technology (Yuan et al., 2015). Also, the direct use of biosolids as
nutrient fertilizer poses concerns about the contamination of agricultural land (Mehta et al.,
2015). To improve efficiency and reduce the cost of resource recovery from municipal

wastewater, new technologies are desirable.

FO as an emerging osmotically driven membrane technology is recently attracting great
attention for resource recovery from municipal wastewater due to its high rejection rates of
contaminants and a low propensity of membrane fouling compared with RO (Ahmed et al.,
2018; Ansari et al., 2016a; Chekli et al., 2016; Ray et al., 2018). Like any type of membrane
filtration, however, membrane fouling is still a major concern for the FO process as it could
affect the membrane performance and operation regarding membrane cleaning and
maintenance (Xie, 2014, Majeed et al., 2016b).

FO membrane fouling could be caused by organic molecules, inorganic scaling and biofilm
growth (Ansari et al., 2017), therefore, the chemistry of FS and DS plays an important role
to determine what type of fouling would be dominant. Municipal wastewater contains
suspended solids (SS), organic molecules, phosphate, ammonium, metal ions, and anions.
Concentrating municipal wastewater by FO membrane filtration for resource recovery could
result in a significant increase in all pollutants, which can result in inorganic precipitation.

For example, Ca?", Mg?*, and Fe*" could be more easily precipitated with phosphate or
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ammonium at elevated concentrations. Wang et al. (2015) reported a water flux decline
from 9.2 to 5 L/m?2-hr when Ca?* concentration in the FS increased from 35 to 250 mg/L with
an initial phosphorus concentration of 3.18 mg/L during the CTA FO filtration process for
concentrating municipal wastewater. However, a more detailed study on the chemistry of
municipal wastewater as FS and DS on inorganic scaling is still lacking.

In addition, membrane chemistry and membrane structure are important too because
membrane surface chemistry could have some interaction with chemicals in FS and DS,
and/or bacteria attachment for biofilm growth while membrane structure could affect foulant
retention. It has been reported that newly developed TFC membrane is preferred over
cellulose CTA membrane due to its higher water permeability, wider pH tolerance, higher
salt rejection and resistance to biological degradation (Lu et al., 2014; Wang et al., 2015b),
but a more severe fouling tendency was found in TFC FO membrane due to its highly porous
and asymmetric support structure (Comas and Blandin 2017; Li et al., 2018). However, the
effect of FS chemistry on the TFC FO membrane fouling were not clearly presented
compared with CTA membrane and needs further investigation.

Membrane fouling can be controlled by either physical or chemical cleaning. It was reported
that membrane configuration affected cleaning effects. For example, hollow fiber FO
configuration was reported to be favourable over other configurations as it is a self-
supported membrane (eliminate the need for spacers, lowering manufacturing cost) and a
higher shear force could be achieved within the narrow membrane lumen, helping remove
fouling deposits easily when being cleaned (Majeed et al., 2016b; Minier-Matar et al., 2016;
Chen et al., 2018). But studies on the hollow fiber FO configuration are much less than flat-
sheet membrane configuration, resulting in a difficulty to compare two configurations directly

or with sufficient data.

Regarding membrane cleaning methods, many studies (Mi and Elimelech, 2010; Yu et al.,
2017; Xiao et al., 2018, Minier-Matar et al., 2016; Wang et al., 2016; Gao et al., 2018; Yang
et al., 2019, Pramanik et al., 2019) reported that FO membranes fouling could be simply
cleaned by using physical cleaning with 96-100% water flux recovery. Among several
physical cleaning methods, osmotic backwashing was found to be the most effective.
However, osmotic backwashing is reported to be less effective than chemical cleaning when
dealing with complex FS (i.e. real wastewater) (Hafizah et al., 2018). Wang et al. (2015)
investigated chemical cleaning for TFC flat sheet FO membrane and reported that the most
effective chemical cleaning was by a mixture of 0.1% NaOH and 0.1% sodium dodecyl

sulfate (SDS) for 10 min followed by acid cleaning with either 2% citric acid or 0.5%
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hydrochloric acid for 10 min, with a focus on removing acidic and alkaline foulants in
sequence. Other studies suggested that each alkaline and acid cleaning could last for 60
min to improve the cleaning efficiency (Padmanaban et al., 2020; Ezugbe et al., 2021).
Obviously, chemical cleaning is more suitable to more persistent foulants which could not
be removed by physical cleaning (Wang et al., 2015b; Majeed et al., 2016a). However,
information on when chemical cleaning should be used for TFC FO membranes is limited.

Although membrane fouling and cleaning have been studied by some researchers, these
studies have constraints with a focus on synthetic FS without SS. In addition, most FO
process studies on concentrating municipal wastewater focused on the operation time of
the FO process rather than the water recovery rate achieved (Qiu et al., 2015; Sun et al.,
2016; Rood et al., 2020). Generally, fouling experiments lasted only for 1 cycle or 24 h (or
less) (Mi and Elimelech, 2010; Zou et al., 2011; Arkhangelsky et al., 2012; Chun et al., 2015;
Majeed et al.,, 2016a; Gao et al., 2018) without long-term fouling studies. In practice,
membrane cleaning is often conducted after a long-term operation. Thus, it is necessary to
study the membrane fouling and cleaning after multiple cycles with high water recovery

rates.

To the best of the author’s knowledge, there are no studies on the effects of initial TSS
concentration in FS on TFC FO membrane fouling, the efficiency of corresponding physical
and chemical cleaning methods at a 90% water recovery rate with possibly more severe
membrane fouling, and what level of a pre-treatment for the TFC FO membranes is needed.
In addition, comparing how representative synthetic wastewater is for real wastewater in

different FO configurations is still lacking.

This study thus aimed to investigate the concentration of municipal wastewater by TFC FO
membrane filtration for resource recovery and its associated effects from SS and Ca?*
concentrations in municipal wastewater on membrane fouling with NaCl as DS.

Furthermore, different membrane cleaning methods were studied.

3.2 Materials and methods

3.21 Forward osmosis membranes and experimental setup

Hollow fiber TFC membranes developed by the Singapore Membrane Technology Centre
with an effective membrane area of 90 cm? were used in this study. The hollow fiber

membrane modules contained 15 fibers each and the active layer was located on the lumen.
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The inner and outer diameters of the hollow fiber are 870 and 1180 um, respectively. Flat
sheet TFC membrane with an active membrane area of 42 cm? was used. According to the
method reported by Kim et al. (2017) and Cath et al. (2013) , the pure water permeability
(A), the solute permeability (B), and the structural parameter (S) of FO membranes used in
this study were measured as 1.65 L/m?-hr.bar, 0.16 L/m?-hr, and 242 um, respectively, for
hollow fiber FO, and 0.96 L/m?-hr-bar, 0.16 L/m?2-hr, and 204 um, respectively, for flat sheet
FO.

A lab-scale cross-flow FO membrane system was run as shown in Fig. 3.1 with the
orientation of active AL-FS. When flat-sheet membrane was used, the hollow fiber module
was replaced by a membrane cell (Sterlitech CF042D-FO Cell, USA) consisting of
structured rectangular channels with outer dimensions of 12.7 cm long, 10 cm wide and 8.3
cm deep on both sides of the membrane with or without a diamond spacer shape (spacer
thickness: 1.19 mm) (Sterlitech, US) placed in contact with the membrane in the FS side.

In both hollow fiber and flat-sheet membrane configurations, counter-current recirculation
of the feed and draw solutions was applied on each side of the FO membrane via two
peristaltic pumps with a cross-flow velocity of 13.4 cm/s. The FS tank containing wastewater
was placed on a digital balance (Kern, Germany), and the water flux was calculated based
on the recorded weight changes during the experiment periods. To avoid the settlement SS
in the FS tank, a mechanical mixer (IKA Labortechnik, RW 20.n, Germany) was installed in
the FS tank with a stirring speed of 600 rpm. In the DS tank, a conductivity probe (Hanna
HI700 instrument, HI7639 probe, UK) was installed for online measurement. All experiments

were carried out at room temperature (18-20 °C).

Hollow fiber
membrane

Pump

Conductivity meter

Pump

"""" Concentrated | 2
Ds

Electrical balance

Fig. 3.1. Schematic illustration of the hollow fiber forward osmosis membrane filtration

system.
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3.2.2 Feed solution and draw solution

A synthetic municipal wastewater was prepared with 486 + 5.73 mg/L COD (with
NaAc.3Hz20 as COD), 8.91 + 0.49 mg/L PO,*-P (with KH2PO4 for P), 37.57 + 1.07 mg/L
ammonium-N (with (NH4)2SO4 for N), 6.24 + 0.32 mg/L Mg?*, and 11.45 + 0.67 mg/L K*. To
study effects of Ca?', three different Ca?* concentrations, i.e., 0, 13, and 61 mglL,
respectively, were added to the synthetic wastewater. To study effects of suspended solid,
cellulose was added to simulate SS with a concentration 115 + 7 mg/L, which was reported
as a typical SS concentration by Bukhari (2008) and Nakhla et al. (2010).

For real municipal wastewater treatment experiments, the municipal wastewater after the
primary settlement tank at Millorook Municipal WWTP, Southampton, UK, was collected
with a reduced SS concentration compared with crude sewage. The collected municipal
wastewater consisted of 232.44 + 36.54 mg/L COD, 3.91 + 1.6 mg/L PO,*-P, 34.88 + 5
mg/L NH4*-N, 60.49 + 4.70 mg/L Ca?*, 4.07 + 0.28 mg/L Mg?*, 7.89 + 1.02 mg/L K*, 484.25
+16.62 mg/L TSS, and 399 + 4.24 mg/L VSS. Unless otherwise stated, all FO experiments
were conducted using a constant 3 M NaCl DS (144 bar of osmotic pressure). It needs to
point out that the location and climate changes in Millborook municipal Wastewater
Treatment plan resulted in a higher TSS concentration than 115 mg/L reported in the

literature.

3.2.3 Operation of the experimental systems

All FO membrane filtration experiments were run until a water recovery rate of 90% was
achieved unless specified. Before the membrane fouling experiments for synthetic or real
wastewater, baseline tests were conducted with DI water as FS and 1 M NaCl DS to
determine the flux and RSF of the membrane. After the membrane fouling experiments for
synthetic or real wastewater, the flux with DI water was tested again to determine the water
flux decline extent by comparing it with the baseline flux. After this, three different physical
methods were used to clean the membrane, which are i) normal flushing by replacing FS
and DS with DI water with the a flow rate of 0.6 L/min for 30 min, ii) high cross-flow velocity
flushing with the same method of normal flushing but with the increased flow rates to 1.8
L/min for 30 min to increase hydraulic turbulence and shear force, and iii) osmotic
backwashing by substituting DS with DI water and FS with 1 M NaCl with AL-DS for 30 min
at flow rates of 0.6 L/min to induce opposite crossflow to remove foulants on/in the

membrane. For chemical cleaning, the membrane after fouling tests was immersed in 0.2%
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sodium hydroxide solution for 60 min followed by being immersed into 0.5% hydrochloric

acid solution for another 60 min before the membrane was flushed with DI water for 5 min.

1 M NaCl was used as DS without controlling the DS to access the concentration of the
synthetic sewage with initial volumes for both FS and DS tanks of 4 L. While 3 M NaCl was
used as DS for fouling experiments to increase the driving force for an improved water flux.
In this case, the DS concentration was maintained at 3 M during the whole experiment
period using a peristaltic pump connected to the online conductivity controller (Hanna HI700
instrument, HI7639 probe, UK) which automatically dosing 5 M NaCl with 2 L working

volumes for feed and draw solution reservoirs.

3.24 Analytical methods

TSS, VSS, COD, ammonium, and phosphate were measured in accordance with standard
methods by American Public Health Association (APHA). Conductivity was measured by
using Hanna HI700 instrument and HI7639 probe (Hanna, UK). The concentration of soluble
elements (Ca?*, Mg?* and K*) were analyzed using ion chromatography (882 Compact IC
plus, Metrohm, Switzerland). Particle size distribution was measured with a Malvern 300
Mastersizer analyser (Malvern, UK). The fouled membrane after FO filtration with synthetic
wastewater at initial Ca?* of 61 mg/L was characterised using scanning electron microscopy
(ZEISS Merlin FEG-SEM) equipped with an Extreme EDS detector (Oxford, UK).

3.25 Calculations

Water flux across the FO membranes was calculated from the volume change of FS by

using equation 3.1:

AV
T AtxAp

Jw Equation 3.1
where Jy (L/m?-hr) is the water flux across the membrane, AV (L) is the volume change in
the FS, At (hr) is the filtration time and A, (M?) is the active membrane area. FS volume

was calculated by dividing FS weight with density, i.e. 1 kg/L.

The concentration factor (equation 3.2) (CF) was calculated as the ratio between the FS

concentration at time t (C,) after filtration and the initial FS concentration (Co) at time O:

_Ct

CF =
Co

Equation 3.2
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The RSF (Js) was determined based on the electrical conductivity variation of the FS (DI
water as FS and 1 M NaCl as DS) with time and was calculated from the following formula
(equation 3.3):

_ Vi2.C2—V1.Cq

J
S Atx Ay

Equation 3.3

where Js (g/m2-hr) is the reverse solute flux, Vi, (L) is the volume of FS at recording time
interval t2, Vu (L) is the FS volume at recording time interval t;, C, (g/L) is the salt mass
concentration in FS at t», Ci; (g/L) is the salt mass concentration in FS at t;. The
concentration of reverse NaCl was obtained by measuring conductivity of FS at different
times according to the calibration curve between NaCl concentration and solution

conductivity.

3.3 Results and discussion

3.3.1 Concentrating synthetic wastewater by hollow fiber forward osmosis

membrane for resource recovery

Before the experiments, baseline water flux of membrane was tested with DI water as FS
and 1 M NaCl as DS. It was found that the initial water flux and RSF of the hollow fiber FO
membrane were 22.12 L/m?-hr and 4.96 g/m?-hr, respectively (as shown in Fig. Al). The
initial water flux reduced from 22.12 to 10.67 L/m2-hr, while the conductivity of DS dropped
from 86.10 to 48.90 mS/cm after a 90% water recovery. The decrease of DS conductivity
indicates the dilution of DS by the FO membrane extracting water from the FS by osmotic
pressure, leading to reduced driving force (i.e. the osmotic pressure difference between FS
and DS) over time and thus reduced water flux over time as the conductivity of DS in this
study was not controlled. Thus, maintaining a constant concentration of DS benefits a more
relatively constant water flux. In the vast majority of studies, however, the concentration of
DS was not controlled for a simpler process and operation (Yuan et al.,2015; Valladares
Linares et al., 2013). Thus, in this section of this study where the main focus was on the
concentration of synthetic sewage, the concentration of DS was 1 M NaCl and was not
controlled.

Table 3.1 shows the up-concentration of synthetic wastewater with a 90% water recovery
rate by hollow fiber FO membrane. It was found that FO membrane had similar
concentrating effect for COD, PO.*-P, Ca?', and Mg?* with concentrating factors ranging

from 7.75 to 8.09 while with a concertation factor of only 2.10 for K*. This is in agreement
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with previous studies that the FO membranes were more permeable to monovalent ions
(e.g. K*) than divalent ions such as Ca?" and Mg?* (Ansari, et al., 2016; Gao et al., 2018).
However, monovalent ammonium was not concentrated at all by the FO membrane, with
the NH4*-N concentration in the FS decreased from 37.57 £ 1.07 to 13.12 + 0.33 mg/L after
the 90% water recovery rate, indicating that ammonium could not be rejected by the FO
membrane used in this study. In addition, it was noticed that ammonium concentration in
DS was even higher than that in FS, thus, the theory of substance diffusion from high to low
concentration alone can’t explain this phenomenon. The negative concentration factor for
ammonium, i.e. -2.86, obtained in this study is similar to the concentration factor of -3
reported by Ortega-bravo et al. (2016) and -2.40 reported by Xue et al. (2015) using TFC
FO membrane to concentrate municipal wastewater although TFC membranes in these
studies were from different suppliers. No rejection or poor rejection of ammonium by TFC
FO membrane was reported in many studies (Lu et al., 2014; Devia et al., 2015; Hu et al.,
2017). This poses a challenging problem for wastewater treatment because ammonium in
municipal wastewater could contaminate DS and further affect the quality of recovered
water in the process of regeneration of DS. Furthermore, the loss of ammonium from the
concentrated municipal wastewater could result in the difficulty of struvite precipitation if
nutrients in municipal wastewater are targeted for recovery after concentration by FO
membrane. Therefore, some studies have been done to improve ammonium rejection by
modifying TFC membrane surface with poly (ethylene glycol) diglycidyl ether (PEGDE) or
dicyclohexylcarbodiimide (DCC) to create a positively charged membrane to improve
ammonium rejection (Akbari et al., 2016, Xu, Chen et al., 2017, Jafarinejad et al., 2018).
With the modified TFC membrane 99% ammonium rejection in synthetic wastewater and
89.3% in real wastewater could be obtained (Jafarinejad et al., 2018). However, as Akbari
et al. (2016) pointed out, the use of positively charged membrane resulted in a poor divalent
anionic rejection (Na-SO4 = 25%) compared with divalent cationic (CaCl, = 85.5%) due to
aggregation of positive charges on the membrane surface. Therefore, the modification of
membrane surface may lead to a negative impact on the rejection rate of other ions (e.g.
divalent anion), a higher membrane fabrication cost and concerns related to safety
requirements (Xu et al.,, 2017). Thus, a cost-effective process for ammonium rejection

during the FO process by using different DS (e.g. non-ionic DS) needs further investigation.

58



Table 3.1. Summary of initial and final concentrations of pollutants in synthetic wastewater
as feed solution and 1 M NaCl as draw solution, and concentration factors of each pollutant
with a 90% water recovery rate after TFC hollow fiber FO membrane filtration.

Initial Final Theoretical Final
concentration concentration concentration in FS concentration
Pollutants  in FS (mg/L) in FS (mg/L) CF assuming 100%  in DS* (mg/L)

rejection (mg/L)

COD 486 +5.73 3766 +7.75 7.75 4860 57.58
PO4*-P 8.91+0.49 72.10+0.78 8.09 89.10 0
NH4*-N 37.57 £ 1.07 13.12 +0.33 -2.86 375.70 19.08

Ca? 13.33+0.72 103.51+591 7.76 133.30 1.57

Mg? 6.24 £ 0.32 48.80 +1.11 7.82 62.40 0.72

K* 11.45 + 0.67 24.04 +1.73 2.10 114.50 4.76

*Final concentrations of each pollutant in the draw solution were calculated based on the
loss of pollutants from FS

The biggest advantage of using FO membrane filtration to concentrate municipal
wastewater is to facilitate resource recovery from municipal wastewater for the
transformation of energy-intensive WWTPS into refinery plants for water, energy and
nutrient recovery in the circular economy. From Table 3.1, it can be seen that wastewater
volume of FS was reduced by 90%, and concentrations of COD and PO.*-P were increased
by 7.75-8.09 times with a water recovery rate of 90%. In the practice, for RO membrane
filtration, the water recovery rate is usually maintained at around 70% or below instead of
90% to alleviate membrane fouling (Matin et al., 2021). To understand the optimal water
recovery rate for FO filtration operation to facilitate resource recovery from municipal
wastewater, concentrations of COD and PO.3>-P were monitored with different water
recovery rates as shown in Fig. 3.2. As reported, a higher COD concentration is preferred
for AD at ambient temperature and 2000 mg/L COD was recommended as the minimum
(Verstraete et al., 2009). To achieve this value, the water recovery rate should be above
78%. For direct phosphorus recovery by struvite precipitation, phosphate-phosphorus
concentration should be above 50 mg/L (Desmidt et al., 2013), which corresponds to the
water recovery rate of 86% in Fig. 3.2. From both COD and phosphate-phosphorus data in
this study with a purpose to facilitate cost-effective recovery of energy and phosphorus from
municipal wastewater, a 90% water recovery rate is recommended based on the results in

Fig. 3.2. Experiments in this study on treating real municipal wastewater showed that simply
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adjusting pH of concentrated FS after a 90% water recovery rate to 11 resulted in a 99.3%
phosphorus recovery by forming phosphate precipitates without any additional chemical
dose (Fig. A2). In addition, achieving a 90% water recovery rate in the FO filtration process
can reduce the feed volume by 90%, which allows a possible anaerobic treatment even
under mesophilic or thermophilic condition due to significantly reduced heat requirement
(Ansari et al., 2016a). However, such a high water recovery rate might cause more serious
fouling, thus, membrane fouling and cleaning at the water recovery rate of 90% was studied
in the subsequent sections.

5000
2000 L —=— Experimental COD
—®— Soluble COD with an assumption
- of 100% membrane rejection o
<,3000 T
E | .-
p o
0 2000 |- . -
8] T
Anaerobic treatment
1000 [ 78% - for biogas production
0 T/ L 1 L 1 L 1 L 1 L 1 L
0% 5% 70% 75% 80% 85% 90%
Water recovery
75 L —=— Experimental PO,*-P e
. —e— Soluble PO,*-P with an assumption e
=60 of 100% membrane rejection o
= o
g L
o 45 | . — .
& | — = Direct struvite
o 30 — precipitation as
. i I@izer
15 86%
0 T/ L | L | L | L | L | L
0% 5% 70% 75% 80% 85% 90%

Water recovery

Fig. 3.2. Concentration profiles of COD and PO.*-P in the synthetic sewage feed solution
over time until 90% water recovery rate was achieved in the hollow fiber FO system with 1

M NaCl as draw solution.

In addition, it was noted that both COD and PO.*-P concentrations in FS were lower than
those with the assumption of 100% membrane rejection and the difference between
experimental data and assumed data became larger at higher water recovery rates
particularly when above 75%. A control experiment with synthetic wastewater maintained
under the same conditions but without membrane filtration was run in parallel to investigate

COD loss. It was found that 6% of the total COD in FS was lost by biodegradation during
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25-hr membrane filtration period, which resulted in 292 mg/L COD loss in FS if there was
100% membrane rejection. However, COD concentration in FS at 90% water recovery rate
was 3766 * 7.75 mg/L, indicating that some COD was still lost by passing through
membrane to DS.

Assimilation of phosphorus for the loss of 6% of COD due to biodegradation is negligible
while no phosphorus was detected from DS, suggesting phosphorus rejection by the
membrane was 100%. It was believed that the negative charge of the TFC membrane
prevented the diffusion of the negatively charged phosphate ions. This performance is
consistent with previous reports that a complete rejection of PO4*-P by TFC FO membrane
for concentrating municipal wastewater or anaerobically treated dairy manure (Wang et al.,
2016; Gao et al., 2018; Kumar et al., 2019). The actual lower phosphorus concentration
than it is supposed to be by 100% rejection might be caused by the precipitation of calcium
phosphate because the concentrations of both Ca?* and PO,* increased by 8 times at the
water recovery rate of 90%, which is beneficial for the precipitation. Furthermore, an obvious
pH increase of FS from 6.56 at the beginning to 7.15 at the end of filtration with the 90%
water recovery rate was observed, which is conducive to the precipitation of calcium
phosphate too. The increase in pH of FS was reported for both synthetic and real
wastewater when using NaCl as DS (Cath, 2009; Xie et al., 2014). It was speculated when
Na* diffused from the DS to the FS via so-called RSF, H* in the FS diffused from FS to the
DS to maintain the electroneutrality of the solutions (Cath, 2009). Another possible reason
is that the presence of NaCl ions in the FS as a result of RSF could affect the pH of the FS.
This was validated by measuring pH of pure NaCl solution with different concentrations. It
can be seen from Fig. A3 that pH increased from 6.91 to 7.6 accordingly when the NacCl
concentration increased from 0 to 0.2 M. Kaiserslautem and Hr (1994) and Zhao et al.
(2015) reported that the increase in the salt concentration caused a reduction in the
dissolution of CO; and thus increased pH. In addition, dissolved CO, could precipitate more
easily with increased metal ions concentrated by membrane filtration to increase pH. In
one word, salt reverse flux particularly when salt as DS could change the chemistry of FS
such as pH and ionic strength, and thus affect the inorganic fouling of the membrane. In
this study, it is reasonable to believe that the lower soluble phosphate concentration than it
is supposed to be with 100% rejection rate is purely caused by the precipitation of calcium
phosphate under elevated pH, and Ca?* and PO.* concentrations when membrane filtration
was going on. The higher water recovery rate implies a high precipitation rate of calcium
phosphate due to higher concentrations of Ca?* and PO.*. The concentrations of Ca?* in

municipal wastewater in different regions are quite different, which might be ranging from
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10 mg/L to 150 mg/L. The precipitation of phosphate with Ca?* with a high concentration
would result in inorganic scaling on membrane. In addition, Ca?* could also induce organic
fouling by binding with organic molecules to form larger net structure (Lutchmiah et al.,
2014; Wang et al., 2015a; Gao et al., 2018). Effects of Ca?* on membrane fouling when

concentrating municipal wastewater were further investigated in this study

3.3.2 Fouling and cleaning of hollow fiber forward osmosis membrane for

concentrating synthetic wastewater with two different Ca?* concentrations

As shown in Fig. 3.3, the water flux declined more steeply when the initial Ca?* concentration
in synthetic wastewater was 61 mg/L compared with that without Ca?" in three batch
membrane filtration cycles. In addition, the initial water flux was reduced by 12.5% from the
first cycle to the second cycle and by 66.7% from the second cycle to the third cycle with 61
mg/L Ca?* while it was by 23% and 11.9%, respectively, with 0 mg/L Ca?*. This indicates
that TFC membrane fouling was much more severe when Ca?" concentration was higher
but fouling still occurred even when Ca?* concentration was 0. As discussed, the decline of
water flux was mainly attributed to inorganic scaling on the membrane by calcium
precipitates such as calcium carbonate and/or calcium phosphate due to the increased
concentrations of Ca?" and PO.* and pH as all the other conditions were the same in the
two scenarios. Even without Ca?*, the initial water flux was around 24 L/m2-hr which is much
lower than the initial flux with 61 mg/L of Ca?* (33 L/m?-hr). However, it was hypothesised
that this flux difference could be the effect of fouling caused by previous experiment with 61
mg/L Ca?* (the same membrane was used in the hollow fiber FO experiments for the effect

of Ca** on membrane fouling).

From Fig. 3.3, it can be seen that the deposit of inorganic precipitates on the membrane
surface affected the membrane fouling and water flux in the subsequent cycles as well.
Similar results of Ca?* effects on CTA FO membrane fouling were reported by Wang et al.
(2015) when concentrating municipal wastewater, from which CTA FO fouling was
negligible with the initial Ca?" concentration of 35 mg/L and the initial phosphorus
concentration of 3.18 mg/L while the initial water flux declined by 45% when the initial Ca?*
concentration increased to 250 mg/L (water recovery rate and initial pH were not reported).

This suggests that the inorganic scaling is similar for both CTA and TFC membranes.
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Fig. 3.3. The declines in water flux in three batch hollow fiber FO membrane filtration cycles
with 90% water recovery rate each when concentrating synthetic sewage containing an

initial Ca?* concentration of A) 61 mg/L, B) 0 mg/L.

In addition, although the initial pH of FS was around 6.6 for both scenarios, the final pH of
FS with the presence of Ca?* at 90% water recovery rate was increased to 8.02 while it was
increased to only 7.31 in the absence of Ca?* at the end of cycles. This is mainly because
that more than double of the time required to achieve a 90% water recovery rate (Table Al)
for the scenario with 61 mg/L Ca?* resulted in more total reverse salts to FS, leading to
higher effects on the chemistry of FS by DS and thus on higher pH increase and
precipitation of Ca?". From this perspective, the largest disadvantage of salts as DS for
concentrating municipal wastewater is the interaction of salt ions with chemicals in
municipal wastewater due to RSF, which might induce inorganic fouling on the membrane
and be unfavourable to maintain stable water flux. Furthermore, a longer filtration time due

to fouling worsens membrane fouling further when the operation is batch.

To investigate the membrane flux recovery after inorganic scaling, osmotic backwashing
was used for membrane cleaning for 30 min after three batch membrane filtration cycles

with a 90% water recovery rate each. As shown in Fig. 3.4A, only 45% of the initial water

63



flux was recovered by using the osmotic backwashing method with the presence of 61 mg/L
Ca?* in synthetic swage while it was 121% of the initial water flux recovery in the absence
of Ca?" (Fig. 3.4B), indicating that osmotic backwashing for 30 min was not enough to
recover the membrane flux fully and more vigorous cleaning methods are necessary. In
addition, since that osmotic backwashing was able to recover 121% of the initial water flux
in the absence of Ca?*, this indicates that fouling in the FO process with the absence of
Ca?* was negligible and verify the previous hypothesis that flux decline in the absence of
Ca?* was mainly caused membrane fouling from inorganic precipitates during the FO
filtration with 61 mg/L Ca?*.

In osmotic backwashing, the DS was replaced with DI water, and the permeate flows from
DS to FS side. As a result, the deposited foulants were possibly washed away by this
opposite cross flow. Most of the FO fouling studies showed that FO membrane fouling is
completely reversible and backwashing could recover initial water flux (Chekli et al., 2017,
Pramanik et al., 2019). For example, Valladares et al. (2013) reported that osmotic
backwashing was able to remove almost all organic foulants from the FO membrane surface
when treating synthetic municipal wastewater as FS and 0.65 M NaCl as DS. In addition,
Holloway et al. (2007) studied the efficiency of osmotic backwashing to clean FO membrane
after concentrating anaerobic digester centrate. It was suggested that osmotic backwashing
could be an efficient cleaning method for the FO membranes. However, osmotic
backwashing in Fig. 3.4A proved to be not effective enough for cleaning fouling caused by
inorganic scaling. Longer osmotic backwashing might be needed, but longer cleaning
implies lower treating capacity. In addition, osmotic backwashing might not strong enough
to remove more complex fouling from wastewater (Hafizah et al., 2018; Zhu et al., 2021).
The active layer of the fouled FO membrane after cleaning was further characterized by
SEM images combined with EDS. As shown in Fig. A4 and A5, the phosphorus and Ca?*
peaks after osmotic backwashing for 30 min confirmed that inorganic scaling still covered
the active layer of the FO membrane. This implied that calcium phosphate precipitates were
not removed after osmotic backwashing used in this study. Thus, chemical cleaning may
be needed to remove calcium phosphate precipitates from the hollow fiber membrane
surface. Therefore, chemical cleaning method was further investigated for treating raw

sewage wastewater in this study.
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Fig. 3.4. Relative DI water fluxes before and after osmotic backwashing to clean hollow
fiber FO membrane after three batch membrane filtration cycles with/without Ca?* for
concentrating synthetic sewage with 90% water recovery rates in each cycle A) 61 mg/L
Ca?*, B) 0 mg/L Ca?".

3.3.3 Fouling and cleaning of hollow fiber forward osmosis membrane for

concentrating synthetic wastewater with/without suspended solids

Municipal wastewater contains SS, which would cause the deposits of solids on the
membrane for fouling. In this study, cellulose was used to simulate SS in synthetic
wastewater with a concentration of 115 + 7 mg/L. Meanwhile, Ca?* concentration in the
synthetic wastewater was around 13 mg/L. It can be seen from Fig. 3.5A that no flux decline
was observed after three batch membrane filtration cycles with a water recovery rate of
90% in each cycle for treating synthetic wastewater without SS. However, when initial SS
concentration was 115 + 7 mg/L, the initial water flux declined slightly by 6.7% from the first
cycle to the second cycle, but by 30% from the second cycle to the third cycle (Fig. 3.5B).
In addition, the water flux in the third cycle dropped significantly, resulting in 29 h for the

third cycle (i.e. 3.68 times longer than the second cycle) to obtain a 90% water recovery
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rate. The total duration for three batch membrane filtration cycles without SS was 20 h while
it was extended to 44 h with 115 £ 7 mg/L SS. The slight drop in the second cycle and the
significant drop in the third cycle indicate that only when the deposit of SS on the membrane
reached a certain level, i.e. critical point, the water flux started to drop significantly.
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Fig. 3.5. Water fluxes in three batch hollow fiber FO membrane filtration cycles with a water
recovery rate of 90% for concentrating synthetic sewage A) without suspended solids, and
B) with 115 + 7 mg/L of initial suspended solids.

To understand the recovery of the fouled membrane, three different membrane cleaning
methods were used , which are normal flushing with DI water for 30 min, high cross-flow
velocity flushing with three times higher water flow velocity for 30 min and osmoatic
backwashing for 30 min. These physical cleaning methods were used in most FO studies
due to their high efficiency to clean the FO membranes in some cases (Arkhangelsky et al.,
2012; Valladares et al., 2013; Xie et al.,, 2014; Ansari et al., 2018a) and simplicity for
operation. From Fig. 3.6A, it can be known that after running three batch membrane filtration
cycles of synthetic wastewater without SS, there was only a 5% flux decline, which might
be due to the small amount of calcium precipitates. The initial water flux was fully recovered
after normal flushing with DI water for 30 min, suggesting that the precipitates of calcium
deposited only on the hollow fiber membrane surface loosely, and can be removed easily.

For synthetic wastewater with 115 £ 7 mg/L SS, the initial water flux after three cycles
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dropped by around 37%. After normal DI water flushing for 30 min, 82.5% of the initial water
flux was recovered. This indicates that the vast majority of SS deposits on membrane
loosely, but the much longer duration of three batch cycles might result in more compact
deposits. Compared with the cleaning of membrane fouling caused by calcium precipitates
in Fig. 3.4, membrane fouling caused by SS was much easier to be recovered. A further
flushing with high cross velocity for another 30 min (see Fig. 3.6B) only slightly improved
water flux to 88.4% although much more turbulence was created with higher shear force by
using higher velocity to enhance the hydrodynamic conditions near the membranes surface
(Boo et al., 2013). But subsequent osmotic backwashing for 30 min fully recovered the initial
water flux to 100%, suggesting that the membrane fouling caused by SS during three batch
cycles was still reversible and osmotic backwashing was more effective than high cross

velocity flushing.
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Fig. 3.6. Relative water fluxes before (i.e. after three batch membrane filtration cycles for
concentrating synthetic wastewater A) without suspended solids, and B and C) with a
suspended solid concentration of 115 + 7 mg/L with a water recovery rate of 90% in each

cycle) and after different physical cleanings.
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100% water flux recovery was achieved after sequential physical cleaning methods with
normal flushing followed by high cross velocity flushing and osmotic backwashing as shown
in Fig. 3.6B, but it is unclear if backwashing alone could recover 100% water flux. Thus,
another three batch cycles same as Fig. 3.5B was conducted to get a similar level of
membrane fouling as in Fig. 3.6B. As shown in Fig. 3.6C, single osmotic backwashing for
30 min recovered 91% water flux while a combined cleaning of normal flushing for 30 min
with high cross-velocity flushing for 30 min recovered 88.4% water flux, suggesting osmotic
backwashing for 30 min was more effective in cleaning than the combined normal flushing
and high cross-velocity flushing (30 min each) when treating synthetic sewage with SS with
less cleaning time (down time) and lower energy consumption. Results on cleaning of
fouling caused by SS in this study are in agreement with previous studies by Holloway et
al. (2007) on membrane fouling caused by digester centrate and Yu et al. (2017) on
membrane fouling caused by synthetic wastewater containing slica particles, implying
backwashing is more effective to remove SS foulant from the TFC membrane as well as

CTA membrane

3.34 Fouling and cleaning of hollow fiber and flat-sheet forward osmosis

membrane for concentrating real municipal wastewater

The fouling of membrane by real municipal wastewater with complex organic and inorganic
chemicals and ions might be more challenging. Organic matters in municipal wastewater
such as proteins, lipids, amino acids, colloidal particles, and humic acid are responsible for
the membrane organic fouling in treatment of raw wastewater (Padmanaban et al., 2020).
In addition, it was reported that both scaling and biofouling are anticipated when treating
real wastewater (Zhang et al., 2012). Since batch test with less 21 h was done in this study,
it was assumed that bio-fouling could be negligible because biofilm growth takes time.
Regarding inorganic fouling, water hardness level could affect membrane fouling due to
high calcium and magnesium concentrations. It is well known that 60% of the UK is classed
as having hard or very hard water with high calcium concentration (Theobald, 2005). In this
study, real municipal wastewater after the primary clarifier (removal of most SS) from
Southampton, Southeast England, was collected, which contained around 60 mg/L calcium,
484 mg/L SS and other pollutants.

As shown in Fig. 3.7, when treating real municipal wastewater, the hollow fiber FO
membrane was immediately clogged with the water flux reduced from 14 to 0.80 L/m?-hr

within 60 min and only a 10% water recovery rate was obtained after around 51-hr filtration.
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This result is different from that with the synthetic wastewater by using cellulose as SS in
Fig. 3.5. A particle size analysis found that the particles size in real wastewater distributed
between 2.42 and 1850 um with an average particle size of 290 um while cellulose particle
to simulate SS distributed between 1.45 to 163 um with an average particle size of 36 um
(Fig. A6). The wide particle size distribution up to 1850 um could easily clog the hollow fiber
as the internal diameter of the fiber was only 870 um. Thus, it is reasonable to believe that
the rapid and significant drop of water flux with real wastewater was mainly caused by
particle clogging instead of membrane fouling.

To further look into the fouling and clogging of hollow fibers by real municipal wastewater,
the membrane orientation with AL-DS was tested to contrast with AL-FS conducted above.
It can be seen from Fig. 3.7 that the initial water flux was 22.96 L/m2-hr, much higher than
in AL-FS filtration (14 L/m?-hr). A rapid decline of water flux to 11.83 L/m?-hr within 30 min
was observed as well due to the foulant deposit on the membrane, but from 45 min, the
water flux reduced steadily and 540 min were taken to reach a 75% water recovery rate.
Since the support layer of the hollow fiber membrane faced FS, particles in FS could move
freely in the hollow fiber membrane shell with much less restriction than the lumen in the
case of AL-FS. The water flux decline was thus much less than that in the AL-FS case, but
the clogging and fouling still occurred with the final water flux of 4.75 L/m?-hr at the water

recovery rate of 75%.
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Fig. 3.7. Water flux changes in the single batch hollow fiber membrane filtration cycles for

concentrating real municipal wastewater with the AL-FS and the AL-DS, respectively.
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The cleaning effects of osmotic backwashing for two scenarios with AL-FS and AL-DS,
respectively, were shown in Fig. 3.8. It can be seen that in the case of AL-FS, the water flux
resumed to 100% after a simple osmotic backwashing for 30 min, indicating that only
particle clogging occurred. In addition, the rapid formation of a cake layer in hollow fiber
membrane lumen could prevent the membrane fouling from large organic molecules or
other inorganic precipitates although the small diameter of hollow fiber membrane lumen is
prone to clogging (Majeed et al., 2016b). In the case of AL-DS, a water flux decline by
82.6% was observed after one batch membrane filtration cycle. Only 40% of the initial water
flux was recovered after osmotic backwashing for 30 min. It has to be pointed out that
channels and pores in the support layer were much larger (Majeed, et al., 2016b; Yee et
al., 2019), thus, particles and organic molecules in real municipal wastewater were easily
stuck inside of the membrane support layer, resulting in poor effects from physical cleaning
such as osmotic backwashing. A further chemical cleaning by 0.2% NaOH and 0.5% HCI
for 60 min each followed by 5-min membrane flushing with DI water resumed the water flux
to only 69% of the initial value, suggesting that the support layer of the membrane became
a barrier for both physical and chemical cleaning. In addition, the concentrative ICP
increased when the support layer faced FS (Su et al., 2012; Honda et al., 2015; Fan et al.,
2018) because soluble organic molecules in wastewater were trapped in the support layer
with higher concentrations, resulting in reduced water flux. Thus, AL-DS is not a
recommended hollow fiber membrane orientation for the filtration of wastewater when the

active layer is in the lumen.
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Fig. 3.8. Relative water fluxes before (i.e. after single batch membrane filtration cycles for
concentrating real municipal wastewater with A) AL-FS, and B) AL-DS, and after different

cleanings.

Given the constraints of hollow fiber membrane for the filtration of wastewater containing
particles, flat sheet membrane was tested to compare with hollow fiber membrane. From
Fig. 3.9, it can be seen that the flat sheet membrane was able to achieve 90% water
recovery for concentrating the same real municipal wastewater and the spacer did not play
a noticeable role to alleviate the flux decline. This phenomenon is different from that
reported by Alanezi et al. (2007) that in the absence of feed spacer, the membrane would
experience a severe ECP, which can promote ICP and thus lead to a dramatic flux decline.
Wang et al. (2010) also reported that the use of feed diamond-patterned spacer enhanced
the initial flux of the CTA FO membrane, and significantly improved the flux stability during
FO fouling by using synthetic wastewater as FS with SS (had a mean particle diameter of
3 um). However, Yu et al. (2017) didn’t find a significant difference between two FO systems
with or without a spacer for the CTA membrane when investigating the effect of spacer
(shape was not reported) for treating DI water with 5,000 mg/L silica particles (diameter 1—
5 ym) and 200 mg/L humic acid. The contradictory results about the effects of a spacer on

water flux during membrane filtration processes are probably due to different types of
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membrane and wastewater used with different characteristics. For example, Wang et al.
(2010) and Yu et al. (2017) used CTA FO membrane to treat synthetic wastewater as FS
and the this study used TFC FO membrane for the treatment of real wastewater with much
higher particle sizes. Thus, the studies on spacer effects should be further conducted to find
the most suitable circumstances for the use of a spacer.

Linear regressions were used to better understand how the FO membrane fouling was
devolved for the treatment of real sewage with/without spacers. From two overlapping lines
with/without spacers in Fig. 3.9, the flux decline could be divided into two distinct regions
with one from 0 to 18% water recovery rate with a water flux declining rate of 0.46 L/m2-hr
per % water recovery rate while the other from 18% to 90% water recovery rate with a water
flux declining rate of 0.15 L/m2-hr per % water recovery rate. This indicates that once the
initial cake layer or fouling layer was formed, the flux decline rate reduced by 67%
afterwards. A similar result was observed in Fig. 3.5 with the synthetic wastewater
containing SS, but in Fig. 3.5, two batch cycles were needed to form this initial fouling layer
and the two distinct regions with different flux decline rates were seen in the third cycle. The
deposits of organic foulants on the FO membrane surface restricted the water permeability
(Padmanaban et al., 2020). In addition, the cake layer developed when treating raw
municipal wastewater. Both of these resulted in a severe concentrative ECP, leading to the
increase in feed solute concentration of FS at the active membrane surface and thus the
reduction in the effective osmotic pressure driving force (Xiao et al., 2018). This water flux
behaviour in agreement with previous study reported by Gao et al. (2018) who studied the
CTA membrane fouling for direct concentration of municipal sewage (initial TSS
concentration was not reported) at different NaCl concentrations. Gao et al. (2018) reported
that when 4 M NaCl was used as DS, flux decline was significantly higher at 350 min
compared with 1 M NaCl where the flux began to decline at 1200 min. These results showed
that fouling caused by SS is similar for both CTA and TFC membranes at higher NaCl DS

concentrations.
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Fig. 3.9. Water flux changes in the single batch flat sheet FO membrane filtration cycles for

concentrating real municipal wastewater with/without the use of spacer, respectively.

Although there was no noticeable difference regarding water flux during the membrane
filtration processes, it was found that the membrane surface (as shown in Fig. A7) looks
much cleaner without an obvious deposit layer when the spacer was used. In addition, the
membrane water flux recoverability after the filtration with the spacer was improved by 84%
after osmotic backwashing while it was only 60.5% without spacer as seen in Fig. 3.10. This
further indicates that the existence of the spacer did result in a less compact foulant deposit
which could be partially removed by osmotic backwashing. To enhance membrane water
flux recovery rate of the FO membrane, high cross-velocity was further applied resulting in
a further 69% improvement for the membrane without a spacer. The chemical cleaning
could restore the initial water flux to around 94% for both cases. From the results, it can be
known that the use of spacer in the flat sheet membrane filtration did improve the recovering

capacity of physical cleaning and thus reduce the operation cost.
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Fig. 3.10. Relative water fluxes before (i.e. after single batch membrane filtration cycles for
concentrating real municipal wastewater with 90% water recovery rate in a flat sheet FO
membrane configuration A) without spacer, and B) with spacer , and after different

cleanings.

3.4 Conclusions

Concentrating municipal wastewater by FO membrane filtration for resource recovery and
associated membrane fouling and cleaning were investigated. The following conclusions

can be drawn:

e A 90% water recovery rate was needed to get sufficient COD and phosphate
concentrations to facilitate direct phosphate precipitation for phosphors recovery
and anaerobic treatment for energy recovery from wastewater.

e The two TFC FO membranes used in this study have high rejection rates for COD,
phosphate, Ca?*, Mg?* with concentration factors at around 8 while lower rejection

rate for K* and no rejection at all for ammonium. Simple physical cleaning is more
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effective to remove deposits on the membrane caused by SS than inorganic scaling
caused by calcium precipitates during membrane filtration periods.

Membrane fouling caused by real municipal wastewater is more complicated and
harder to be cleaned by physical cleanings. Pre-treatment such as micro-filtration
has to be done to ensure stable and relatively long-term membrane filtration and to
increase the membrane life-span.

The use of a spacer in the flat sheet configuration for concentrating municipal
wastewater did not alleviate membrane fouling and improve water flux during the
membrane filtration process, but it improved the efficiency of the following physical
cleaning method by 15%. However, chemical cleaning was still needed to enhance
the recovery of the initial water flux, which will increase the operating costs and

reduce the membrane life-span.
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Chapter 4: Enhancing ammonium rejection in
forward osmosis for wastewater treatment by

minimizing cation exchange

4.1 Introduction

With the more stringent environmental consents are being imposed to minimize
eutrophication , nutrients such as ammonium and phosphate in municipal wastewater need
to be removed from treatment (Koyuncu, 2007; Jafarinejad et al., 2018). Meanwhile,
ammonium and phosphorus in wastewater are important resources that could be recovered
as fertilizers. Thus, combining wastewater treatment with nutrients recovery from
wastewater has gained growing interests (Jorgensen and Weatherley, 2003; Xue et al.,
2015). Among different technologies, the emerging FO technology appears promising due
to the high rejection rates of pollutants, simple process, potential of lower energy
consumption, lower membrane fouling propensity and possibilities for the direct recovery of

nutrients from wastewater by concentrating (Gao et al., 2018; Yang et al., 2019).

In FO process, DS is believed to be the most critical because it affects water flux, rejection
of pollutants and the cost of DS including regeneration when necessary (Yong et al., 2012;
Ray et al., 2020). An ideal DS should be able to generate higher water flux, lower reverse
RSF, meanwhile, be easy to regenerate and preferred to have a low molecular weight and
viscosity to reduce the effect of CP (Ge et al.,, 2013; Zohrabian et al.,, 2020). These
requirements are usually contradictory, and a compromise has to be made. This is one of
the reasons that DS is being studied intensively. However, there is little research on DS

regarding the rejection of ammonium, a major pollutant in wastewater.

It has been widely reported that ammonium in FS could easily permeate into DS due to the
nature of negative charge of the FO membrane, positive charge of ammonium and similar
size with water (Arena et al., 2014; Xue et al., 2015). The permeation of ammonium from
FS into DS could cause DS contamination and the accumulation of ammonium in DS during
the regeneration process (Volpin et al., 2018). In addition, the permeated and accumulated
ammonium in DS could further escape into the water when water recovery from DS is
conducted (Ray et al., 2020; Rood et al., 2020). Thirdly, the escape of ammonium from FS

also results in less recovery efficiency when nutrient recovery from wastewater is targeted.
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Thus, how to improve ammonium rejection in FO process for wastewater treatment and

resource recovery is very important.

So far, two types of FO membranes, i.e. CTA and TFC membrane have been developed.
TFC, as the second generation of FO membrane, becomes preferable to CTA due to higher
water flux, lower RSF and lower biodegradable tendency (Kedwell et al., 2018). Although
TFC FO membranes can achieve a more than 95% phosphate rejection rate for different
types of wastewaters such as municipal and industrial wastewaters and sludge digestate
(Valladares et al., 2013; Ortega-bravo et al., 2016; Wang et al., 2016; Gao et al., 2018;
Volpin et al., 2018), it shows a very poor ammonium rejection (Lutchmiah et al., 2014; Rood
et al., 2020). In most cases, ammonium in FS was even diluted with a lower concentration
than the initial concentration in FS. For example, for municipal wastewater treatment, a
negative ammonium concentration factor of -3 was reported by (Ortega-bravo et al., 2016)
with 0.6 M NaCl as DS and of -2.4 with seawater as DS (Xue et al., 2015). From the
perspective of municipal wastewater treatment, this is unacceptable.

To tackle this critical issue, some researchers modified the membrane surface by using poly
(ethylene glycol) diglycidyl ether or dicyclohexylcarbodiimide to create a positively charged
membrane surface to increase ammonium rejection (Akbari et al., 2016; Xu et al., 2017;
Jafarinejad et al., 2018). Ammonium rejection rates of 99% for a synthetic solution with 50
mg/L NH4* and of 89.3% for a return activated sludge (RAS) were obtained after membrane
surface modification (Jafarinejad et al., 2018). When the membrane surface was modified
to be positively charged, however, the rejection of anions such as phosphate and sulphate
could be reduced. Akbari et al. (2016) reported that a positively charged FO membrane
resulted in only 25% sulfate rejection. Phosphate rejection has not yet been reported for the
modified FO membranes (Akbari et al., 2016; Shen et al., 2017; Jafarinejad et al., 2018),
but creating a positively charge membrane could negatively affect phosphate rejection.
Levchenko and Freger (2016) reported that PO.* rejection for the negatively charged
nanofiltration (i.e. NF270) membrane was 95%, while PO.* rejection decreased significantly
to 40% with a positively charged NF (p-NF) membrane for the treatment of secondary
wastewater. Thus, it is reasonable to speculate that modifying the FO membrane surface
to create a positively charged membrane might negatively affect the rejection of phosphate
or other small anions, which would increase the contamination of DS and jeopardize the
nutrient recovery efficiency from wastewater. Another possible solution to increase
ammonium rejection is to adjust the pH of FS to a lower value such as 3. It was found by

Engelhardt et al. (2019) that ammonium rejection was increased from around 52% at pH of
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6 to more than 90% at pH 3 (with initial ammonium concentration of 1 g/L as FS, and 0.5 M
NaCl as DS, for 80% water recovery rate). The pH effect could be explained by the change
in the membrane surface charge from more negative to less negative due to more
protonated carboxylic groups (COOH) at pH of 3 than deprotonated carboxylate groups
(COQO") at pH of 6. Thus, at lower pH, the forward ammonium flux and the RSF of Na* were
reduced, leading to the increase in ammonium rejection rate. It can be seen that adjusting
pH to increase ammonium rejection is essentially due to change membrane surface charge
as well. Since wastewater is usually bulk and highly diluted, adjusting bulk solution pH is
impractical. Alternatively, an after-thought solution was proposed to overcome the DS
contamination problem by removing permeated ammonium by microorganisms. For
example, Rood et al. (2020) proposed to introduce an algal strain in the synthetic seawater
DS to take up ammonium. However, the proposed algal FO system was not very effective
with only 35.4% ammonium removal in total. In addition, introducing algae in DS could lead
to potential membrane fouling problems by forming biofilm on the membrane surface.
Therefore, a cost effective, efficient, and easy-to-implement solution is badly desired for
ammonium rejection without causing other negative effects. It has been reported that
different DSs could have different rejection rates for a same type of contaminant (Lu et al.,
2014; Zheng et al., 2019). Hu et al. (2017) investigated the impact of ionic DSs such as
NaCl and MgCl, on ammonium rejection by using the TFC FO membrane for treating
municipal wastewater. NHs*-N concentration in the FS decreased during the FO process,
i.e., not effectively rejected, with NaCl as DS while ammonium rejection rate reached
between 58-87% with MgCl, as DS. It was explained in the study that the higher diffusion
coefficient of NaCl compared than MgCl. resulted in a higher reverse Na* than Mg?* flux to
FS, and thus caused more forward ammonium permeation from the FS to the DS to maintain
electroneutrality. Since this study only investigated NaCl and MgCI? as DSs, it is hard to
draw a solid conclusion that diffusion coefficient of DS plays a critical role for ammonium
rejection. An investigation on more different types of DSs is needed for validation.
Furthermore, multiple physiochemical properties are changed when DS is different. Thus,
it would be very beneficial if the critical physiochemical properties of DS affecting
ammonium rejection could be identified. If so, a rule could be found to guide the selection
of DS for ammonium rejection without compromising the rejection of anions. In addition, it
still unknown if other factors such as wastewater quality and ammonium concentration in

wastewater affect ammonium rejection.

Thus, the objective of this study was to evaluate what properties of DS could be used to

enhance ammonium rejection with TFC FO membrane for wastewater treatment. The
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investigated DSs included ionic DSs such as NaCl, MgCl,, MgSO., Na,SO4 and non-ionic
DSs such as glucose, glycine and ethanol. The effects of FS chemistry on ammonium
rejection were also investigated by using synthetic wastewater, real municipal wastewater

and sludge digestate.

4.2 Materials and methods

42.1 Forward osmosis membrane and experimental setup

Hollow fiber TFC membranes developed by the Singapore Membrane Technology Centre
were used in this study. Details of the FO membrane and the experimental protocol can be

found in section 3.2.1.

4.2.2 Feed solution and draw solution

Two different types of synthetic wastewater were used in this study. To investigate the
effects of DS type in FS on ammonium rejection, synthetic water containing only ammonium
with a concentration of 34.30 = 0.61 mg/L ammonium-N (with (NH4).SO. for N) was used.
To investigate ammonium rejection with the presence of other main pollutants in municipal
wastewater, a synthetic municipal wastewater was prepared to simulate municipal
wastewater that was reported by (Metcalf and Eddy, 2008) with 496.82 + 34.78 mg/L COD
(with NaAc. 3H:0 as COD), 8.72 + 0.43 mg/L PO,*-P (with KH,PO, for P), 38.33 + 1.10
mg/L ammonium-N (with (NH4).SO4 for N), 8.57 + 0.24 mg/L Ca?*, 7.75 + 0.16 mg/L Mg?*,
8.75 + 0.39 mg/L K*.

Two different NH4*-N concentrations, i.e., 17.87 + 0.15 and 1293.95 + 10.68 mg/L,
respectively, in synthetic wastewater were used to simulate NHs*-N concentration in
municipal wastewater and sludge digestate for the study of effects of initial ammonium

concentration in FS on ammonium rejection in the TFC FO process.

In addition, real municipal wastewater and sludge digestate were tested with 0.6 M NaCl
and 1.2 M glucose as DSs, respectively, under the same osmotic pressure of 29 bar. Both
municipal wastewater after the treatment by primary settlement tank and sludge digestate
from anaerobic digester were collected from the Millbrook Municipal WWTP, Southampton,
UK. To avoid the FO hollow fiber membrane clogging from SS, both real municipal
wastewater and sludge digestate were pre-treated by centrifugation and filitration to

minimize SS concentrations. Specifically, the municipal wastewater was centrifuged
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(Sorvall Legend T, Sorvall) for 10 min at 4100 g/min, followed by filtration with 1.2 um filter
(Whatman, UK) and finally with 0.45 um filter (Whatman, UK). The same procedure was
used to filter the sludge digestate with the addition of chemical coagulant such as aluminium
chloride prior to the filtration. The filtered municipal wastewater contained 119.96 + 3.39
mg/L COD, 2.26 + 0.12 mg/L PO,*-P, 16.74 + 0.16 mg/L NH4*-N, 63.83 + 0.49 mg/L Ca?,
13.07 £ 0.27 mg/L Mg?* and 17.16 + 1.41 mg/L K* mg/L, while the filtered sludge digestate
consisted of 959.70 + 33.93 mg/L COD, 1 + 0.02 mg/L PO4*-P, 1255.13 + 87.56 mg/L NH4*-
N, 21.02 + 0.32 mg/L Ca?*, 18.96 + 0.82 mg/L Mg?*, and 93.38 + 2.36 mg/L K* mg/L.

Four different types of inorganic salts such as NaCl, MgCl,, MgSO. and Na,SO4 were used
as DSs due to their different diffusion coefficient, molecular size and hydrated cation radius.
Non-ionic chemicals such as glucose, glycine and ethanol with different molecular weight
and diffusion coefficient were chosen as three types of DSs with minimal cation exchange
potential. The main physiochemical properties of DSs were summarized in Table B1. In
addition, Table B2 shows the estimated transport parameters, atomic weight and estimated
cation hydrated radius in the inorganic DSs. Different DS concentrations were prepared by
dissolving the osmotic agents in DI water to rule out the effects of other ions from DSs.

4.2.3 Operation of the experimental systems

The water flux performance of the TFC membrane with three different types of DSs (i.e.
NaCl, MgCl, and glucose) was evaluated by using the lab-scale, hollow fiber FO system to
determine water flux (Jw) and RSF (Js). These DSs were chosen as a reference to evaluate
the effect of DS physiochemical properties (i.e. diffusion coefficient, molecular weight and
viscosity) on the FO water flux and RSF. The solute was dissolved in DI water to prepare
DSs with different concentrations, which corresponded to different osmotic pressure such
as 24, 48, 96 and 144 bar. The molar concentration of 6 M glucose as DS to obtain 144 bar
osmotic pressure wasn’t evaluated in this study as this concentration exceeds its solubility
limit in water. To determine the RSF of the DS in the FO process, the conductivity (Hanna
HI700 instrument, HI7639 probe, UK) of the FS was measured every 15 min when using
ionic salts as DSs and DI water as FS, while a 10 mL sample was withdrawn from the FS
tank every 15 min for the subsequent COD analysis when non-ionic DSs were used. All FO

experiments to determine water flux and RSF were lasted for at least 2 h.

FO membrane filtration experiments were run until a water recovery rate of 50% to

investigate the effect of DS type on ammonium rejection by TFC FO membrane. The initial
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FS and DS volumes were set as 1 L for the effect of DS type on ammonium rejection, while
the initial volumes for synthetic wastewater and real wastewater were setas 0.7 and 0.7 L,
respectively, for the investigation of ammonium rejection in different types of wastewater.
To investigate the effects of other ions on ammonium rejection, a synthetic municipal
wastewater was used as FS (2 L) with 1 M of glucose (2 L) as DS until 90% water recovery.
Unless otherwise stated, the pH of both FS and DS were adjusted to around 7 by using
sodium hydroxide (NaOH) or hydrochloric acid (HCI) prior to each experiment.

Before the membrane experiments for synthetic or real wastewater, baseline tests were
conducted with DI water as FS and 1 M NaCl DS to determine the baseline water flux. After
the membrane experiments for synthetic or real wastewater, the flux was tested again with
DI water to determine the water flux decline extent by comparing it with the baseline flux.
After this, two different physical methods were used to clean the membrane, which are i)
normal flushing by replacing FS and DS with DI water with flow rates of 0.6 L/min for 30
min, and ii) osmotic backwashing by substituting DS with DI water and FS with 1 M NaCl
with AL-DS for 30 min at flow rates of 0.6 L/min to induce opposite crossflow to remove

foulants on/in the membrane.

4.2.4 Analytical methods

COD, ammonium, and phosphate were measured in accordance with standard methods by
American Public Health Association (APHA). Conductivity was measured by using Hanna
HI700 instrument and HI7639 probe (Hanna, UK). pH was measured using the pH probe
from Jenway 3010 meter (Bibby Scientfic Ltd, UK). The concentration of cations such as
Ca?*, Mg?* and K" were analyzed using ion chromatography (882 Compact IC plus,

Metrohm, Switzerland).

425 Calculations

Water flux across the FO membranes was determined by using equation 4.1.:

AV
T AtxAp

Jw Equation 4.1

where Jy, (L/m?-hr) is the water flux, AV (L) is the volume change of the FS, At (hr) is the

time elapsed and An (m?) is the effective membrane area. To obtain the FS volume, FS

weight was divided by the density, which was assumed to be 1 kg/L.
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The concentration factor (equation 4.2) (CF) was calculated as the ratio between the FS
concentration at time t (Cy) after FO experiment and the initial FS concentration (Co) at time
0:

_ G

CF—C0

Equation 4.2
Contaminant rejection rate (R) was calculated based on the mass balance between FS and
DS (equation 4.3):

_Varx Caf

R=(1
Vg x Cgy

) x 100% Equation 4.3
Where Vg (L) is the final volume of the DS, Cq (mg/L) is the final contaminate concentration
in the DS, Vs (L) is the initial FS volume, Cs (mg/L) the initial contaminate concentration in
the FS.

The RSF (Js) was calculated from the following formula (equation 4.4):

_ VEt2.Crt2—VFt1-Craa

Js
Atx Ay

Equation 4.4

Where Js (g/m?-hr) is the RSF, Ve (L) is the volume of FS at recording time interval t2, Veu
(L) is the FS volume at recording time interval t1, Cre2 (g/L) is the solute mass concentration
in FS at t2, Cra (g/L) is the solute mass concentration in FS at t;. The salt concentration in
the FS of due to RSF was obtained by measuring conductivity of FS at different times
according to the calibration curve between salt concentration and conductivity of solution.
The concentration of reverse non-ionic solute was obtained by measuring COD of FS at
different times according to the calibration curve between non-ionic solute concentration
and COD.

The osmotic pressures for different DSs at different concentrations were calculated using
Van't Hoff equation 4.5 (Cornelissen et al., 2008; Altaee et al., 2013; Altaee and Hilal, 2014;
Devia et al., 2015; Corzo et al., 2017):

MNn=iMRT Equation 4.5

where I (bar) is the osmotic pressure, i is the van’t Hoff factor of the solute, M (mol/L) is
the molar concentration, R is the universal gas constant (0.08206 L.atm/mol.K) and T is the

absolute temperature in K.
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The Sl was calculated by using Visual MINTEQ (v. 3.1) software to estimate potential
precipitates in the concentrated FS. The Sl for synthetic municipal wastewater FS and 1 M
glucose DS was calculated at 90% water recovery rate, while Sl for real municipal

wastewater and sludge digestate was calculated at 50% water recovery rate.

4.3 Results and discussion

43.1 Effects of draw solution type on water flux and reverse solute flux

Fig. 4.1 shows the effects of DS type, e.g. monovalent, divalent inorganic and non-ionic
organic DS, on water flux and RSF under different osmotic pressures. A liner regression
between the water flux and the DS osmotic pressure was used to show flux increase rate
for each DS. It can be seen that water flux increased linearly with the increase in the osmotic
pressure of three different types of DSs, however, the water flux increased with the highest
rate of 0.21 L/m?-hr-bar when using NaCl as DS, followed by MgCl, with a rate of 0.098
L/m2-hr-bar and glucose with a rate of nearly 0. This indicates that enhancing water flux by
simply increasing the osmotic pressure of DS is not always workable, which highly depends
on the type of DS. Among DSs such as NaCl, MgCl, and glucose used in this experiment,
diffusion coefficients are 1.47 x 10~ °, 1.07 x 10~ °and 0.67 x 10~ ® m?/s, respectively, and
viscosity of liquid under the same osmotic pressure are 0.94, 1.14 and 1.45 cP, respectively,
and molecular weight of solute are 58.44, 95.21 and 180.16 g/mol, respectively (Phang and
Stokes, 1980; Miller et al., 1984; Achilli et al., 2010; Salva et al., 2013; Holloway et al., 2015;
Yasukawa et al., 2015). It has been reported that lower diffusion coefficient, higher viscosity
and larger molecule size of DS could cause more serious both ICP and ECP (Ansari et al.,
2015; Parveen and Hankins, 2019) since solute molecules in DS are unable to quickly
diffuse from the bulk solution to the diluted zone in the support layer of membrane facing
DS. This would reduce effective driving force created by osmotic pressure difference
between FS and DS, lowering water flux. Thus, glucose results in the lowest water flux due
to the most severe ICP caused by the highest viscosity and the lowest diffusivity coefficient
under the same osmotic pressure compared with NaCl and MgCl,. When the concentration
of DS increases, viscosity further increases. The positive impact from the increased osmotic
pressure of glucose is likely offset by the negative impact from more severe ICP, leading to
negligible water flux increase as shown in Fig. 4.1A. Although no quantitative relationship
could be obtained between water flux and draw solution’s viscosity, and diffusivity

coefficient and molecular size of solute, physiochemical properties of DS such as diffusion
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Water flux (L/m2hr)
[y

coefficient, viscosity and molecular size could be used to qualitatively estimate water flux
and corresponding water flux increase with the concentration of DS. This is helpful for the
selection of DS for different application scenarios. In addition, it should be noted that draw
solution’s viscosity and diffusivity coefficient could be significantly changed for an increased
water flux at higher. Thus, besides what mentioned above, temperature should be also
considered when selecting DS.
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Fig. 4.1. The dependence of water flux, RSF and specific reverse solute flux on the osmotic

pressure of draw solutions such as NaCl, MgCl, and glucose and DI water as FS.

RSF is another important factor which needs to be considered for the selection of DSs. It
can be seen from Fig. 4.1B that RSF increased linearly with the rise of the osmotic pressure
of NaCl, MgCl; and glucose but RSF of NaCl and MgCl. were much higher than that of
glucose. Again, RSF could depend on diffusion coefficient, molecular size of solute in DS,
and viscosity. The larger effective diameter of hydrated Mg?* (i.e. 800 1012 m, almost two
times of Na* (Devia et al., 2015)) and lower diffusivity of Mg?* might result in the lower
passage of Mg?*ion through the FO membrane compared with Na*. Glucose has the larger
molecular size as non-ionic organic and lower diffusivity coefficient, leading to the lowest
RSF. These results are in good agreement with previous studies with NaCl, magnesium
acetate, MgCl;, sodium acetate and glucose as DSs, whereby DSs with lower diffusion
coefficient have a lower water flux and RSF (Achilli 2010; Ansari et al., 2015; Adnan et al.,
2019; Gulied et al., 2019). In addition, it is found that the RSF from NaCl and MgCl, changed
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at a similar rate of 0.058 g/m2-hr-bar with the osmotic pressure, which is different from water

flux. From this perspective, NaCl is better than MgCl, as DS.

When considering DS loss (or replenishment demand) or total contamination of FS by the
solutes of DS after a certain operation period, specific reverse solute flux (Js/Jw), i.e. how
much solute loss from DS due to RSF for per liter permeate, is a more useful parameter
than RSF. As shown in Fig. 4.1C, glucose had the lowest specific reverse solute flux at 24,
48 and 96 bar compared with NaCl and MgCl,. However, MgCl. demonstrates higher
specific reverse flux than NaCl although it has lower RSF than NaCl as the increasing rate
of RSF was higher than the increasing rate of water flux. As shown in Table B3, the
replenishment cost of glucose is lower than NaCl and MgCl. at the osmotic pressure of 24
bar, however, with the increase in osmotic pressure, NaCl becomes more economic than
glucose and MgCl.. From the practical point of view, seawater or brine could be obtained
for free particularly in the regions close to coasts. However, with the development of
saccharification from organic wastes, glucose or sugar solutions could be available at an
acceptable cost. In this case, an FO process with sugar solution as DS could be integrated

with a fermentation process to reduce the cost of sugar.

4.3.2 Effects of draw solution type on ammonium rejection

Unlike COD and phosphate, ammonium is usually ineffectively rejected by the TFC FO
membrane due to the negative charge of membrane surface. Pre-tests of DSs of NaCl,
MgCl, and glucose showed ammonium rejection rates as 32.46%, 70.72% and 100%,
respectively (Fig 4.2B). From this result, it can be known that selecting appropriate DSs
could be an alternative to the modification of membrane surface from negative to positive

charge as reported to selectively reject ammonium.

To better understand which physiochemical properties of solute of DS affect ammonium
rejection most, two additional ionic DSs (i.e. Na;SO4 and MgSQ.), and two neutral DSs (i.e.
glycine and ethanol) were further investigated for ammonium rejection. Glycine and ethanol
were selected because they are neutral at the studied pH but with higher diffusion coefficient
than that of glucose while Na>SO4 and MgSO. were selected as they are ionic as NaCl but
with different diffusion coefficients and hydrated cation radium. 9 DSs for the study could
be classified into groups for the comparison of different hydrated cation radius such as Na*
and Mg?#, different diffusion coefficients with the same cation such as between NaCl and
Na>.S04, MgCl, and MgSOs, different diffusion coefficients for neutral chemicals such as

glycine, ethanol and glucose. Fig. 4.2 shows water flux and ammonium rejection with 9

86



different DSs. It can be seen that sodium-based DSs have higher water flux than

magnesium-based DSs but with lower ammonium rejection. Neutral chemicals as DSs have

ammonium rejection rates of 100% or close to 100% with middle range or low range water

flux.
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Fig. 4.2. Water flux and NH4*-N rejection rate in the synthetic FS with different DSs during

the TFC FO membrane filtration process until 50% water recovery with 34.30 + 0.61 mg/L

of initial NH4*-N.

Different from the mechanism of ammonium rejection by modified membrane surface with

repulsion between ammonium and positive charge on the membrane surface, the higher
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ammonium rejection rates with magnesium-based DSs and neutral chemicals as DSs are
most likely due to reduced cation exchange between ammonium in the FS and cations in
the DS. Irvine et al. (2013) reported solute-solute interaction via ion exchange could have
a dramatic impact on the permeation of solutes through dense polymeric membranes and
they found that identity of anions in DS had a significant impact on forward nitrate
permeation from FS. Thus, the current study focused on forward ammonium permeation.
Similarly, it was found in this study that the identity of cation such as Na* and Mg?* have
significant impact on forward ammonium permeation via cation exchange with magnesium

based DS having higher ammonium rejection.

It is known that divalent Mg?* has a larger hydrated radius than that of monovalent Na*
(i.e. 0.428 nm for Mg?* and 0.358 nm for Na*, respectively) (Devia et al., 2015; Cheng et al.,
2018a). Cheng et al. (2018b) also reported that divalent draw cations with larger hydrated
radius could reduce cation exchange compared with monovalent draw cations when
studying K*in the FS. Thus, it could be concluded that divalent draw cation is better for
cation rejection in FS, and it is reasonable to speculate that trivalent draw cation could be
even better than divalent cation regarding ammonium rejection. Secondly, it is found from
Fig. 4.2 that the lower diffusion coefficient of DS led to higher ammonium rejection when
the cation identity was same. For example, Na.SO4 with lower diffusion coefficient resulted
in a 3% higher ammonium rejection rate than NaCl with higher diffusion coefficient. MgSO.
with lower diffusion coefficient achieved more than 15% ammonium rejection rate than
MgCl, with higher diffusion coefficient. This suggests that to enhance the ammonium
rejection rate, it is better to use a multivalent cation-based DS with a lower diffusion

coefficient.

Regarding neutral chemicals as DS without ion dissociation, it is found from Fig. 4.2 that
ammonium was almost 100% rejected. The comparison of diffusion coefficient of ionic and
non-ionic DSs used in this study in Table B1 shows that ethanol and glycine have much
higher diffusion coefficient than Na.SO, and MgSQO,, but ammonium rejection rates from
ethanol and glycine are almost 100%. In addition, when NaCl concentration in the DS with
a mixture of NaCl and glucose was higher than 0.25 M, ammonium rejection rate was
slightly higher (i.e. 3%) than that with 1 M NaCl as DS. When NaCl concentration in the DS
with a mixture of NaCl and glucose was reduced to 0.1 M, ammonium rejection rate was
improved by 15% compared with 1 M NaCl due to the reduced Na* in DS and thus reduced
reverse Na* permeation for cation exchange although the osmotic pressure of DS was

controlled at the same level. Therefore, it could be seen from here that ammonium rejection
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rate does not rely on osmotic pressure but is negatively related with the NaCl concentration.
In addition, it is found from Fig. 4.2 that the water flux of ethanol decreased more steeply
compared with other DSs. In addition, it is found from Fig. 2 that the water flux of ethanol
decreased more steeply compared with other DSs. The ethanol concentration in the DS
after 50% water recovery rate was 19.41 g/L, lower than the theoretical ethanol
concentration of 30.71 g/L assuming no ethanol transport to other solution or phases. The
mass balance calculation by measuring COD in the FS after 50% water recovery rate
indicates that 20.06% of the initial ethanol amount in DS transferred from the DS to the FS
by RSF while around 4% of the initial ethanol was evaporated during the 11 hr FO operation
given that ethanol was highly volatile. The more reverse ethanol permeation from DS to FS
is the main reason for the steeper drop of water flux compared with other types of DSs. The
significant loss of ethanol to the FS observed in this study is in agreement with (Kim et al.,
2019) who showed that RSF obtained for ethanol DS was 240 g/m?-hr, and was 40 times
higher than 6 g/m?hr for NaCl DS at the same osmotic pressure of 46.7 bar. This is mainly
due to the small size of ethanol molecules and high diffusion coefficient. Even with such
high reverse ethanol flux, there is almost no forward ammonium permeation. These results
further confirm that cation exchange between DS and FS is the most critical factor for
forward ammonium permeation while diffusion coefficient of DS might only play a minor role

when ionic DS is used.

Apart from ammonium exchange with cations in DS, H* as a smaller positively charged ion
could be more easily exchanged when ionic DSs are used, leading to pH change in both
FS and DS. It can be seen from Fig. B1 that notable pH increase was observed in FS with
NaCl, MgCl, and glucose as DSs during the period of the first 10% water recovery rate.
After that, the pH of FS increased most with MgCl; as DS, while slightly with NaCl as DS
and slightly decreased with glucose as DS. This is probably because that one Mg?* needs
roughly 2 H* to exchange to maintain electroneutrality, and thus lead to higher pH increase
in FS. The pH increase in the FS was observed in both synthetic and real wastewater during
the FO process with different DSs (Cath, 2009; Xie et al., 2014; Ansari et al., 2016b, 2018).
Ansari et al. (2016) reported that the pH of the FS increased from 6.5 to 8.0 with 1.27 M
NaCl as DS after achieving 90% water recovery rate during the CTA FO process. Another
study by Kumar and Pal (2015) showed that the pH of the FS with either NaCl or MgCl. as
DSs at a 90 bar osmotic pressure was increased from 7 to 8 and 8.2, respectively. The pH

change validates the ion exchange between DS and FS.
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When DS is selected for enhanced ammonium rejection, water flux has to be considered
as well because higher water flux can reduce membrane surface area required for specific
treatment demand. From Fig. 4.2, it can be seen that for ionic DSs, it is difficult to find a
type of DS with both relatively higher water flux and ammonium rejection rate. Since all
neutral chemicals used in this study achieved almost 100% ammonium rejection rate, it is
recommended to select a neutral chemical with the highest water flux as DS. Glycine is less
practical as DS given its cost, but the findings in this study could be used as a guidance to
select more suitable DS to meet the requirement of high ammonium rejection for wastewater

treatment.

4.3.3 Concentrating synthetic municipal wastewater with glucose as draw

solution until 90% water recovery rate

To further investigate if ammonium rejection with neutral chemicals as DS would be
negatively affected by other ions and chemicals in wastewater, synthetic wastewater with
multiple ions and chemicals was investigated with glucose as DS for 90% water recovery
rate. As shown in Table 4.1, COD concentration was increased from 496.82 + 34.78 to
6419.29 £+ 69.57 mg/L with a concentration factor of 12.92. The final COD concentration
was higher than the theoretical value for a complete COD rejection, i.e. 10 of concentration
factor. Obviously, the extra COD was due to reverse solute permeation from DS. Although
reverse glucose flux results in the cost for replenishment, the glucose lost to FS can be
recovered as methane when concentrated municipal wastewater goes through post-
treatment such as AD. No PO,*-P, and NH4*-N were detected in the DS after 90% recovery
rate, indicating 100% ammonium and phosphate rejection. However, as shown in Table 4.1,
concentration factors of soluble PO,*-P and NH.*-N in FS were 8.48 and 7.92, respectively,
lower than theoretical value 10, for 100% rejection rate. At the end of the FO experiment
with 90% water recovery rate, precipitates were observed in the concentrated FS, proving
that a tiny proportion of soluble ammonium and phosphate were precipitated due to
increased pollutant concentrations and pH. The Sl values of struvite or hydroxyapatite at
increased concentrations of PO,*-P, NH,*-N, Ca?* and Mg?* and pH from 6.7 to 7.1 became
positive, implying high potential for the formation of precipitates (Table B4). 100% rejection
of NH4*-N and PO.*-P by glucose DS can avoid forward nutrient permeation to contaminate
DS and downstream recovered water and meanwhile guarantees maximum nutrient
recoveries in the post-treatment. The final POs*-P concentration of 73.77 mg/L in the

concentrated FS at 90% water recovery rate could be directly precipitated as struvite or

90



hydroxyapatite precipitation for phosphorus recovery by adjusting pH to 9-11. In addition,
since NH,* and K* have the same hydrated radii (Guertal and Hattey, 1996) as 3.3 A, similar
rejection rates of NH4" and K* were expected. However, it was noted that K* was enriched
by only 4 fold from 8.75 to 35.04 mg/L. This indicates the complexity of forward permeability
of small ions through membrane. The higher concentration factors reported in this study for
Mg?* and Ca?* compared with K* align with previous studies in that monovalent cations are
more permeable than divalent cations through FO membranes (Gao et al., 2018).

Table 4.1: Summary of initial and final concentrations of pollutants in synthetic wastewater
as feed solution and 1 M glucose as draw solution, and concentration factors of each
pollutant with a 90% water recovery rate after TFC hollow fiber FO membrane filtration.

Initial Final Theoretical concentration in
Pollutants concentration in  concentration in CF FS assuming 100%
FS (mg/L) FS (mg/L) rejection (mg/L)

COD 496.82 + 34.78 6419.29 + 69.57 12.92 4968.20
POs*-P 8.72+0.43 73.77 £0.09 8.48 87.20
NH4*-N 38.33+1.10 303.53 + 2.86 7.92 383.30
Ca? 8.57+0.24 66.20 + 1.83 7.72 85.70
Mg?* 7.75+0.16 64.21 + 0.95 8.28 77.50
K* 8.75+0.39 35.04 +1.14 4 87.50

Fig. 4.3 shows the dynamic water flux during FO process. Water flux decreased
continuously mainly because of the reduced driving force between FS and DS by
concentrating ions and chemicals in the FS and diluting DS. Fig. 4.3 shows varied water
flux reduction rate, indicating membrane fouling could be involved in FO filtration process
especially in the latter part of filtration. Based on the varying slopes of water flux reduction,
the membrane filtration could be divided into four distinct periods, i.e. the first 330 min with
water recovery rate from 0 to 23%, the period from 330 to 1125 min with water recovery
rate from 23 to 68%, the period from 1125 to 1785 min with water recovery rate from 68 to
88.8%, and the last period from 1785 to 1860 min with water recovery from 88.8 to 90%. In
the first period and the last period, water fluxes were relatively stable with little water
reduction. This is because a certain time (i.e. 330 min) was needed for the development of
membrane fouling, while in the last period (i.e. 88.8-90%) the fouling layer grew slowly.
However, in the second period, water flux declined with a rate of 0.0031 L/m?-hr per min
from 8.72 to 6.28 L/m?-hr while it became 0.0067 L/m?-hr per min, a doubled declining rate,
from 68% to 88.8% water recovery rate where the flux dropped by 69.4% from 6.28 to 1.92
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L/m2-hr. The increased water flux decline in the 2" and 3™ periods should be from
membrane fouling. Since the synthetic wastewater used in this study mainly contained
sodium acetate, ammonium, phosphate Ca?*, Mg?*, and K", it could be speculated the
membrane fouling was mainly caused by inorganic scaling from the phosphate precipitates
instead of organic fouling or biofilm fouling. It is interesting to note that water flux decline
rate was two times higher in the third period with water recovery rate above 68%, indicating
that inorganic membrane fouling passed a tipping point. From this point of view, it would be
better to operate FO filtration with a water recovery rate below 68% to maintain an
acceptable water flux and treating capacity of FO system. It needs to point out that the
recommended specific water recovery rate should be different for different wastewater with
different fouling potential and different DSs, which should be obtained by monitoring water

flux over the time.
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Fig. 4.3. Water flux behaviour with synthetic municipal wastewater as feed solution and 1

M glucose as draw solution for the TFC FO membrane until 90% water recovery rate.

After synthetic municipal wastewater treatment with 90% water recovery rate, the water flux
was tested with DI water. It was found that water flux declined by around 34.5% as shown
in Fig. B2. This further validated membrane fouling during the membrane filtration process.
After osmotic backwashing for 30 min, around 99% of the initial water flux was restored,

suggesting the reversibility of the TFC FO membrane after inorganic fouling.
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43.4 Effect of initial ammonium concentration on ammonium rejection with

NaCl and glucose as draw solutions

Real wastewater might contain different ammonium concentrations. In addition, real
wastewater is more complex with more types of ions and chemicals. More tests were
conducted to further investigate effects of ammonium concentration on ammonium rejection
and enhanced ammonium rejection by neutral chemicals with different ammonium
concentrations. Firstly, synthetic wastewater containing only ammonium was tested with
NaCl as DS to study the effect of initial NH4*-N concentration on cation exchange (i.e. Na*
and ammonium) during the FO process. Then, real municipal wastewater (i.e. sewage) and
sludge digestate were tested with 0.6 M NaCl and 1.2 M glucose as DSs, respectively,
under the same osmotic pressure. In practice, seawater could be used as an cost-effective
DS, thus, the osmotic pressure of 29 bar was chosen in this section to simulate seawater
(Volpin et al., 2018).

As shown in Fig. 4.4, higher ammonium concentration resulted in lower water flux due to
the reduced driving force. In addition, water fluxes for treating synthetic wastewater with
both initial 17.9 mg/L NH4*-N and 1294.0 mg/L NH4"-N were slightly higher than for treating
real wastewater when NaCl was used as DS. Meanwhile, water flux decline percentages
for real wastewater were higher than synthetic wastewater for achieving 50% water
recovery rate. This is expected because the presence of other soluble organic or inorganic
pollutants in real wastewater could result in reduced driving force cross membrane and
cause more severe membrane fouling than synthetic wastewater. In addition, it is found that
water fluxes with NaCl as DS were much higher than glucose even at the same osmotic
pressure. This is closely related with ICP and ECP that specific type of DS creates. Due to
higher viscosity, lower diffusion coefficient and larger molecular weight, glucose can create
much higher ICP and ECP than NaCl. It is very interesting to note that water flux decline
extents with glucose as DS were around 6% lower than NacCl for both real municipal and
sludge digestate liquor although there was much longer membrane filtration duration. To
further investigate if this was due to less membrane fouling, water flux was measured with

DI water as FS.
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Fig. 4.4. Water flux decline with NaCl and glucose DSs at 29 bar osmotic pressure for the
TFC FO membrane until 50% water recovery rate: A) with low initial ammonium

concentration and B) with high initial ammonium concentration.

Relative water flux can be used to indicate the change of membrane performance. To
understand how much flux drop at the end of each experiment was caused by membrane
fouling, base-line water flux was measured with DI water as FS and NaCl as DS after each
FO experiment and results were shown in Fig 4.5. It can be seen that relative water fluxes
after the treatment of real wastewater are similar for DS with NaCl and glucose, which was
around 0.98 for filtered municipal wastewater and 0.96 for filtered sludge digestate liquor.
This result indicates that sludge digestate liquor did cause slightly more serious membrane
fouling due to higher concentration of foulants than municipal wastewater, but the same
level of relative water fluxes for the same type of wastewater with either NaCl or glucose as
DS suggested that the less flux decline extent with glucose as DS could be caused by other
factors. In addition, the complete recovery of water flux after the normal flushing indicates
that membrane fouling is fully reversible even for real wastewater with 50% water recovery
rate and pre-treatment by 0.45 um membrane filtration to remove SS. This is highly in

agreement with other FO studies on membrane fouling for treating filtered wastewater at a
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lower water recovery rate with NaCl as DS (Mi and Elimelech, 2010; Song et al., 2018;
Pramanik et al., 2019). 100% membrane recoverability with glucose as DS also suggests
that the membrane fouling and flux recoverability are not closely related with physical

properties of DS.
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Fig. 4.5. Relative water fluxes before and after normal flushing to clean FO membrane after
one batch membrane filtration cycle for until 50% water recovery rate with A) filtered
municipal wastewater FS and 0.6 M NaCl DS, B) filtered municipal wastewater FS and 1.2
M glucose DS, C) filtered digestion sludge FS and 0.6M NaCl and D) filtered digestion
sludge FS and 1.2 M glucose.

When synthetic wastewater with only ammonium was used as FS with 50% water recovery,
it is found that ammonium rejection rate highly depended on initial ammonium concentration
in FS (Table 4.2). For example, when the initial NH4*-N concentration was 17.87 mg/L, the
final NH4™-N concentration dropped to only 6.72 mg/L with a rejection rate of 19.3% when

NaCl was used as DS. However, when the initial NH4*-N concentration was 1293.95 mg/L,

95



ammonium rejection rate reached 79.2% with a final NH4*-N concentration of 2044.89 mg/L.
From the perspective of concentrating ammonium in FS, FO performs better with higher
initial ammonium concentration. However, the actual ammonium permeated to DS at initial
NH4*-N concentration of 1293.95 mg/L reached 188.27 mg while it was only 10.10 mg at
initial NH4™-N concentration of 17.87 mg/L, causing more ammonium pollution to DS or
possible problem for downstream water recovery from DS. In addition, higher ammonium
permeation from FS to DS implies that more Na* in DS permeates to FS by cation exchange
across membrane between NH4* and Na* to maintain electroneutrality, resulting in high
RSF. Cheng et al. (2018b) also reported that more cation exchange occurred for higher K*
concentration in the FS in the TFC FO process when NaCl was used as DS. Thus, selecting
appropriate DS to fully reject ammonium in FS or to be used for other benefits such as
fertilisers.

Table 4.2: Summary of initial and final NH4*-N concentrations in the FS, rejection rate and
final NH4*-N mass in the DS with 0.6 M NaCl as draw solution with a 50% water recovery
rate after TFC hollow fiber FO membrane filtration for treating synthetic wastewater with

only ammonium.

Initial NH4*™-N Final NHs*-N Rejection Final NH4™-N mass
concentration in FS concentration in FS rate (%) in the DS (mgQ)
(mg/L) (mg/L)
17.87 £ 0.15 6.72 £ 0.15 19.3 10.10+£ 0.82
1293.95 + 10.68 2044.89 £ 1.53 79.2 188.27 + 1.65

Table 4.3 shows the performance of wastewater treatment with FO. Due to the use of
coagulant Alx(SO4)s for enhanced suspended solid removal during the pretreatment,
phosphate concentration in filtered sludge digestate liqguor was reduced to only 1 mg/L PO,*
-P. But for other dominant pollutants, their concentrations in sludge digestate liquor were
much higher than municipal wastewater. It can be seen that glucose as DS obtained higher
rejection rates of dominant pollutants and metal ions than NaCl for either municipal
wastewater or sludge digestate liquor. Regarding ammonium, similar to results obtained
with synthetic wastewater, ammonium in municipal wastewater with lower initial ammonium
concentration was diluted while it was concentrated in sludge digestate liquor as FS with
higher initial ammonium concentration with NaCl as DS. But ammonium rejection was still
close to 100% for glucose as DS. Although glucose always resulted in better rejection than
NaCl for any pollutants measured in this study as shown in Table 4.3, it was noted that

concentration factors of NH4* and PO.* in sludge digestate liquor were lower than those in
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municipal wastewater. In addition, pH of FS increased from 7.0 to around 7.7-7.8. Due to
the higher concentrations of pollutants and higher pH in FS during FO treatment period, it
is possible for highly concentrated chemicals especially ammonium, phosphate, calcium
and magnesium in FS to form inorganic precipitates such as calcium phosphate or struvite.
To validate this assumption, pHs of the concentrated municipal wastewater and sludge
digestate liquor were adjusted from 7.7-7.8 to 5.5 and PO.,* concentrations were measured
again. As shown in Table 4.3, concentration factors of PO,*-P increased to around 1.92 or
higher due to the release of phosphorus from possible precipitates (Cerozi and
Fitzsimmons, 2016), suggesting inorganic phosphate precipitates at pH 7.7-7.8. In addition,
Sl, used as an indicator of possible mineral precipitation, of the concentrated FS at 50%
water recovery rate showed oversaturation of phosphate precipitates for both municipal
wastewater and sludge digestate liquor as FSs even at this PO,*-P concentration level (i.e.
1.5-3.72 mg/L) (Table B5). However, concentration factor of 1.92 is still lower than the
theoretical concentration factor of 2 although no phosphate was detected in DS. Thus, it is
speculated that part of phosphate precipitates could be attached to the TFC membrane
surface. For real wastewater treatment, it was found that higher pHs as shown in Table 4.3
were reached than DI water as FS as shown in Fig. B1. Higher pH results in higher
possibility for inorganic precipitates, which contributes to membrane fouling. Unlike DI
water, municipal wastewater and digestate FSs are more complex (Popa et al., 2012)
suggested that the wastewater pH was greatly dependent on the physiochemical
characteristics of wastewater. Therefore, it was speculated that the higher pH increase for
the concentrated municipal wastewater and digestate in this study was due to the complex

nature of real wastewater compared with DI water.
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Table 4.3: Summary of initial and final concentrations of pollutants in municipal wastewater and digestion sludge wastewaters as feed solutions and 0.6 M

and 1.2 M glucose as draw solutions, and concentration factors of each pollutant with a 50% water recovery rate after TFC hollow fiber FO membrane

filtration.
NHz*-N COD PO4*-P Ca?* Mg2* K+
mg/L pH
Initial 16.74 + 0.16 119.96+3.39 226+0.12 63.83+0.49 13.07 £ 0.27 1716+ 141 7+0.03
0.6 M NaCl Final 8.44  0.56 239.93+13.35 350006 110.67+3.34  24.28+0.61 18.96 + 0.95 7.83
Municipal CF -1.98 2 1.55 1.74 1.86 1.07 -
wastewater Final - - 4.36 +0.23 - - - 5.5
CF - - 1.93 - - - -
1.2 M glucose  Final 33.54+0.25  263.92+2312 3722017 11643+1.18  24.63+1.46 26.33£1.26 7.71
CF 2 2.20 1.65 1.81 1.89 1.63 -
Final - - 4.38+0.16 - - - 5.5
CF - - 1.94 - - - -
Iniial  1255.13 £ 87.56  959.70+ 33.93 1+ 0.05 21.02 £ 0.32 18.96 + 0.82 93.38+2.36 7.01+0.02
0.6 M NaCl Final 142231+3.75 1919.38+33.9 151+0.04 38.08 + 1.40 35.92+ 0.89 128.19 + 3.65 7.84
Sludge CF 1.13 2 1.51 1.81 1.89 1.37 -
digestate Final - - 1.92 + 0.04 - - - 5.5
CF - - 1.92 - - - -
1.2Mglucose  Final  2409.82 +34.24 2150.34+67.86 1.53+0.06 40.24 +1.49 37.53+0.75  172.51+3.43 7.82
CF 1.92 2.25 1.53 1.91 1.98 1.81 -
Final - - 1.93 + 0.04 - - - 5.5
CF - - 1.93 - - - -
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4.4 Conclusions

This study investigated the enhancement of ammonium rejection by the TFC FO filtration
process for wastewater treatment by selecting appropriate DS. The following conclusions

can be drawn:

o Lower reverse cation flux in DS resulted in higher ammonium rejection because
ammonium rejection is related with the exchange of cation in DS and
ammonium.

e Cation exchange between cation in DS and ammonium is the critical factor
leading to lower ammonium rejection in FS. DS with multivalent cation and a
larger hydrated radius resulted in higher ammonium rejection and non-ionic DSs
lead to almost a complete ammonium rejection.

e Other physical properties of DS such as viscosity, molecular weight, and
diffusion coefficient did not affect ammonium rejection very much. But for the
same cation, (such as NaCl-Na>SO4 and MgCl>-MgSQO,), ammonium rejection
increased when the anion’s diffusion coefficient was lower.

e More absolute ammonium in FS permeated to DS at higher initial ammonium
concentration in the FS with ionic DS, but ammonium rejection rate increased.

e Concentration of ammonium, phosphate and other ions in FS as well as pH
increase of FS due to cation exchange across membrane between H* and Na*,
led to more inorganic precipitates for membrane fouling. However, physical
cleaning for 30 min could fully recover FO membrane fouled from one batch
cycle filtration for the treatment of synthetic municipal wastewater, real municipal

wastewater and sludge digestate liquor with MF pre-treatment.
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Chapter 5: Temperature effects of MD on
municipal wastewater treatment in an integrated
forward osmosis and membrane distillation

system

51 Introduction

The increasing demand for fresh water with the growth of the world’s population and
industrialisation means that around 1.8 billion people would be in water shortage by 2025
(Zohrabian et al., 2020). To address this issue, alternative water sources such as seawater
or treated wastewater are being explored. Desalination could pose serious brine discharge
problem and also has higher cost (Panagopoulos, 2021) while recovery of fresh water from
treated wastewater looks more economically promising. Currently, RO has been
implemented in a few of areas to recover fresh water from treated municipal wastewater.
However, RO process is usually used as the part of the tertiary treatment, which complicates
the whole wastewater treatment process. Secondly, RO usually demands high energy
because it is a pressure-driven membrane filtration process (Kim et al., 2015). By contrast,
FO as a osmotic pressure driven process is attractive with the potential to replace
conventional energy-intensive processes (Ali et al., 2018). FO has been reported to have
the high rejection rates of nearly all contaminants from municipal wastewater, which could
be directly used to treat municipal wastewater by concentrating pollutants for direct nutrient
recovery through precipitation and direct energy recovery through AD (Wang et al., 2014).
FO process usually cannot be used standalone, and another process is needed to
regenerate DS unless diluted DS could be directly used for other purposes. MD is believed
to be one of the most promising technologies to be integrated with FO for the regeneration
of DS and water recovery given the fact that low-grade waste heat from power plants or
other industrial processes could be used to provide the heat demanded in MD. Furthermore,
MD has high rejection rates of contaminants (almost 100% rejection of non-volatile

contaminants), less capital cost and a smaller footprint (Wang et al., 2011).

To regenerate DS from FO and recover water from DS in an integrated FO-MD process,
the DS stream has to be heated to a higher temperature, such as 50 °C, to produce a water

vapour pressure difference between DS and permeate as a driving force (Wang et al.,
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2011). Once the temperature of DS is increased, the contact between DS and FS in the FO
module via membrane unavoidably results in a heat transfer between hot (DS) and cold
(FS) streams, leading to an increased temperature of FS. In the vast majority of cases, to
achieve a certain level of concentration of pollutants for wastewater treatment purpose, FS
and DS have to be recirculated, which results in more heat transfer between FS and DS,
more heat loss to FS and a higher temperature of FS.

The FS temperature in the integrated FO-MD process in previous studies was usually set
at 25 °C or lower without considering the heat transfer between DS and FS (Wang et al.,
2011; Zhang et al., 2014a). Additionally, a better contaminate rejection by FO was found at
lower temperatures. For example, when the FS temperature increased from 20 to 40 °C,
the rejection of neutral trace organic compounds (TrOCs) decreased significantly due to
increased diffusivity of TrOCs at a higher FS temperature (Xie et al., 2013). The increase in
the DS temperature results in higher reverse inorganic solute flux as well, due to the higher
diffusivity of DS (Wang et al., 2019). Thus, from perspectives of contaminate rejection and
of reverse solute flux in FO, the increase in temperature might exert negative effects.
However, the previous studies were restricted to limited types of DS, and it is unclear if the
negative temperature effects are applicable to a wide range of DS with different physico-
chemical properties.

Another potential impact from higher temperature for FO is on ammonium. As reported,
ammonium rejection by FO is usually poor due to the negatively charged membrane surface
of TFC FO (Arena et al., 2014; Vu et al., 2019), leading to a higher ammonium concentration
in DS. This ammonium in DS could permeate to a clean water stream during the filtration
process by MD, affecting the quality of recovered water. Thus, understanding the effects of
both FS and DS temperature on ammonium rejection is important for the improvement of
ammonium rejection in the integrated FO-MD process for the treatment of municipal
wastewater or other types of wastewater containing a higher ammonium concentration. In
chapter 4 in this study, it was found that the use of non-ionic DSs, such as glucose,
improved ammonium rejection to almost 100% at 20 °C. However, it is still unclear whether
an increase in FS and DS temperatures can affect ammonium rejection using a non-ionic
DS.

Temperature also affects FO membrane fouling, which is more complicated. Kim et al.,
(2015) reported that the increase in the FS temperature from 20 to 35 °C resulted in lower

organic fouling of the FO membrane due to an increase in organic solubility as well as
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enhanced organic back diffusion from the membrane surface when using 3 M NaCl as DS.
However, a temperature increase of FS would be beneficial for the precipitation of calcium
phosphate, as the dissolvability of calcium phosphate is lower at high temperatures (Song

et al., 2002), resulting in more severe inorganic fouling.

Apart from the above-mentioned potential impacts from temperature, water flux would be
increased due to the increased diffusivity and decreased viscosity of both FS and DS at a
higher temperature. However, so far there are no clear studies yet on the systematic
evaluation of positive and negative effects that higher temperature might exert on municipal

wastewater treatment in an integrated FO-MD process.

his study aimed to investigate temperature effects on FO and MD with three different types
of DSs, i.e., NaCl, MgCl; and glucose for wastewater treatment. Water flux, ammonium
rejection, contaminates rejection (i.e., COD, phosphate, Ca?*, Mg?* and K*) and membrane
fouling in short periods were compared at different FO temperatures. Lastly, a simplified
heat balance was conducted to discuss the practicality of an integrated FO-MD from the

perspective of heat demand for municipal wastewater treatment.

5.2 Materials and methods

5.2.1 FO and MD membranes and the experimental setup

Hollow fiber TFC membranes developed by the Singapore Membrane Technology Centre
(Singapore) were used in this study, and details of this FO membrane can be found in
section 3.2.1. A PTFE flat-sheet hydrophobic membrane (Sterlitech, Auburn, WA, USA) was
used for a direct contact MD with a membrane pore size of 0.2 um, a thickness of 76—-152
um and an active area of 42 cm?. The PTFE membrane can be operated at a pH range of

1-14 and a maximum operating temperature of 82 °C.

Lab-scale FO and MD experiments were conducted separately to study each individual
processe. FO membrane experiments were run with the orientation of the AL-FS. In the MD
experiments, a membrane cell (Sterlitech CF042D-FO Cell, Auburn, WA, USA) was used
that consists of structured rectangular channels, with outer dimensions of 12.7 cm long, 10
cm wide and 8.3 cm deep. In the FO process, the FS and DS temperatures were set as
follows: (i) both FS and DS at 25 °C to simulate an ambient temperature; (ii) FS at 25 °C
and DS at 50 °C for simulating FS at an ambient temperature and high temperature of DS

and (iii) the DS at 50 °C while FS without the control of temperature, which increases simply
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due to the heat gained by contacting the FO membrane with a high temperature DS. The
FS temperature was controlled by going through a helical polyvinylchloride (PVC) tube coil
immersed into a water bath with a pre-set temperature (Julabo, Stamford, UK) before
recirculating, while the DS temperature was controlled by directly placing the DS tank into
a water bath with a constant temperature (PolyScience, Niles, MI, USA), as shown in Fig.
5.1.
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Fig. 5.1. Schematic diagram of the individual FO membrane process and MD membrane

process in dashed rectangles and the integrated FO-MD process as a whole.

In both FO and MD rigs, counter-current recirculation of the FS and DS was applied on each
side of the FO and MD membranes using two peristaltic pumps at flowrates of 0.6 L/min.
The FS tank in the FO system and the permeate tank in the MD system were placed on a
digital balance each (Kern, Kassel, Germany) connected to a PC, and the water flux was
calculated based on the recorded weight changes from the balances during experimental

periods.

52.2 Feed solution and draw solution

Synthetic municipal wastewater was prepared with 460.66 + 32.54 mg/L COD (with
NaAc-3H.0 as COD), 7.90 + 0.15 mg/L PO,*-P (with KH,PO, for P), 53.96 + 0.66 mg/L
ammonium-N (with (NH4)2SO4 for N), 37.25 + 0.73 mg/L Ca?", 6.28 + 0.35 mg/L Mg?* and

20.27 +1.36 mg/L K*to investigate effects of FS and DS temperatures on the FO membrane
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filtration. In addition, synthetic water containing only 50 mg/L ammonium-N (with (NH4)2SO4

for N) was used to study effects of the DS type on ammonium rejection by MD.

Two DSs with the same osmotic pressure, i.e., 0.6 M NaCl as an ionic DS and 1.2 M glucose
as a non-ionic DS, were used to examine effects of FS and DS temperatures on FO filtration.
For ammonium rejection in the MD study, NaCl, MgCl, and glucose as DSs at 35 g/L were
used to study DS regeneration and possible ammonium contamination on recovered clean

water.

5.2.3 Operation of the experimental rigs

To test effects of FS and DS temperatures on water flux and RSF in the FO membrane
filtration process, experiments were firstly conducted using DI water as FS and 0.6 M NacCl
or 1.2 M glucose as DSs with initial volumes of 1 L for both FS and DS. To determine the
RSF of the DS during the FO process, the conductivity (Hanna HI700 instrument, HI7639
probe, Bedfordshire, UK) of the FS was measured every 15 min when using NacCl as the
DS, while a 10 mL sample was taken from the FS tank every 15 min for COD analysis to
determine the reverse glucose flux from DS to FS. All FO experiments to determine the
water flux and RSF in this study lasted for at least 2 h. When synthetic municipal wastewater
was used, FO experiments at different FS and DS temperatures were conducted until a
70% water recovery rate was obtained. FO membrane fouling with synthetic municipal
wastewater FS and 0.6 M NaCl DS was further investigated by applying three consecutive
cycles with a 70% water recovery.

To test the effects of the DS type on MD membrane flux and ammonium rejection, the MD
membrane was placed in a flat-sheet configuration. The initial volume for the permeate and
DSs was 1 L, and the pH of both the permeate and DS was adjusted to 7. A sample of 15
mL was taken every 1 h from the permeate solution for analysis of the permeated

ammonium. All MD experiments on ammonium rejection lasted for 6 h.

5.2.4 Analytical methods

COD, ammonium and phosphate were measured in accordance with standard methods
(APHA 1998). The concentration of soluble elements (Ca2+, Mg2+ and K+) was analysed
using ion chromatography (882 Compact IC plus, Metrohm, Herisau, Switzerland) by a
Metrosep C4-250/4.0 column with eluent containing 1.7 Mm/L nitric acid and 0.7 mM/L

dipicolinic acid.
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525 Calculations
5.2.5.1 Water Flux and Reverse Solute Flux

Water flux across the FO and MD membranes was calculated from the volume change of

the FS or the permeate using the following equation:

AV
T AtxAp

Jw Equation 5.1
where J,, (L/m?-hr) is the water flux across the membrane, AV (L) is the volume change in
the FS or the permeate, At (hr) is the duration of the test, and An (m?) is the active

membrane area.
The RSF (Js) was calculated using the following formula:

_ Vre2.Cpt2— V1 -Crea

Js
Atx Ay

Equation 5.2

where Js (g/m?-hr) is the RSF, Ve (L) is the volume of the FS at the recording time interval
t2, Vea (L) is the FS volume at the recording time interval t1, Cre (g/L) is the solute mass
concentration in the FS at t;, and Ceua (g/L) is the solute mass concentration in FS at t;. The
concentration of reverse salt was obtained by measuring conductivity of FS at different
times according to the calibration curve between NaCl concentration and conductivity of
solution. The concentration of reverse glucose flux was obtained by measuring COD of FS
at different times according to the calibration curve between glucose concentration and
COD. The concentration of reverse glucose solute was obtained by measuring COD of FS
at different times according to the calibration curve between glucose solute concentration
and COD.

The osmotic pressures of the NaCl and glucose DSs were calculated using the van’t Hoff
equation (Cornelissen et al., 2008; Altaee et al.,2013; Altaee and Hilal, 2014; Devia et al.,
2015; Corzo et al., 2017):

Mn=iMRT Equation 5.3

where 1 (atm) is the osmotic pressure, i is the van’t Hoff factor of the solute, M (mol/L) is
the molar concentration, R is the universal gas constant (0.08206 L.atm/mol.l), and T is the

absolute temperature in K.
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5.2.5.2 Concentration Factor and Rejection Rate of Contaminates in FS

The CF (equation 5.4) was calculated as the ratio between the FS concentration at time t
(Cy) after filtration and the initial FS concentration (Co) at time O:

=G

CF = T Equation 5.4

The rejection rate (R) of the contaminants was calculated based on the mass balance
between the FS and the DS:

Var x Cyr 0 .
Vi X Cri ) x 100% Equation 5.5

R=(1-
where Vg (L) is the final volume of the DS, Cq(mg/L) is the final contaminate concentration
in the DS, Vs (L) is the initial FS volume, and Csi (mg/L) is the initial contaminate

concentration in the FS.

5.2.5.3 Ammonia Pressure in the MD

The water vapour pressure in DS was calculated using the following formula (Alkhudhiri et
al., 2012; Ray et al., 2018):

Pa = Xa Pa’ Equation 5.6

where Pa (kPa) is the vapour pressure of the solution, X, is the mole fraction of the solvent,

and Pa’(kPa) is the vapour pressure of the pure solvent.

The equilibrium between ammonium and ammonia in DS solution was affected by
ammonium concentration, temperature and pH, which could be expressed using the
following formula (Cao et al., 2017):

17 [NH4 *—N] x 10PH

FA=—x 5334 Equation 5.7
W Oy qopH

where FA is the free ammonia (mg/L), NHs"-N is the ammonium as nitrogen concentration

(mg/L), and T is the temperature of the solution in K.

The vapour pressure of ammonia in DS is calculated using Henry’s law (Dasgupta and
Dong, 1985):

C=HP Equation 5.8
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where P is the partial pressure of the ammonia (atm), H is Henry’s law constant, and C is

the concentration of ammonia in agueous solution (M). Henry’s law constant (H) is roughly

4341
calculated by using the following formula (Dasgupta and Dong, 1986): H = eCt ~1%47) with
the assumption that ammonia solubility is not affected by solution salinity and pH. In
addition, the equation neglects the autoprotolysis of water. By combining Equations (5.7)

and (5.8), the pressure of ammonia could be estimated as below:

Pammonia =

17 o [NHg *—N] x 10PH
14 6334

4341
/[e( T 10'47)] Equation 5.9
)4 10M

where Pammonia iS the ammonia vapour pressure in atm.

5.2.5.4 Heat Balance and Heat Demand in a FO-MD System without Internal Heat Recovery

Since single-pass water recovery in either FS or DCMD is very low, such as less than 10%
(Swaminathan and Lienhard, 2018; Criscuoli, 2021), water recirculation as shown in Fig.
5.2A has to be conducted to achieve higher water recovery rate in an integrated FO-DCMD
system. If it is assumed that no heat is lost in the whole system, the diagram of the FO-
DCMD as shown in Fig. 5.2A could be simplified to Fig. 5.2B.

A } |4 | { 114 ]
Feed Produced
water s Water
water FO oS MD =3

50 °C -

Lot o
Concentrate 1 1

Heat Source Heat Sink
Simplified to
B l Heat Source
Feud \\;&'er Produced
Water 50 “C SPOus MD water
. S0*°C 20°C
15 °C 50°C
Concentrate Heat Sink

Fig.5.2. Anintegrated FO-MD process for wastewater treatment and water production with

external heat source and heat sink: (A) detailed and (B) simplified process flow diagram.
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For water vaporisation in MD, the heat demand Q; for the increase in the temperature of

DS from T; to a temperature T, and water evaporation at T, could be calculated by:
Q; = mRAH + cmR(T, — Ty) = mR(AH + T, — cTy) Equation 5.10

The heat requirement Q2 for the increase in concentrate temperature to 50 °C could be

calculated by:
Q2 =em(1-R)(T, —Ty) Equation 5.11

where m is feed water mass, R is water recovery rate, AH is the latent heat of water
vaporization, c is the specific heat capacity of water, T is the temperature of heat stream

in DCMD, T, is the temperature of feed water. Thus, the total heat requirement Q:

Q=Q:1+Q: Equation 5.12

5.3 Results and discussion

531 Effects of Temperature of Feed and Draw Solutions on Water Flux and RSF

with NaCl and Glucose as Draw Solutions and DI Water as FS

Fig. 5.3 shows the dependence of the water flux and RSF on different FS and DS
temperatures with NaCl and glucose as DSs. It can be seen that the increased operating
temperatures result in the increase in water flux and RSF for both DSs. These results are
consistent with those from previous FO lab scale studies (Zhao and Zou, 2011; Phuntsho
et al., 2012; Wang et al., 2014) with ionic DSs such as NaCl, KCI| and Na>SO4 and by pilot
scale FO study (Jalab et al., 2020). The increase in water flux and RSF is easy to

understand because:

. The osmotic pressure of DS is proportional to temperature according to
Equation (5.3);
. The diffusivity of both FS and DS increases with the increase in temperature,

resulting in high water flux and reverse solute flux across the membrane

(Chowdhury and Mccutcheon, 2018);

o The viscosity of the solutions decreases with the increase in the DS

temperature, which is able to reduce both the ICP and ECP, enhancing the water

flux (Lutchmiah et al., 2014; Chowdhury and Mccutcheon, 2018; Ray et al., 2018).
Although water flux increased with either NaCl or glucose as DS at an elevated temperature,

it can be seen from Fig. 5.3 that the increasing extent of water flux with NaCl and glucose
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as DSs were different. The water flux with glucose as DS increased by 23% from 13.21
L/m?-hto 17.15 L/m2-h compared to 8.2% with NaCl as DS from 23.63 L/m?-h to 25.74
L/m?-h when the DS temperature increased from 25 to 50 °C with the FS temperature set
at 25 °C. When the FS temperature was not controlled and the DS was set at 50 °C, the FS
temperature increased from 18 °C and then stabilised at around 42.2 °C during a very short
period, i.e., within the first 45 min, and the water flux increased by 25% from 17.15 L/m?-h
to 22.87 L/m?-h with glucose as DS and by 15% from 25.74 L/m?2-h to 30.30 L/m?-h with
NaCl as DS. Although the previous studies have reported the increase of water flux and
RSF of ionic DS at higher temperatures, this study is the first report to disclose that the
difference of physico-chemical properties of NaCl and glucose could result in the different
levels of increase in water flux and RSF when being used as DS. The difference in water
flux between NaCl and glucose as DSs decreased when temperature was increased
probably because the diffusivity and viscosity of glucose decreased more at elevated
temperatures compared with NaCl. It was interesting to note that the RSF increased with
glucose as DS at a rate of 0.07 g/m?-h for every °C rise compared to 0.14 g/m?-h for every °C
rise for the NaCl as DS, even though both reverse solute fluxes from NaCl and glucose
increased with temperature. In summary, the increase in the FS and DS temperatures
enhanced the water flux with glucose as DS at a higher rate than with NaCl as DS, while
the RSF increase rate was higher with NaCl as DS than with glucose as DS. In terms of
water flux, glucose is inferior to NaCl as DS because of its high viscosity, low diffusivity and
large molecule size with a higher corresponding ICP and ECP (Ansari et al., 2015).
However, at an elevated temperature, glucose could be more suitable as DS especially
when RSF is a big concern in FO. This conclusion could be applicable to other organic non-
ionic chemicals with high viscosity, low diffusivity and large molecules, providing useful

guidance for the selection of DS in a specific scenario.
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Fig. 5.3. Water flux, reverse solute flux and specific reverse solute flux at different operating
temperatures with DI water as the FS and A) 0.6 M NaCl, and B) 1.2 M glucose as DS (note:
temperature varying from 18 °C to 42.2 °C in FS without temperature control due to the heat
transfer from DS to FS).

5.3.2 Effects of Temperature of Feed and Draw Solutions on FO Filtration with
Synthetic Wastewater as FS

To understand FO filtration at an elevated temperature better, synthetic wastewater was
used as FS to see how contaminates (i.e., COD, phosphate, ammonium, Ca?*, Mg?* and
K*) were rejected and water flux was increased at a higher temperature. As shown in Fig.
5.4, the water flux with both DSs was proportional to the operating temperature. When the
DS was set at 50 °C and the FS temperature was not controlled, the temperature of FS
increased to 42 °C within the first 45 min due to the heat transferred from DS at 50 °C to
FS, and then the temperature of FS stabilized at 42 °C during the remaining period of the
filtration because of the heat balance between the heat loss to the surrounding environment
and the heat gain from DS. After the FS temperature stabilised at 42 °C, the water flux with
0.6 M NaCl as DS increased by 19% from 25.36 L/m?-h to 30.25 L/m?-h and by 35% from
16.32 L/m?-h to 22.22 L/m?-h with 1.2 M glucose as DS. When the FS was set at 25 °C and
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the DS was set at 50 °C, the initial water flux with the NaCl as DS increased by 12% from
22.63 L/m?-h to 25.36 L/m2-h while it increased by 27% from 12.83 L/m?-h to 16.32 L/m?-h
with glucose as DS compared to those with both FS and DS set at 25 °C. These increasing
rates regarding water flux with temperatures for synthetic wastewater were very similar to
those for DI as FS, indicating that contaminates in municipal wastewater do not affect heat
balance obviously and temperature effects on water flux could be evaluated with DI water
when the FO application is to municipal wastewater treatment.

Water flux (L/m?2-hr)

—®— FS and DS = 25 °C (0.6 M NaCl) v
8 | ® FS=25°CandDS =50 °C (0.6 M NaCl)

—A— FS = not controlled and DS = 50 °C (0.6M NaCl)
¥ FSand DS =25 °C (1.2 M glucose)

ar ~49 FS=25° and DS =50 °C (1.2 M glucose)
~-<--FS = not controlled and DS = 50 °C (1.2 M glucose)
0 L | L | L | L | L | L | L
0% 10% 20% 30% 40% 50% 60% 70%

Water recovery

Fig. 5.4. Water flux at different FS and DS temperatures during the TFC hollow fiber FO

filtration of synthetic municipal wastewater until a 70% water recovery rate.

From Fig. 5.4, it can be seen that the water flux with glucose as DS at an elevated
temperature falls within the range of water flux with NaCl as DS at an ambient temperature,
suggesting a much more acceptable water flux with glucose as DS at elevated temperatures
regarding water flux. In addition, the shortened total filtration time to achieve a 70% water
recovery rate with either NaCl or glucose as DS indicates a higher treating capacity per unit
of membrane surface, implying lower wastewater treatment and water production costs. For
example, Valladares et al. (2016) reported that when the water flux in FO increased from
10 to 20 L/m?-h, the water production cost of each m® decreased from $0.637 to $0.611 for
a production capacity of 100,000 m®/d of potable water by an integrated FO and low-

pressure RO process.
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Table 5.1 shows the up-concentration of municipal wastewater by FO at different
temperatures with either NaCl or glucose as DS. When NaCl was used as DS, it can be
seen that the FS and DS temperatures did not have a notable effect on the up-concentration
of both COD and PO4*. Although it seems that CF of PO,*" was lower than COD, no
PO, was detected in the DS after achieving a 70% water recovery rate, indicating that the
TFC FO membrane used in this study had complete PO.* rejection at all operating
temperatures, and the lower CF of PO4*~ was probably caused by precipitation in FS. These
results showed that the TFC FO membrane had high stability to reject PO4*~ and COD at a
relatively wide range of FS and DS temperatures. Conversely, ammonium was not
concentrated in the FS with NaCl as DS at all operating temperatures. Even worse, the
increase in FS and DS temperatures negatively affected NH4" rejection when using 0.6 M
NaCl as the DS. The NH4" concentration factor was decreased from —1.59 with both FS and
DS at 25 °C to —2.01 with FS at 25 °C and DS at 50 °C, and further to —2.96 with DS at
50 °C and FS at 42 °C. From previous studies (Cath, 2009; Arena et al., 2014; Lu et al.,
2014; Ansari et al., 2017; Almoalimi and Liu, 2022), it was believed that low ammonium
rejection was mainly caused by the cation exchange between Na* from DS and NH4* from
FS initiated by reverse Na* flux from DS. With the temperature increase of DS, as shown
in Fig. 5.3, the RSF of NaCl increased due to higher NaCl diffusivity, which enhanced the
exchange between Na* from DS and NH4" from FS to maintain electroneutrality and thus

deteriorated NH4* rejection by FO.

When 1.2 M glucose was used as DS, as shown in Table 5.1, the increase in FS and DS
temperatures improved the COD concentration factor CF. Given the fact that COD rejection
at lower temperature was close to 100%, however, the increased CF was actually caused
by high reverse glucose flux at a higher operating temperature. Both complete PO,*~ and
NH.* rejections were obtained at all operating temperatures as no PO4*>~ and NH4* could be
detected in DS. The complete ammonium rejection rate by using non-ionic DS such as
glucose in this study is significantly higher than previous studies with ionic DS (Cath, 2009;
Arena et al., 2014; Lu et al., 2014; Almoalimi and Liu, 2022). The reduced concentration
factors for NH4*-N in FS could be explained by the fact that ammonia vaporization was
higher at a higher FS temperature and pH because the FS tank was not air-tight, resulting
in the loss of ammonia during the FO filtration process. The controls validated this
assumption that 0.65 mg N lost at 25 °C in the form NHs3 from FS while the ammonia loss
increased to 2.5 mg N at higher FS temperatures (i.e., 42 °C). The results shown here again
proved that the cation exchange between Na* from NaCl as DS and NH.* in FS was the

main reason for low ammonium rejection, which was enhanced by a higher temperature.
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Once no cation exchange is present due to the undissociated molecule nature, such as
glucose, ammonium rejection is not affected by temperature at all. Undissociated chemical
is thus favourable as the DS at higher temperatures, when ammonium rejection is a

concern.

For the rejection of cations in FS, when NaCl was used as the DS, it was found that
concentration factors of Ca?*, Mg?* and K* slightly decreased with the temperature increase
in DS and FS, which could be related with the increased cation exchange as well as
between cations in FS and Na* in DS at higher temperatures due to the higher diffusivity of
both cations in FS and Na* in DS. K* is much smaller than Ca?* and Mg?*; thus, it is easier
to exchange with Na* in DS, leading to a lower CF of K* than those of Ca?* and Mg?* in FS.
When glucose was used as DS, although higher concentration factors of Ca?*, Mg?* and
K* were obtained compared to NaCl as DS at all operating temperatures, CFs of Ca?*,
Mg?* and K* decreased slightly with the increase in temperature, probably due to the
increased diffusivity of cations in FS. Due to the reverse salt permeation to FS and
concentration of ions in FS over time in FO treatment with NaCl as DS, the salinity of the

concentrate increased with temperature.

The increase in pH from the initial value of 6.98 in FS to 7.08-7.19 (Table 5.1) at the end of
filtration indicates the ion exchange between DS and FS. The pH increase in the
concentrated FS is beneficial for the phosphate precipitation with Ca?*, Mg?*, NH,* and
other ions over the filtration time with increased ion concentrations, which explains the lower
final concentration factors for these ions compared to the theoretical concentration factors
(i.e., 3.33) in the FS. The SI, which is used as an indicator of possible mineral precipitation
of the concentrated FS at a 70% water recovery rate, was higher than 0, showing the
oversaturation of phosphate precipitates. The formation of inorganic precipitates over FO
membrane filtration time implies a fouling potential on membranes from inorganics. Thus,

membrane fouling was further investigated in this study.
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Table 5.1: Summary of the initial and final concentrations of pollutants in the synthetic municipal wastewater FS with 0.6 M and 1.2 M glucose
as the DS and the concentration factors of each pollutant until a 70% water recovery rate after the TFC hollow fiber FO membrane filtration at
different FS and DS temperatures.

coD PO43-P NH4*-N Ca?* Mg?* K* pH
mag/L
Initial 460.66 + 32.54 7.90 £0.15 53.96 £ 0.66 37.25+0.73 6.28 £ 0.35 20.27 £1.36 6.98 £ 0.02

FS and DS =25 °C Final (FS) 1,427.55+16.97 23.33x0.06 34.66 + 0.23 101.04 £1.77 19.97 £ 0.50 34.66 £ 0.93 7.10
CF 3.10 2.95 -1.56 2.71 3.17 1.71 -
Final (DS) - Not detected 25.29+£0.43 - - - -

NaCl FS=25°Cand DS Final (FS) 1,415.56 £ 101.79 22.71+0.03 26.89+£0.26 100.45+1.81 19.67 +£0.34 29.24 +1.46 7.16
=50°C CF 3.07 2.88 -2.01 2.70 3.13 1.44 -
Final (DS) - Not detected 26.89 + 0.37 - - - -

FS = Not controlled Final (FS) 1,439.55+67.86 22.14+0.15 18.21 £ 0.10 97.06 £ 1.36 18.89+0.76 23.33+0.48 7.19
and DS =50 °C CF 3.12 2.80 -2.96 2.61 3.00 1.15 -
Final (DS) - Not detected 27.06 £0.49 - - -

FS and DS = 25 °C Final (FS) 1,736.68 £33.93 23.63+0.30 164.34+1 110.16 £1.03 20.35+1.04 63.44 £ 0.98 7.08
CF 3.77 2.99 3.05 2.96 3.24 3.13 -
Final (DS) - Not detected Not detected - - - -

Glucose FS=25°CandDS Final (FS) 1,847.25+£16.97 2291+0.49 160.70 £ 0.50 107.22+£2.08 19.89+0.76 63.65+2.11 7.15
=50°C CF 4.01 2.90 2.98 2.88 3.17 3.14 -
Final (DS) - Not detected Not detected - - - -

FS = Not controlled Final (FS) 1,870.28 £33.93 22.68+0.08 151.11+0.37 104.30£0.98 19.18 +0.23 62 +£1.07 7.16
and DS =50 °C CF 4.06 2.87 2.80 2.80 3.05 3.06 -
Final (DS) - Not detected Not detected - - - -
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5.3.3

Membrane Fouling and Cleaning at Different Feed and Draw Solutions

Temperatures in the TFC FO Filtration Process with Synthetic Municipal

Wastewater

In practice, water recovery from RO filtration is usually not over 70% to alleviate membrane

fouling (Matin et al., 2021). Although FO could be able to be operated with a higher water

recovery rate than 70%, a 70% water recovery rate was used in three consecutive cycles

in this study at different FS and DS temperatures to study FO fouling from inorganic

precipitates in treating synthetic municipal wastewater. As shown in Fig. 5.5, under an

isothermal condition (i.e., both FS and DS at 25 °C), three filtration cycles were finished
after 675 min, while it took 585 min with FS at 25 °C and the DS at 50 °C and 450 min with
FS stabilised at 42 °C and DS at 50 °C.
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Fig. 5.5. The decline in water flux in three batches of FO membrane filtration cycles each

at a 70% water recovery rate when concentrating synthetic municipal wastewater at

different FS and DS temperatures.
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Regression lines were used to show the water flux decline rate during the FO process for
treating synthetic municipal wastewater at different operating temperatures. Only a slight
decline in initial water flux was observed after each cycle at all operating temperatures,
indicating that the decrease in the water flux in each individual cycle was mainly caused by
the reduced driving force between the FS and DS due to the concentration of ions and
organics in the FS and the dilution of the DS, and membrane fouling only contributed slightly
to the flux decline. The water flux decline rate was 0.031 L/m?2-h per min under an isothermal
condition, 0.039 L/m?-h per min with the FS at 25 °C and the DS at 50 °C and 0.063 L/m?-h
with the FS temperature at 42 °C and the DS at 50 °C. The higher water flux decline at
higher FS and DS temperatures could be attributed to higher water flux and a quick
decrease in driving force between FS and DS instead of fouling.

As shown in Fig. 5.6, the water flux declined after three consecutive cycles by only 2.2%
with the FS and DS at 25 °C, by 3.7% with the FS temperature at 25 °C and the DS at 50 °C
and 3.8% with the FS at 42 °C and the DS at 50 °C. This indicates that membrane fouling
was slightly more serious at higher FS and DS temperatures due to probably more inorganic
phosphate precipitates at higher temperature. It has been reported that the dissolvability of
hydroxyapatite is lower at higher temperatures (Song et al., 2002). The initial water flux of
membranes was fully recovered after normal flushing with DI water for 30 min at all
operating temperatures, suggesting that the inorganic precipitates deposited loosely on the
membrane surface and could be easily removed. Based on these results, operating an FO
process until 70% water recovery at different FS and DS temperatures did not cause
obvious membrane fouling in treating synthetic municipal wastewater. However, it is
necessary to study membrane fouling and cleaning after multiple cycles with long-term
fouling durations by the use of synthetic or real municipal wastewater with higher initial

contaminant concentrations.
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Fig. 5.6. Comparing the water flux recoverability after fouling test of three 70% water
recovery cycles using synthetic municipal wastewater in the TFC FO process: A) FS and
DS =25°C,B) FS =25 °C and DS =50 °C and C) FS = not controlled and DS = 50 °C.

534 Ammonia Vaporisation in a Direct Contact MD Membrane Filtration Process

for Simultaneous DS Regeneration and Water Recovery

As mentioned before, an integrated FO-MD process could be promising for simultaneous
DS regeneration and water recovery. The regeneration of different types of DSs, i.e., NaCl,
MgCl, and glucose, in a direct contact MD process, was conducted. It was found that with
50 mg/L NH4+" in 1 L and 35 g/L NaCl, MgCl. or glucose as DS, the water flux was 5.72, 5.85
and 6.23 L/m?-h, respectively, and the concentration of DS after 6 h of filtration was 40.65,
41.10 and 41.28 g/L, respectively, with a water recovery rate of around 14-15%. Since the
initial concentration of all three types of DSs are the same, i.e., at 35 g/L, water flux from
different types of DSs were supposed to be the same. It is thus believed that the slight

difference in terms of water flux and water recovery rate might be due to errors, which are

negligible.
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Since FO has a low rejection of ammonium from FS with NaCl as DS, most ammonium in
FS is permeated to DS. When DS containing ammonium is regenerated by MD, ammonium
in DS could be converted to ammonia at equilibrium and vaporise and pass through MD
membrane into the water side. As shown in Fig. 5.7A, the final NH4*-N concentration in the
permeate of MD for all DSs was less than 1 mg/L after 6 h of operation. No effects from DS
type were observed regarding ammonia permeation through MD to the clean water stream
and ammonium rejection rate (Fig. 5.7B), indicating that solute type in DS does not affect

ammonium—ammonia equilibrium and ammonia vapour pressure obviously.
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Fig. 5.7. Effect of the rate of NaCl, MgCl, and glucose DSs in the MD process at a permeate
temperature of 20 °C and a DS temperature of 50 °C on A) the NH4"-N concentration on the
permeate side and B) the NH.*-N rejection rate.

In addition, no variation of conductivity and COD was detected in the permeate side of the
MD for NaCl, MgCl; and glucose as DSs, indicating that the MD membrane had a complete
rejection of all solutes of DSs due to the non-volatility of solutes. The complete rejection of
all types of solutes in DSs by the MD membrane used in this study is consistent with
previous studies (Ge et al., 2012; Husnain et al., 2015; Nguyen et al., 2018) because of the
unique vapour transfer mechanism of the MD membrane, which almost completely rejects
all non-volatile compounds. Ammonium, however, due to its volatility nature, did result in
the escape of ammonium from DS to the permeate through the MD membrane by

vaporisation, thus imposing the potential risk to contaminate clean water. In this study, since
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1 L of permeate and 50 mg/L NH.*-N in 1 L of DS were used to start MD experiment,
ammonium concentration in the permeate after 6 h seems low. However, for per L water
recovered, 7.7 mg NHs*-N was escaped from DS to clean water with the initial NH4*-N
concentration of 50 mg/L in DS. When NH.*-N concentration in DS is higher due to a higher
NH4*-N concentration in FS for FO filtration and the accumulation of ammonium in DS over
time through a continuous FO-MD process, a more serious escape of ammonia from DS to
the permeate side with reduced water quality would result.

Fig. 5.8 shows ammonia vapour pressure at different temperatures, pH and agueous
ammonium concentrations. It has to be pointed out that the Henry constant is affected by
solution salinity, pH and other factors. In this part, the estimation of the Henry constant was
significantly simplified with the purpose of getting an idea on how ammonia pressure varies
with pH, temperature and aqueous ammonium concentration. It can be seen that the pH of
DS, NH4™-N concentration in DS and temperature are three important factors that
significantly affect ammonia pressure. Ammonia pressure increases with pH and
temperature more steeply at higher aqueous ammonium concentrations than at lower
ammonium concentrations. The suitable operating pH and temperature ranges (shown in
deep and light purple area) are narrower at higher aqgueous ammonium concentrations if a
similar and low ammonia pressure needs to be maintained to minimize gaseous ammonia
permeation from DS to a water side in MD. To avoid high ammonia pressure, the pH of DS
could be reduced to a low level such as 5 or 6, but adjusting the pH of DS implies extra
chemical costs and would affect the pH of FS as well. Alternatively, temperature could be
reduced to less than 50 °C, but a lower temperature means a lower vapour driving force for
water permeation through MD, with a reduced water flux and treating capacity of per unit
membrane surface. Therefore, for an integrated FO-MD process, when the ammonium
concentration in FS is high, such as in sludge digestate with a NH4*-N concentration of 1500
mg/L (Husnain et al., 2015), the best solution could be selecting non-ionic DS such as
glucose to avoid ammonium escape from FS to DS in the first place and minimize

ammonium contamination to the recovered water.
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Fig. 5.8. Ammonia pressure profiles with temperature and pH at different aqueous
ammonium concentrations in DS.

5.3.5 Heat Evaluation for an Integrated FO-MD Process in Treating Wastewater

Based on the diagram shown in Fig. 5.2 without internal heat recovery, for the treatment of
1 m® municipal wastewater with water recovery rates varying from 50% to 90%, the total
heat requirement is varying accordingly from 1277-2181 MJ. When waste heat from power
plant is used with an electricity generation efficiency of 40% and heat recovery efficiency of

50%, 1277-2181 MJ heat is equivalent to the heat from the generation of electricity of 255—
436 kwh.

The Marchwood Power Plant in Southampton generates approximately 895 MW of
electricity, which is equivalent to the needs of Southampton, the New Forest and
Winchester, with a population of 456,500. If all the heat after electricity generation is
recovered to provide heat sources for an integrated FO-MD system treating municipal
wastewater, the water that could be treated is around 2052-3505 m?3h. This is only
equivalent to a population of 245,272-420,678 with domestic wastewater generation.
Obviously, even with the waste heat available from power plants, the heat is far less than

the heat demanded for an integrated FO-MD system to treat municipal wastewater. Thus,
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heat recovery from FO-MD systems should be considered. Given that the condensation of
water vapour into water in MD releases a similar amount of heat demanded for vaporisation,
the heat could be recovered from the produced water. The internal heat recovery was
proposed as shown in Fig. 5.9 for an integrated FO-MD process, in which the discharged
concentrate with a high temperature could be used to heat the stream that comes into the
MD module while the heat in the permeate could be recovered by heating feed water. In
this way, the external heat demand could be significantly reduced. However, how to
maximize the internal heat recovery still needs further investigation.

Concentrate
&
| | | { IR I
- Produced
- -]
- o o Heat Sink E% Water
50°C 50°C c0°C l q

Heat Source

Feed Water
15°C
Fig. 5.9. The proposed integrated FO-MD process for wastewater treatment and water

production with internal heat recovery.

54 Conclusions

The effect of FS and DS temperatures on the performance of the FO process was compared
between ionic DS such as NaCl and non-ionic DS such as glucose, and the implications of
ammonia escape and heat demand in an integrated FO-MD process were estimated for the
first time. The results showed, at the elevated temperatures of FS and DS in FO, that a non-
ionic DS such as glucose with a higher viscosity, lower diffusivity and larger molecules
results in a much higher water flux increase (i.e., 23—-35% vs. 8-19% by NacCl) but lower
RSF increase compared with an ionic DS such as NaCl. The water flux at the elevated
temperature with glucose as DS falls within the range of NaCl at ambient temperatures.
Ammonium rejection with NaCl as DS for municipal wastewater was very low, and
deteriorated at an elevated temperature, while there was not any forward ammonium
permeation to DS at all operating temperatures with glucose as DS. The slightly higher

water flux decline of the FO membrane at higher FS and DS temperatures could be due to
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the formation of inorganic precipitates. A normal flushing for 30 min was able to recover the
water flux of FO membrane completely after three consecutive filtration cycles treating
synthetic municipal wastewater with a 70% water recovery rate. The accumulation of
ammonium in a DS such as NaCl, with a low ammonium rejection rate, imposes the risk of
ammonium vaporization and escape to the recovered clean water stream in the MD process
with reduced water quality, which is independent of the DS type. For treating DS with a 50
mg/L initial ammonium concentration, 7.7 mg ammonium permeated through the MD
membrane for per liter clean water recovered. Thus, a non-ionic DS such as glucose is
recommended to avoid ammonium contamination, especially for FS containing higher
ammonium concentrations. From the perspective of heat demand, only with internal heat
recovery, it is economically feasible to treat municipal wastewater in an integrated FO-MD
process.

In summary, it can be conclude from the new findings above that temperature effects on FO
greatly depend on the physico-chemical properties of DS. Ammonia permeation to
recovered water side is decided by the pH, temperature and aqueous ammonium solution
in wastewater when the ionic chemical NaCl is used as DS, making the operation control
more difficult. However, non-ionic DS glucose shows better performance in terms of reverse
solute flux, ammonium rejection and acceptable water flux in the FO unit at elevated
temperatures and better quality of water recovered from the MD unit. The results could
provide meaningful guidance for the selection of DS in an integrated FO-MD process with
elevated temperature treating wastewater streams containing ammonium and suggest the

necessity of internal heat recovery in FO-MD processes.
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Chapter 6: Conclusions and Recommendations

for Future Work

6.1 Conclusions

This study aimed to investigate and enhance the performance of the TFC FO membrane
for subsequent resource recovery applications from municipal wastewater in the integrated

FO-MD process. The following conclusions can be drawn:

e The TFC FO membrane was able to concentrate COD and phosphorus to their
desired concentrations that facilitated direct phosphate precipitation for phosphorus
recovery and anaerobic treatment for energy recovery from municipal wastewater.
However, it was found that the TFC FO membrane was not able to reject ammonium
in the FS when NaCl was used as DS.

e Simple physical cleaning methods were more effective in removing fouling deposits
on the membrane caused by SS than fouling caused by calcium precipitates.

e The use of real municipal wastewater resulted in more fouling issues and was harder
to clean. This suggests that pre-treatment for the FO membrane to remove SS is
important to ensure the stability of the FO membrane to achieve relatively long-term
membrane filtration.

e Although the use of a spacer in the flat sheet configuration did not alleviate
membrane fouling during the up-concentration of real municipal wastewater, the
efficiency of the subsequent physical cleaning method increased by 15%. In
addition, chemical cleaning was needed to enhance the initial water flux
recoverability, which will adversely affect the membrane life-span and increase the
operating costs.

e The use of a monovalent cation DS with a low hydrated radius resulted in an
increase in cation exchange between the FS and DS, and therefore a lower
ammonium rejection than the use of a divalent cation DS with a larger hydrated
radius.

¢ The DS diffusion coefficient did not affect ammonium rejection with non-ionic DSs,
while ionic DS with lower diffusion coefficient increased ammonium rejection for DS
containing the same cation (i.e. NaCl-Na»,SO,4 and MgCl>-MgSOs).

¢ Almost a complete ammonium rejection rate was obtained using a non-ionic DS.
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Although that ammonium rejection rate was increased at higher initial ammonium
concentration in the FS with ionic DS, however, more absolute ammonium was
permeated to the DS.

The increase of ammonium, phosphate and other ions (e.g. Ca?* and Mg?*) in FS,
as well as pH increase of FS, could induce inorganic fouling on the FO membrane.
However, the initial water flux of the fouled FO membrane from one batch cycle
filtration for the treatment of synthetic and real municipal wastewaters and sludge
digestate with MF pre-treatment was fully recovered by using physical cleaning
methods (i.e. normal flushing and osmotic backwashing) for 30 min.

Increasing FS and DS temperatures improved the water flux and RSF for NaCl and
glucose DSs. However, glucose DS showed a higher water flux increase rate at
higher solution temperatures compared with NaCl by around 15%, while the RSF
increase rate was two times higher for NaCl DS than glucose DS.

Operating the FO filtration at higher temperatures resulted in a more passage of
more ammonium ions into the DS with ionic DS such as NaCl. On the other hand, a
complete ammonium rejection was obtained when glucose was used as the DS at
all operating temperatures.

Although the rate of flux decline was slightly higher at higher FS and DS
temperatures, normal flushing for 30 min was able to recover the initial water flux for
the FO membrane.

Non-ionic DS such as glucose is recommended to avoid ammonium contamination
in the FS, especially for FS containing higher ammonium concentrations.

The proposed internal heat recovery in the integrated FO-MD process could help to

reduce the external heat demand for the integrated process.

Overall, this study shows that understanding the FS characteristic will significantly help

to optimize the FO membrane fouling and the associated cleaning methods. In addition,

the current study contributes to the DS selection criteria by showing how ammonium

rejection can be enhanced by the appropriate selection of DS based on the DS

physiochemical properties during the TFC FO filtration. Finally, this study illustrates the

importance of the FS and DS temperatures in the integrated FO-MD system and the

necessity of internal heat recovery.

6.2 Recommendations for future work

Based on the results, the following recommendations are proposed for future work:
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Future studies could be conducted on the effect of inorganic scaling on the TFC FO
membrane using real filtered municipal wastewater from hard water areas.
Removing the SS may provide critical insight into how calcium phosphate
precipitates affect membrane fouling, cleaning and whether pH adjustment in the FS
to mitigate inorganic fouling is needed.

The effect of Mg?* concertation can be studied by using real wastewater from areas
with a high Mg?* concentration. How struvite precipitation can affect TFC FO
membrane fouling and how effective physical and chemical cleaning methods are in
cleaning the fouled membrane are lacking.

The Ca?*, Mg?* and K* concentrations in the DS after the FO filtration process could
not be measured using DSs such as NaCl and glucose when applying the analytical
facilities available in this study. Thus, to calculate Ca?*, Mg?* and K* rejection using
the TFC FO membrane, measuring these cations in the DS will be important in the
future.

This study focused on improving ammonium rejection by reducing cation exchange
between FS and DS. However, more research is needed for the selection of an
economically feasible DS that can achieve a high rejection of contaminates, high
water flux and low replacement cost.

To establish a full-scale FO system, continuous experiments must be performed to
answer the following questions: how salinity build-up (e.g. NaCl) in the FS through
long-term accumulation affects microbial toxicity for energy recovery through
anaerobic treatment and membrane fouling, and how contaminate accumulation in
the DS affects FO and MD membrane fouling and flux stability.

A techno-economic assessment must be conducted to compare the integrated FO—

MD process and the FO—RO process.
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Appendix A
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Fig. Al. Water flux and DS conductivity with DI water as FS and 1 M NaCl as DS during

the hollow fiber FO filtration process until achieving 90% water recovery rate.

45

40 |-

pH 5.5

Direct phosphorus recovery
by hydroxyapatite precipitation

\
pH 11§

0% 90%

90%

Fig. A.2. Initial and final PO4*-P concentrations in the slat sheet FO process for treating

raw sewage until 90% recovery rate after adjusting the pH of the concentrated feed solution

to 5.5 and 11.
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Fig. A3. pH of salt solutions at different NaCl concentrations (0 to 0.3 M).

Table Al: Variation of feed solution pH, conductivity and the time required to achieve 90%

recovery rate at different initial Ca?* concentrations in the final cycle.

. . Time required to
Final conductivity d

Initial Ca2* Initial pH Final pH Initial conductivity . achieve 90%
. . . (mS/cm) (Final
(mg/L) (Final cycle)  (Final cycle) (mS/cm) (Final cycle) recovery rate
cycle) .
(Final cycle)
0 6.6 7.31 0.991 33 16.5 hr
61 6.6 8.02 1.004 72 41.25 hr
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Fig. A4.Image produced by SEM for the hollow fiber FO membrane after three batch membrane filtration
cycles with 61 mg/L Ca?* for concentrating synthetic sewage with 90% water recovery rates in each cycle

followed by osmotic backwashing for 30 min.
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for 30 min.
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Appendix B

Table B1: Physic-chemical properties of NaCl, MgCl,, MgSO., Na>SOy4, glycine, ethanol and
glucose (Achilli et al. 2010; Ansari et al. 2015; Holloway et al. 2015; Miller et al. 1984;
Parveen 2018; Phang and Stokes 1980; Salva et al. 2013; Yasukawa et al. 2015).

Property Sodium Magnesium Magnesium Sodium Glycine Ethanol Glucose
chloride chloride sulphate sulphate
Chemical formula NacCl MgCl2 MgSO4 Naz2S04 C2HsNO2 C2Hs0H CeH1206
Molecular weight 58.44 95.21 120.37 142.04 75.07 46.07 180.16
(g/mol)
Solubility in water 357 543 374 281 250 Freely 910
at 25 °C (g/L) soluble
Diffusion 147x10°° 1.07x10°° 0.37x10° 0.76x10°° 1.06x10"° 1.23x10°° 0.67x10°°

coefficient (m?/s)

Table B2: Estimated transport parameters, molecular weight and estimated cation hydrated

radius in the inorganic DSs.

Cation Diffusion coefficient (m?/s) Molecular weight (g/mol) Hydrated radius (nm)
Na* 1.334 x10°° 22.99 0.358
Mg?* 0.706 x 10-° 24.31 0.428

Table B3: Estimated DS replenishment cost per litre of water filtrated at different osmotic

pressures with different types of draw solutions.

Draw Osmotic pressure  Concentration DS cost*  Js/Jw Replenishment cost
solution (bar) (M) ($/kg) (g/L) ($/L)

24 0.5 0.2008 0.00002209
48 1 0.2023 0.00002225
NacCl 96 2 0.11 0.2068 0.00002275
144 3 0.3238 0.00003562
24 0.33 0.1872 0.00003370
48 0.66 0.18 0.2508 0.00004514
MgCl. 96 1.32 0.2869 0.00005164
144 2 0.3941 0.00007094
24 1 0.0535 0.00002194
Glucose 48 2 0.41 0.0950 0.00003895
96 4 0.1016 0.00004166

*DS cost is referred to industrial grade order. The prices are dependent on the provider and
region, and can be modified.
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Fig. B1. pH change in the feed solution (DI water) for three different draw solutions until 50

% recovery rate during the TFC FO process.

Table B4: Saturation index values for the concentrated synthetic wastewater FS at 90%
water recovery rate (i.e. 73.77 mg/L PO,*-P, 303.53 mg/L NH4*-N, 66.20 mg/L Ca?*, 64.21
mg/L Mg?* and 35.04 K* mg/L at pH 7.1) and 1 M glucose as DS.

Mineral Si
Brucite -6.138
Caz(PO4)2 (aml) -1.188
Cas(POa4)2 (am2) 1.583
Cas(POa):2 (beta) 2.674
CasH(PO4)3:3H20(s) 2.471
CaHPOu4(s) 0.611
CaHPO4:2H20(s) 0.306
Hydroxyapatite 10.275
Lime -22.173
Mg(OH): (active) -7.491
Mgs(POa)2(s) -2.537
MgHPO4:3H20(s) -0.386
Periclase -10.733
Portlandite -11.983
Struvite -0.045
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Table B5: Saturation
DSs.

index values for the concentrated municipal wastewater and sludge digestate FS at 50% water recovery rate with NaCl and glucose

Sl

Municipal wastewater at 50% Municipal wastewater at 50% water  Sludge digestate at 50% water Sludge digestate at 50% water

Mineral water recovery with 0.6 M NaCl recovery with 1.2 M glucose DS recovery with 0.6 M NaCl DS recovery with 1.2 M glucose DS

DS (pH 7.83) (pH 7.71) (pH 7.84) (pH 7.82)
Brucite -4.949 -5.193 -4.922 -5.002
Cas(PO4)2 (am1) -1.001 -1.181 -3.594 -3.806
Cas(PO4)2 (am2) 1.77 1.590 -0.823 -1.035
Casz(POa4):2 (beta) 2.861 2.681 0.268 0.056
CasH(PO4)3:3H20(s) 1.839 1.682 -1.749 -2.031
CaHPOu4(s) -0.209 -0.186 -1.202 -1.271
CaHPO4:2H20(s) -0.513 -0.490 -1.508 -1.577
Hydroxyapatite 11.47 11.086 7.276 6.920
Lime -20.345 -20.572 -20.953 -21.028
Mg(OH)2 (active) -6.303 -6.546 -6.275 -6.356
Mgs(PO2)2(s) -4.268 -4.496 -4.953 -5.177
MgHPO4:3H20(s) -1.845 -1.837 -2.204 -2.277
Periclase -9.545 -0.788 -9.517 -9.596
Portlandite -10.155 -10.382 -10.763 -10.839
Struvite -2.311 -1.824 -0.476 -0.355

136



References

Achilli, A., Cath, T. Y. and Childress, A. E. (2010) ‘Selection of inorganic-based draw
solutions for forward osmosis applications’, Journal of Membrane Science. Elsevier B.V.,
364(1-2), pp. 233—-241. doi: 10.1016/j.memsci.2010.08.010.

Adnan, M., Jamal, S., Manzoor, K. and Hankins, N. P. (2019) ‘Performance evaluation of
fertilizer draw solutions for forward osmosis membrane bioreactor treating domestic
wastewater’, Process Safety and Environmental Protection. Institution of Chemical
Engineers, 127, pp. 133-140. doi: 10.1016/j.psep.2019.05.006.

Ahmed, M., Kumar, R., Garudachari, Y. A. B. and Thomas, J. P. (2018) ‘Assessment of
Performance of Inorganic Draw Solutions Tested in Forward Osmosis Process for
Desalinating Arabian Gulf Seawater’, Arabian Journal for Science and Engineering.
Springer Berlin Heidelberg, 43(11), pp. 6171-6180. doi: 10.1007/s13369-018-3394-9.

Akbari, A., Fakharshakeri, Z. and Rostami, S. M. M. (2016) ‘A novel positively charged
membrane based on polyamide thin- film composite made by cross-linking for
nanofiltration’, Water Science & Technology, pp. 776—789. doi: 10.2166/wst.2015.538.

Alanezi, A. A. and Altaee, A. (2007) ‘A Review of Fouling Mechanisms , Control Strategies
and Real-Time Fouling Monitoring Techniques in Forward Osmosis’, Water. doi:
10.3390/w11040695.

Alaswad, S. O., Al-aibi, S., Alpay, E. and Sharif, A. O. (2018a) ‘Efficiency of Organic Draw
Solutions in a Forward Osmosis Process Using Nano-filtration Flat Sheet Membrane’,
Journal of Chemical Engineering & Process Technology, 9(1), pp. 1-10. doi: 10.4172/2157-
7048.1000370.

Alaswad, S. O., Al-aibi, S., Alpay, E. and Sharif, A. O. (2018b) ‘Organic Draw Solutions in
a Forward Osmosis Process Using Nano-filtration Flat Sheet Membrane’, Journal of
Chemical Engineering & Process Technology, 9(1), pp. 1-10. doi: 10.4172/2157-
7048.1000370.

Alaswad, S. O. M. (2015) Investigation of Organic Osmotic Agents Forward Osmosis

Desalination Process. University of Surrey.

Al-furaiji, M., Benes, N., Nijmeijer, A. and Mccutcheon, R. (2019) ‘Use of a Forward Osmosis
- Membrane Distillation Integrated Process in the Treatment of High-Salinity Oily

Wastewater’, Industrial & Engineering Chemistry Research. doi: 10.1021/acs.iecr.8b04875.

137



Ali, S. M., Kim, J. E., Phuntsho, S., Jang, A., Choi, J. Y. and Shon, H. K. (2018) ‘Forward
osmosis system analysis for optimum design and operating conditions’, Water Research.
Elsevier Ltd, 145, pp. 429-441. doi: 10.1016/j.watres.2018.08.050.

Alkhudhiri, A., Darwish, N. and Hilal, N. (2012) ‘Membrane distillation : A comprehensive
review’, Desalination, 287, pp. 2—-18. doi: 10.1016/j.desal.2011.08.027.

Almoalimi, K. and Liu, Y. (2022) ‘Enhancing ammonium rejection in forward osmosis for
wastewater treatment by minimizing cation exchange’, Journal of Membrane Science.
Elsevier B.V., 648(November 2021), p. 120365. doi: 10.1016/j.memsci.2022.120365.

Almoalimi, K. and Liu, Y. (2022) ‘Fouling and cleaning of thin film composite forward
osmosis membrane treating municipal wastewater for resource recovery’, Chemosphere.
Elsevier Ltd, 288, p. 132507. doi: 10.1016/j.chemosphere.2021.132507.

Altaee, A. and Hilal, N. (2014) ‘Dual-stage forward osmosis/pressure retarded osmosis
process for hypersaline solutions and fracking wastewater treatment’, Desalination. Elsevier
B.V., 350, pp. 79-85. doi: 10.1016/j.desal.2014.07.013.

Altaee, A., Mabrouk, A. and Bourouni, K. (2013) ‘A novel Forward osmosis membrane
pretreatment of seawater for thermal desalination processes’, Desalination. Elsevier B.V.,
326, pp. 19-29. doi: 10.1016/j.desal.2013.07.008.

Ang, W. L. and Mohammad, A. W. (2015) Mathematical modeling of membrane operations
for water treatment, Advances in Membrane Technologies for Water Treatment. Elsevier
Ltd. doi: 10.1016/B978-1-78242-121-4.00012-5.

Ansari, Hai, F., He, T., Price, W. and Nghiem, L. (2018a) ‘Physical cleaning techniques to
control fouling during the pre-concentration of high suspended-solid content solutions for
resource recovery by forward osmosis’, Desalination. Elsevier, 429(October 2017), pp.
134-141. doi: 10.1016/j.desal.2017.12.011.

Ansari, A. J. (2017) Resource recovery from wastewater using forward osmosis

membranes. University of Wollongong.

Ansari, A. J., Hai, F. |, Guo, W., Ngo, H. H., Price, W. E. and Nghiem, L. D. (2015) ‘Selection
of forward osmosis draw solutes for subsequent integration with anaerobic treatment to
facilitate resource recovery from wastewater’, Bioresource Technology. Elsevier Ltd, 191,
pp. 30—36. doi: 10.1016/j.biortech.2015.04.119.

Ansari, A. J., Hai, F. I., Guo, W., Ngo, H. H., Price, W. E. and Nghiem, L. D. (2016a) ‘Factors

138



governing the pre-concentration of wastewater using forward osmosis for subsequent
resource recovery’, Science of the Total Environment. Elsevier B.V., 566-567, pp. 559-566.
doi: 10.1016/j.scitotenv.2016.05.139.

Ansari, A. J., Hai, F. |., Price, W. E., Drewes, J. E. and Nghiem, L. D. (2017) ‘Forward
osmosis as a platform for resource recovery from municipal wastewater - A critical
assessment of the literature’, Journal of Membrane Science. Elsevier B.V., 529(January),
pp. 195-206. doi: 10.1016/j.memsci.2017.01.054.

Ansari, A. J., Hai, F. I., Price, W. E. and Nghiem, L. D. (2016b) ‘Phosphorus recovery from
digested sludge centrate using seawater-driven forward osmosis’, Separation and
Purification Technology. Elsevier B.V., 163, pp. 1-7. doi: 10.1016/j.seppur.2016.02.031.

Ansari, A. J., Hai, F. I, Price, W. E., Ngo, H. H., Guo, W. and Nghiem, L. D. (2018b)
‘Assessing the integration of forward osmosis and anaerobic digestion for simultaneous
wastewater treatment and resource recovery’, Bioresource Technology. Elsevier, 260, pp.
221-226. doi: https://doi.org/10.1016/].biortech.2018.03.120.

Arena, J. T., Manickam, S. S., Reimund, K. K., Freeman, B. D. and Mccutcheon, J. R. (2014)
‘Solute and water transport in forward osmosis using polydopamine modified thin film
composite membranes’, Desalination. Elsevier B.V., 343, pp. 8-16. doi
10.1016/j.desal.2014.01.009.

Arifin, H., Choong, T. S. Y., Rong, C. K., Ahmadun, F. A. R. and Abdullah, L. C. (2015)
‘Forward Osmosis: Temperature effects by using pome as feed solution’, ASEAN Journal

of Chemical Engineering, 15(1), pp. 31-40.

Arkhangelsky, E., Wicaksana, F., Chou, S., Al-rabiah, A. A., Al-zahrani, S. M. and Wang,
R. (2012) ‘Effects of scaling and cleaning on the performance of forward osmosis hollow
fiber membranes’, Journal of Membrane Science. Elsevier, 415-416, pp. 101-108. doi:
10.1016/j.memsci.2012.04.041.

Arkhangelsky, E., Wicaksana, F., Tang, C., Al-Rabiah, A. A., Al-Zahrani, S. M. and Wang,
R. (2012) ‘Combined organic-inorganic fouling of forward osmosis hollow fiber membranes’,
Water Research. Elsevier Ltd, 46(19), pp. 6329-6338. doi: 10.1016/j.watres.2012.09.003.

Arslan, S., Arslan, S., imer, D. and imer, D. (2018) ‘Forward Osmosis Membranes — A
Review : Part Part Il Il Murat’. doi: 10.5772/intechopen.74659.

Bae, W. and Kim, J. (2020) ‘Behavior in Submerged Direct Contact Membrane Distillation
Process Treating a Low-Strength Synthetic Wastewater’, Applied sciences, 10, pp. 1-12.

139



Batstone, D. J. and Virdis, B. (2014) ‘The role of anaerobic digestion in the emerging energy
economy’, Current Opinion in Biotechnology. Elsevier Ltd, 27, pp. 142-149. doi:
10.1016/j.copbio.2014.01.013.

Biniaz, P., Ardekani, N. T. and Makarem, M. A. (2019) ‘Water and Wastewater Treatment
Systems by Novel Integrated Membrane Distillation (MD), Chemengineering. doi:
10.3390/chemengineering3010008.

Bloem, E., Albihn, A., Elving, J., Hermann, L., Lehmann, L., Sarvi, M., Schaaf, T., Schick,
J., Turtola, E. and Ylivainio, K. (2017) ‘Contamination of organic nutrient sources with
potentially toxic elements, antibiotics and pathogen microorganisms in relation to P fertilizer
potential and treatment options for the production of sustainable fertilizers: A review’,
Science of the Total Environment. Elsevier B.V., 607-608, pp. 225-242. doi:
10.1016/j.scitotenv.2017.06.274.

Bluetech Research (2015) ‘Phosphorus recovery — variety of technologies emerging’,
Aquatech, pp. 1-4.  Available at: http://www.aquatechtrade.com/aquatech-

news/phosphorus-recovery-variety-of-technologies-emerging/.

Boo, C., Elimelech, M. and Hong, S. (2013) ‘Fouling control in a forward osmosis process
integrating seawater desalination and wastewater reclamation’, Journal of Membrane
Science. Elsevier, 444, pp. 148-156. doi: 10.1016/j.memsci.2013.05.004.

Boo, C., Lee, S., Elimelech, M., Meng, Z. and Hong, S. (2012) ‘Colloidal fouling in forward
osmosis: Role of reverse salt diffusion’, Journal of Membrane Science. Elsevier B.V., 390-
391, pp. 277-284. doi: 10.1016/j.memsci.2011.12.001.

Bukhari, A. A. (2008) ‘Investigation of the electro-coagulation treatment process for the
removal of total suspended solids and turbidity from municipal wastewater’, Bioresource
Technology, 99, pp. 914-921. doi: 10.1016/j.biortech.2007.03.015.

Camacho, L. M. (2013) ‘Advances in Membrane Distillation for Water Desalination and
Purification Applications’, Water, (March). doi: 10.3390/w5010094.

Cao, J., Yu, Y., Xie, K., Luo, J., Feng, Q., Fang, F., Li, C. and Xue, Z. (2017) ‘Characterizing
the free ammonia exposure to the nutrients removal in activated sludge systems’, RSC
Advances. Royal Society of Chemistry, 7(87), pp. 55088-55097. doi: 10.1039/c7ral0751j.

Castrillon, S. R., Lu, X. and Shaffer, D. L. (2014) ‘Amine enrichment and poly (ethylene
glycol) (PEG) surface modification of thin-film composite forward osmosis membranes for

organic fouling control’, Journal of Membrane Science. Elsevier, 450, pp. 331-339. doi:

140



10.1016/j.memsci.2013.09.028.

Cath, T. Y. (2009) ‘Solute Coupled Diffusion in Osmotically Driven Membrane Processes’,
Environmental Science & Technology, 43, pp. 6769-6775. doi: 10.1021/es901132x.

Cath, T. Y., Childress, A. E. and Elimelech, M. (2006) ‘Forward osmosis: Principles,
applications, and recent developments’, Journal of Membrane Science, 281(1-2), pp. 70—
87. doi: 10.1016/j.memsci.2006.05.048.

Cath, T. Y., Elimelech, M., Mccutcheon, J. R., Mcginnis, R. L., Achilli, A., Anastasio, D.,
Brady, A. R., Childress, A. E., Farr, I. V, Hancock, N. T., Lampi, J., Nghiem, L. D., Xie, M.
and Yin, N. (2013) ‘Standard Methodology for Evaluating Membrane Performance in
Osmaotically Driven Membrane Processes’, Desalination. Elsevier B.V., 312, pp. 31-38. doi:
10.1016/j.desal.2012.07.005.

Cerozi, S. and Fitzsimmons, K. (2016) ‘The effect of pH on phosphorus availability and
speciation in an aquaponics nutrient solution’, Bioresource Technology. Elsevier Ltd, 219,
pp. 778—781. doi: 10.1016/j.biortech.2016.08.079.

Chaoui, I., Abderafi, S., Vaudreuil, S. and Bounahmidi, T. (2019) ‘Water desalination by
forward osmosis : draw solutes and recovery methods — review’, Environmental Technology
Reviews, 2515. doi: 10.1080/21622515.2019.1623324.

Chekli, L., Kim, Y., Phuntsho, S., Li, S., Ghaffour, N., Leiknes, T. and Kyong, H. (2017)
‘Evaluation of fertilizer-drawn forward osmosis for sustainable agriculture and water reuse
in arid regions’, Journal of Environmental Management. Elsevier Ltd, 187, pp. 137-145. doi:
10.1016/j.jenvman.2016.11.021.

Chekli, L., Phuntsho, S., Kim, J. E., Kim, J., Choi, J. Y., Choi, J. S., Kim, S., Kim, J. H.,
Hong, S., Sohn, J. and Shon, H. K. (2016) ‘A comprehensive review of hybrid forward
osmosis systems: Performance, applications and future prospects’, Journal of Membrane
Science. Elsevier, 497, pp. 430-449. doi: 10.1016/j].memsci.2015.09.041.

Chen, G., Li, X., Huang, M. and He, T. (2018) ‘Concentrating underground brine using a
TFC hollow fiber forward osmosis membrane: Effects of cleaning’. Royal Society of
Chemistry, (April). doi: 10.1039/C8EW00081F.

Chen, L., Gu, Y., Cao, C., Zhang, J., Ng, J. W. and Tang, C. (2014) ‘Performance of a
submerged anaerobic membrane bioreactor with forward osmosis membrane for low-
strength wastewater treatment’, Water Research. Elsevier Ltd, 50, pp. 114-123. doi:
10.1016/j.watres.2013.12.009.

141



Cheng, W., Liu, C., Tong, T., Epsztein, R., Sun, M. and Verduzco, R. (2018a) ‘Selective
removal of divalent cations by polyelectrolyte multilayer nancfiltration membrane : Role of
polyelectrolyte charge , ion size , and ionic strength’, Journal of Membrane Science.
Elsevier B.V., 559, pp. 98-106. doi: 10.1016/j.memsci.2018.04.052.

Cheng, W., Lu, X., Yang, Y., Jiang, J. and Ma, J. (2018b) ‘Influence of composition and
concentration of saline water on cation exchange behavior in forward osmosis desalination’,
Water Research. Elsevier Ltd, 137, pp. 9-17. doi: 10.1016/j.watres.2018.02.048.

Chowdhury, M. R. and Mccutcheon, R. (2018) ‘Elucidating the impact of temperature
gradients across membranes during forward osmosis: Coupling heat and mass transfer
models for better prediction of real osmotic systems’, Journal of Membrane Science journal,
553(January 2017), pp. 189-199. doi: 10.1016/j.memsci.2018.01.004.

Chun, Y., Mulcahy, D., Zou, L. and Kim, I. S. (2017) ‘A short review of membrane fouling in
forward osmosis processes’, Membranes, 7(2), pp. 1-23. doi:
10.3390/membranes7020030.

Chun, Y., Zaviska, F., Cornelissen, E. and Zou, L. (2015) ‘A case study of fouling
development and flux reversibility of treating actual lake water by forward osmosis process’,
Desalination. Elsevier B.V., 357, pp. 55—64. doi: 10.1016/j.desal.2014.11.009.

Cieslik, B. and Konieczka, P. (2017) ‘A review of phosphorus recovery methods at various
steps of wastewater treatment and sewage sludge management. The concept of “no solid
waste generation” and analytical methods’, Journal of Cleaner Production, 142, pp. 1728—
1740. doi: 10.1016/j.jclepro.2016.11.116.

Coday, B. D., Heil, D. M., Xu, P. and Cath, T. Y. (2013) ‘Effects of Transmembrane
Hydraulic Pressure on Performance of Forward Osmosis Membranes’, Environmental
science & technology, 47, pp. 2386—2393. doi: 10.1021/es304519p.

Comas, J. and Blandin, G. (2017) ‘Comparison of CTA and TFC FO-membranes for water

recovery’.

Cordell, D., Drangert, J. and White, S. (2009) ‘The story of phosphorus : Global food security
and food for thought’, Global Environmental Change journal, 19, pp. 292-305. doi:
10.1016/j.gloenvcha.2008.10.009.

Cornelissen, E. R., Harmsen, D., Korte, K. F. De, Ruiken, C. J., Qin, J., Oo, H. and Wessels,
L. P. (2008) ‘Membrane fouling and process performance of forward osmosis membranes

on activated sludge’, Journal of Membrane Science journal, 319, pp. 158-168. doi:

142



10.1016/j.memsci.2008.03.048.

Corre, L., Valsami-Jones, E., Hobbs, P. and Parsons, S. A. (2009) Phosphorus recovery
from wastewater by struvite crystallization: A review, Critical Reviews in Environmental
Science and Technology. doi: 10.1080/10643380701640573.

Corzo, B.,delaTorre, T., Sans, C., Ferrero, E. and Malfeito, J. J. (2017) ‘Evaluation of draw
solutions and commercially available forward osmosis membrane modules for wastewater
reclamation at pilot scale’, Chemical Engineering Journal. Elsevier B.V., 326, pp. 1-8. doi:
10.1016/j.cej.2017.05.108.

Criscuoli, A. (2021) ‘Thermal Performance of Integrated Direct Contact and Vacuum
Membrane Distillation Units’, engergies, 14, p. 7405. doi: https://doi.org/10.3390/
enl14217405.

Dasgupta, P. K. and Dong, S. (1986) ‘Solubility of ammonia in liquid water and generation
of trace levels of standard gaseous ammonia’, Atmospheric Environment, 20(3), pp. 565—
570.

De-Bashan, L. E. and Bashan, Y. (2004) ‘Recent advances in removing phosphorus from
wastewater and its future use as fertilizer (1997-2003)’, Water Research, 38(19), pp. 4222—
4246. doi: 10.1016/j.watres.2004.07.014.

Deng, Z., van Linden, N., Guillen, E., Spanjers, H. and van Lier, J. B. (2021) ‘Recovery and
applications of ammoniacal nitrogen from nitrogen-loaded residual streams: A review’,
Journal of Environmental Management. Elsevier Ltd, 295, p. 113096. doi:
10.1016/j.jenvman.2021.113096.

Desmidt, E., Ghyselbrecht, K., Monballiu, A., Rabaey, K., Verstraete, W. and Meesschaert,
B. D. (2013) ‘Factors influencing urease driven struvite precipitation’, Separation and
Purification Technology. Elsevier B.vV,, 110, pp. 150-157. doi:
10.1016/j.seppur.2013.03.010.

Desmidt, E., Ghyselbrecht, K., Zhang, Y., Pinoy, L., Van Der Bruggen, B., Verstraete, W.,
Rabaey, K. and Meesschaert, B. (2015) ‘Global phosphorus scarcity and full-scale P-
recovery techniques: A review’, Critical Reviews in Environmental Science and Technology,
45(4), pp. 336-384. doi: 10.1080/10643389.2013.866531.

Devia, Y. P., Imai, T., Higuchi, T. and Kanno, A. (2015) ‘Potential of Magnesium Chloride
for Nutrient Rejection in Forward Osmosis’, Journal of Water Resource and Protection,
(July), pp. 730-740. doi: http://dx.doi.org/10.4236/jwarp.2015.79060 Potential.

143



Devia, Y. P., Imai, T., Higuchi, T., Kanno, A., Yamamoto, K., Sekine, M. and Van Le, T.
(2015) ‘Potential of Magnesium Chloride for Nutrient Rejection in Forward Osmosis’,

Journal of Water Resource and Protection, 7, p. 730.

Egle, L., Rechberger, H., Krampe, J. and Zessner, M. (2016) ‘Phosphorus recovery from
municipal wastewater: An integrated comparative technological, environmental and
economic assessment of P recovery technologies’, Science of the Total Environment. The
Authors, 571, pp. 522-542. doi: 10.1016/j.scitotenv.2016.07.019.

El-ghaffar, M. A. A. and Tieama, H. A. (2017) ‘A Review of Membranes Classifications ,
Configurations , Surface Modifications , Characteristics and Its Applications in Water
Purification’, Chemical and Biomolecular Engineering, 2(2), pp. 57-82. doi:
10.11648/j.cbe.20170202.11.

Engelhardt, S., Vogel, J., Duirk, S. E., Moore, F. B. and Barton, H. A. (2019) ‘Urea and
ammonium rejection by an aquaporin-based hollow fiber membrane’, Journal of Water
Process Engineering. Elsevier, 32, p. 100903. doi: 10.1016/j.jwpe.2019.100903.

Eyvaz, M., Arslan, S., imer, D., Yiksel, E. and Koyuncu, I. (2018) ‘Forward Osmosis
Membranes — A Review: Part I, Intech, 32, pp. 137-144. Available at:
https://www.intechopen.com/books/advanced-biometric-technologies/liveness-detection-

in-biometrics.

Ezugbe, E. O., Tetteh, E. K., Rathilal, S., Amo-duodu, G. and Asante-sackey, D. (2021)
‘Desalination of Municipal Wastewater Using Forward Osmosis’, Membranes. doi:
https://doi.org/10.3390/ membranes11020119.

Fan, X., Liu, Y., Quan, X. and Chen, S. (2018) ‘Highly Permeable Thin-Film Composite
Forward Osmosis Membrane Based on Carbon Nanotube Hollow Fiber Scaffold with
Electrically Enhanced Fouling Resistance’, Environmental Science and Technology, 52(3),
pp. 1444-1452. doi: 10.1021/acs.est.7b05341.

Field, R. W., She, Q., Siddiqui, F. A. and Fane, A. G. (2021) ‘Reverse osmosis and forward
osmosis fouling: a comparison’, Discover Chemical Engineering. Springer International
Publishing, 1(1). doi: 10.1007/s43938-021-00006-7.

Gao, Y., Fang, Z., Liang, P. and Huang, X. (2018) ‘Direct concentration of municipal sewage
by forward osmosis and membrane fouling behavior’, Bioresource Technology. Elsevier,
247(July 2017), pp. 730—735. doi: 10.1016/j.biortech.2017.09.145.

Garcia, B. C. (2018) Forward osmosis application for water reuse Beatriz Corzo Garcia.

144



Universitat de Barcelona.

Ge, Q. Ling, M. and Chung, T. (2013) ‘Draw solutions for forward osmosis processes:
Developments , challenges , and prospects for the future’, Journal of Membrane Science.
Elsevier, 442, pp. 225-237. doi: 10.1016/[.memsci.2013.03.046.

Ge, Q., Wang, P., Wan, C. and Chung, T. S. (2012) ‘Polyelectrolyte-promoted Forward
Osmosis-Membrane Distillation (FO-MD) hybrid process for dye wastewater treatment’,
Environmental Science and Technology, 46(11), pp. 6236—6243. doi: 10.1021/es300784h.

Grafton, R. Q. (2017) ‘Responding to the “ Wicked Problem ” of Water Insecurity’, Water
Resour Manage. Water Resources Management, pp. 3023-3041. doi: 10.1007/s11269-
017-1606-9.

Guertal, E. A. and Hattey, J. A. (1996) ‘A Scale Model of Cation Exchange for Classroom
Demonstration’, Journal of Natural Resources and Life Sciences Education, 25, pp. 125-
127. doi: 10.2134/jnrlse.1996.0125.

Gulied, M., Momani, F. Al, Khraisheh, M., Bhosale, R. and Alnouss, A. (2019) ‘Influence of
draw solution type and properties on the performance of forward osmosis process : Energy
consumption and sustainable water reuse’, Chemosphere. Elsevier Ltd, 233, pp. 234—-244.
doi: 10.1016/j.chemosphere.2019.05.241.

Hafizah, N., Hamid, A., Ye, L., Wang, D. K. and Smart, S. (2018) ‘Evaluating the membrane
fouling formation and chemical cleaning strategy in forward osmosis membrane filtration
treating domestic sewage’. Royal Society of Chemistry, pp. 2092-2103. doi:
10.1039/c8ew00584b.

Holloway, R. W., Childress, A. E., Dennett, K. E. and Cath, T. Y. (2007) ‘Forward osmosis
for concentration of anaerobic digester centrate’, Water Research, 41(17), pp. 4005-4014.
doi: 10.1016/j.watres.2007.05.054.

Holloway, R. W., Maltos, R., Vanneste, J. and Cath, T. Y. (2015) ‘Mixed draw solutions for
improved forward osmosis performance’, Journal of Membrane Science. Elsevier, 491, pp.
121-131. doi: 10.1016/j.memsci.2015.05.016.

Honda, R., Rukapan, W., Komura, H., Teraoka, Y., Noguchi, M. and Hoek, E. M. V (2015)
‘Effects of membrane orientation on fouling characteristics of forward osmosis membrane
in concentration of microalgae culture’, Bioresource Technology. Elsevier Ltd, 197, pp. 429—
433. doi: 10.1016/j.biortech.2015.08.096.

145



Hong, S. (2015) Fouling Study on Forward Osmosis Process.

Hu, T., Wang, X., Wang, C., Li, X. and Ren, Y. (2017) ‘Impacts of inorganic draw solutes on
the performance of thin- film composite forward osmosis membrane in a micro-fi Itration
assisted anaerobic osmotic membrane bioreactor 1’. Royal Society of Chemistry, pp.
16057-16063. doi: 10.1039/c7ra01524k.

Husnain, T., Liu, Y., Riffat, R. and Mi, B. (2015) ‘Integration of forward osmosis and
membrane distillation for sustainable wastewater reuse’, Separation and Purification
Technology. Elsevier B.V., 156, pp. 424—-431. doi: 10.1016/j.seppur.2015.10.031.

Husnain, T., Mi, B. and Riffat, R. (2015) ‘A Combined Forward Osmosis and Membrane
Distillation System for Sidestream Treatment’, Journal of Water Resource and Protection,
07(14), pp. 1111-1120. doi: 10.4236/jwarp.2015.714091.

Irvine, G. J., Rajesh, S., Georgiadis, M. and Phillip, W. A. (2013) ‘lon Selective Permeation
Through Cellulose Acetate Membranes in Forward Osmosis’, Environmental science &
technology, 47, pp. 13745-13753. doi: dx.doi.org/10.1021/es403581t |.

Jafarinejad, S., Park, H. and Mayton, H. (2019) ‘Concentrating ammonium in wastewater
by forward osmosis using surface modified nanofiltration membrane’. Royal Society of
Chemistry, pp. 246-255. doi: 10.1039/C8EW00690C.

Jalab, R., Awad, A. M., Nasser, M. S., Minier-Matar, J. and Adham, S. (2020) ‘Pilot-scale
investigation of flowrate and temperature influence on the performance of hollow fiber
forward osmosis membrane in osmotic concentration process’, Journal of Environmental
Chemical Engineering. Elsevier Ltd, 8(6), p. 104494. doi: 10.1016/j.jece.2020.104494.

Jorgensen, T. C. and Weatherley, L. R. (2003) ‘Ammonia removal from wastewater by ion
exchange in the presence of organic contaminants’, Water Research, 37, pp. 1723-1728.
doi: 10.1016/S0043-1354(02)00571-7.

Kaiserslautem, U. and Hr, D. T. (1994) ‘Solubility of Carbon Dioxide in Aqueous Solutions
of Sodium Chloride : Experimental Results and Correlation’, Journal of Solution Chemistry,
23(3), pp. 431-448.

Kataki, S., West, H., Clarke, M. and Baruah, D. C. (2016) ‘Phosphorus recovery as struvite
from farm, municipal and industrial waste: Feedstock suitability, methods and pre-
treatments’, Waste Management. Elsevier Ltd, 49, pp. 437-454. doi:
10.1016/j.wasman.2016.01.003.

146



Kedwell, K. C., Quist-Jensen, C. A., Giannakakis, G. and Christensen, M. L. (2018)
‘Forward osmosis with high-performing TFC membranes for concentration of digester
centrate prior to phosphorus recovery’, Separation and Purification Technology. Elsevier,
197(November 2017), pp. 449-456. doi: 10.1016/j.seppur.2018.01.034.

Kehrein, P. and Garfi, M. (2020) ‘A critical review of resource recovery from municipal
wastewater treatment plants — market supply potentials, technologies and bottlenecks’.
Royal Society of Chemistry, pp. 877-910. doi: 10.1039/c9ew00905a.

Kessler, J. O. and Moody, C. D. (1976) ‘Drinking water from sea water by forward osmosis’,
Desalination, 18(3), pp. 297—-306. doi: 10.1016/S0011-9164(00)84119-3.

Kim, B., Gwak, G. and Hong, S. (2017) ‘Review on methodology for determining forward
osmosis (FO) membrane characteristics : Water permeability (A), solute permeability (B),
and structural parameter (S), Desalination. Elsevier, 422, pp. 5-16. doi:
10.1016/j.desal.2017.08.006.

Kim, J., Kim, J., Lim, J. and Hong, S. (2019) ‘Evaluation of ethanol as draw solute for forward
osmosis (FO) process of highly saline (waste) water’, Desalination. Elsevier, 456, pp. 23—
31. doi: 10.1016/j.desal.2019.01.012.

Kim, J. O. and Chung, J. (2014) ‘Implementing chemical precipitation as a pretreatment for
phosphorus removal in membrane bioreactor-based municipal wastewater treatment
plants’, Journal of Civil Engineering, 18(4), pp. 956—963. doi: 10.1007/s12205-014-0070-9.

Kim, Y., Lee, S., Kyong, H. and Hong, S. (2015) ‘Organic fouling mechanisms in forward
osmosis membrane process under elevated feed and draw solution temperatures’,
Desalination. Elsevier B.V., 355, pp. 169-177. doi: 10.1016/j.desal.2014.10.041.

Klaysom, C., Cath, T. Y., Depuydt, T. and Vankelecom, I. F. J. (2013) ‘Forward and pressure
retarded osmosis: potential solutions for global challenges in energy and water supply’,
Chemical Society Reviews, 42(16), p. 6959. doi: 10.1039/c3cs60051c.

Korenak, J., Basu, S., Balakrishnan, M., Hélix-Nielsen, C. and Petrinic, I. (2017) ‘Forward
Osmosis in Wastewater Treatment Processes’, Acta Chimica Slovenica, pp. 83-94. doi:
10.17344/acsi.2016.2852.

Koyuncu, I. (2007) ‘Effect of operating conditions on the separation of ammonium and
nitrate ions with nanofiltration and reverse osmosis membranes’, Journal of Environmental
Science and Health, pp. 1347-1359. doi: 10.1081/ESE-120005991.

147



Kravath, R. E. and Davis, J. A. (1975) ‘Desalination of sea water by direct osmosis’,
Desalination, 16(2), pp. 151-155. doi: 10.1016/S0011-9164(00)82089-5.

Kumar, B., Hai, F. I., Ansari, A. J. and Roddick, F. A. (2019) ‘Mining phosphorus from
anaerobically treated dairy manure by forward osmosis membrane’, Journal of Industrial
and Engineering Chemistry. The Korean Society of Industrial and Engineering Chemistry,
78, pp. 452—-432. doi: 10.1016/}.jiec.2019.05.025.

Kumar, R. and Pal, P. (2015) ‘Assessing the feasibility of N and P recovery by struvite
precipitation from nutrient-rich wastewater: a review’, Environmental Science and Pollution
Research, 22(22), pp. 17453—-17464. doi: 10.1007/s11356-015-5450-2.

Le, N. L. and Nunes, S. P. (2016) ‘Materials and membrane technologies for water and
energy sustainability’, Sustainable Materials and Technologies. Elsevier B.V., 7, pp. 1-28.
doi: 10.1016/j.susmat.2016.02.001.

Lee, J., Boo, C., Elimelech, M. and Hong, S. (2010) ‘Comparison of fouling behavior in
forward osmosis (FO) and reverse osmosis (RO)’, Journal of Membrane Science. Elsevier
B.V., 51(2), p. 141. doi: 10.1016/].memsci.2010.08.036.

Levchenko, S. and Freger, V. (2016) ‘Breaking the Symmetry: Mitigating Scaling in Tertiary
Treatment of Waste Effluents Using a Positively Charged Nandfiltration Membrane’,
Environmental science & technology, 3, pp. 339-343. doi: 10.1021/acs.estlett.6b00283.

Li, J., Ni, Z., Zhou, Z., Hu, Y., Xu, X. and Cheng, L. (2018) ‘Membrane fouling of forward
osmosis in dewatering of soluble algal products : Comparison of TFC and CTA membranes’,
Journal of Membrane Science. Elsevier B.V., 552(February), pp. 213-221. doi:
10.1016/j.memsci.2018.02.006.

Li, X., Cao, Y., Kang, G., Yu, H., Jie, X. and Yuan, Q. (2014) ‘Surface Modification of
Polyamide Nanofiltration Membrane by Grafting Zwitterionic Polymers to Improve the
Antifouling Property’, Applied Polymer Science, 41144, pp. 1-9. doi: 10.1002/app.41144.

Long, Q., Jia, Y., Li, J., Yang, J., Liu, F., Zheng, J. and Yu, B. (2018) ‘Recent Advance on
Draw Solutes Development in Forward Osmosis’, Processes, 6(9), p. 165. doi:
10.3390/pr6090165.

Lotfi, F., Samali, B. and Hagare, D. (2018) ‘The Factors Affecting the Performance of the
FO-RO Hybrid System’, CSEE, pp. 1-8. doi: 10.11159/awspt18.114.

Lu, D., Liu, Q., Zhao, Y., Liu, H. and Ma, J. (2018) ‘Treatment and energy utilization of oily

148



water via integrated ultrafiltration-forward osmosis—membrane distillation (UF-FO-MD)
system’, Journal of Membrane Science. Elsevier B.V., 548(November 2017), pp. 275-287.
doi: 10.1016/j.memsci.2017.11.004.

Lu, X., Boo, C., Ma, J. and Elimelech, M. (2014) ‘Bidirectional diffusion of ammonium and
sodium cations in forward osmosis: Role of membrane active layer surface chemistry and
charge’, Environmental Science and Technology, 48, pp. 14369-14376. doi:
10.1021/es504162v.

Lutchmiah, K., Verliefde, A. R. D., Roest, K., Rietveld, L. C. and Cornelissen, E. R. (2014)
‘Forward osmosis for application in wastewater treatment: A review’, Water Research.
Elsevier Ltd, 58, pp. 179-197. doi: 10.1016/j.watres.2014.03.045.

Mahdi, M., Shirazi, A., Kargari, A. and Tabatabaei, M. (2014a) ‘Evaluation of commercial
PTFE membranes in desalination by direct contact membrane distillation’, Chemical
Engineering & Processing: Process Intensification. Elsevier B.V., 76, pp. 16-25. doi:
10.1016/j.cep.2013.11.010.

Mahdi, M., Shirazi, A., Kargari, A., Tabatabaei, M., Fauzi, A. and Matsuura, T. (2014b)
‘Concentration of glycerol from dilute glycerol wastewater using sweeping gas membrane
distillation’, Chemical Engineering & Processing: Process Intensification. Elsevier B.V., 78,
pp. 58—66. doi: 10.1016/j.cep.2014.02.002.

Majeed, T., Phuntsho, S., Chekli, L., Lee, S. H., Kim, K. and Shon, H. K. (2016a) ‘Role of
various physical and chemical techniques for hollow fibre forward osmosis membrane
cleaning’, Desalination and Water Treatment, 57(17), pp. 7742-7752. doi:
10.1080/19443994.2015.1080631.

Majeed, T., Phuntsho, S., Jeong, S., Zhao, Y., Gao, B. and Shon, H. K. (2016b)
‘Understanding the risk of scaling and fouling in hollow fiber forward osmosis membrane
application’, Process Safety and Environmental Protection. Institution of Chemical
Engineers, 104, pp. 452—-464. doi: 10.1016/j.psep.2016.06.023.

Mamisaheby, S. M., Phuntsho, S. P., Shon, H. S., Loffi, F. L. and Kim, J. K. (2012) ‘Factors
affecting the performances of forward osmosis desalination process’, Procedia Engineering,
44, pp. 1449-1451. doi: 10.1016/j.proeng.2012.08.823.

Manyumba, F., Wood, E. and Horan, N. (2009) ‘Meeting the phosphorus consent with
biological nutrient removal under UK winter conditions’, Water and Environment Journal,
23(2), pp- 83-90. doi: 10.1111/j.1747-6593.2008.00110.x.

149



Matin, A., Laoui, T., Falath, W. and Farooque, M. (2021) ‘Fouling control in reverse osmosis
for water desalination & reuse: Current practices & emerging environment-friendly
technologies’, Science of the Total Environment. Elsevier B.V., 765, p. 142721. doi:
10.1016/j.scitotenv.2020.142721.

Mayer, B. K., Baker, L. A., Boyer, T. H., Drechsel, P., Gifford, M., Hanjra, M. A,,
Parameswaran, P., Stoltzfus, J., Westerhoff, P. and Rittmann, B. E. (2016) ‘Total Value of
Phosphorus Recovery’, Environmental Science and Technology, 50(13), pp. 6606—6620.
doi: 10.1021/acs.est.6b01239.

Mehta, C. M., Khunjar, W. O., Nguyen, V., Tait, S. and Batstone, D. J. (2015) ‘Technologies
to recover nutrients from waste streams: A critical review’, Critical Reviews in Environmental
Science and Technology, 45(4), pp. 385-427. doi: 10.1080/10643389.2013.866621.

Melia, P. M., Cundy, A. B., Sohi, S. P., Hooda, P. S. and Busquets, R. (2017) ‘Trends in the
recovery of phosphorus in bioavailable forms from wastewater’, Chemosphere. Elsevier Ltd,
186, pp. 381-395. doi: 10.1016/j.chemosphere.2017.07.089.

Metcalf and Eddy (2008) Water Reuse Issues, Technologies, and Applications, Metcalf &
Eddy |. United States of America: McGraw-Hill Professional Publishing.

Mi, B. and Elimelech, M. (2010) ‘Organic fouling of forward osmosis membranes: Fouling
reversibility and cleaning without chemical reagents’, Journal of Membrane Science, 348,
pp. 337-345. doi: 10.1016/j.memsci.2009.11.021.

Miller, D. G., Rard, J. A., Eppstein, L. B. and Albright, J. G. (1984) ‘Mutual Diffusion
Coefficients and lonic Transport Coefficients ljj of MgCl2-H20 at 25 °C’, pp. 5739-5748.
doi: 10.1021/j150667a056.

Minier-Matar, J., Santos, A., Hussain, A., Janson, A., Wang, R., Fane, A. G. and Adham, S.
(2016) ‘Application of Hollow Fiber Forward Osmosis Membranes for Produced and
Process Water Volume Reduction: An Osmotic Concentration Process’, Environmental
Science and Technology, 50(11), pp. 6044—6052. doi: 10.1021/acs.est.5b04801.

Mo, W. and Zhang, Q. (2013) ‘Energy e nutrients e water nexus: Integrated resource
recovery in municipal wastewater treatment plants’, Journal of Environmental Management.
Elsevier Ltd, 127, pp. 255-267. doi: 10.1016/j.jenvman.2013.05.007.

Muna, N., Marchetti, P., Maples, H. A, Gu, B., Karan, S., Bismarck, A. and Livingston, A.
G. (2016) ‘Organic fouling behaviour of structurally and chemically different forward osmosis

membranes — A study of cellulose triacetate and thin fi Im composite membranes’, Journal

150



of Membrane Science. Elsevier, 520, pp. 247-261. doi: 10.1016/j.memsci.2016.07.065.
Muzhingi, A. (2016) Forward osmosis of stored urine. University of KwaZulu Natal.

Nakhla, G., Xu, Z., Gohil, A., Lugowski, A. and Hung, Y.-T. (2010) ‘Biological Wastewater
Treatment of Nutrient-Deficient Tomato-Processing and Bean-Processing Wastewater’,
Environmental Bioengineering: Volume 11. Edited by L. K. Wang, J.-H. Tay, S. T. L. Tay,
and Y.-T. Hung. Totowa, NJ: Humana Press, pp. 629—684. doi: 10.1007/978-1-60327-031-
1 18.

Nancharaiah, Y. V., Venkata Mohan, S. and Lens, P. N. L. (2016) ‘Recent advances in
nutrient removal and recovery in biological and bioelectrochemical systems’, Bioresource
Technology. Elsevier Ltd, 215, pp. 173-185. doi: 10.1016/j.biortech.2016.03.129.

Nascimento, T. A., Fdz-polanco, F., Pefia, M., Nascimento, T. A., Fdz-polanco, F. and
Pena, M. (2018) ‘Membrane-Based Technologies for the Up- Concentration of Municipal
Wastewater: A Review of Pretreatment Intensification’, Separation & Purification Reviews.
Taylor & Francis, pp. 1-19. doi: 10.1080/15422119.2018.1481089.

Ng, H. Y. and Tang, W. (2006) ‘Forward (direct) osmosis: a novel and prospective process

for brince control’, Water Environment Foundation, pp. 4345-4352.

Nguyen, N. C., Chen, S. S., Jain, S., Nguyen, H. T., Ray, S. S., Ngo, H. H., Guo, W., Lam,
N. T. and Duong, H. C. (2018) ‘Exploration of an innovative draw solution for a forward
osmosis-membrane distillation desalination process’, Environmental Science and Pollution
Research. Environmental Science and Pollution Research, 25(6), pp. 5203-5211. doi:
10.1007/s11356-017-9192-1.

Nguyen, N. C., Nguyen, H. T., Chen, S. S., Ngo, H. H., Guo, W., Chan, W. H., Ray, S. S,
Li, C. W. and Hsu, H. Te (2016) ‘A novel osmosis membrane bioreactor-membrane
distillation hybrid system for wastewater treatment and reuse’, Bioresource Technology.
Elsevier Ltd, 209, pp. 8-15. doi: 10.1016/j.biortech.2016.02.102.

Nguyen, T. T., Kook, S., Lee, C., Field, R. W. and Kim, I. S. (2019) ‘Critical flux-based
membrane fouling control of forward osmosis: Behavior, sustainability, and reversibility’,
Journal of Membrane Science. Elsevier B.V., 570-571(October 2018), pp. 380-393. doi:
10.1016/j.memsci.2018.10.062.

Nicoll, P. G. (2013) ‘Forward Osmosis — a Brief Introduction’, IDA World Congress on

Desalination and Water Reuse, pp. 1-27.

151



Ordofiez, R., Hermosilla, D., Merayo, N., Gasco, A., Negro, C. and Blanco, A. (2014)
‘Application of multi-barrier membrane filtration technologies to reclaim municipal
wastewater for industrial use’, Separation and Purification Reviews, 43(4), pp. 263-310.
doi: 10.1080/15422119.2012.758638.

Ortega-bravo, J. C., Ruiz-filippi, G., Donoso-bravo, A., Reyes-caniupan, |. E. and Jeison,
D. (2016) ‘Forward osmosis: Evaluation thin-film-composite membrane for municipal
sewage concentration’, Chemical Engineering Journal. Elsevier B.V., 306, pp. 531-537.
doi: 10.1016/j.cej.2016.07.085.

Padmanaban, V. C., Samal, A. K. and Hawari, A. H. (2020) ‘Organic Fouling in Forward
Osmosis : A Comprehensive Review’, Water, 12, pp. 1-25. doi: doi:10.3390/w12051505.

Panagopoulos, A. (2021) ‘Energetic, economic and environmental assessment of zero
liquid discharge (ZLD) brackish water and seawater desalination systems’, Energy
Conversion and Management. Elsevier Ltd, 235, p. 113957. doi:
10.1016/j.enconman.2021.113957.

Parveen, F. (2018) Development of Lab-scale Forward Osmosis Membrane Bioreactor (FO-
MBR) with Draw Solute Regeneration for Wastewater Treatment. University of Oxford.

Parveen, F. and Hankins, N. (2019) ‘Comparative performance of nancfiltration and forward
osmosis membranes in a lab-scale forward osmosis membrane bioreactor’, Journal of
Water Process Engineering. Elsevier, 28, pp. 1-9. doi: 10.1016/j.jwpe.2018.12.003.

Pelaz-Pérez, L. (2016) Nitrogen removal in domestic wastewater after anaerobic treatment.

Universidada de Valladolid.

Perry, M. (2014) Membrane fouling in reverse osmosis and forward osmaosis processes,
Forwardosmosistech. Available at: https://www.forwardosmosistech.com/membrane-

fouling-in-forward-osmosis-processes-fo-is-reversible/ (Accessed: 20 November 2021).

Petrotos, K. B., Quantick, P. C. and Petropakis, H. (1999) ‘Direct osmotic concentration of
tomato juice in tubular membrane - Module configuration. Il. The effect of using clarified
tomato juice on the process performance’, Journal of Membrane Science, 160(2), pp. 171—
177. doi: 10.1016/S0376-7388(99)00072-1.

Phang, S. and Stokes, R. H. (1980) ‘Density , Viscosity , Conductance , and Transference
Number of Concentrated Aqueous Magnesium Chloride at 25 °C’, Journal of Solution
Chemistry, 9(7), pp. 497-505.

152



Phuntsho, S., Hong, S., Elimelech, M. and Shon, H. K. (2014) ‘Osmotic equilibrium in the
forward osmosis process: Modelling, experiments and implications for process
performance’, Journal of Membrane Science. Elsevier, 453, pp. 240-252. doi:
10.1016/j.memsci.2013.11.009.

Phuntsho, S., Vigneswaran, S., Kandasamy, J., Hong, S., Lee, S. and Shon, H. K. (2012)
‘Influence of temperature and temperature difference in the performance of forward osmosis
desalination process’, Journal of Membrane Science. Elsevier, 415-416, pp. 734—744. doi:
10.1016/j.memsci.2012.05.065.

Popa, P., Timofti, M., Voiculescu, M., Dragan, S., Trif, C. and Georgescu, L. P. (2012) ‘Study
of Physico-Chemical Characteristics of Wastewater in an Urban Agglomeration in
Romania’, The ScientificWorld Journal, pp. 1-10. doi: 10.1100/2012/549028.

Pramanik, B. K., Shu, L., Jegatheesan, V. and Bhuiyan, M. A. (2019) ‘Effect of the
coagulation / persulfate pre-treatment to mitigate organic fouling in the forward osmosis of
municipal wastewater treatment’, Journal of Environmental Management. Elsevier, 249, p.
109394. doi: 10.1016/j.jenvman.2019.109394.

PUB (2013) Towards Energy Self-Sufficient Water Reclamation Plants.

Qiu, G., Law, Y. M,, Das, S. and Ting, Y. P. (2015) ‘Direct and complete phosphorus
recovery from municipal wastewater using a hybrid microfiltration-forward osmosis
membrane bioreactor process with seawater brine as draw solution’, Environmental
Science and Technology, 49(10), pp. 6156-6163. doi: 10.1021/es504554f.

Ramasahayam, S. K., Guzman, L., Gunawan, G. and Viswanathan, T. (2014) ‘A
comprehensive review of phosphorus removal technologies and processes’, Journal of
Macromolecular Science, Part A: Pure and Applied Chemistry, 51(6), pp. 538-545. doi:
10.1080/10601325.2014.906271.

Ray, H., Perreault, F. and Boyer, T. H. (2020) ‘Ammonia Recovery from Hydrolyzed Human
Urine by Forward Osmosis with Acidified Draw Solution’, Environmental science &
technology, 54, pp. 11556-11565. doi: 10.1021/acs.est.0c02751.

Ray, S. S., Chen, S. S., Sangeetha, D., Chang, H. M., Thanh, C. N. D., Le, Q. H. and Ku,
H. M. (2018) ‘Developments in forward osmosis and membrane distillation for desalination
of waters’, Environmental Chemistry Letters. Springer International Publishing,
(0123456789), pp. 1-19. doi: 10.1007/s10311-018-0750-7.

Rood, B., Zhang, C., Inniss, E. and Hu, Z. (2020) ‘Forward osmosis with an algal draw

153



solution to concentrate municipal wastewater and recover resources’, Water Environment
Foundation, 92, pp. 689-697. doi: 10.1002/wer.1262.

Salva, R., Meins, J. Le, Sandre, O., Bridlet, A. and Schmutz, M. (2013) ‘Polymersomes
Shape Transformation at the Nanoscale’, American Chemical Society, 7, pp. 9298-9311.
doi: http://pubs.acs.org/doi/abs/10.1021/nn4039589.

Sartorius, C., von Horn, J. and Tettenborn, F. (2012) ‘Phosphorus Recovery from
Wastewater-Expert Survey on Present Use and Future Potential’, Water Environment
Research, 84(4), pp. 313—-322. doi: 10.2175/106143012x13347678384440.

Shen, L., Zhang, X., Zuo, J. and Wang, Y. (2017) ‘Performance enhancement of TFC FO
membranes with polyethyleneimine modification and post-treatment’, Journal of Membrane
Science. Elsevier B.V., 534, pp. 46-58. doi: 10.1016/j.memsci.2017.04.008.

Shirazi, M. M. A. and Kargari, A. (2015) ‘A Review on Applications of Membrane Distillation
(MD) Process for Wastewater Treatment’, Journal of Membrane Science and Research, 1,
pp. 101-112.

Shon, H. K., Chekli, L., Phuntsho, S., Kim, J. and Cho, J. (2015) Draw Solutes in Forward
Osmosis Processes, Forward Osmosis: Fundamentals and Applications. doi:
10.1061/9780784414071.ch05.

Siddiqui, F. A., She, Q., Fane, A. G. and Field, R. W. (2018) ‘Exploring the differences
between forward osmosis and reverse osmosis fouling’, Journal of Membrane Science.
Elsevier B.V., 565(August), pp. 241-253. doi: 10.1016/j.memsci.2018.08.034.

Soler-cabezas, J. L., Mendoza-roca, J. A., Vincent-vela, M. C. and Lujan-facundo, M. J.
(2018) ‘Simultaneous concentration of nutrients from anaerobically digested sludge
centrate and pre-treatment of industrial effluents by forward osmosis’, Separation and
Purification  Technology. Elsevier, 193(October 2017), pp. 289-296. doi:
10.1016/j.seppur.2017.10.058.

Song, X., Liu, L., Bing, W., Pan, J., Qi, S., Tang, C. Y. and Gao, C. (2018) ‘Porous forward
osmosis membranes for polishing biologically treated wastewater: Condition optimization
and draw solution recovery’, Bioresource Technology. Elsevier, 263, pp. 192-198. doi:
https://doi.org/10.1016/j.biortech.2018.05.003.

Song, Y., Hahn, H. H. and Hoffmann, E. (2002) ‘Effects of solution conditions on the
precipitation of phosphate for recovery A thermodynamic evaluation’, Chemosphere, 48,
pp. 1029-1034.

154



Sreedhar, |., Khaitan, S., Gupta, R., Reddy, B. M. and Venugopal, A. (2018) ‘An odyssey of
process and engineering trends in forward osmosis’. Royal Society of Chemistry, pp. 129—
168. doi: 10.1039/c7ew00507e.

Stillwell, A. S., Hoppock, D. C. and Webber, M. E. (2010) ‘Energy recovery from wastewater
treatment plants in the United States: A case study of the energy-water nexus’,
Sustainability, 2(4), pp. 945-962. doi: 10.3390/su2040945.

Su, J., Chung, T. S., Helmer, B. J. and de Wit, J. S. (2012) ‘Enhanced double-skinned FO
membranes with inner dense layer for wastewater treatment and macromolecule recycle
using Sucrose as draw solute’, Journal of Membrane Science. Elsevier B.V., 396, pp. 92—
100. doi: 10.1016/j.memsci.2012.01.001.

Sun, Y., Tian, J., Zhao, Z., Shi, W., Liu, D. and Cui, F. (2016) ‘Membrane fouling of forward
osmosis (FO) membrane for municipal wastewater treatment: A comparison between direct
FO and OMBR’, Water Research. Elsevier Ltd, 104, pp. 330-339. doi:
10.1016/j.watres.2016.08.039.

Suzaimi, N. D., Goh, P. S., Ismail, A. F., Mamah, S. C., Ahmad, N., Nik, N., Lim, J. W.,
Wong, K. C. and Hilal, N. (2019) ‘Strategies in Forward Osmosis Membrane Substrate
Fabrication and Modification: A Review, Membranes, 10, pp. 1-42. doi
doi:10.3390/membranes10110332.

Swaminathan, J. and Lienhard, J. H. (2018) ‘Design and operation of membrane distillation
with feed recirculation for high recovery brine concentration’, Desalination. Elsevier,
445(August), pp. 51-62. doi: 10.1016/j.desal.2018.07.018.

Tarayre, C., De Clercq, L., Charlier, R., Michels, E., Meers, E., Camargo-Valero, M. and
Delvigne, F. (2016) ‘New perspectives for the design of sustainable bioprocesses for
phosphorus recovery from waste’, Bioresource Technology, 206, pp. 264-274. doi:
10.1016/j.biortech.2016.01.091.

Theobald, H. E. (2005) ‘Dietary calcium and health’, Nutrition Bulletin. Nutrition Bulletin, 3,
pp. 237-277.

Tiraferri, A., Yip, N. Y., Phillip, W. A., Schiffman, J. D. and Elimelech, M. (2011) ‘Relating
performance of thin-film composite forward osmosis membranes to support layer formation
and structure’, Journal of Membrane Science. Elsevier B.V., 367(1-2), pp. 340-352. doi:
10.1016/j.memsci.2010.11.014.

Tran, A. T. K., Zhang, Y., De Corte, D., Hannes, J. B., Ye, W., Mondal, P., Jullok, N.,

155



Meesschaert, B., Pinoy, L. and Van Der Bruggen, B. (2014) ‘P-recovery as calcium
phosphate from wastewater using an integrated selectrodialysis/crystallization process’,
Journal of Cleaner Production. Elsevier Ltd, 77, pp. 140-151. doi:
10.1016/j.jclepro.2014.01.069.

Trung, N. Q., Van Nhan, L., Thao, P. T. P. and Giang, L. T. (2017) ‘Novel draw solutes of
iron complexes easier recovery in forward osmosis process’, Journal of Water Reuse and
Desalination, (September), p. jwrd2017150. doi: 10.2166/wrd.2017.150.

Valladares Linares, R., Li, Z., Abu-Ghdaib, M., Wei, C. H., Amy, G. and Vrouwenvelder, J.
S. (2013) ‘Water harvesting from municipal wastewater via osmotic gradient: An evaluation
of process performance’, Journal of Membrane Science. Elsevier, 447, pp. 50-56. doi:
10.1016/j.memsci.2013.07.018.

Valladares Linares, R., Li, Z., Yangali-Quintanilla, V., Ghaffour, N., Amy, G., Leiknes, T. and
Vrouwenvelder, J. S. (2016) ‘Life cycle cost of a hybrid forward osmosis - low pressure
reverse osmosis system for seawater desalination and wastewater recovery’, Water
Research, 88(January 2016), pp. 225-234. doi: 10.1016/j.watres.2015.10.017.

Vaneeckhaute, C., Lebuf, V., Michels, E., Belia, E., Vanrolleghem, P. A., Tack, F. M. G. and
Meers, E. (2017) ‘Nutrient Recovery from Digestate: Systematic Technology Review and
Product Classification’, Waste and Biomass Valorization, 8(1), pp. 21-40. doi:
10.1007/s12649-016-9642-X.

Verstraete, W., Van de Caveye, P. and Diamantis, V. (2009) ‘Maximum use of resources
present in domestic “used water”, Bioresource Technology. Elsevier Ltd, 100(23), pp.
5537-5545. doi: 10.1016/j.biortech.2009.05.047.

Verstraete, W. and Vlaeminck, S. E. (2011) ‘ZeroWasteWater: Short-cycling of wastewater
resources for sustainable cities of the future’, International Journal of Sustainable
Development and World Ecology, 18(3), pp. 253-264. doi:
10.1080/13504509.2011.570804.

Volpin, F., Fons, E., Chekli, L., Kim, J. E., Jang, A. and Shon, H. K. (2018) ‘Hybrid forward
osmosis-reverse osmosis for wastewater reuse and seawater desalination: Understanding
the optimal feed solution to minimise fouling’, Process Safety and Environmental Protection.
Institution of Chemical Engineers, 117, pp. 523-532. doi: 10.1016/j.psep.2018.05.006.

Voorthuizen, E. M. Van, Zwijnenburg, A. and A, M. W. (2005) ‘Nutrient removal by NF and
RO membranes in a decentralized sanitation system’, Water Research, 39, pp. 3657-3667.

156



doi: 10.1016/j.watres.2005.06.005.

Vu, M. T., Price, W. E., He, T., Zhang, X. and Nghiem, L. D. (2019) ‘Seawater-driven forward
osmosis for pre-concentrating nutrients in digested sludge centrate’, Journal of
Environmental Management. Elsevier, 247(May), pp. 135-139. doi:
10.1016/j.jenvman.2019.06.082.

Wang Y, Filicia W, Y, C. and G, A. (2010) ‘Direct Microscopic Observation of Forward
Osmosis Membrane Fouling’, Environ. Sci. Technol., 44(18), pp. 7102-7109. doi:
https://doi.org/10.1021/es101966m.

Wang, C., Li, Y. and Wang, Y. (2019) ‘Treatment of greywater by forward osmosis
technology : role of the operating temperature’, Environmental Technology. Taylor &
Francis, pp. 3434-3443. doi: 10.1080/09593330.2018.1476595.

Wang, D., Zhang, J., Li, J., Wang, W., Shon, H. K., Huang, H., Zhao, Y. and Wang, Z. (2022)
‘Inorganic scaling in the treatment of shale gas wastewater by fertilizer drawn forward
osmosis process’, Desalination. Elsevier B.V., 521(August 2021), p. 115396. doi:
10.1016/j.desal.2021.115396.

Wang, H. (2018) ‘Low-energy desalination’, News & views, pp. 273-274.

Wang, J. and Liu, X. (2021) ‘Forward osmosis technology for water treatment: Recent
advances and future perspectives’, Journal of Cleaner Production. Elsevier Ltd, 280, p.
124354. doi: 10.1016/j.jclepro.2020.124354.

Wang, K. Y., Teoh, M. M., Nugroho, A. and Chung, T. S. (2011) ‘Integrated forward
osmosis-membrane distillation (FO-MD) hybrid system for the concentration of protein
solutions’, Chemical Engineering Science. Elsevier, 66(11), pp. 2421-2430. doi:
10.1016/j.ces.2011.03.001.

Wang, W., Zhang, Y., Esparra-Alvarado, M., Wang, X., Yang, H. and Xie, Y. (2014) ‘Effects
of pH and temperature on forward osmosis membrane flux using rainwater as the makeup
for cooling water dilution’, Desalination. Elsevier B.V., 351, pp. 70-76. doi:
10.1016/j.desal.2014.07.025.

Wang, X., Yuan, B. and Li, X. (2015a) ‘Impacts of Calcium on the Forward Osmosis
Membrane Fouling in Osmotic Membrane Bioreactors Treating Municipal Wastewater’,

Current Environmental Engineering, pp. 1-7.

Wang, Z., Tang, J., Zhu, C., Dong, Y., Wang, Q. and Wu, Z. (2015b) ‘Chemical cleaning

157



protocols for thin film composite ( TFC ) polyamide forward osmosis membranes used for
municipal wastewater treatment’, Journal of Membrane Science. Elsevier, 475, pp. 184—
192. doi: 10.1016/j.memsci.2014.10.032.

Wang, Z., Zheng, J., Tang, J., Wang, X. and Wu, Z. (2016) ‘A pilot-scale forward osmosis
membrane system for concentrating low-strength municipal wastewater: Performance and
implications’, Scientific Reports. Nature Publishing Group, 6(November 2015), pp. 1-11.
doi: 10.1038/srep21653.

Wu, S., An, Y., Lu, J.,, Yu, Q. and He, Z. (2022) ‘EDTA-NaZ2 as a recoverable draw solute
for water extraction in forward osmosis’, Environmental Research. Elsevier Inc., p. 112521.
doi: 10.1016/j.envres.2021.112521.

Xiao, T., Dou, P., Wang, J., Song, J., Wang, Y., Li, X. and He, T. (2018) ‘Concentrating
greywater using hollow fiber thin film composite forward osmosis membranes : Fouling and
process optimization’, Chemical Engineering Science. Elsevier Ltd, 190, pp. 140-148. doi:
10.1016/j.ces.2018.06.028.

Xie, M. (2015) ‘Osmotic dilution for sustainable greenwall irrigation by liquid fertilizer:
Performance and implications’, Journal of Membrane Science, 494, pp. 32-38. doi:
https://doi.org/10.1016/j.memsci.2015.07.026.

Xie, M., Nghiem, L. D., Price, W. E. and Elimelech, M. (2012) ‘Comparison of the removal
of hydrophobic trace organic contaminants by forward osmosis and reverse osmosis’, Water
Research. Elsevier Ltd, 46(8), pp. 2683—2692. doi: 10.1016/j.watres.2012.02.023.

Xie, M., Nghiem, L. D., Price, W. E. and Elimelech, M. (2013a) ‘A Forward Osmosis -
Membrane Distillation Hybrid Process for Direct Sewer Mining: System Performance and
Limitations’, Environmental science & technology, 47, p. 13486-13493. doi:
10.1021/es404056e.

Xie, M., Nghiem, L. D., Price, W. E. and Elimelech, M. (2013b) ‘Relating rejection of trace
organic contaminants to membrane properties in forward osmosis: Measurements ,
modelling and implications’, Water Research. Elsevier Ltd, 49, pp. 265-274. doi:
10.1016/j.watres.2013.11.031.

Xie, M., Nghiem, L. D., Price, W. E. and Elimelech, M. (2014) ‘Toward Resource Recovery
from Wastewater: Extraction of Phosphorus from Digested Sludge Using a Hybrid Forward
Osmosis-Membrane Distillation Process’, Environmental Science and Technology Letters,
1, pp. 191-195. doi: 10.1021/ez400189z.

158



Xie, M., Price, W. E., Nghiem, L. D. and Elimelech, M. (2013) ‘Effects of feed and draw
solution temperature and transmembrane temperature difference on the rejection of trace
organic contaminants by forward osmosis’, Journal of Membrane Science. Elsevier, 438,
pp. 57—64. doi: 10.1016/j.memsci.2013.03.031.

Xu, W., Chen, Q. and Ge, Q. (2017) ‘Recent advances in forward osmosis ( FO) membrane :
Chemical modifications on membranes for FO processes’, Desalination, 419, pp. 101-116.
doi: 10.1016/j.desal.2017.06.007.

Xu, Y., Peng, X., Tang, C. Y., Fu, Q. S. and Nie, S. (2010) ‘Effect of draw solution
concentration and operating conditions on forward osmosis and pressure retarded osmosis
performance in a spiral wound module’, Journal of Membrane Science, 348(1-2), pp. 298—
309. doi: 10.1016/j.memsci.2009.11.013.

Xue, W., Tobino, T., Nakajima, F. and Yamamoto, K. (2015) ‘Seawater-driven forward
osmosis for enriching nitrogen and phosphorous in treated municipal wastewater: Effect of
membrane properties and feed solution chemistry’, Water Research. Elsevier Ltd, 69, pp.
120-130. doi: 10.1016/j.watres.2014.11.007.

Xue, W., Yamamoto, K. and Tobino, T. (2016) ‘Membrane fouling and long-term
performance of seawater-driven forward osmosis for enrichment of nutrients in treated
municipal wastewater’, Journal of Membrane Science. Elsevier, 499, pp. 555-562. doi:
10.1016/j.memsci.2015.11.009.

Yaeli (1992) ‘Method and apparatus for processing liquid solutions of suspensions
particularly useful in the desalination of saline water’, United States Patent, US00509857.

Yang, S., Gao, B., Jang, A. and Yue, Q. (2019) ‘Municipal wastewater treatment by forward
osmosis using seawater concentrate as draw solution’, Chemosphere. Elsevier Ltd, 237, p.
124485. doi: 10.1016/j.chemosphere.2019.124485.

Yasukawa, M., Tanaka, Y., Takahashi, T., Shibuya, M., Mishima, S. and Matsuyama, H.
(2015) ‘Effect of Molecular Weight of Draw Solute on Water Permeation in Forward Osmosis
Process’, Industrial & Engineering Chemistry Research, 54, p. 8239-8246. doi:
10.1021/acs.iecr.5b01960.

Ye, Y., Ngo, H. H., Guo, W., Liu, Y., Li, J., Liu, Y., Zhang, X. and Jia, H. (2017) ‘Insight into
chemical phosphate recovery from municipal wastewater’, Science of the Total
Environment. Elsevier B.V., 576, pp. 159-171. doi: 10.1016/j.scitotenv.2016.10.078.

Yee, D., Ng, F., Wu, B., Chen, Y., Dong, Z. and Wang, R. (2019) ‘A novel thin film composite

159



hollow fiber osmotic membrane with one-step prepared dual-layer substrate for sludge
thickening’, Journal of Membrane Science. Elsevier B.V., 575(December 2018), pp. 98-
108. doi: 10.1016/j.memsci.2019.01.007.

Yong, J. S., Phillip, W. A. and Elimelech, M. (2012) ‘Reverse Permeation of Weak
Electrolyte Draw Solutes in Forward Osmosis’, Industrial & Engineering Chemistry
Research, 51, p. 13463-13472. doi: dx.doi.org/10.1021/ie3016494.

Yu, Y, Lee, S. and Maeng, S. K. (2017) ‘Forward osmosis membrane fouling and cleaning
for wastewater reuse’, Journal of Water Reuse and Desalination, pp. 111-120. doi:
10.2166/wrd.2016.023.

Yuan, H., Abu-Reesh, I. M. and He, Z. (2015) ‘Enhancing desalination and wastewater
treatment by coupling microbial desalination cells with forward osmosis’, Chemical
Engineering Journal. Elsevier B.V., 270, pp. 437-443. doi: 10.1016/j.ce}.2015.02.059.

Yuan, Z., Pratt, S. and Batstone, D. J. (2012) ‘Phosphorus recovery from wastewater
through microbial processes’, Current Opinion in Biotechnology. Elsevier Ltd, 23(6), pp.
878-883. doi: 10.1016/j.copbio.2012.08.001.

Zaragoza, G., Andrés-Mafias, J. A. and Ruiz-Aguirre, A. (2018) ‘Commercial scale
membrane distillation for solar desalination’, npj Clean Water. Springer US, 1(1), pp. 1-6.
doi: 10.1038/s41545-018-0020-z.

Zarebska-Mglgaard, A., Li, K., Niedzielska, A., Schneider, C., Yangali-Quintanilla, V.,
Tsapekos, P., Angelidaki, I., Wang, J. and Helix-Nielsen, C. (2021) ‘Techno-economic
assessment of a hybrid forward osmosis and membrane distillation system for agricultural
water recovery’, Separation and Purification Technology, 283(August 2021), p. 120196. doi:
10.1016/j.seppur.2021.120196.

Zhang, H., Liu, M., Sun, D., Li, B. and Li, P. (2016) ‘Evaluation of commercial PTFE
membranes for desalination of brine water through vacuum membrane distillation’,
Chemical Engineering & Processing: Process Intensification. Elsevier B.V., 110, pp. 52—-63.
doi: 10.1016/j.cep.2016.09.023.

Zhang, J., Lay, W., Loong, C., Chou, S., Tang, C., Wang, R. and Gordon, A. (2012)
‘Membrane biofouling and scaling in forward osmosis membrane bioreactor’, Journal of
Membrane Science. Elsevier B.V., 403-404, pp. 8-14. doi: 10.1016/j.memsci.2012.01.032.

Zhang, J., Li, J. and Gray, S. (2011) ‘Effect of applied pressure on performance of PTFE
membrane in DCMD’, Journal of Membrane Science. Elsevier B.V., 369(1-2), pp. 514-525.

160



doi: 10.1016/j.memsci.2010.12.033.

Zhang, S., Wang, P., Fu, X. and Chung, T. S. (2014a) ‘Sustainable water recovery from oily
wastewater via forward osmosis-membrane distillation (FO-MD)’, Water Research. Elsevier
Ltd, 52, pp. 112-121. doi: 10.1016/j.watres.2013.12.044.

Zhang, X., Ning, Z., Wang, D. K. and Diniz da Costa, J. C. (2014b) ‘Processing municipal
wastewaters by forward osmosis using CTA membrane’, Journal of Membrane Science.
Elsevier, 468, pp. 269-275. doi: 10.1016/j.memsci.2014.06.016.

Zhao, H., Fedkin, M. V, Dilmore, R. M. and Lvov, S. N. (2015) ‘Carbon dioxide solubility in
aqueous solutions of sodium chloride at geological conditions: Experimental results at’,
Geochimica et Cosmochimica Acta. Elsevier Ltd, 149, pp. 165-189. doi:
10.1016/j.gca.2014.11.004.

Zhao, L., Liu, Z., Soyekwo, F., Liu, C., Hu, Y. and Niu, Q. J. (2022) ‘Exploring the feasibility
of novel double-skinned forward osmosis membranes with higher flux and superior anti-
fouling properties for sludge thickening’, Desalination. Elsevier B.V., 523(June 2021), p.
115410. doi: 10.1016/j.desal.2021.115410.

Zhao, S. and Zou, L. (2011) ‘Effects of working temperature on separation performance ,
membrane scaling and cleaning in forward osmosis desalination’, Desalination. Elsevier
B.V., 278(1-3), pp. 157-164. doi: 10.1016/j.desal.2011.05.018.

Zhao, S., Zou, L., Tang, C. Y. and Mulcahy, D. (2012) ‘Recent developments in forward
osmosis: Opportunities and challenges’, Journal of Membrane Science. Elsevier B.V., 396,
pp. 1-21. doi: 10.1016/j.memsci.2011.12.023.

Zheng, L., Price, W. E., Mcdonald, J., Khan, S. J., Fujioka, T. and Nghiem, L. D. (2019)
‘New insights into the relationship between draw solution chemistry and trace organic
rejection by forward osmosis’, Journal of Membrane Science. Elsevier B.V., 587(April), p.
117184. doi: 10.1016/j.memsci.2019.117184.

Zheng, Y., Huang, M. H., Chen, L., Zheng, W., Xie, P. ke and Xu, Q. (2015) ‘Comparison
of tetracycline rejection in reclaimed water by three kinds of forward osmosis membranes’,
Desalination, 359, pp. 113-122. doi: 10.1016/j.desal.2014.12.009.

Zhu, L., Ding, C., Zhu, T. and Wang, Y. (2021) ‘A review on the forward osmosis applications
and fouling control strategies for wastewater treatment’, Frontiers of Chemical Science and
Engineering. doi: 10.1007/s11705-021-2084-4.

161



Zohrabian, L., Hankins, N. P. and Field, R. W. (2020) ‘Hybrid forward osmosis-membrane
distillation system: Demonstration of technical feasibility’, Journal of Water Process
Engineering. Elsevier, 33, p. 101042. doi: 10.1016/j.jwpe.2019.101042.

Zou, S., Gu, Y., Xiao, D. and Tang, C. Y. (2011) ‘The role of physical and chemical
parameters on forward osmosis membrane fouling during algae separation’, Journal of
Membrane Science. Elsevier B.V,, 366(1-2), pp. 356—-362. doi:
10.1016/j.memsci.2010.10.030.

162





