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A B S T R A C T   

Chemical looping is investigated for the production of syngas via reforming or reverse water gas shift in a packed 
bed reactor using 500 g of Fe on Al2O3 was demonstrated. Oxidation, reduction of the OC and subsequent 
catalytic reactions of reforming or reverse water gas shift were examined in a temperature range of 600–900 ◦C 
and a pressure range of 1–3 bara at high flowrate. Different inlet gas compositions were explored for the 
considered gas–solid and catalytic reaction stages. Oxidation with air successfully heated the reactor. CH4 
resulted ineffective at reducing the Fe-based oxygen carrier while H2 and CO-rich stream were able to achieve 
full reduction to FeO of the material. In terms of catalytic activity, the maximum conversion of CH4 achieved 
during the reforming was limited to 62.8 % at 900 ◦C and 1 bara. 

Thermally integrated chemical looping reverse water gas shift was studied as option for CCU in combination 
with green H2 to produce renewable fuels. A H2/CO value of 2 could be achieved by feeding H2/CO2 of 2. The 
pressure did not substantially affect the conversion and the bed did not present carbon deposition. 

The ability of a Fe-based packed bed chemical looping reactor to recover after the carbon deposition was also 
explored. It was found that using a mixture of CH4 and CO2 achieved 92% recovery of the original capacity.   

1. Introduction 

Hydrogen and gas-to-liquid (GTL) processes for ammonia, methanol 
or Fischer-Tropsch fuels are of vital importance in the global chemical 
products market. A significant fraction (60 %) of the global demand for 
these products is satisfied by the reforming of natural gas (NG), oil and 
naphtha [1]. A large fraction of the chemical industry’s CO2 emissions 
are produced by the conventional methods and systems that are used to 
carry out steam methane reforming [2]. These conventional techniques 
also come at high operational and capital costs. 

Two methods for reforming dominate the industrial strategies. These 
are fired tubular reforming (FTR) or auto thermal reforming (ATR). The 
key difference between these processes is how the heat to drive the 
endothermic reforming reaction is provided. In the FTR reactor, the NG 
and either H2O or CO2 (Eqs. (1) or (2)) are co-fed through the tubes filled 
with the catalyst while the outside of the tubes is immersed in a furnace 
where fuel is burnt with air. The combustion provides the necessary heat 
for the reforming reaction. In contrast, in the ATR, air or oxygen is added 

to allow the exothermic CH4 partial oxidation (Eq. (3)) [3] so that the 
reaction does not need an additional external heat source although high 
electricity consumption occurs for air compression or oxygen separa
tion. Both these methodologies require actions to reduce greenhouse 
emissions. This can be carried out via solvent absorption or through the 
use of membrane systems which result in high costs per ton of CO2 
avoidance (the avoidance cost of CO2 is between 47 and 70 €/t 
depending on the capture rate and technology used) [4,5]. 

CH4 +H2O ↔ 3H2 +CO ΔH0
298K = 206

kJ
molCH4

(1)  

CH4 +CO2 ↔ 2H2 + 2CO ΔH0
298K = 247

kJ
molCH4

(2)  

CH4 + 0.5O2 ↔ 2H2 +CO ΔH0
298K = − 36

kJ
molCH4

(3) 

In the long term, the increasing production of green H2 via water 
electrolysis and the availability of large amounts of CO2 at high purity 
from industrial processes (e.g. steel, cement, refinery), bio-energy CCS 
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(BECCS) or direct air capture (DAC) could be a solution to improve 
sustainability and reduce the reliance of fossil fuels. Green hydrogen and 
recycled CO2 are mostly studied to produce CO-rich syngas by the 
reverse water gas shift (RWGS) reaction (Eq. (4)) [6]. Due to the ther
modynamic limitations, RWGS is endothermic and requires high tem
peratures (>800 ◦C) to achieve a suitable CO yield. This could be 
achieved through either a high electrical load [7] or through chemical 
heat. 

CO2 +H2 ↔ H2O+CO ΔH0
298K = 41

kJ
molH2

(4) 

Chemical looping has demonstrated to be an effective technology for 
the inherent separation of gaseous products by uncoupling the fuel 
combustion and avoiding the CO2 dilution with N2 from air [8]. 
Compared to oxygen-blown technologies do not require an air separa
tion unit to produce pure oxygen. The heat generated during chemical 
looping combustion is transferred to an endothermic reaction without 
indirect heat transfer equipment operated at high temperatures. More
over, the separation of product gas into syngas, oxygen-depleted air and 
CO2-rich stream make this technology suitable for CCUS with reduced 
cost of CO2 avoidance. By inherently lowering the cost of carbon capture 
this can improve plant profitability under green incentives or carbon 
taxes [9]. 

The separation is achieved through the use of a solid metal oxide also 
called oxygen carrier (OC) [10]. The metal oxide oxidation (Eq. (5)) and 
reduction (Eq. (6)) result in a generation of heat which can be used for 
steam methane reforming (SMR) where H2O is utilized or dry methane 
reforming (DMR) which uses CO2 instead (Eqs. (1) and (2)) or RWGS 
(Eq. (4)). 

2Fe3O4 + 0.5O2 ↔ 3Fe2O3 ΔH0
298K = − 472

kJ
molO2

(5)  

9Fe2O3 +CH4 ↔ 6Fe3O4 +CO+ 2H2O ΔH0
298K = 141

kJ
molCH4

(6) 

In this paper, the use of chemical looping to supply heat to generate 
syngas via RWGS is also presented as an alternative, long-term route 
(CLRWGS as for the reaction in Eq. (4)). 

Most literature work has focused on chemical looping fluidised bed 
systems [5,11–13] which work at atmospheric pressure. However, high 
pressure is preferable for industrial processes for both CO2 removal and 
uses of syngas in downstream processes (methanol, ammonia, liquid fuel 
synthesis), thus dynamically operated packed bed reactors have been 
proposed (Fig. 1) [14]. 

Chemical looping in dynamically operated packed bed reactors have 

been demonstrated using Ni, Fe, Cu and Mn-based OCs up to early TRL5 
to generate the heat required for CO2-free electricity [15] and the pro
cess has been comprehensively assessed from a techno-economic point 
of view [16]. 

In terms of the OC, Fe-based materials are expected to be cheaper 
compared to Ni-based materials but they have slow kinetics. The 
reduction is limited to FeO as the formation of pure Fe increases sin
tering and carbon deposition [17]. However, Fe-based catalysts are 
widely used to promote high-temperature WGS reaction [18] which 
makes the combination of chemical looping and RWGS an appealing 
alternative. 

The exact composition of the OC is of vital importance as sufficient 
Fe-based material must be present to catalyse the RWGS reaction and 
provide the heat to drive the reaction. However, too much Fe-based OC 
could result in unacceptable hot spots during oxidation. This means that 
the active weight content on the support material must be limited. In the 
latter case, cycle time is shorter than previously studied with chemical 
looping reforming. The increased temperature improves oxidation ki
netics. In these conditions, the RWGS kinetics at these temperatures 
(600–900 ◦C) are favourable without catalyst [19] and improved further 
in the presence of Fe and FeO [18,20,21] so this allows for the heat 
generation requirements to dominate, leaving a larger degree of freedom 
in the design of the OC. 

This work will present the performance of Fe-based OC in a packed 
bed reactor comparing the effect of pressure, temperature, H2, CO2, CO, 

Nomenclature 

Abbreviations 
AR Air reactor 
ATR Autothermal reforming 
CLC Chemical looping combustion 
CLR Chemical looping reforming 
CLR-PB Chemical looping reforming in packed bed reactors 
DMR Dry methane reforming 
FR Fuel reactor 
FTR Fired Tubular Reforming 
GTL Gas to liquid 
NLPM Normal liter per minute 
OC Oxygen carrier 
RWGS Reverse water gas shift 
SMR Steam methane reforming 
TEM Transmission electron microscopy 

TC Thermocouple 
TRL Technology readiness levels 
WGS Water gas shift 
XRD X-ray diffraction 

Symbols 
cp,g gas specific heat capacity, J kg− 1 K− 1 

cp,s solid specific heat capacity, J kg− 1 K− 1 

ΔHR,ox enthalpy of reaction for oxidation, J/mol 
MWO2 O2 molecular weight, kg mol− 1 

MWOC,act Active OC molecular weight, kg mol− 1 

T Temperature, ◦C 
us Superficial gas velocity, m3

g m− 2
r s− 1 

ξ O2 to solid mole oxidation reaction ratio 
ωgO2 ,0 Initial O2 mass fraction 
ωOC,act Active OC solid mass fraction  

Fig. 1. Schematic of CLR or CLRWGS process steps.  
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and CH4 in a large lab-scale setting under relevant industrial conditions. 
Also, the OC regeneration after carbon deposition was assessed using 
different methods to determine the effect on the OC capacity of the 
material, including air treatment, CO2 treatment and use of reforming 
mixtures. 

2. Methodology 

2.1. Experimental setup 

A simplified schematic of the packed bed reactor rig used in this 
study is shown in Fig. 2. The setup consists of a high-temperature 
resistant stainless-steel tube (253MA) with an inner diameter of 35 
mm and a length of 1050 mm (manufactured by Array Industries BV). A 
6.3 mm ID multiple point thermocouple, with 10 measurement points 
every 75 mm is used to obtain the unsteady axial temperature profile, 
this multipoint thermocouple measurement allows for measurement to 
be taken every second to a precision of 0.01 ◦C. The reactor is heated 
using a jacketed Carbolite furnace. To mitigate the heat losses, the 
pipework before and after the reactor was insulated using ceramic wool. 
The composition and feed flowrate are controlled by Bronkhorst mass 
flow controllers and pressure is controlled by a back-pressure regulator 
sensor (Bronkhorst). The reactor exhaust is cooled to remove any water 
content before the dry gas composition is determined using a combi
nation of a mass spectrometer (Hiden QGA) coupled with a CO analyser 
(Siemens). The mass spectrometer is capable of high precision mea
surement (0.1 % of the molar gas fraction). The complete methodology 
used for gas phase calculations was detailed in the SI of de Leeuwe et al. 
[22]. 

The reactor was filled with inert material (Al2O3) [23] at the bottom 
and top to ensure that the OC material is held in the middle of the reactor 
where the temperatures are most tightly controlled. This also allowed 
for some preheating of the inlet gas to the reaction temperature. The 
middle of the reactor was packed with 500 g of a Fe-based OC supported 
on Al2O3. The batch of Fe-based material was prepared by wet 
impregnated using a Fe precursor on Al2O3 spheres by Johnson Matthey. 
The Particle size was ranging from 1000 to 1500 µm. The total length of 
the reactive material inside the bed was 400 mm. This packed bed 
covered the thermocouples TC4 to TC8, with thermocouple TC3 located 
just before the start of the reactive section as shown in Fig. 2. 

3. Results and discussion 

3.1. Oxidation stage 

The experimental conditions tested for the oxidation are recorded in 
Table 1. He was used as a tracer gas so that the length of the oxidation 
could be measured, 10.5 % O2 was used as the base case to limit the 

exothermic nature of the oxidation. The bed is reduced consistently to 
the same conditions prior to each oxidation using 10 NLPM flowrate, 1 
bara at 800 ◦C with a composition of 10 % H2, 40 % CO2 until the outlet 
gas composition became steady, any variation in gas composition or 
temperature over 10 min being less than the uncertainty in its mea
surement. Under these conditions, OC is available as FeO [24]. This fact 
along with a consistent temperature profile at the end of each reduction 
means that for each oxidation the bed composition is consistent so 
comparisons between oxidation conditions will not be affected by a 
changing bed composition. 

The oxidation of FeO to Fe2O3 is exothermic (ΔH0 = − 560 kJ/ 
molO2), causing the reaction to move through the bed and heating it 
progressively. After the reaction front has passed, that section of the bed 
cools due to forced convection and the heat losses associated with a 
small laboratory rig. In Fig. 3a, it is possible to see that TC4 is located at 
the beginning of the bed (z = 0 mm) and it experiences a small tem
perature rise due to the initial lower temperature and high heat losses 
associated with the more external zone of the bed. TC8 does not expe
rience the same rise compared to the central three thermocouples as it is 
almost out of the bed and in contact with the inert support. This sharp 
front seen in the temperature profile data is reflected also in the outlet 
gas composition (Fig. 3b) where the O2 breakthrough is recorded after 
the first 7 min and it takes about 30 s to achieve the inlet composition. 
The recorded temperature never exceeded 1000 ◦C so the chances of 
material degradation are reduced, meaning that the Fe content of the 
material is in an acceptable range from a heat generation point. 

3.1.1. Effect of initial solid temperature 
The effect of the initial solid temperature on the temperature profile 

and gas conversion was measured under the operating conditions of 10 
NLPM feed flowrate, 1 bara and 10.5 % O2 in the feed. The results are 
illustrated in Fig. 4. This shows that at higher initial solid temperature 
the time for the O2 breakthrough increases, indicating a larger OC (and 
reactivity). The O2 capacity at 400 ◦C (0.336 ± 0.002 mol oxygen per kg 
of OC) is considerably lower than that of the other temperatures 
(500–700 ◦C) not fitting the same pattern, therefore not suitable to drive 

Fig. 2. Lab scale packed bed reactor set-up located at the University of Man
chester having (a) an inlet dry gas feeding system in FC-1; (b) a packed-bed 
reactor enclosed in a furnace placed in FC-2 and (c) schematic diagram of the 
packed-bed reactor unit. 

Table 1 
Experimental conditions used for the oxidation stage.  

Reactor set point 
(◦C) 

Flowrate 
(NLPM) 

Pressure 
(bara) 

Feed gas (% molar) 

400 10 1 and 3 O2 10.5 % He 10 % in 
balance of N2 

500 10 1 and 3 O2 10.5 % He 10 % in 
balance of N2 

600 10 1 and 3 O2 5.25 %, 10.5 % or 19.5 
%, 
He 10 % in balance of N2 

700 10 1 and 3 O2 5.25 %, 10.5 % and 19.5 
%, 
He 10 % in balance of N2  

Fig. 3. Dynamic temperature profile (A) and outlet gas composition (B) during 
the oxidation at 1 bara, 10 NLPM feed flowrate, 600 ◦C initial bed temperature 
and 10.5 % O2 in the feed. 

C. de Leeuwe et al.                                                                                                                                                                                                                             



Chemical Engineering Journal 453 (2023) 139791

4

the reaction, explaining why breakthrough is almost immediate and 
reaching steady state takes considerably longer than the other temper
atures. This is also confirmed by the much lower temperature rise 
exhibited at 400 ◦C (compared to higher initial solid temperature). At 
500 ◦C the breakthrough occurs much later giving an oxygen capacity of 
1.068 ± 0.002 mol oxygen per kg of OC, however, the effect of the initial 
temperature is still notable with early breakthrough and lower oxygen 
capacity than the higher temperatures. The increased temperature im
proves oxidation kinetics, which allows for more the material to react as 
accounted for with a shrinking core model of the OC, when the tem
perature increases the shell of the material that can react is greater. 

In case of T > 600 ◦C, the O2 breakthrough occurs at 7 min for both 
tested temperatures but they have slightly different oxygen capacities; 
1.238 ± 0.002 mol oxygen per kg of OC at 600 ◦C and 1.346 ± 0.002 
mol oxygen per kg of OC at 700 ◦C. This difference is only in the time to 
reach a steady composition due to a smaller increase in the oxygen 
carrier capacity. The same results are observed in terms of temperature 
rise, where the maximum ΔT is recorded at the initial solid temperature 
of 700 ◦C (+229 ◦C). This temperature rise corresponds to a weight 
Fe2O3 content in the OC of 24 % (weight fraction) according to Eq. (7), 
however, this Fe2O3 content may be higher as the temperature rise in the 
material is 100–150 ◦C higher than the one recorded from the thermo
couple as recently demonstrated in Argyris et al.[25]. 

ΔTMAX =

(
− ΔHR,ox

)

cp,sMWOC,act
ωOC,act ξ

−
cp,gMWO2

ωgO2 ,0

(7)  

3.1.2. Effect of reactor pressure 
Oxidation tests were carried out at 700 ◦C using 10.5 % O2 in a total 

flow of 10 NLPM at 1 and 3 bara conditions. The effect on the temper
ature rise in the reactor and the nature of the breakthrough of O2 at the 
reactor outlet are compared in Fig. 5. Only TC6 is plotted as it underwent 
the highest temperature change. It was found that pressure did not have 
a measurable effect on the O2 breakthrough time but did slightly alter 
the shape of the response, with the 3 bara response rising quicker, but 
this effect is very slight. While the breakthrough times for both materials 

are very similar, there is a slight difference in the effective oxygen 
content of the material at these different pressures, 1.378 ± 0.002 mol 
oxygen per kg of OC for 3 bar and 1.346 ± 0.002 mol oxygen per kg of 
OC for 1 bar. This small effect of pressure s is a deviation from the 
response seen in Argyris et al. [26] who showed a measurable effect of 
the pressure. The lack of effect using this Fe-based material could be due 
to this material being wet impregnated for these experiments and this 
means that most of the Fe ions present in the material are clustered near 
the surface so the increased pressure forces the gas deeper into the 
cracks on the material does not increase the capacity of the bed as much 
as was the case for OCs produced using other methods. This effect has 
been previously seen in Cu-based OC prepared via this method [27]. 
However further tests at different pressure are required to extrapolate a 
defined pattern. 

3.1.3. Effect of oxygen concentration 
In this section, the effect of O2 concentration on the breakthrough 

and the change in temperature of the reactor is examined at 1 bara, 10 
NLPM and starting solid temperature of 600 ◦C. Fig. 6 shows that 
breakthrough time increases with each decrease in O2 concentration. 
Additionally, the shape of the breakthrough curve changes, with the 
high giving increased the oxidations kinetics confirming the results 
obtained also for Ni-based OC [26,28]. The changing O2 concentrations 
in the gas feed also affect the oxygen capacity of the material, with the 
highest O2 concentration having the lowest capacity, 1.230 ± 0.002 mol 
oxygen per kg of OC, and a steady increase in capacity as the concen
tration drops, 1.238 ± 0.002 mol oxygen per kg of OC and 1.384 ±
0.002 mol oxygen per kg of OC respectively. This can also be seen in the 
breakthrough times with the ratio between initial breakthrough time 
being slightly less than the reciprocal of the concentrations. The lowest 
mole fraction of oxygen gives the largest oxygen capacity because the 
prolonged oxidation time allows for the OC material at the entrance and 
exit of the bed that are at lower temperatures more time to slowly react 
increasing the capacity of the bed slightly. [29,30]. 

3.2. Reduction stage 

The experimental conditions tested for the reduction of the Fe-based 
material are recorded in Table 2. Before each reduction, oxidation was 
carried out under the same conditions using 10 NLPM flowrate, 1 bara at 
600 ◦C with a composition of 5.25 % O2, 10 % He in a balance of N2 until 
the outlet gas composition became steady, any variation in gas compo
sition over 10 min being less than the uncertainty in its measurement. 
This results in the OC being fully oxidised to Fe2O3 [24]. 

The reduction stage used a mixture of H2 and CO2. This mixture was 
used to ensure that metallic Fe was not formed during the reduction in 
the range of temperatures considered according to the thermodynamic 
equilibrium. Due to the presence of H2 and CO2, the catalytic RWGS 
reaction takes place and the outlet composition of the gas products is 
different from the inlet composition after the breakthrough has occurred 

Fig. 4. The change in temperature at TC6 (z = 0.225 m) (A) and outlet O2 mole 
fraction (B) as a function of time at various temperatures for 10.5 % O2, 10 
NLPM and 1 bara. 

Fig. 5. The change in temperature at TC6 (z = 0.225 m) (A) and outlet O2 mole 
fraction (B) as a function of time at 1 and 3 bara for 10.5 % O2, 10 NLPM 
and 700 ◦C. 

Fig. 6. The change in temperature at TC6 (z = 0.225 m)) (A) and outlet O2 
mole fraction (B) as a function of time at various oxygen feed mole fractions, 1 
bara, 10 NLPM and 600 ◦C. 
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and the bed is fully reduced (Fig. 7b). 
The reduction with H2 from Fe2O3 to FeO is slightly exothermic (ΔH 

= − 10 kJ/molFeO; T = 800 ◦C [31]), with an increase in temperature 
moving along the bed, thus causing a smaller change in temperature at 
each point in the bed. Once the bed is reduced, the temperature starts to 
drop but the beginning of the bed drops below its initial starting con
dition and below the set point of the furnace due to the RWGS reaction. 
The breakthrough starts after 11 min, and it takes 4 min to show a stable 
profile demonstrating the good reactivity of the material in presence of 
H2/CO2 mixture. 

3.2.1. Effect of initial solid temperature 
The effect of the initial solid temperature on the reduction was also 

explored and the results can be seen in Fig. 8. By increasing the initial 
solid temperature, it is possible to notice that:  

- The maximum temperature rise detected by TC6 decreases due to a 
higher extent of the RWGS conversion, which is favoured at higher 
temperatures.  

- It is not possible to identify a linear trend in the H2 breakthrough 
since it appears at the reactor outlet due to the combination of an 
increase of the bed capacity (at higher temperature the more Fe2O3 is 
converted during the reduction), but also because the conversion of 
H2 + CO2 into CO reduces the Fe2O3 conversion with fuel since the 
reaction rate of Fe2O3 reduction with H2 is much faster than with CO 
[32,33].  

- The final solid composition may change thus forming a different ratio 
of FeO/Fe3O4/Fe, including hercynite [34] therefore the slope of H2/ 
CO breakthrough does vary but not following a trend. 

3.2.2. Effect of reactor pressure 
Fig. 9 shows the effect of pressure on the outlet molar composition of 

the H2 and rise in temperature at TC6 (z = 0.225 m) during the reduction 
stage under the operating conditions of 10 % H2 40 % CO2 at 850 ◦C and 
10 NLPM total flowrate. At 3 bara, the breakthrough occurs with 2 min 
delay than the case at 1 bara and a later rise in temperature, potentially 
showing that more material is reduced at higher pressure. The increased 
pressure did not have a large effect on the change in temperature during 
reduction, with only a 1 ◦C difference between the peaks. The pressure 
did affect the extent of the RWGS on the outlet gas composition with the 

Table 2 
Experimental conditions used for the reduction of Fe-based OC.  

Reactor set 
point (◦C) 

Flowrate 
(NLPM) 

Pressure 
(bara) 

Gas composition (molar %) 
with balance in He 

600 10 1 and 3 10 % H2 40 % CO2 

10 % H2 10 % CO 70 % CO2 

700 10 1 and 3 10 % H2 40 % CO2 

10 % H2 10 % CO 70 % CO2 

10 % CH4 70 %CO2 (1 bara 

only) 
800 10 1 and 3 10 % H2 40 % CO2 

10 % H2 10 % CO 70 % CO2 

850 10 1 and 3 10 % H2 40 % CO2 

10 % H2 10 % CO 70 % CO2  

Fig. 7. Recorded temperature (A) and outlet gas composition (B) during 
reduction at 1 bara, 10 NLPM feed flowrate, 850 ◦C initial bed temperature and 
10 % H2 and 40 % CO2 in the feed. 

Fig. 8. The change in temperature at TC6 (z = 0.225 m) (A) and outlet H2 (and 
CO) mole fraction (B) as a function of time at various temperatures during 
reduction for 10 % H2, 10 NLPM and 1 bara. 

Fig. 9. The change in temperature at TC6 (z = 0.225 m) (A) and outlet H2 mole 
fraction (B) as a function of time at 1 and 3 bar during reduction for 10 % H2 
and 40 % CO2, 10 NLPM and 850 ◦C. 

Fig. 10. Comparison between recorded temperature (A and B) and outlet gas 
composition (C) during reduction at 1 bara with either 10 % H2 and 40 % CO2 
(A) or10% H2, 10 %CO and 70 % CO2 (B) in the feed. The controlled conditions 
were set at 10 NLPM feed flowrate, 850 ◦C initial bed temperature and 1 bara. 
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increased pressure having a slightly larger H2 proportion (2.35 % H2 in 
the outlet versus 2.14 % H2), this is also seen at lower temperatures as 
detailed in SI Fig. 1-S. 

3.2.3. Reduction using syngas 
The outlet gas composition and temperature profile during reduction 

at 850 ◦C, 1 bara and 10 NLPM using respectively 10 % H2 and 40 % CO2 
and syngas representative of a PSA off gas (10 % H2, 10 %CO and 70 % 
CO2) are compared in Fig. 10. In presence of CO, the higher amount of 
reactive gas results in a faster breakthrough and earlier temperature 
peaks. 

The larger ratio of reducing agents to CO2 is also seen in the outlet 
gas composition where the CO and H2 content is varied accordingly thus 
exhibiting an increase of CO and reduction of H2. 

The effect of initial solid temperature on the temperature rises and 
the H2 breakthrough represented in Fig. 11 shows that at a temperature 
above 600 ◦C, the solid conversion increases significantly. This provides 
clear information at the design level where reduction should be carried 
out at higher temperature, especially in presence of CO. It can also be 
seen that once the bed temperature reaches 850 ◦C the breakthrough 
occurs earlier than at 800 ◦C but a consistent drop in mole fraction is 
seen, this is most likely due to the diminishing improvements in the 
kinetics being overcome by faster gas velocity that occurs at high 
temperatures. 

The effect of pressure is marginal as reported in Fig. 12 shows thus 
with a limited impact in the conversion and a slightly delayed 
breakthrough. 

3.2.4. Reduction with CH4-based fuel 
The response to reduction using 20 % synthetic biogas (assuming 50 

% CH4 and 50 % CO2) diluted with CO2 (60 % CO2) with the remainder 
inert gases are shown in Fig. 13 to highlight the effect of CH4 fuel in the 
reduction of Fe2O3. The CH4-based gas mixture was not effective at 
reducing the packed bed. The CH4 conversion was very low, only 15 % of 
the CH4 fed reacted with the Fe2O3. This can also be seen in the tem
perature profile where most of the bed does not change in temperature 
during the 20 min reduction. A small temperature decrease is recorded 
in TC3 and TC4 at the beginning of the bed where part of the CH4 is 
reducing Fe2O3 to FeO (ΔH0

298K = 318.4 kJ
molCH4

). This demonstrates that 

CH4-based feedstock is not effective unless Fe is mixed/doped with Ni 
forming a bi-metallic OC [35,36]. 

3.3. Dry reforming 

The reforming gas conditions and compositions tested are listed in 
Table 3. Based on the thermodynamic limitations of such a system CO2 
to CH4 ratios of 5, 6 and 7 were selected to maximise CH4 conversion and 
avoid carbon deposition [37]. 

The temperature profile and outlet gas composition during dry 
reforming of CH4 at 1 bara, 12 NLPM feed flowrate, 900 ◦C initial bed 
temperature and 8.3 % CH4 and 50 % CO2 can be seen in Fig. 14. 
Additionally, the conversion of CH4 in the reactor is also plotted 
alongside the outlet gas composition. The Fe-based OC achieved only a 
58.7 % conversion on average during the reforming. The low reforming 
activity can be seen in the temperature data which show that the tem
perature in the reactor drops by 68 ◦C compared to 148 ◦C in the case of 
Ni-based catalyst [26]. After 12 min, the power to the furnace was 
stopped to see the effect of dropping temperature and the results show 
an increase in the selectivity towards H2 and CO2 in the products along 
with a drop in the CH4 conversion (Fig. 14). Compared to the reduction 
with the CH4-based mixture previously examined, the presence of FeO 
favours the CH4 conversion while in case of Fe2O3, CH4 breakthrough 
was almost immediate (Fig. 14). 

Fig. 11. The change in temperature at TC6 (z = 0.225 m) (A) and outlet H2 
mole fraction (B) as a function of time at various temperatures during reduction 
for a mixture of 10 % H2 and 10 % CO, 10 NLPM and 1 bara. 

Fig. 12. The change in temperature at TC6 (z = 0.225 m) (A) and outlet H2 
mole fraction (B) as a function of time at 1 and 3 bara during reduction for a 
mixture of 10 % H2 and 10 % CO, 10 NLPM and 850 ◦C. 

Fig. 13. Recorded temperature (A) and outlet gas composition (B) during 
reduction at 1 bara, 10 NLPM feed flowrate, 850 ◦C initial bed temperature and 
10 % CH4 and 70 % CO2 in the feed. 

Table 3 
Reforming experimental conditions.  

Reactor set 
point (◦C) 

Flowrate 
(NLPM) 

Pressure 
(bara) 

Gas composition (molar %) 
with balance in He 

700 12 1, 3 and 5 8.3 % CH4 58.3 %CO2 

8.3 % CH4 50.0 %CO2 

8.3 % CH4 41.7 %CO2 

800 12 1 and 3 8.3 % CH4 58.3 %CO2 

8.3 % CH4 50.0 %CO2 

8.3 % CH4 41.7 %CO2 

850 12 1 and 3 8.3 % CH4 60 %CO2 

900 12 1 and 3 8.3 % CH4 58.3 %CO2 

8.3 % CH4 50.0 %CO2 

8.3 % CH4 41.7 %CO2  
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The effect of temperature, pressure and CO2-to-CH4 ratio on CH4 
conversion is presented in Fig. 15. At 1 bar and with a molar CO2/CH4 
ratio of 5 increasing temperatures from 700 to 900 ◦C increases the CH4 
conversion from 10.2 to 58.7 %. A similar effect is seen at different CO2 
to CH4 ratios. The increase of the temperature improves the kinetics of 
the reaction along with a more favourable equilibrium. The more 
favourable kinetics also prevails in the conversion compared to the 
thermodynamic effect (Fig. 15A vs Fig. 15B vs Fig. 15C). 

In terms of syngas composition, the outlet H2/CO ratio is shown in 
Fig. 16. The results here are dominated by the conversion (kinetics) of 
the CH4, thus the H2/CO ratio that increases when CH4 conversion also 
increases. The same effect is also detected at higher CH4-to-CO2 ratio. 

It can be seen in Fig. 16A that when the CO2/CH4 ratio exceeds 5 at 1 
bar the H2/CO is higher than expected from the equilibrium conditions, 
this apparent higher value is because the CH4 conversion at those con
ditions is lower than the predicted one at the chemical, therefore at low 
CH4 conversion the H2/CO ratio are non-linearly linked, so small 
changes in the conversion can make large changes in the H2/CO ratio. 

3.4. Reverse water gas shift reactor 

The temperatures, pressures and feed gasses used to test the mate
rial’s capabilities as RWGS catalyst are detailed in Table 4. 

The temperature profile and outlet gas composition during RWGS at 
1 bara, 10 NLPM and 900 ◦C are shown in Fig. 17. During the RWGS 
experiments, the furnace set point was kept constant to overcome heat 
losses to the environment. However, this continual heat addition 
dwarfed the loss in temperature due to the RWGS. After 12 min, the 

Fig. 14. Recorded temperature (A), outlet gas composition and CH4 conversion 
(B) during reforming at 1 bara, 12 NLPM feed flowrate, 900 ◦C initial bed 
temperature and 8.3 % CH4 and 50 % CO2 in the feed. 

Fig. 15. CH4 conversion at 1 bara (A), 3 bara (B) and 5 bara (C) as a function of 
temperature and CH4:CO2 ratio at a total flowrate of 12 NLPM as measured 
experimentally (bar) compared with equilibrium conditions (lines). 

Fig. 16. H2/CO ratio at 1 bara (A), 3 bara (B) and 5 bara (C) as a function of 
temperature and CH4:CO2 ratio at a total flowrate of 12 NLPM as measured 
experimentally (bar) compared with equilibrium conditions (lines). 

Table 4 
RWGS experimental conditions.  

Reactor set 
point (◦C) 

Flowrate 
(NLPM) 

Pressure 
(bara) 

Gas composition (molar %) in 
balance of He 

600 10 1 bar 
5 bar 

10 % H2; 30 % CO2 

10 % H2; 40 % CO2 

10 % H2; 50 % CO2 

700 10 1 bar 
5 bar 

10 % H2; 30 % CO2 

10 % H2; 40 % CO2 

10 % H2; 50 % CO2 

800 10 1 bar 
5 bar for CO2 

lean 

10 % H2; 30 % CO2 

10 % H2; 40 % CO2 

10 % H2; 50 % CO2 

20 % H2; 10 % CO2 

850 10 1 and 5 20 % H2; 10 % CO2 

900 10 1 bar 
5 bar for CO2 

lean 

10 % H2; 30 % CO2 

10 % H2; 40 % CO2 

10 % H2; 50 % CO2 

20 % H2; 10 % CO2  
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furnace power was switched off at which point the solid temperatures 
began to drop, but the extent that this is due to the heat losses to the 
environment and convective heat transfer along the reactor is not 
quantifiable. The outlet gas composition remained steady through the 
RWGS, achieving a H2/CO above 2 throughout, as would be expected 
from a thermodynamically limited reactor [24]. This showed that the 
OC successfully operates as RWGS catalysts under these conditions 
confirming the suitability of the material to act as both OC and catalyst. 
In order to maintain a H2/CO ratio of 2, even at 900 ◦C, some uncon
verted CO2 will be present due to the thermodynamic limitation asso
ciated with RWGS. This is a common problem for Gas-to-liquid 
applications which is usually addressed by considering a CO2 removal 
step in large-scale FT plants to reduce the equipment volume. Instead, 
for small-medium scale FT plant [38], high CO2 content in the FT reactor 
is accepted as CO2 behaves as inert/coolant gas in case of LT-FT Co- 
based catalyst for aviation fuels or participate to the reactions in view of 
active WGS in case of HT-FT with Fe-based catalyst. 

Comparing the H2/CO ratio for different temperatures and feed 
compositions (Fig. 18) it can be seen that low temperatures are not 
relevant for the process. In case of H2/CO2 ratio is equal to 2 (feed 
condition), at T > 800 ◦C the change in the composition is marginal. 
However, a higher H2/CO2 ratio (equal to 3 to 5) could reduce the final 
H2/CO ratio to as low as 0.25 indicating that the syngas composition can 
be tuned by changing the feed conditions and controlled by the oper
ating temperature. 

At higher pressure (5 bara) the H2/CO ratio of the products increases 
(but still within the 95 % uncertainty window) as shown in Fig. 19. The 
carbon and oxygen balance on the reactor (shown in the SI Figs. 2-S and 
3-S) are also within uncertainty confirming that pressure does not have a 
consistently measurable effect on the reactor. 

3.5. Effect of carbon deposition 

In order to test the resilience of the material to carbon deposition and 
over reduction the reactor was fed a stream of pure CO, fully reducing 
the OC to Fe at 900 ◦C. The flow of CO was then continued allowing 
carbon deposition. A series of different methods were used to revitalise 
the material. First, oxidation was carried out to remove any remaining 
carbon and returned the material to Fe2O3. The oxygen capacity of the 
bed had decreased by 41 % from 1.346 ± 0.002 mol of oxygen per kg of 
OC before carbon deposition to 0.828 ± 0.002 mol of oxygen per kg of 
OC when the carbon was removed (black vs orange line in Fig. 20). The 

Fig. 17. Recorded temperature (A), outlet gas composition (B) during RWGS at 
1 bara, 10 NLPM feed flowrate, 900 ◦C initial bed temperature and 10 % CO2 
and 20 % H2 in the feed. 

Fig. 18. H2/CO ratio at the outlet as a function of temperature and CO2/H2 
ratio at the inlet of the reactor at a total flowrate of 10 NLPM and 1 bara. With 
error bars of 1 standard deviation in the measured values. 

Fig. 19. CO/H2 ratio at the outlet as a function of temperature and pressure at 
a total flowrate of 10 NLPM with a CO2/H2 of 0.5 at the inlet of the reactor. 
With error bars of 1 standard deviation in the measured values. 

Fig. 20. Outlet gas analysis for oxidation at 700 ◦C and 1 bar using a mole 
fraction of 0.105 O2, before carbon deposition, during carbon oxidation and 
after carbon removal. 

Fig. 21. Outlet gas analysis for oxidation at 700 ◦C and 1 bar using a mole 
fraction of 0.105 O2, before carbon deposition, after carbon removal and after 
the reactor was held at 850 ◦C and 1 bar in an O2 and CO2 rich gas mixture for 
4 h. 
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bed was removed to ensure that sintering had not occurred, but in the 
process, the repacked bed was situated 10 mm lower relative to the 
thermocouple and heated section of the bed. 

The bed was then heated to 850 ◦C at 1 bar and held there for 4 h in a 
mixture of air and CO2, this caused a slight increase in oxygen capacity 
varying the breakthrough time from 240 s to 276 s but failed to return 
the system to its original state. The outlet gas composition during the 
subsequent oxidation is shown in Fig. 21. This process increased the 
oxygen capacity to 0.928 ± 0.001 mol of oxygen per kg of OC. Repeating 
this did not further increase the oxygen capacity of the reactor beyond 
69 % of the original capacity. 

The material was then used as a reforming catalyst. Subsequent ox
idations and reductions showed an increase in the O2 capacity of the 
bed, returning to 1.168 ± 0.002 mol of oxygen per kg of OC after the 
first reforming, 1.224 ± 0.001 mol of oxygen per kg of OC after the 
second reforming and 1.242 ± 0.002 mol of oxygen per kg of OC after 

the third reforming returning the bed to 92 % of its original capacity. It is 
expected that this is due to the presence of H2O present in the bed during 
the reforming process achieved the revitalisation of the bed (Fig. 22). 

To determine what caused the drop in oxygen capacity, the material 
from the bed before carbon deposition and after the attempts to regen
erate, the material was analysed using powder X-ray diffraction (XRD). 
Both materials were oxidised in air at 1 bara and 600 ◦C before being 
removed from the reactor. The comparison between the materials can be 
seen in Fig. 23. The Rietveld XRD analysis showed a large reduction in 
the peaks associated with Fe-containing compounds. This means that 
either the Fe atoms are no longer present or have lost their crystalline 
structure becoming amorphous. The lack of a broad low angle peak in 
the post-carbon removal sample is indicative that there has not been an 
increase in the proportion of the material that is amorphous, in fact the 
sample showed a slight decrease. This is however a qualitative mea
surement but indicates that the Fe has left the support. 

The samples were also tested using transmission electron microscopy 
(TEM). This allowed for the distribution of Fe and Al on the surface of 
the material to be recorded Fig. 24. It can be seen from the images that 
the surface of the OC has a much lower proportion of Fe after the carbon 
was removed, confirming the findings from the XRD. The reduction in Fe 
from the material is expected to be because the carbon deposition caused 
the Fe detachment from the Al2O3 support, so once the carbon was 
removed, the Fe atoms were carried by the gas flow leaving the reactor 
and decreasing the capacity of the bed. 

4. Conclusions 

In this work, the experimental testing of Fe-based OC in dynamically 
operated packed bed chemical looping reactors was carried out to 
explore their feasibility as a process coupled with renewable sources 
such as biogas or green H2 for CCU applications to produce carbon
–neutral liquid fuels. 

The main results of this study on Fe-based OCs can be summarised as 
follow:  

• During the reduction step, CO2 is required in the feed to avoid carbon 
deposition and excessive reduction to metallic Fe.  

• Reduction using CH4 only achieves 15 % CH4 conversion, making 
biogas an unsuitable reducing agent from both the viewpoint of heat 
management and for capturing the CO2 produced during reduction.  

• CH4 reforming conversion in dry reforming was limited to 62.8 %. A 
further study will focus on steam reforming in presence of H2O to 
compare the two reactions.  

• During RWGS, the system successfully formed a syngas mixture 
suitable for FT and tuneable H2/CO ratio by modifying the H2/CO2 
ratio in the feed, thus providing a new platform for RWGS. As the 
reaction is also endothermic, it can be integrated with chemical 
looping and resulting thermally balanced. This makes the CLRWGS a 

Fig. 22. Outlet gas analysis for oxidation at 700 ◦C and 1 bar using a mole 
fraction of 0.105 O2, before carbon deposition, after the reactor was held at 
850 ◦C and 1 bar in an O2 and CO2 rich gas mixture for 4 h and after a series of 
15-minute methane reforming matching the conditions from Fig. 14. 

Fig. 23. Diffraction patterns from a pre carbon deposition (A) and post 
regeneration (B) sample with databased (PDF-4 + 2021) literature reflection 
positions from PDF01-085–9938, PDF04-006–6579, PDF 01–075-1865 and PDF 
04–005-5662. 

Fig. 24. TEM images of the OC before carbon deposition (A) and after regen
eration (B) with Fe coloured blue and Al coloured green. (For interpretation of 
the references to colour in this figure legend, the reader is referred to the web 
version of this article.) 
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valid alternative to other promising processes currently proposed for 
CCU and H2 utilisation for liquid fuels and carbon neutral products.  

• After the material was exposed to high CO content to deliberately 
obtain carbon deposition inside the bed, 92 % of the oxygen capacity 
could be recovered using CH4 and CO2. XRD and TEM analyses 
showed that this reduced capacity was due to the removal of Fe from 
the OC, which has been lost from the support indicating that a 
different preparation method could result in a more resistant OC. 
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