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A B S T R A C T   

Chemical looping reforming (CLR) is a promising technology for syngas production combining autothermal 
operation with integrated CO2 capture. At large scale, reformer outlet pressure during syngas production is an 
important factor for the overall plant’s process efficiency and defines the energy requirements for downstream 
processing. Packed bed reactors are widely used and established in industry for high pressure operating con
ditions due to their robust and, compared to other reactor types, simpler engineering. In this paper, CLR in 
packed bed reactors (CLR-PB) is demonstrated under a pressure range of 1 – 5 bar in a lab scale reactor, using 
NiO/CaAl2O4 as the oxygen carrier (OC). Oxidation, reduction and dry reforming processes were examined in a 
wide range of temperature (400 – 900 ◦C), pressure (1 – 5 bar), flowrate (10 – 40 NLPM) and different inlet gas 
compositions, providing an important foreground for the optimal operating conditions for each process. 

Furthermore, a full CLR-PB pseudo-continuous cycle has been successfully demonstrated for the first time in a 
lab reactor setup. During the full cycle operation, CH4 conversion > 99% has been achieved, while the tem
perature and concentration profiles provided identical results for consecutive cycles verifying the continuity and 
the feasibility of the process. These results constitute the basis for the scale-up of the process, where heat losses 
would be minimized and the energy efficiency of the process would be significantly higher.   

1. Introduction 

The production of hydrogen (H2) and other gas-to-liquid (GTL) 
products such as ammonia, methanol or Fischer-Tropsch fuels are of 
vital importance in the global chemical products market. The global 
demand for these products is mainly (60%) satisfied by the reforming of 
natural gas (NG) or oil and naphtha reforming [1]. However, in addition 
to having a high operation and capital costs, the conventional reforming 
techniques are also responsible for a large fraction of the chemical 
industry’s CO2 emissions [2]. NG reforming is conventionally carried 
out using either fired tubular reforming (FTR) or autothermal reforming 
(ATR). These methods differ on how the heat required for the endo
thermic reforming process is delivered to the system. In fired tubular 
reforming, the NG and either H2O or CO2 is fed through the tubes filled 
with catalyst while the outside of the tubes is immersed in a combustion 
furnace. In case of ATR, air or oxygen is added to the NG and H2O in an 
adiabatic reactor [3] so that the heat for reforming is provided by the 
methane partial oxidation. Both these methodologies require actions to 

reduce greenhouse gases (GHGs) emissions in order to mitigate the 
environmental impact following the recommendations of Paris Agree
ment [4,5]. Different options have been demonstrated in the literature to 
capture the CO2 produced during the reforming process including sol
vent absorption or through the use of membrane systems, but these 
options have very high capital and operating costs [6,7]. 

An alternative approach to produce syngas is by making use of 
chemical looping processes [8–10]. Chemical looping technologies 
present an interesting alternative for power and H2 production com
bined with CO2 capture while they present higher efficiency than con
ventional CO2 capture technologies [11,12]. Chemical looping 
combustion (CLC) is based on two reactors, an air reactor (AR) and a fuel 
reactor (FR), where combustion is taking place in two stages by means of 
a metal oxygen carrier (OC) which is alternatively reduced (in the FR) 
and oxidised (in the AR) [13–16]. The main products from the reduction 
step (in the FR), are CO2 and H2O, where pure CO2 can be easily sepa
rated by simple water condensation featuring the same advantages of 
oxy-combustion process. The heat stream generated from the oxidation 
(highly exothermic reaction) of the OC can be used as a thermal source 
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for power generation. Using the same principles as in the CLC, chemical 
looping technologies can be deployed in combination with reforming 
reactions. This is referred to as chemical looping reforming (CLR). In 
CLR, heat generated from the oxidation stage is used for the endothermic 
reactions of steam or dry reforming to produce syngas. 

In terms of OCs, nickel has been widely used as an OC and a 
reforming catalyst. It is often supported on Al2O3, CaAl2O4, TiO2 or ZrO2 
[17–19] to increase the mechanical and the chemical stabilities as well 
as to reduce the catalyst sintering. Most of the research on CLR has been 
carried under ambient pressure conditions [20], however, high pressure 
chemical looping shows several advantages from a techno-economic 
point of view and has been studied using different reactor configura
tions [21–23]. In case of syngas production, industrial applications are 
conceived at high pressure (20–26 bar [24]) to reduce the cost of 
compression, separation and the equipment footprint as in the case of 
large commercial ammonia, methanol or GTL processes. Among 
different configurations proposed [25–29], dynamically operated 
packed bed reactors have been proposed for chemical looping [30] and 
demonstrated up to TRL3/4 for CLC [31,32] and or in combination with 
calcium looping to simultaneously remove the CO2 produced and 

increase the H2 yield [33]. 
The CLR process in packed bed reactors (CLR-PB) consists of three 

reactor stages as shown in Fig. 1. Firstly, the bed is oxidized with air, 
producing heat from the exothermic reactions and releasing N2 (O2- 
depleted) as an outlet gas. The second step is to reduce the bed with off- 
gas fuel (a mixture of CO, H2 and other small quantities light hydro
carbons), releasing CO2 and H2O while most of the heat is still in the bed. 
The last step is the reforming stage, using CH4 and part of the recircu
lated CO2 and H2O from the reduction stage while simultaneously 
cooling down the reactor before starting a new oxidation cycle. In order 
to increase the CH4 conversion, additional steam should be fed to the last 
stage [34]. Concerning the industrial application of CLR-PB, Spallina 
et al. [20] have been performed two techno-economic studies for the 
integration of CLR-PB to a hydrogen, methanol [35] and ammonia [36] 
plant, where over 99% CO2 capture showing better economics compared 
to bechmark processes. At each stage of the above processes, the gen
eration of low-grade fuels can be used to reduce the bed during the CLR 
process. Some of the most important CLR-PR units tested in the literature 
are presented in Table 1. 

All the CLR-PB studies mentioned in Table 1 refer to atmospheric 

Nomenclature 

Abbreviations 
AR Air reactor 
ATR Autothermal reforming 
CLC Chemical looping combustion 
CLR Chemical looping reforming 
CLR-PB Chemical looping reforming in packed bed reactors 
DMR Dry methane reforming 
FR Fuel reactor 
FTR Fired Tubular Reforming 
GTL Gas to liquid 
NLPM Normal liter per minute 
OC Oxygen carrier 
RWGS Reverse water gas shift 
SMR Steam methane reforming 

TC Thermocouple 
TRL Technology readiness levels 
WGS Water gas shift 

Symbols 
cp,g gas specific heat capacity, J kg− 1 K− 1 

cp,s solid specific heat capacity, J kg− 1 K− 1 

ΔHR,ox enthalpy of reaction for oxidation, J mol− 1 

MWO2 O2 molecular weight, kg mol− 1 

MWOC,act Active OC molecular weight, kg mol− 1 

T Temperature, oC 
us Superficial gas velocity, m3

g m-2
r s− 1 

ξ O2 to solid mole oxidation reaction ratio 
ωgO2 ,0 Initial O2 mass fraction 
ωOC,act Active OC solid mass fraction  

Fig. 1. Schematic of CLR-PB process steps.  
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pressure conditions. Hamers et al. [31] have investigated CLC in packed 
bed reactors at elevated pressures (up to 7.5 bar). To the best of our 
knowledge, elevated pressure operation in CLR-PB units has not been 
investigated so far. In this paper, CLR stages (oxidation – reduction – dry 
reforming) are investigated in various operating conditions such as 
composition, initial bed temperature, flowrate and pressure. The ex
periments are conducted in a packed bed reactor with Ni/CaAl2O4 used 
as an OC. Moreover, a pseudo-continuous CLR-PB operation in a packed 
bed reactor is demonstrated for the first time in literature. 

2. Experimental setup 

The experiments have been conducted in the laboratory facility 
located at the University of Manchester. The overall experimental sys
tem is divided between two adjacent walk-in fume cupboards. Gases 
feeding arrangement and gas analysis equipment, mass spectrometer 

(Hiden QGA) and a CO analyser (Siemens), are placed in fume cupboard 
– 1 (FC-1) as shown in Fig. 2(a), while while the FC-2 contains the 
reactor setup along with the Carbolite® furnace controller as shown in 
Fig. 2(b). The gas feeding consists of central supply of H2, Air, N2, He as 
well as the gas cylinders of CO and CO2, all capable of supplying a 5-bar 
pressure feed into the reactor system. The feed flowrates are controlled 
by Bronkhorst mass flow controllers and a Bronkhorst back-pressure 
regulator defines the pressure at the outlet of the reactor. Piping con
sists of quarter and half inch stainless steel welded and mounted pipes in 
solid surfaces. A schematic of the chemical looping packed bed reactor is 
shown in Fig. 3. The set up consists of a high temperature resistant 
stainless steel tube (253MA material manufactured by Array Industries 
B.V) with inner diameter and length of 35 mm and 1050 mm respec
tively. The reactor can be operated with the maximum temperature of 
1000 ◦C and pressure of 20 bar. Inside the reactor, there is a thermowell 
of 1050 mm length and 6.3 mm diameter having 10 K-type thermo
couples (TC) mounted on it to measure the temperature along the length 
of the bed. Each TC is 75 mm apart from each other. The temperature of 
the reactor is regulated by a vertical split furnace (up to 1000 ◦C). To 
mitigate the heat losses, the pipework before and after the reactor were 
insulated using ceramic wool. The reactor was filled with an inert ma
terial (Al2O3) at the bottom and top of the reactor to ensure that the OC 

Table 1 
Summary of CLR applications in packed bed reactors.  

Location Reactor Size Fuel Oxygen Carrier Reference 

The University of Leeds, UK ID:20.5 
mmL:269 mm 

Waste Cooking Oil (WCO)Pyrolysis 
OilAcetic acidEthanol/bio-oil 
aqueous fractionMixture 

18 wt% NiO/Al2O3(i) 18 wt% NiO/α- Al2O3(ii) 
25 wt% NiO/γ- Al2O3 

[37,38][39] 
[40][41] 

Eindhoven University of Technology (TU/e), The 
Netherlands 

ID:30 
mmL:1500 
mm 

CH4 + H2, CH4 17–18.5 wt% NiO/CaAl2O4 [20] 

University of Shanghai for Science and Technology, 
China 

Bench scale Ethanol (i) 10.2 wt% NiO/ Al2O3(ii) 9.8 wt% NiO/ 
MMT(iii) 10.8 wt% NiO/Al-MCM-41(iv) 11.6 
NiO/SBA-15 

[42] 

Dalian University of Technology, China Bench scale Glycerol NiO/ Al2O3 [43] 
Dalian University of Technology, China Bench scale Ethanol (i) 10 wt% NiO/MMT(ii) 20 wt% NiO/MMT 

(iii) 30 wt% NiO/MMT 
[44] 

Instituto de Carboquímica (ICB-CSIC), Spain ID:27 
mmL:745 mm 

CH4 + H2, H2 (i) 21 wt% NiO/γ- Al2O3(ii) 18 wt% NiO/ α- 
Al2O3 

[45] 

Aristotle University of Thessaloniki,Greece Bench scale CH4 (i)100 wt% NiO(ii-vi) 40 wt% NiO/ZrO2/ 
TiO2/ SiO2/ Al2O3/NiAl2O4 

[46] 

Chalmers University of Technology, Sweden Quartz reactor CH4 Lax Sr1− x FeO3-δ (x = 0.5, 0.8, 1) [47] 
Texas A and M University at Qatar and others Bench scale CH4 + H2, H2 (i) 40 wt% NiO/ Al2O3(ii) 40 wt% NiO/ ZrO2 [48] 
Center for Research and Technology-Hellas (CERTH), 

Greece 
Quartz reactor CH4 La1− xSrxMyFe1− yO3(M = Ni, Co, Cr, Cu) [49] 

State Key Laboratory of Complex Nonferrous Metal 
Resources Clean Utilization, Kunming University of 
Science and Technology, Yunnan, China 

Quartz reactor CH4 Ce-Fe-Zr-O(40 wt%)/MgO [50]  

(a) (b) 

Fig. 2. (a) Gas feeding system placed in FC-1 (b) Packed bed reactor system 
placed in FC-2 at University of Manchester. Fig. 3. Schematic of cross section of the CLR-PB unit.  
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material is held in the middle of the reactor where the temperatures is 
most tightly controlled. This also allowed for some preheating of the 
inlet gas to the reaction temperature. The middle of the reactor was 
packed with 440 g of a Ni based OC supported on CaAl2O4 manufac
tured by Johnson Matthey. This material was crushed to particle size of 
1–1.4 mm and the loose packed density was found to be 1127 kg m− 3. 
The total length of reactive material inside the bed was 400 mm. Ther
mocouple 3 (TC3) is located at the beginning of the reactive bed (z = 0 
mm) while the last thermocouple inside the bed is TC8 (z = 375 mm). 
The reactor exhaust is air cooled to remove the water content before the 
dry gas composition is determined using a combination of a mass 
spectrometer and a CO analyser. A P&ID of the whole system is pre
sented in Fig. 4. The valves and mass flow controllers are controlled by a 
custom-build HMI which also records temperatures from the thermo
couples and the pressure from pressure indicators. A second HMI unit 
was used for the operation of the mass spectrometer and the CO 
analyser. 

3. Results and discussion 

The OC is tested under various operating conditions of pressure (1 – 
5 bar), temperature (400 – 900 ◦C), flowrates (10 – 40 NLPM) and 
compositions of feed gases. In the following section, the oxidation step/ 
process is discussed followed by the reduction and dry reforming. The 
detailed results of each stage are reported in this section. 

3.1. Oxidation stage 

The operating conditions used for the oxidation stage are listed in 
Table 2. 

3.1.1. Effect of initial solid temperature and pressure 
The initial bed temperature has a strong effect on the oxidation 

process. The profiles of outlet molar composition of O2 for various initial 
bed temperatures (400 – 650 ◦C) and pressures (1 – 5 bar) are presented 
in Fig. 5. Due to the heat losses and cooling effect of the feeding gases, 
the temperature is not uniform across the bed, with the first part (first 
100 mm) being 50–100 ◦C cooler than the initial bed temperature. For 
the oxidation at 400 ◦C, the breakthrough of O2 is very quick, almost 
immediate (<20 s) at lower pressure conditions. The low reactivity of 
the Ni-based material at 400 ◦C along with the heat losses prevents the 

O2 to react and increase the temperature (as expected in case of 
exothermic oxidation) to the final reaction temperature, thus reducing 
the overall OC conversion to 10% of the maximum conversion achieved 
for 10 NLPM flowrate and 10% O2. By increasing the initial solid tem
perature to 500 ◦C, O2 breakthrough time is significantly increased, 
about 415 s for 1 bar, and the solid conversion reaches almost 60%. For 
the oxidation at 600 ◦C, O2 breakthrough time increased to 625 s for 1 
bar while for 650 ◦C, time increased up to 680 s which was the highest 
observed for the examined cases. In this work, temperature higher than 
650 ◦C has not been tested to avoid an excessive overheating of the 
reactor (to preserve the OC from sintering and the reactor from reaching 
a temperature > 1000 ◦C). 

Fig. 5 also shows the O2 breakthrough times for the various pressure 
conditions (1 – 5 bar). Increasing pressure results in later O2 break
through as observed earlier for all the temperature conditions. This is 
mostly due to two main effects: 1) the gas velocity inside the bed de
creases with an increase in pressure, thus increasing the residence time 
and 2) the effect of pressure in the kinetics. This is particularly pro
nounced for the cases at 400 ◦C, where the kinetic limitations are higher. 
This result is also verified by the temperature profiles along the bed and 
the rise in temperature with time due to the exothermic oxidation 

Fig. 4. P&ID diagram of the CLR-PB setup.  

Table 2 
The operating conditions used for the oxidation stage.  

Flowrates 
(NLPM) 

Pressure (bar) Initial bed temperature (◦C) O2 % (molar) 

10 1–5 400–650 5 – 20 
20 1–5 600 10 
40 1–5 600 10  

Fig. 5. O2 breakthrough profile during oxidation for 10% O2 and 10 NLPM of 
feed (50% Air, 10% He and 40% N2) under various operating conditions of 
temperature (400 – 650) and pressure (1 – 5 bar). 

Fig. 6. The change in temperature profile at TC-7 (z = 0.3 m) as a function of 
time during the oxidation process for 10% O2 and 10NLPM. 
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reaction as shown in Fig. 6. 
The increase in temperature at the reaction front is well detected all 

over the reactor. At 400 ◦C and 1 bar, temperature rise (defined in 
Equation (1) [51]) is 32 ◦C maximum, indicating that solid conversion is 
very low while it increases to 161 ◦C at 5 bar, demonstrating the big 
effect pressure has on the solid conversion especially at this temperature 
range. At higher initial temperature (same for 600 ◦C and 650 ◦C), the 
ΔT increases up to 378 ◦C while the difference in time to record the peak 
is smoothed showing a lower (but still remarkable) effect of the pressure. 

With respect to maximum ΔT, the presence of heat losses and the 
thermal inertia of the thermowell located inside the bed reduces by 
310 ◦C the maximum expected value for the 650 ◦C bed temperature 
case where maximum conversion for the given conditions has been 
achieved. This effect has been widely discussed in previous work from 
Gallucci et al. [32]. 

The comparison of temperature profiles along the axial direction of 
the reactor for 1 and 5 bar conditions at 600 ◦C initial bed temperature is 
illustrated in Fig. 7. In the first part of the bed (TC3 and TC4), the 
profiles look very similar, but due to better solid conversion at higher 
pressures, the difference between the two cases is amplified across the 
bed. 

The effect of pressure on solid conversion has been studied by 
Hamers et al. [52] where they showed that higher pressure leads to 
slower conversion of the solid and therefore slower kinetics. This comes 
in agreement with the sharper breakthrough lines produced in lower 
pressures in Fig. 5 but does not justify the higher conversion leading to 
higher ΔΤ produced in Fig. 6. The OC in their study has been tested 
against oxidation at 800 ◦C leading to full solid conversion for all the 
pressure scenarios, which is far from the temperature range examined 
here (400 – 650 ◦C). Additional kinetic studies are required to demon
strate the effect of pressure for the selected catalyst at temperatures as 
low as 400 ◦C especially in terms of solid conversion. In addition, the 
behaviour of the catalyst might differ in the context of a full bed 
oxidation than a kinetic study due to different flow conditions. 

3.1.2. Effect of oxygen concentration 
In this section the effect of O2 concentration (5%, 10% and 20%) on 

the O2 breakthrough is discussed. The 20% case refers to an industrial 
application where air will be used as oxidant with a 10% helium used 
here as a gas tracer. Fig. 8 shows that O2 breakthrough time decreases 
with the increase in O2 concentration. Moreover, the breakthrough 
curve of O2 becomes steeper as the contraction of O2 increases due to 
faster oxidation kinetics [53]. 

As discussed earlier, it can also be seen in Fig. 9 that with the increase 
in pressure the O2 breakthrough time also increases. The breakthrough 
times are not exactly halved for each O2 concentration case as the solid 
conversion is different for each case and due to the uncertainty 

associated with the flowrate regulators. 
The maximum temperature rise in the bed is affected by the O2 

content in the feed gases. In Fig. 9, the temperature profile for ther
mocouple 6 (TC6) is presented. For lower O2 content in the feed, the 
maximum temperature rise should be higher and more dispersed across 
the reactor as indicated from Equation (1). The higher temperature in
crease displayed for higher O2 concentration is attributed to the shorter 
cycles and therefore reduced cooling by heat losses effect. The rise in 
temperature at TC6 is 220 ◦C, 350 ◦C and 370 ◦C for the cases where O2 
concentration in the feed is 5%, 10 and 20% respectively. In Fig. 10, the 
maximum temperature rise for all the cases with a 10 NLPM flowrate is 

Fig. 7. Thermocouples’ recording temperature during oxidation for 1 bar (solid 
lines) and 5 bar (dashed lines), 10% O2 in feed, 600 ◦C initial bed temperature 
and 10 NLPM feed flowrate. 

Fig. 8. Comparison of O2 breakthrough times for various O2 concentration (5 – 
20 % O2) and pressure (1 – 5 bar) conditions at initial bed temperature of 
600 ◦C and feed flowrate of 10 NLPM. 

Fig. 9. the rise in temperature rise as recorded at TC6 (z = 0.225 m) for 
different O2 concentrations and pressures at 600 ◦C initial bed temperature and 
10NLPM total flowrate. 

Fig. 10. Temperature rise for all the examined oxidation cases at 10 NLPM 
total flowrate. 
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presented. Increasing the O2 concentration increases maximum tem
perature significantly from 251 ◦C at 5% to 390 ◦C at 20% for 1 bar 
which emphasizes the important effect of the heat losses in the system. 

ΔTMAX =

(
− ΔHR,ox

)

cp,sMWOC,act
ωOC,act ξ

−
cp,gMWO2

ωgO2 ,0

(1)  

3.1.3. Effect of gas velocity and residence time 
The effect of feed flowrate, and thus the superficial gas velocity, has 

been tested for 3 different flowrate conditions of 10, 20 and 40 NLPM, 
which for the 1 bar and 600 ◦C cases refer to superficial velocities 
approximately at 0.1, 0.5 and 1 m s− 1 respectively, with the latter case 
representing the typical industrial conditions. In Fig. 11, the O2 break
through times indicate that with the increase of flowrate the effect of 
pressure is becoming less evident and at the 40 NLPM can be considered 
negligible. The high flowrate effect comes in agreement with the results 
of Hamers et al. [31], where they used a high flowrate oxidation stream 
and no difference has been observed in the breakthrough times with 
varying pressure. 

In terms of temperature, the feed flowrate of 40 NLPM causes the 
highest rise in temperature as shown in Fig. 12. This behaviour can be 
explained by the larger oxidation times at lower flowrates leading to 
larger exposure to heat losses. The deviation for the 20 NLPM and 3 bar 
case, is a result of minor carbon deposition from previous experiments 
even though no significant CO2 or CO were detected. Carbon presence 
during oxidation results in later breakthrough times and higher tem
perature rise due to carbon burning which comes in agreement to this 
result. In terms of pressure drop, even for the high flowrate cases it was 
found negligible. 

3.2. Reduction stage 

NiO reduction experiments have been conducted with H2, syngas and 
CH4 as reduction gases. The conditions used for these experiments are 
presented in Table 3. For CH4 reduction, a 6:1 CO2 to CH4 ratio has been 
used to avoid the carbon deposition. This ratio is also representative of 
an industrial application of a CLR-PB process, where the reduction agent 
is the off-gas from the PSA unit mixed with additional natural gas to 
close the combustion equilibrium of the CLR process. Previous studies on 
industrial applications of CLR-PB have demonstrated that the CO2:CH4 
ratio is usually in the range of 6:1 – 7:1 depending on the process with 
smaller amounts of CO and H2 existing on the stream as well[35,36,54]. 

3.2.1. Reduction with H2 
The effect of initial bed temperature on the breakthrough of H2 molar 

fraction (dry basis) at the outlet of the reactor during the reduction stage 
is shown in Fig. 13 where with the increase in bed temperature, the 
breakthrough times also increase. For the initial bed temperature of 
600 ◦C and 20% H2 in the feed, H2 concentration doesn’t reach 20% at 
the outlet of the reactor after the reduction indicating a very slow re
action rate happening over time. As the initial solid temperature in
creases, the breakthrough slope becomes sharper and the breakthrough 
occurs later (from 450 s at 600 ◦C to 870 s at 900 ◦C) as more solid is 
reduced. 

3.2.2. Reduction with syngas 
During the reduction of Ni based OC with syngas, CO2 is also used in 

the feeding mixture to simulate a realistic industrial reduction applica
tion (e.g. PSA off-gas [20]). Due to the presence of CO2 in syngas, cat
alytic reactions (DMR and WGS) also take place which shift the 
composition of the products after the material is completely reduced and 
the bed behaves as a catalytic reactor. In Fig. 14, the relationship be
tween CO and H2 breakthrough times and initial bed temperature is 
shown. As expected, a higher temperature increases the amount of solid 
due to bed activation resulting in a longer cycle time. Once the bed is 
completely reduced, CO, H2 and CO2 are present in the products due to 

Fig. 11. O2 breakthrough times for different flowrates at initial bed tempera
ture of 600 ◦C and 10% O2 concentration in the feed. 

Fig. 12. Oxidation temperature rise as recorded by TC7 (z = 0.3 m) for 
different O2 concentrations and pressures at 600 ◦C initial bed temperature. 

Table 3 
Experimental operating conditions during reduction stage.  

Conditions H2 Syngas CH4-rich 

Flowrate (NLPM) 10 10 12 
Initial bed temperature (◦C) 600–900 600 – 900 600 – 900 
Pressure (bar) 1–5 1–5 1–5 
Gas composition (vol %)    
He 10 10 41.7 
N2 70 – – 
CO2 – 70 50 
CO  10  
H2 20 10 – 
CH4 – – 8.3  

Fig. 13. H2 breakthrough for different initial bed temperatures at 3 bar.  
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the reverse WGS (RWGS) reaction that also changes the mole fractions. 
CO breakthrough occurs faster than the breakthrough of H2 for all 
temperature, pressure, flowrates and composition cases, and results are 
in agreement with the published work of Medrano et al. [53]. 

3.2.3. Reduction with CH4-rich gas 
The breakthrough curves during the reduction with CH4–rich gas are 

shown in Fig. 15. It can be seen that CH4 is converting the Ni based OC, 
producing CO2 and H2O apart from a minor CH4 slippage (2%) at the 
beginning of the reduction for 8 s. CH4 is reacting with CO2 (DMR and 
RWGS) under the operating conditions of 900 ◦C and 1 bar pressure and 
once the solid is converted syngas is detected at the outlet of the reactor. 

The effect of temperature on the CO breakthrough during the 
reduction with CH4-gas is presented in Fig. 16. At the part of the bed 
where the OC is in reduced form, DMR and RWGS are also taking place. 
The temperature trend shows later breakthrough curves with increasing 
temperature apart from the 700 ◦C case. The reason of an earlier 
breakthrough at 700 ◦C is dictated by the fact that the thermodynamic 
equilibrium at 600 ◦C shows a high H2 production compared to the other 
temperatures under consideration due to the competing effect of dry 
reforming and RWGS (both favoured at high temperature). Since less 
solid conversion is achieved with CO than with H2, the breakthrough is 
faster at 700 ◦C. With an increase in temperature, the faster kinetics for 
NiO reduction delay the breakthrough up to 400 s (at 900 ◦C) with a full 
NiO conversion. 

According to Le Chatelier’s principle, the increase of pressure would 
not be beneficial for the dry reforming reaction, so maximum CH4 
conversion will be achieved at lower pressures. In our experiments, 1 bar 
is the lowest pressure used, so maximum CH4 conversion is expected for 
the 1 bar case. In Fig. 17, CH4 is fully converted for all the cases except 
for the 600 ◦C where CH4 slippage is 1% on dry basis at the outlet of the 
reactor. For all the temperatures, there is a breakthrough of CH4 during 

the first 20 s of reduction. This is an effect encountered in all the 
examined cases at all pressure conditions, and the early CH4 and CO 
breakthrough amounts are presented in Fig. 18. These amounts are 
connected also to the previous oxidation where solid has not been 100 % 
converted so there is some Ni available. For 1 bar, the amount is higher 
at lower temperatures, while at higher pressures, the amount seems to 

Fig. 14. CO and H2 breakthrough times for reduction with syngas at different 
initial bed temperatures and 3 bar conditions. 

Fig. 15. Breakthrough curves during reduction with CH4 at 900 ◦C and 1 bar.  

Fig. 16. CO breakthrough times for reduction with CH4 at different initial bed 
temperature and 1 bar conditions. 

Fig. 17. CH4 and H2 breakthrough curves for reduction with CH4 at different 
initial bed temperatures and 1 bar pressure. 

Fig. 18. Early CH4 and CO breakthrough during NiO reduction with CH4.  
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be smaller but no proper conclusion can be derived given the combi
nation of gas–solid and catalytic reactions. As confirmed also in 
Medrano et al. [53], NiO reduction with CH4 does not occur at lower 
temperatures (500 – 700 ◦C) and this could partially explain the pres
ence of unconverted gases at the beginning. Previous studies on NiO- 
supported on alumina have shown that both CH4 and other hydrocar
bons are converted at temperatures close to 550 ◦C [55] and 600 ◦C [56], 
while at high temperature (>900 ◦C) NiO (supported on NiAl2O4, 
MgAl2O4, TiO2 and ZrO2) reacts with CH4 as well [57]. This could be 
explained by the interaction with the support material (CaAl2O4) that 
inhibits CH4 to properly reduce NiO. 

While H2 and syngas reduction are slightly exothermic reactions 
(ΔHo

298K = -2.125 kJ/molH2 ΔHo
298K = -43.26 kJ/molCO respectively) 

keeping the bed temperature constant, the reduction with CH4 is mostly 
endothermic (ΔHo

298K = 156.5 kJ/molCH4). As shown in Fig. 19, the bed 
responds differently with the increase in temperature and pressure. At 
the beginning of the bed (where TC3 is located, z = 0 mm), the tem
perature drops due to the endothermic reactions (mainly DMR). While 
considering a different position of the OC inside the reactor (at 75 mm 
where TC4 is located), the bed initially shows an increase in temperature 
due to the exothermic reactions with CO and H2 consumed via OC 
reduction in the previous part of the bed. As the initial bed temperature 
increases, the temperature drop is larger but more limited in the first 
part of the bed, mostly because of the increase in both the reforming 
reaction extent and the heat losses. Increasing pressure results in smaller 
temperature drop due to shifting in the equilibrium of the dry reforming 
reaction but is almost marginal given the pressure interval studied (1–5 
bar). The second half of the bed maintains the set temperature for all the 
cases, slowly presenting small peaks of temperature with increasing 
initial bed temperature as previously discussed for the case of syngas. 

3.3. Dry reforming stage 

Dry reforming has been tested as heat removal stage and syngas 
production to complete the overall process cycle and deliver the valu
able products for downstream synthesis and conditioning. The operating 
conditions used for the dry reforming are listed in Table 4. 

3.3.1. Effect of temperature and pressure 
The effect of temperature and pressure on dry reforming is presented 

in Fig. 20. The endothermic nature of the reaction is evident in all the 
cases. As the initial bed temperature increases, the temperature drop 
also increases and it becomes limited to the first part of the bed (TC3- 
TC5). Increasing pressure results in lower temperature drop with time as 
the dry reforming reaction becomes less active. 

3.3.2. Effect of CO2 to CH4 ratio (CO2/CH4) 
The CO to H2 ratio (CO/H2) produced during the dry reforming stage 

for the various cases listed in Table 4 is presented in Fig. 21. As expected, 
increasing temperature and CO2/CH4 ratio produce more CO at the 
outlet of the reactor. As temperature increases from 700 to 900 ◦C at 
CO2/CH4 of 3.0, CO/H2 increases from 1.54 to 1.73. Similarly for the 
CO2/CH4 of 7.0, with the increase in temperature from 700 to 900 ◦C, 
CO/H2 increases from 3.17 to 3.92. Moreover, CO/H2 increases with 
pressure as predicted from Le Chatelier’s principle. 

All the cases with CO2/CH4 equal to 3.0 produced carbon deposition 
with increased carbon formation at lower temperature and increasing 
pressure due to the Boudouard reaction. For CO2/CH4 of 4.0, only the 

cases with initial solid temperature of 900 ◦C did not show carbon 
deposition, minor amount was found at 800 ◦C and significant amount 
was observed for the 700 ◦C in particular at 5 bar. 

Fig. 19. Bed thermocouples recording temperatures for CH4 reduction for a) 
600 ◦C b) 700 ◦C c) 800 ◦C and d) 900 ◦C initial bed temperature. 
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From Fig. 22, the experimental results match well with the thermo
dynamic equilibrium values obtained from ASPEN GIBBS reactor under 
the operating of various temperature (700 – 900 ◦C) and CO2/CH4 of 6.0. 

3.4. Complete CLR cycle/process 

A complete CLR-PB sequence of operation has been performed for 
the first time in an experimental packed bed reactor at this scale with 

repeated cycles and controlled heat losses. Oxidation, reduction and 
reforming flowrates and compositions have been set to produce similar 
reactor cycle times and the various parameters are presented in Table 5. 
The furnace temperature was set at 600 ◦C to avoid excessive heat losses 
associated with the lab scale experiments while preserving the nature of 
the experiment where a pseudo-adiabatic condition was replicated. At 
industrial scale, by using an internal diameter > 2 m and a refractory 
layer as additional insulation [31], the heat losses become negligible, 
therefore the minimum temperature of the reactor would be the one at 
the end of the reforming (approximately 600 ◦C). Moreover the tem
perature of the feeding gases in the industrial scale is in the range of 500 
– 600 ◦C as opposed to the initial ambient temperatures used in the 
conducted experiments, therefore the preheating of gases via the furnace 
becomes imminent. By keeping the furnace at 600 ◦C, we were able to 
replicate a close operating condition of industrial scale reactor, thus 
demonstrating that the heat for the endothermic reforming can be 
provided by the heat generated via chemical looping redox reactions 
directly at the solid surface. As the effect of pressure was found negli
gible in the previous analysis, the experiments were conducted at 1 bar. 
Initially, air (mixed with 10% He) was fed to the bed for 180 s with the 
main products being N2 and He as shown in Fig. 23. The oxidation was 
stopped at 180 s before O2 breakthrough. At 180 s, N2 is purged through 
the bed to remove any remaining O2 in the reactor before the start of 
reduction stage. During reduction, CO2 and H2O are produced, H2O is 
not shown (dry composition) and N2 is used as an inert carrier gas. CH4- 
rich gas with CO2 (CO2:CH4 ratio equal to 6:1) is used for both the 

Table 4 
Experimental operating conditions during the dry reforming.  

CO2/CH4 3:1 4:1 5:1 6:1 7:1 

Flowrate (NLPM) 10 11 12 12 12 
Initial bed temperature 

(◦C) 
700–900 700 – 

900 
700 – 
900 

700 – 
900 

700 – 
900 

Pressure (bar) 1 – 5 1 – 5 1 – 5 1 – 5 1 – 5 
Gas composition (vol 

%)      
He 60.0 54.5 50.0 41.7 33.3 
CO2 30.0 36.4 41.7 50.0 58.3 
CH4 10.0 9.1 8.3 8.3 8.3  

Fig. 20. Thermocouples’ recording temperature for a)700 ◦C b) 800 ◦C c) 
900 ◦C initial bed temperature with a CO2:CH4 6:1 ratio. 

Fig. 21. CO/H2 produced for the examined dry reforming cases under various 
operating conditions of temperature and 1 bar pressure. 

Fig. 22. Experimental dry gas composition for CO2:CH4 6:1 and 1 bar pressure 
compared to thermodynamic equilibrium given by ASPEN Gibbs reactor. Dots 
are the experimental results and solid lines are the equilibrium values. 
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reduction and the reforming stage. Catalytic reactions (DMR and WGS) 
take place in the part of the bed that is still in reduced form. As expected 
from the previous analysis, a small quantity of syngas is detected at the 
very beginning, while fuel conversion into CO2 and H2O is complete 
during the reduction. At 190 s of reduction, the bed has reacted 
completely and starts to behave as catalytic reactor with reforming 
occurring, to produce syngas. CH4 breakthrough is below 0.1%. After 

180 s of reforming, the system is purged to completely remove any fuel 
remaining in the bed and proceed to the next oxidation stage. Three 
complete cycles have been performed presenting good repeatability 
even though this system does not use an automated valve operation 
(detailed results of consecutive cycles are shown in Figures A1 and A2 in 
supplementary material). 

The experiment has been designed so that most of the heat will be 

Table 5 
Inlet operating conditions for the CLR complete cycle (furnace temperature at 600 ◦C and pressure at 1 bar).  

Inlet conditions Oxidation Purge Reduction Reforming Purge Purge 

Flow Rate (NLPM) 10 7 14 14 13 7 
Feed time (s) 180 60 190 180 40 150 
Molar Fraction %       
N2 71.1 100.0 50.0 53.8 100.0 
O2 18.9 – – – – 
He 10.0 – – – – 
CO2 – – 42.9 46.2 – 
CH4 – – 7.1 – –  

Fig. 23. Outlet molar fractions (dry) during complete CLR cycle.  

Fig. 24. Axial bed temperatures for the end of reduction (green circles), end of reduction (red triangles) and the evolution of reforming (blue diamonds) during the 
CLR continuous operation. (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of this article.) 
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still present at the beginning of reforming as shown in Fig. 24. The 
highest temperature in the bed is encountered at the end of oxidation at 
bed length of 300 mm, equal to 850 ◦C. During the reduction with CH4, 
heat is partially removed from the bed. Some heat is also lost to the 
surroundings with the gases leaving the bed at approximately 700 ◦C. 
During the dry reforming, most of the heat is removed leaving only the 
last part of the bed at 700 ◦C which is the part of the bed where CH4 is 
already converted and no reforming is occurring as discussed in section 
3.3. 

The demonstration of the continuous CLR-PB process provides the 
foreground for the industrial scale-up of the process. The process is 
repeated with the same results, confirming its feasibility even at a lab 
reactor scale, with manual valve switching and significant heat losses. 
The material has been tested against over 480 h of CLR operation 
without any noticeable drop in performance, making it a strong candi
date for the OC choice. Industrial scale reactors for the CLR-PB process 
are expected to approximate adiabatic behaviour due to their larger 
diameter (0.5 – 3.5 m) as demonstrated in previous studies [37]. In the 
smaller diameter cases, minimization of heat losses can be achieved via 
proper insulation of the system. The system parameters can also be 
optimized (catalyst active material, dimensions of the reactor, cycle 
times) to achieve the best possible efficiency for the desired product 
demands. An industrial scale system would require at least 3 reactors 
(oxidation – reduction – reforming), supply of steam for mixing during 
reforming and purges, proper insulation to minimize heat losses and 
automatic valve operation timed for the required reactor stages. A 
complete operation strategy for the industrial scale operation has been 
demonstrated in previous studies [20,36]. 

4. Conclusion 

In this study, the CLR-PB using a NiO/CaAl2O4 OC has been studied 
in a range of operating conditions including pressures up to 5 bar. 
Pressure was found to be an important factor in oxidation in low velocity 
operation (us ≈ 0.1 m s− 1) where higher pressures produced better solid 
conversion, while it showed no difference under industrial conditions (us 
≈ 1 m s− 1). The solid conversion during oxidation increased with in
crease in bed temperature with 400 ◦C being the lowest with almost 
instant O2 breakthrough and 650 ◦C the highest with a temperature 
increase of 380 ◦C. In all reduction experiments, the trend showed an 
increase in conversion and faster kinetics with the increase in temper
ature. CO breakthrough appeared earlier than H2 in syngas reduction 
indicating that H2 is a better reduction agent. The CH4 was reformed to 
syngas by the active Ni catalytic sites in the bed which further reduced it. 
Dry reforming presented the expected conversion results with CO2/CH4 
ratios below 5 causing carbon deposition. 

The pseudo-continuous CLR-PB operation has been successfully 
demonstrated showing good repeatability in the results for several cy
cles and a > 99% CH4 conversion, proving the CLR-PB concept to be 
feasible for the first time experimentally. The successful demonstration 
of the process in a lab-scale reactor provides a very strong foreground for 
the applicability and the scale-up of the process. 
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